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PREFACE

It is the object of this text to provide fundamental instruction in heat
transfer while employing the methods and language of industry. This
treatment of the subject has evolved from a course given at the Poly-
technic Institute of Brooklyn over a period of years. The possibilities
of collegiate instruction patterned after the requirements of the practicing
process engineer were suggested and encouraged by Dr. Donald F.
Othmer, Head of the Department of Chemical Engineering. The inclu-
sion of the practical aspects of the subject as an integral part of the
pedagogy was intended to serve as a supplement rather than a substitute
for a strong foundation in engineering fundamentals. These points of
view have been retained throughout the writing of the book.

To provide the rounded group of heat-transfer tools required in process
engineering it has been necessary to present a number of empirical calcula-
tion methods which have not previously appeared in the engineering
literature. Considerable thought has been given to these methods, and
the author has discussed them with numerous engineers before accepting
and including them in the text. It has been a further desire that all the
calculations appearing in the text shall have been performed by an
experienced engineer in a conventional manner. On several occasions the
author has enlisted the aid of experienced colleagues, and their assistance
is acknowledged in the text. In presenting several of the methods some
degree of accuracy has been sacrificed to permit the broader application of
fewer methods, and it is hoped that these simplifications will cause neither
inconvenience nor criticism.

It became apparent in the early stages of writing this book that it could
readily become too large for convenient use, and this has affected the plan
of the book in several important respects. A portion of the material
which is included in conventional texts is rarely if ever applied in the solu-
tion of run-of-the-mill engineering problems. Such material, as familiar
and accepted as it may be, has been omitted unless it qualified as impor-
tant fundamental information. Secondly, it was not possible to allocate
gpace for making bibliographic comparisons and evaluations and at the
same time present industrial practice. Where no mention has been
made of a recent contribution to the literature no slight was intended.
Most of the literature references cited cover methods on which the author
has obtained additional information from industrial application.

Vil
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The author has been influenced in his own professional development by
the excellent books of Prof. W. H. McAdams, Dr. Alired Schack, and
others, and it is felt that their influence should be acknowledged separately
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For assistance with the manuscript indebtedness is expressed to Thomas
H. Miley, John Blizard, and John A. Jost, former associates at the Foster
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due to Krishnabhai Desai and Narendra R. Bhow, graduate students at
the Polytechnic Institute. For suggestions which led to the inclusion or
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Charles Bliss, Dr. John F. Middleton, Edward L. Pfeiffer, Oliver N.
Prescott, Everett N. Sieder, Dr. George E. Tait, and to Joseph Meisler
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CHAPTER 1
PROCESS HEAT TRANSFER

Heat Transfer. The science of thermodynamics deals with the quanti-
tative transitions and rearrangements of energy asheatin bodies of matter.
Heat transfer is the science which deals with the rates of exchange of heat
between hot and cold bodies called the source and receiver. When a
pound of water is vaporized or condensed, the energy change in either
process is identical. The rates at which either process can be made to
progress with an independent source or receiver, however, are inherently
very different. Vaporization is generally a much more rapid phenome-
non than condensation.

Heat Theories. The study of heat transfer would be greatly enhanced
by a sound understanding of the nature of heat. Yet this is an advantage
which ‘is not readily available to students of heat transfer or thermo-
dynamics because so many manifestations of heat have been discovered
that no simple theory covers them all. Laws which may apply to mass
transitions may be inapplicable to molecular or atomic transitions, and
those which are applicable at low temperatures may not apply at high
temperatures, For the purposes of engineering it is necessary to under-
take the study with basic information on but & few of the many phe-
nomena. The phases of a single substance, solid, liquid, and gaseous, are
associated with its energy content. In the solid phase the molecules or
atoms are close together, giving it rigidity. In the liquid phase sufficient
thermal energy is present to extend the distance of adjacent molecules
such that rigidity is lost. In the gas phase the presence of additional
thermal energy has resulted in a relatively complete separation of the
atoms or molecules so that they may wander anywhere in a confined
space. It is also recognized that, whenever a change of phase occurs
outside the critical region; a large amount of energy is involved in the
transition.

For the same substance in its different phases the various thermal
properties have different orders of magnitude. As an example, the spe-
cific heat per unit mass is very low for solids, high for liquids, and usually
intermediate for gases. Similarly in any body absorbing or losing heat,
special consideration must be given whether the change is one of sensible
or latent heat or both. = Still further, it is'also known that a hot source is

1



2 PROCESS HEAT TRANSFER

capable of such great subatomic excitement that it emits energy without
any direct contact with the receiver, and this is the underlying principle
of radiation. Each type of change exhibits its own peculiarities.

Mechanisms of Heat Transfer. There are three distinct ways in which
heat may pass from a source to a receiver, although most engineering
applications are combinations of two or three. These are conduction,
convection, and radiation..

Conduction.- Conduction is the transfer of heat through fixed material
such as the stationary wall shown in Fig. 1.1. The direction of heat
flow will be at right angles to the wall
“if the wall surfaces are isothermal
face and the body homogeneous and iso-
tropic. ‘Assume that a source of

Temperature . .
of heat exists on the left face of the
hot body wall and a receiver of heat exists on

the right face. It hag been known
and later it will be confirmed by
derivation that the flow of heat per
hour is proportional to the change
in temperature through the wall and

x=0  x=x Distance~ .
Fre. 1.1. Heat flow through a wall. ~ the area of the wall 4. If ¢ js the

temperature at any point in the wall
and z is the thickness of the wall in the direction of heat flow, the’quantity
of heat flow d@ is given by

dQ = kA (— %) Biu/br (L1)

The term —dt/dz is called the temperature gradient and has a negative
sign if the temperature has been assumed higher at the face of the wall
where z = 0 and lower at the face where x = X. In other words, the
instantaneous quantity of heat transfer is proportional to the area and
temperature difference df, which drives the heat through the wall of
thickness dz. The proportionality constant k is peculiar to conductive
heat transfer and is known as the thermal conductivity. It is evaluated
experimentally and is basically defined by Eq. (1.1). The thermal con-
ductivities of solids have a wide range of numerical values depending
upon whether the solid is a relatively good conductor of heat such as a
metal or a poor conductor such as asbestos. The latter serve as insu-
lators. Although heat conduction is usually associated with heat transfer
through solids, it is also applicable with limitations to gases and liquids.
Convection. Convection is the transfer of heat between relatively hot
and cold portions of a fluid by mixing. Suppose a can of liquid were
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placed over a hot flame. The liquid at the bottom of the can becomes
heated and less dense than before owing to its thermal expansion. The
liquid adjacent to the bottom is also less dense than the cold upper portion
and rises through it, transferring its heat by mixing as it rises. The
transfer of heat from the hot liquid at the bottom of the can to the
remainder is natural or free convection. If any other agitation occurs,
such as that produced by a stirrer, it is forced convection. This type of
heat transfer may be described in an equation which imitates the form
of the conduction equation and is given by

dQ = hA dt (1.2)

The proportionality constant & is a term which is influenced by the nature
of the fluid and the nature of the agitation and must be evaluated experi-
mentally. It is called the heat-transfer coefficient. When Eq. (1.2) is
written in integrated form, @ = kA A, it is called Newton’s law of cooling.

Radiation. Radiation involves the transfer of radiant energy from a
source to a receiver. When radiation issues from s source to a receiver,
part of the energy is absorbed by the receiver and part reflected by it.
Based on the second law of thermodynamics Boltzmann established that
the rate at which a source gives off heat is

dQ = oedA T* (1.3)

This is known as the fourth-power law in which. T' is the absolute tempera-
ture. o is a dimensional constant, but € is a factor peculiar to radiation
and is called the emissivity. The emissivity, like the thermal conduc-
tivity & or the heat-transfer coefficient h, must also be determined
experimentally. '

Process Heat Transfer. Heat iransfer has been described as the study
of the rates at which heat is exchanged between heat sources and receivers
usually treated independently. Process heat transfer deals with the rates
of heat exchange as they occur in the heat-transfer equipment of the
engineering and chemical processes. This approach brings to better
focus the importance of the temperature difference between the source
and receiver, which is, after all, the driving force whereby the transfer
of heat is accomplished. A typical problem of process heat transfer is
concerned with the quantities of heats to be transferred, the rates at
which they may be transferred because of the natures of the bodies, the
driving potential, the extent and arrangement of the surface separating
the source and receiver, and the amount of mechanical energy which may
be expended to facilitate the transfer. "Since heat transfer involves an
exchange in a system, the loss of heat by the one body will equal the heat
absorbed by another within the confines of the same system.
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In the chapters which follow studies will first be made of the three
individual heat-transfer phenomena and later of the way in which their
combination with a simultaneous source and receiver influences an appa-
ratus as a whole. A large number of the examples which follow have
been selected from closely related processes to permit gradual com-
parisons. 'This should not be construed as limiting the broadness of the
underlying principles.

Many of the illustrations and problems in the succeeding chapters refer to liquids
derived from petroleum. Thisis quite reasonable, since petroleum refining is a major
industry, petroleum products are an important fuel for the power industry, and petro-
leum derivatives are the starting point for many syntheses in the chemical industry.

Petroleum is 2 mixture of a great many chemical compounds. Some can be isolated
rather readily, and the names of common hydrocarbons present in petroleum may be
identified on Fig. 7 in the Appendix. But more frequently there is no need to obtain
pure compounds, since the ultimate use of a mixture of related compounds will serve
as well. Thus lubricating oil is a mixture of several compounds of high molecular
weight, all of which are suitable lubricants. Similarly, gasoline which will ultimately
be burned will be composed of a number of volatile combustible compounds. Both of
these common petroleum products were present in the crude oil when it came from
the ground or were formed by subsequent reaction and separated by distillation.
When dealt with in a process or marketed as mixtures, these products are called frac-
tions or cuts. They are given common names or denote the refinery operation by
which they were produced, and their specific gravities are defined by a scale established
by the American Petroleum Institute and termed either degrees API or °API, The
°API ig related to the specific gravity by

1415 _
sp gr at 60°F/60°F
Being mixtures of compounds the petroleum fractions do not boil isothermally like
pure liquids but have boiling ranges. At atmospheric pressure the lowest temperature
at which a liquid starts to boil is identified as the initial boiling point, IBP, °F. A list
of the common petroleum fractions derived from crude oil is given below:

°API = 131.5 (1.4)

Fractions from crude oil %IX)II’.(I)X I‘?;gf‘:;,
Light ends and gases.............. 114
Gasoline...............oovvivunn 75 200
Naphtha...... PN 60 300
Kerosene........................ | 45 350
Absorption oil. .................. 40 450
Strawoil........................ 40 500
Distillate........................ 35 560
Gasoll............oceie i 28 600
Lubeoil......................... 18-30
Reduced erude...................

Paraffin wax and jelly.......
Fuel oil (residue)................. 25-35 500
Asphalb.........................
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A method of defining the chemical character of petroleum and correlating the

properties of mixtures was introduced by Watson, Nelson, and Murphy.!

They

observed that, when s érude oil of uniform distilling behavior is distilled into narrow
cuts, the ratio of the cube root of the absolute average boiling points to the specific
gravities of the cuts is a constant or

1%
it
s

where K = characterization factor

R Rl

L)

z X
[
€

Tr = average boiling point, °R
s = gpecific gravity at 60°/60°

NOMENCLATURE FOR CHAPTER 1

Heat-transfer surface, ft? v
Individual heat-transfer coefficient, Btu/ (hr) (t2) (°F)
Characterization factor

Thermal conductivity, Btu/(hr) (ft2) (°F/ft)
Heat flow, Btu/hr

Specific gravity, dimensionless

Temperature, °R

Absolute average boiling temperature, °R
Temperature in general, °F

Distance, ft )

A constant, Btu/(hr){t?) CRY)

Emissivity, dimensionless

(1.5)

1 Watson, K. M., E. F, Nelson, and G. B. Murphy, Ind. Eng. Chem., 25, 880 (1933
27, 1460 (1935).



CHAPTER 2
CONDUCTION

The Thermal Conductivity. The fundamentals of heat conduction
were established over a century ago and are generally attributed to
Fourier. In numerous systems involving flow such as heat flow, fluid
flow, or electricity flow, it has been observed that the flow quantity is
directly proportional to a driving potential and inversely proportional to
the resistances applying to the system, or

potential

Flow « ————
resistance

(2.1)
In a simple hydraulic path the pressure along the path is the driving
potential and the roughness of the pipe is the flow resistance. In an
electric circuit the simplest applications are expressed by Ohm’s law:

~ The voltage on the circuit is the driving potential, and the difficulty
with which electrons negotiate the wire is the resistance. In heat flow
through a wall, flow is effected by a temperature difference between the

‘hot and cold faces. Conversely, from Eq. (2.1) when the two faces of a
wall are at different temperatures, a flow of heat and a resistance to heat
flow are necessarily present. The conductance is the reciprocal of the
resistance to heat flow and Eq. (2.1) may be expressed by

Flow « conductance X potential (2.2)

To make Eq. (2.2) an equality the conductance must be evaluated in such
a way that both sides will be dimensionally and numerically correct.
Suppose a measured quantity of heat @ Btu has been transmitted by a
wall of unknown size in a measured time interval 6 hr with a measured
temperature difference At °F. Rewriting Eq. (2.2)

4 .

Q= Q—o— = conductance X A{  Biu/hr - (2.3)
and the conductance has the dimensions of Btu/(hr)(°F). The conduct~
ance is a measured property of the entire wall, although it has also been
found experimentally that the flow of heat is influenced independently
by the thickness and the ares of the wall. If it is desired to design a wall

to have certain heat-flow characteristics, the conductance obtained above
. 6 ‘
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is not useful, being applicable only to the experimental wall. To enable
a broader use of experimental information, it has become conventional
to report the conductance only when all the dimensions are referred to
unit values. When the conductance is reported for a quantity of material
1 ft thick with heat-flow area 1 {12, time unit 1 hr, and temperature differ-
ence 1°F, it is called the thermal conductivity k. The relationship between
the thermal conduetivity and the

_ e Wafer ouf Water in
conductance of an entire wall of 3
thickness I and area A is then @ _
given by § " Chamber Heating
. 7 Za I/ pia
Conductance = k% §é m NN Guard ring
A ;
and \ £REEITEN §~Aux:7/&ry
Q= ké/_\t (2.4) N\ Chamber § Feater
L 2 NI
1 Nnsutation |

where k has the dimensions

. Wafterin Water aut
resulting from the expression
QL/A At or Biu/(br)(ft? of flow \\\\k\\\m\\;%
area)(°F of temperature differ- =  Guard

ence)/(ft of wall thickness).! rizg

Experimental Determination

of k:* Nonmetal Solids. An - . Heating
apparatus for the determination f/ﬂfe
Auxiliary

of the thermal conductivity of
nonmetal solids is shown in Fig.
2.1. It consists of an electrical
heating plate, two identical test
specimens through which heat .
passes, and two water jackets which remove heat. The temperatures
at both faces of the specimens and at their sides are measured by thermo-
couples. A guard ring is provided to assure that all the measured heat
input to the plate passes through the specimens with a negligible loss
from their sides. The guard ring surrounds the test assembly and con-
sists of an auxiliary heater sandwiched between pieces of the material
being tested. While current enters the heating plate, the input to the

Y,

7070%

Z

Fia. 2;1. Guarded conductivity apparatus.

1Tn the metric system it is usual to report the thermal conductivity as cal/(sec)-
{cm?) (°C/cm). -

* An excellent review of experimental methods will be found in Saha and Srivastava,
““Treatise on Heat,”” The Indian Press, Calcutta, 1935. Later references are Bates,
0. K., Ind. Eng. Chem., 36, 432 (1933); 28, 404 (1936); 38, 375 (1941); 87, 195 (1945).
Bolland, J. L. and H. W. Melville, Trans. Faraday Soc., 33, 1316 (1937). Hutchinson,
E., Trans. Faraday Soc., 41, 87 (1945).



8 PROCESS HEAT TRANSFER

auxiliary heater is adjusted until no temperature differences exist between
the specimens and adjacent points in the guard ring. Observations are
made when the heat input and the temperatures on both faces of each
specimen remain steady. Since half of the measured electrical heat
input to the plate flows through each specimen and the temperature
difference and dimensions of the specimen are known, &k can be computed

directly from Eq. (2.4).
Liquids and Gases. There is greater difficulty in determining the
conductivities of liquids and gases. If the heat flows through a thick
layer of liquid or gas, it causes free con-

=33 - Reservoir vection and the conductivity is decep-
Insulation tively high. To reduce convection it is

! f s
s : necessary to use very thin films and small

/ temperature differences with attendant

errors of measurement. A method appli-
cable to viscous fluids consists of a bare
electric wire passing through a horizontal
| outer tube filled with test liquid. The tube is
/ cylinder 1mmersed in a constant-temperature bath.

BN\ The resistance of the wire is calibrated
be-Electric currert against its temperature. For a given rate
| S 7khermocouples of heat input and for the temperature of
¥re. 2.2. Liquid conductivity ap-  the wire obtained from resistance measure--
paratus. (After J. F. D. Smith) 1 nts the conductivity can be calculated
by suitable equations. A more exact method, however, is that of Bridg-
man and Smith,! consisting of a very thin fluid annulus between two
copper cylinders immersed in a constant-temperature bath as shown in
Fig. 2.2. Heat supplied to the inner cylinder by a resistance wire flows
through the film to the outer cylinder, where it is removed by the bath.
This apparatus, through the use of a reservoir, assures that the annulus
is full of liquid and is adaptable to gases. The film is 144 in. thick, and
the temperature difference is kept very small.

Influence of Temperature and Pressureonk. The thermal conductivi-
ties of solids are greater than those of liquids, which in turn are greater
than those of gases. It is easier to transmit heat through a solid than a
* liquid and through a liquid than a gas. Some solids, such as metals, bave
high thermal conductivities and are called conductors. Others have low
conductivities and are poor conductors of heat. These are insulators. In
experimental determinations of the type described above the thermal
conductivity has been assumed independent of the temperature at any
point in the test material. The reported values of & are consequently

1 Smith, J. ¥. D., Ind. Eng. Chem., 22, 1246 (1930); T'rans. ASME, 58, 719 (1936).

1

.

v
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the averages for the entire specimen, and the error introduced by this
agsumption ean be estimated by an examination of Tables 2 to 5 in the
Appendix. The conductivities of solids may either increase or decrease
with temperature and in some instances mgy even reverse their rate
of change from a decrease to an increase. For the most practical prob-
lems there is no need to introduce a correction for. the variation of
the thermal conductivity with temperature. However, the variation
can usually be expressed by the simple linear equation

k= Fko++t

where ko is the conductivity at O°F and v is a constant denoting the
change in the conductivity per degree change in temperature. The con-
ductivities of most liquids decrease with increasing temperature, although
water is a notable exception. For all the common gases and vapors
there is an increase with increasing temperature. Sutherland! deduced
an equation from the kinetic theory which is applicable to the variation -
of the conductivity of gases with temperature

e 492+(k(}_)”
TP+ Cr \492,

where () = Sutherland constant
T = absolute temperature of the gas, °R
ka2 = conductivity of the gas at 32°F

The influence of pressure on the conductivities of solids and liquids
appears to be negligible, and the reported data on gases are too inexact
owing to the effects of free conveetion and radiation to permit generaliza-
tion. From the kinetic theory of gases it can be concluded that the
influence of pressure should be small except where a very low vacuum is
encountered. :

Contact Resistance. One of the factors which causes error in the deter-
mination of the thermal conductivity is the nature of the bond formed
between the heat source and the fluid or solid specimen which contacts
it and transmits heat. If a solid receives heat by contacting a solid, it is
almost impossible to exclude the presence of air or other fluid from the
contact. Xven when a liquid contacts a metal, the presence of minute
pits or surface roughness may permanently trap infinitesimal bubbles of
air, and it will-be seen presently that these may cause considerable error.

Derivation of a General Conduction Equation. In Egs. (2.1) to (2.4)
a picture of heat conduction was obtained from an unqualified observation
of the relation between heat flow, potential, and resistance. It is now
feasible to develop an equation which will have the broadest applicability

1 Sutherland, W., Pkil. Mag., 36, 507 (1893).
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and from which other equations may be deduced for special applications.

Equation (2.4) may be written in differential form
aQ di

e EdA = (2.5)

In this statement k is the only property -of the matter and it is assumed

to be independent of the other variables. Referring to Fig. 2.3, an ele-

mental cube of volume dv = dz dy dz receives s differential quantity of

heat dQ} Btu through its left yz face in the time interval d6. Assume all

but the left and right yz faces are

z insulated. In the same interval

the quantity of heat d@j leaves at

dy” the right face. It is apparent that

[ ¥ any of three effects may occur: d@;

' \S\\i \ dz ,  may be greater than dQj so that

at, N \'_',""sz the elemental volume stores heat,
t}§¢§3_-___ |y x increasing the sverage temperature

e : of the cube; dQ) may be greater

Y x“""dx T eedx than d@) so that the cube loses
Fia. 2.3. Unidirectional heat flow. hea‘t; and la'St'ly! dQ’l a‘nd dQ; may

be equal so that the heat will simply
pass through the cube without affecting the storage of heat. Taking
either of the first two cases as being more general, a storage or depletion
term dQ’ can be defined as the difference between the heat entering and
the heat leaving or

dQ = Q) — d@y 2.6)

According to Eq. (2.5) the heat entering on the left face may be given by
dQy ay\ -

The temperature gradient — % may vary with both time and position in

_the cube. The variation of — —gTi as f(z) only is — -a—@g{va—x) Over the

distance dz from x to z + dz, if dQ} > 4@, the total change in the tem-
2

perature gradient will be — g%qx—)dz or — %ﬁ dx. Then at = the

gradient is — %, and at x + dz the temperature gradient is

8t 8%
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dQ} out of the cube at the right face and in the same form as Eq. {2.7)
is given by

sz ot 8%
| = kdy dz ( %~ 5 dx) (2.8)
from which
dQ’ _ dQ; _ d@; _ 8% ,
W= d " ap TR 'ax“z) dz . @9

The cube will have changed in temperature by —dt deg. The change in
tempera.ture per unit time will be dt/d¢ and over the time interval d¢ it
is given by (dt/d6) dé deg. Since the analysis has been based on an
elemental volume, it is now necessary to define a volumetric specific heat,
¢y, Btu/(ft3)(°F) obtained by multiplying the Welght. specific heat ¢
Bitu/(Ib)(°F) by the density p. To raise the volume dz dy dz by

d o
a—adGF

requires a heat change in the cube of

aQ’

27 =P dz dy @ 68 (2.10)
and combining Eqs. (2.9) and (2.10)
. -
de:vdydz-=kd dz(xtz & @.11)

from which

8 _E (9_’1) 2.12)

which is Fourier’s general equation, and the term k/cp is called the thermal
diffusivity, since it contains all the properties involved in the conduction
of heat and has the dimensions of ft2/hr. 1If the insulation is removed
from the cube so that the heat travels along the X, ¥, and Z axes, Eq.

(2.12) becomes
ot L fo% 9% a2
36 = (w taat ——) (2.13)

- When the flow of heat into and out of the cube is constant as in the steady
state, t does not vary with time, and dt/df = 0, in Eq. (2.12). d8t/dzisa
constant and 8%/9x% = 0. d@Q} = dQ}, and Eq (2.8) reduces to Eq, (2.5)
where dz dy = dA. Substltutmg dQ for d@’/dd, both terms having
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dimensions of Btu/hr, the steady-state equation is
dt '
dQ = kdA - (2.149)

Equation (2.14) applies to many of the common engineering problems.
Thermal Conductivity from Electrical-conductivity Measurements.
The relationship between the thermal and electrical conductivities of
metals demonstrates an apphcatlon of Fourier’s derivation incorporated
in Eq. (2.9) and is a useful method

t b of determining the thermal conduc-

TR tivities of metals. An insulated

Q,~— / j \ —»Q, bar of metal as shown in Fig. 2.4

o has its left and right cross-sectional

t, : faces exposed to different constant-

i temperature baths at ¢ and i,, re-

1 t, spectively. By fastening electric

$ _ = leads to the left and right faces, re-
— "~ Current E spectively, a current of 7 amp may -

8, *-_::/:/_e:a—';_f_;/-e—_;{l—-_-; a, be passed in the direction indicated,

generating heat throughout the
length of the bar. The quantities
of heat leaving both ends of the bar in the steady state must be equal
to the amount of heat received as electrical energy, 7*R*, where E* i the
resistance in ohms. From Ohm’s law

Fia. 2.4. Heat flow in a metal.

[=Ei—E _AdE

where E; — E» is the voltage difference, ¢ the resistivity of the wire
in ohm-ft and K, the reciprocal of the resistivity, is the electrical
conductivity. :

I=EKA -@ (2.15)
cdr _ dz
R =28 2 @16)
Substituting Fqgs. (2.15) and (2.16) for I2Re,
dQ = IR = K*A? dE) = KA ) @.17)

But this is the same as the heat transferred by conduction and given by
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Eq. (2.9). When t; = ; and equating (2.9) and (2.17),

a dEY
k%ﬂm—KQE dz =0 (2.18)
But
dt dt dE
= (2.19)
Differentiating,
at _ (dE\* d% | dt (@°E
& (ﬁ) it 3B (E:E‘) (220

If I and A are constant for the bar, then K(dE/dx) is constant. Since K
does not vary greatly with ¢ or 2, dE/dx is constant, d*E/dz? = 0, and
from Eq. (2.18) substituting Eq. (2.20) for d%/dz?

a2

@ K
B _lmyicE+c (2.23)
K 2 1 2 .

where ('; and C; are integration constants. Since there are three con-
stants in Eq. (2.23), Cy, Cs, and k/K, three voltages and three tempera-
tures must be measured along the bar for their evaluation. C; and (.
are determined from the end temperatures and % is obtained from k/K
using the more simply determined value of the electrical conductivity K.
Flow of Heat through a Wall. Equation (2.14) was obtained from the
general equation when the heat flow and temperatures into and out of the
two opposite faces of the partially insulated elemental cube dx dy dz were )
constant. Upon integration of Eq. (2.14) when all of the variables but @
are independent the steady-state equation is
kA
Q= A (2.24)
Given the temperatures existing on the hot and cold faces of a wall,
respectively, the heat flow can be computed through the use of this
equation. Since k4 /L is the conductance, its reciprocal R is the resist-
ance to heat flow, or B = L/kA (hr)(°F)/Btu.

Example 2.1. Flow of Heat through a Wall. The faces of a 6-in. thick wall measur-
ing 12 by 16 ft will be maintained at 1500 and 300°F, respectively. The wall is made
of kaolin insulating brick. How much heat will escape through the wall?

Solution. The average temperature of the wall will be 900°F. From Table 2in the
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Appendix the thermal conduetivity at 932°F is 0.15 Btu/ (hr) (ft3) (°F/ft). Extrapola-
tion to 900°F will not change this value appreciably.

kA
Q= I Af
Where At = 1500 — 300 = 1200°F
A =16 X 12 = 192 ft*
L =58{, =05ft
: 192
Q = 0.15 X 5= X 1200 = 69,200 Btu/hr

Flow of Heat through a Composite Wall: Resistances in Series.
Equation (2.24) is of interest when a wall consists of several materials
placed together in series such as in the construction of a furnace or
boiler firebox. Several types of refractory brick are ususally employed,
since those capable of withstanding the higher
inside temperatures are more fragile and
expensive than those required near the outer
surface, where the temperatures are consider-
ably lower. Referring to Fig. 2.5, three
different refractory materials are placed
together indicated by the subscripts a, b, and
¢. For the entire wall

———— R -
Fig. 2.5. Heat flow through _ A
a composite wall. Q =7 (2.25)

The heat flow in Btu per hour through material a must overcome the
resistance B,. But in passing through material a the heat must also
pass through materials b and ¢ in series. The heat flow entering at the
left face must be equal to the heat flow leaving the right face, since the
steady state precludes heat storage. If R, Rs and R, are unequal, as
the result of differing conductivities and thicknesses, the ratio of the
temperature difference across each layer to its resistance must be the
same as the ratio of the total temperature difference is to the total
resistance or

Q=§—E—E—Rc (226)
For any composite system using actual temperatures
Al b — b - Iy — 1o - iy — I3 (2.27)

C=5 == = 2
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Rearranging and substituting,

Q=4t_ to — i
B (Le/kiA) + (Lo/Red) + (L./k.A)

Example 2.2. Flow of Heat through a Composxte Wall. The wall of an oven con-
sists of three layers of brick. The inside is built of 8 in, of firebrick, & = 0.68 Btu /.
(hr)(£t%) (°F /t), surrounded by 4 in. of insulating brick, £ = 0. 15, and an outside layer
of 6 in. of building brick, ¥ = 0.40. The oven operates at 1600°F and it is anticipated
that the outer side of the wall can be maintained at 125°F by the circulation of air.
How much heat will be lost per square foot of surface and what are the temperatures
at the interfaces of the layers?

(2.28)

Solution:
For the firebrick, Rs = La/kad = 8/12 X 0.68 X 1 = 0.98 (hr) (°F)/(Btu)
Ingulating brick, Ry = Ly/k:Ad = 4/12 X 0.15 X 1 = 2.22
Building brick, R = L./k.Ad = 6/12 X040 X 1 = 1.25
R = 4.45
Heat loss/ft? of wall, Q = At/R = (1600 — 125)/4.45 = 332 Btu/hr

For the individual layers:

= QR and At, = QR,, ete.,
At, = 332 X 0.98 = 325°F i = 1600 — 325 = 1275°F
Al = 332 X 2.22 =.738°F t2 = 1275 — 738 537°F

Example 2.3. Flow of Heat through a Composite Wall with an Air Gap. To
illustrate the poor conductivity of a gas, suppose an air gap of 34 in. were left between
the insulating brick and the firebrick. How much heat would be lost through the
wall if the inside and outside temperatures are kept constant?

Solution. From Table 5 in the Appendix at 572°F air has a conductivity of 0.0265
Btu/(br) (ft?) (°F /ft), and this temperature is close to the range of the problem.

(]

Rair = 0.25/12 X 0.0265 = 0.79 (hir)(°F)/Btu
R =445 4079 = 5.24 :

1600 — 125 _
Q= —53:@ = 281 Btu /hr

- It is seen that in a wall 18 in. thick a stagnant air gap only 24 in. thick_ reduces the
heat loss by 15 per cent.

Heat Flow through a Pipe Wall. In the passage of heat through a flat
wall the area through which the heat flows

is constant throughout the entire distance of
the heat flow path. Referring to Fig. 2.6 @ L1t
showing a unit length of pipe, the area of the >

heat flow path through the pipe wall increases
with the distance of the path from 71 to ra. 5 ooy o 2OV throueh
The area at any radius r is given by 27l
and if the heat flows out of the cylinder the temperature gradient for the
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incremental length dr is di/dr. Equation (2.14) becomes

g = 2rrk (— g;) Btu/(hr) (in £t) 2.20)

Integrating,
= —-——lnr—{-C’l (2.30)
When r'= r;, t = £; and when r = »,, £ = {,; where 7 and o refer o the
inside and outside surfaces, respectively. ‘Then

_ 27"’“@1 — to)
" 23 log 7./1;

and if D is the diameter,

(2.31)

o _ Do
L&Y - D;
Fro. 2.7, Cylindriosl te- Referri.ng to lf‘ig. 2.7 where there is a composite
sistances in series. eylindrical resistance,
t=ta b5 2. 3q o gz (2.32)
1
bh=tit+s 2. 3q1 D (2.33)
Adding,
o230, Di 23¢
b — b3 = o log D, -+ 57 1 (2.34)

Example 2.4. Heat Flow through a Pipe Wall. A glass pipe has an outside diame-
ter of 6.0 in. and an inside diameter of 5.0 in. It will be used to transport a fluid
which maintaing the inner surface at 200°F. It is expected that the outside of the
pipe will be maintained at 175°F. What heat flow will occur?

Solution. k = 0.68 Btu/(hr)({t2)(°F/ft) (see Appendix Table 2).

Dmh(ts — &) 2 X 3.14 X 0.63(200 — 175)

1= 23Tog D/D: ~ 2.3 Tog 6.0/5.0 = 538 Btu/lin ft

If the inside diameter of a cylinder is greater than 0.75 of the outside
diameter, the mean of the two may be used. Then per foot of length

At At ty — o ;
{=F = ki = D: =DJJ2 (2:35)
wko(D1 -+ D2)/2

where (D, — D1)/2 is the thickness of the pipe. Within the stated
limitations of the ratio D;/D;, Eq. (2.35) will differ from Eq. (2.34) by
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about 1 per cent. Actually there are 1.57 ft? of external surface per linear
foot and 1.31 ft? of internal surface. The heat loss per square foot is
343 Btu/hr based on the outside surface and 411 Btu/hr based on the
inside surface.

Heat Loss from a Pipe. In the preceding examples it was assumed that
the cold external surface could be maintained at a definite temperature.
Without this assumption the examples would have been indeterminate,
since both @ and At would be unknown and independent in a single equa-
tion. In reality the temperature assigned to the outer wall depends not
only on the resistances between the hot and eold surfaces but also on the
* ability of the surrounding colder atmosphere to remove the heat arriving

at the outer surface. Consider a
" pipe as shown in Fig. 2.8 covered ta
(lagged) with rock wool insulation

and carrying steam at a tempera- é:”//

ture t, considerably above that of s ts
the atmosphere, #,. The overall 7
temperature difference driving heat L=l

out of the pipe 18 f — ts. The Fie. 2.8, Heat loss from an insulated pipe.
resistances to heat flow taken

in order are (1) the resistance of the steam to condense upon and
give up heat to the inner pipe surface, a resistance which has been
found experimentally to be very small so that ¢ and #; are nearly the
same; (2) the resistance of the pipe metal, which is very small except for
thick-walled conduits so that £, and ¢ are nearly the same; (3) the resist-
ance of the rock wool insulation; and (4) the resistance of the surrounding
air to remove heat from the outer surface. The last is appreciable,
although the removal .of heat is effected by the natural convection of
ambient air in addition to the radiation caused by the temperature differ-
ence between the outer surface and colder air. The natural convection
results from warming air adjacent to the pipe, thereby lowering its density.
The warm air rises and is replaced continuously by cold air. The com-
bined effects of natural convection and radiation cannot be represented
by a conventional resistance term B, = L./K,.4, since L, is indefinite and
the conductance of the air is simultaneocusly supplemented by the trans-
fer of heat by radiation. Experimentally, a temperature difference may
be created between a known outer surface and the air, and the heat pass-
ing from the outer surface to the air can be determined from measure-
ments on the fluid flowing in the pipe. Having @, A, and A{, the combined
resistance of both effects is obtained as the quotient of A{/Q. The flow
of heat from a pipe to ambient air is usually a heat loss, and it is therefore
desirable to report the data as a unif conductance term k/L Btu/(hr)(ft? of
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external surface) (°F of temperature difference). The unit conductance
is the reciprocal of the unit resistance L/k instead of the reciprocal of the
resistance for the entire surface L/kA. In other words, it is the con-
ductance per square foot of heat-flow surface rather than the con-
ductance of the total surface. The unit. resistance has the dimensions

[«
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F1a. 2.9. Heat transfer by conveotion and radiation from horizontal pipes at temperature
i1 to air at 70°F. .

(hr)(ft2)(°F)/Btu. The reciprocal of the unit resistance, ks, has the
dimensions of Btu/(hr)(ft?)(°F) and is sometimes designated the surface
coefficient of heat transfer. Figure 2.9 shows the plot of the surface
coefficient from pipes of different diameters and surface temperatures
to ambient air at 70°F. It is based upon the data of Heilman,! which
has been substantiated by the later experiments of Bailey and Lyell.?
The four resistances in térms of the equations already discussed are

0 100

Condensation of steam:
q = haDy(ts — 1) (1.2)

! Heilman, R. H., Ind. Eng. Chem., 18, 445-452 (1924).
? Bailey, A., and N. C, Lyell, Engineering, 147, 60—62 (1939).
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Pipe wali: _
— 2rks !
q= 2.3 IOg DT:/D‘ (tc tc ) (231}
Insulation: ‘
2rk.

—_ 1 —
9= 53Tog DyD? & — 1) (2.31)

Radiation and convection to air:

g = harDy(th — £4) (1.2)
or combining’
_ 1 2.3 D! | 23 Dy 1
th—ta=¢q (hTrD", + . log A + Py log D7 + hTrD1)
The terms inside the parentheses are the four resistances, and of these
the first two can usually be neglected. The equation then reduces to

_ w(ls — ta)
Tz D, 1
%, ¢ D7 7 hD:
From the abscissa of Fig. 2.9 it is seen that h. depends upon not only
- the temperature difference but the actual temperatures at the outside
of the insulation and of theair. Itsreciprocal is also one of the resistances
necessary for the calculation of the total temperature difference, and
therefore the surface coefficient h, cannot be computed except by trial-
and-error methods.

Example 2.4. Heat Loss from a Pipe to Air. A 2n, steel pipe (dimensions in
Table 11 in the Appendix) carries steam at 300°F. It is lagged with 14 in. of rock
wool, k£ = 0.033, and the surrounding air is at 70°F. 'What will be the heat loss per
linear foot?

Solution. Assume §; = 150°F, {, — 70 = 80°F, h, = 2.23 Btu/(hr) ({t2)(°F)}.

_ $.14(300 — 70)
1= 33 Tog 3378 i
7% 0.038 523875 ' 223 X 3.375/12

= 104.8 Btu/(hr}(lin ft)

Check between 4 and &y, since Af/R = Al/R..

B 2% 3.14 X 0.033(300 — &)
¢ = 1048 = =1 3.375,/2.375

t, = 123.5°F No check
Assume #; = 125°F, {; — 70 = 55°F, k., = 2.10 Btu/(hr)({t2)(°F).

B 3.14(300 — 70)
=733 Tog 3378 T
I %0033 %2 5375 "~ 2.10 X 3.875/12

= 103.2 Btu/(hr)(lin ft)
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Check between ¢, and ;.
2 X 3.14 X 0.033(300 — ¢;)
2.3 log 3.375/2.376
ty = 125.8°F Check
The total heat loss ¢ does not appear to vary significantly for the different assumed
values of t;. This is because the insulation and not the small surface coefficient affords

the major resistance to heat flow. When the variation in ¢ is considerable for different
assumed temperatures of £, it indicates insufficient insulation.

The Maximum Heat Loss through Pipe Insulation. It would seem at
first that the thicker the insulation the less the total heat loss. This is
always true for flat insulation but not for curved insulation. Consider a
pipe with successive layers of cylindrical insulation. As the thickness of
the insulation is increased, the surface area
from which heat may be removed by air
increases and the total heat loss may also
increase if the area increases more rapidly
than the resistance. Referring to Fig. 2.10,
the resistance of the insulation per linear foot
of pipe is

g'=1082 =

1' r
= ok B

Ry (2.36)

Fig, 2.10. The critical ra-
dius,

and the resistance of the air per linear foot of
pipe, although a function of the surface and air temperatures, is given by

_ 1
" ha2er

The resistance is a minimum and the heat loss a maximum when the
derivative of the sum of the resistances B with respect to the radius r is
set equal to zero or

R, (2.37)

dR 1 T 1,1
W—O—mdlﬂaﬁ‘md; (238)
- 1
T 2kyr ha2mrt
At the maximum heat loss r = r,, the critical radius, or
ro = 2 2.39)

In other words, the maximum heat loss from a pipe occurs when the
critical radius equals the ratio of the thermal conductivity of the insula-
tion to the surface coefficient of heat transfer. The ratio has the dimen-
sion of ft. It is desirable to keep the critical radius as small as possible
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s0 that the application of insulation will result in a reduction and not an
inerease in the hedt loss from a pipe. This is obviously accomplished by

using an insulation of small conductivity so that the critical radius is less
than the radius of the pipe, or r. < r1.

The Optnnum Thickness of Insulation. The optimum thickness of
insulation is arrived at by a purely economic approach. If a bare pipe
were to carry a hot fluid, there would be a certain hourly loss of heat
whose value could be determined from the cost of producing the Btu
in the plant heat-generating station. The lower the heat loss the greater
the thickness and initial cost of the insu- '
lation and the greater the annual fixed.

charges (maintenance and depreciation) W.’%‘LOH/
which must be added to the annual heat Ootirriuem

loss. The fixed charges on pipe insulation
will be about 15 to 20 per cent of the ini-
tial installed cost of the insulation. By
assuming a number of thicknesses of insu-
lation and adding the fixed charges to the
value of the heat lost, a minimum ecost
will be obtained and the thickness corre- Thickness of insulation
sponding to it will be the optimum eco. Fre. 2.1L Optimum thickness
_ . . . of insulation.
nomic thickness of the insulation. The
form of such an analysis is shown in Fig. 2.11. The most difficult part is
obtaining reliable initial-installation-cost data, since they vary greatly
with plant to plant and with the amount of insulating to be done at a
single time.

Graphical Solutions of Conduction Problems. Thus far in the treat-
‘ment of conduction, only those eases have been considered in which the
heat input per square foot of surface was uniform. It was also char-
acteristic of these cases that the heat removal per square foot of surface
was also uniform. This was likewise true for the cylinder, even though
the internal and external surfaces were not identical. Some of the com-
mon problems of steady-state conduction in solids involve the removal or
input of heat where it is nof uniform over a surface, and although the solu-
tion of such problems by mathematical analysis is often complicated it is
possible to obtain close approximations graphically. The method
employed here is that of Awbery and Schofield® and earlier investigators.

Consider the section of a metal-sheathed wall, as shown in Fig. 2.12,
with hot side ABC at the uniform temperature {;. - At recurring intervals
DF on the cold side DEF at the uniform temperature {;, metal bracing

1 Awbery, J. and F. Schofield, Proc. Intern. Congr. Refrig., 5th Congr., 8, 591-610
(1929).

A
9{’6 » gl

Total annual cost, dollars
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ribs are attached to the outer sheath and imbedded two-thirds into the
thickness of the wall. Since the sheath and metal rib both have a high
thermal conductivity compared with the wall material itself, the rib and
sheath may both be considered to be at very nearly the same temperature.
The predominantly horizontal lines indicated on the drawing represent
isothermal planes perpendicular to the plane of the drawing. Conse-
quently there is no heat flow to be considered in the direction perpendicu-
lar to the plane of the drawing,

A ,’11 . B ¥ f"l C'
. R \
N :
i\ a) P I
AL C tor| Rib
4
D Lsheath ty E Ty, F

Fia. 2,12. Graphical representation of heat econduction.

Since the drawing is symmetrical about the vertical line BE, consider
only the right half of the drawing bounded by BCFE. Assume an arbi-
trary number of isotherms n, in the direction from B to E so that, if lc

is constant At = n, Al,. If k varies Wlth tthen k Af, = — f kdt. The

greater the assumed number of 1sotherms the greater the precision of the
solution. Next, consider the heat to flow from #; to metal at ¢, through
n; lanes emanating from BC and forming the network indicated. Now
refer to any small portion of any lane, such as abed with length z, mean
width y, where y = (ab + cd)/2, and unit depth z = 1 perpendicular to
the drawing. The steady-heat flow into each laneis @;. The conduction
equation is then @; = k(yz) At,/xz. The temperature difference from one
isotherm to the next is naturally the same, and since @; is constant for the
lane it is evident from the conduction equation that the ratio y/r must
also be constant, although y and £ may vary. The network of the draw-
ing is constructed such that, for each quadrilateral, y = 2. Where z is
small it is because the isotherms are crowded together owing to the high
heat removal by the rib. The heat flow per lane is then given by

k (tl _ i'2),
N
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The total heat flow from BC thus requires n; = Qn./k({y — {») lanes,
where @ is the total heat flow. Figure 2.12 was constructed in this
manner starting with six isotherms,

Although the individual portions of the network are neither squares
nor rectangles their corners are at right angles in accordance with the
steady-state principle that the flow of heat is always at right angles to the
isotherms comprising the temperature difference. In Fig. 2.12 it is seen
that 11 lanes were obtained for each half of a symmetrical section. If
the isotherms were undisturbed by the rib, the portions abed would then
be squares and the heat entering BC would flow normal to it and 8.3 lanes
would be required. The rib is therefore equivalent to increasing the heat
removal by 33 per cent. When the ribs are spaced more closely together,
‘the fractional heat removal increases.

PROBLEMS

.2.1. Afurnace is enclosed by walls made (from inside out) of 8in. of kaolin firebrick,
6 in. of kaolin insulating brick, and 7 in. of fireclay brick, 'What is the heat loss per
square foot of wall when the inside of the furnace is maintained at 2200°F and the.
outside at 200°F?

2.2. A furnace wall is to consist in series of 7 in. of kaolin firebrick, 6 in. of kaolin
insulating brick, and sufficient fireclay brick to reduce the heat loss to 100 Btu/(hr)(ft2)
when the face temperatures are 1500 and 100°F, respectively. What thickness of
fireclay brick should be used? If an effective air gap of 14 in. can be incorporated
between the fireclay and insulating brick when erecting the wall without impairing
its structural support, what thickness of insulating brick will be required?

- 2.3. A furnace wall consists of three insulating materials in series. 32 per cent
chrome brick, magnesite bricks, and low-grade refractory bricks (k = 0.5). The
magnesgite bricks cannot withstand a face temperature above 1500°F, and the low-
grade bricks cannot exceed 600°F. What thickness of the wall will give a heat loss
not in excess of 1500 Btu/(hr)(ft?) when the extreme face temperatures are 2500 and
200°F, respectively?

2.4. A 6-in. IPS pipe is covered with three resistances in series consisting from the
inside outward of 24 in. of kapok, 1 in. of rock wool, and ¥4 in. of powdered magnesite
applied as a plaster. If the inside surface is maintained at 500°F and the outside at
100°F, what is the heat loss per square foot of outside pipe surface?

2.5. A 2-in. IP8S line to a refrigerated process covered with 34 in. of kapok carries
25% NaCl brine at 0°F and at a flow rate of 30,000 Ib/hr. The outer surface of the
kapok will be maintained at 90°F. What is the equation for the flow of heat? Calcu~
Iate the heat leakage into the pipe and the temperature rise of the fluid for a 60-ft
length of pipe.

2.6. A vertical cylindrical kiln 22 ft in diameter is enclosed at the top by a hemi-
spherical dome fabricated from an 8-in. layer of interlocking and self-supporting
32 per cent chrome bricks. Derive an expression for conduction through the dome.
When the inside and outside of the hemispherical dome are maintained at 1600 and
300°F, respectively, what is the heat loss per square foot of internal dome surface?
How does the total heat loss for the dome compare with the total heat loss for a flat
. structurally supported roof of the same material when exposed to the same difference

in temperature?
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2.7. A 4-in. steel pipe carrying 450°F steam is lagged with 1 in. of kapok surrounded
by 1in. of powdered magnesite applied as a plaster. The surrounding air is at 70°F.
What is the loss of heat from the pipe per linear foot?

2.8. A 8-in, IPS main carries steam from the powerhouse to the process plants at a
linear velocity of 8000 fpm. The steam is at 300 psi (gage), and the atmosphere is
at 70°F. What percentage of the total heat flow is the bare-tube heat loss per 1000 ft
of pipe? If the pipe is lagged with half a thickness of kapok and half a thickness of
asbestos, what total thickness will reduce the insulated heat loss to 2 per cent of the
bare-tube heat loss?

2.9, In a 6-in. steam line at 400°F the unit resistance for the condensation of steam
at the inside pipe wall has been found experimentally to be 0.00033 (hr) (ft2) (°F)/Btu.
The line is lagged with 34 in. of rock rool and 34 in. of asbestos. What is the effect.
of including the condensation and metal pipe-wall resistances in calculating the total
heat loss per linear foot to atmospheric air at 70°F?

NOMENCLATURE FOR CHAPTER 2

A Heat-flow area, ft*
Cy, C2 Constants of integration

Cy Sutherland constant

¢y Volumetric specific heat, Btu/({t3) (°F)

c Specific heat at constant pressure, Btu/(b) (°F)
D Diameter, ft

E Voltage or electromotive force

ke Surface coefficient of heat transfer, Btu/(hr)(ft2) (°F)
I Current, amp

K Electrical econductivity, 1/ohm-ft

k Thermal conductivity, Btu/(hr){ft2) (°F/ft)

L Thickness of wall or length of pipe, ft

n Number of heat-flow lanes

Na Number of isotherms

Q Heat flow, Btu/hr
Q Heat flow per lane, Btu/hr
Q' Heat, Btu

q Heat flow, Btu/(hr)(lin ft)

R Resistance to heat flow, (hr)(°F)/Btu

Re Resistance to electric flow, ohms

r Radius, ft

t Temperature at any point, °F

At Temperature difference promoting heat flow, °F
T  Absolute temperature, °R

v Volume, ft?

z, 4, z Coordinates of distance, ft

Change in thermal conductivity per degree
Time, hr

Density, Ib /ft?

Resistivity, ohm-ft

q v DR



CHAPTER 3
CONVECTION

Introduction. Heat transfer by convection is due to fluid motion.
Cold fluid adjacent to a hot surface receives heat which it imparts to the
bulk of the cold fluid by mixing with it. Free or natural convection
occurs when the fluid motion is not implemented by mechanical agitation.
"But ‘when the fluid is mechanically agitated, the heat is transferred by
forced convection. The mechanical agitation may be supplied by stir-
ring, although in most process applications it is induced by circulating
the hot and cold fluids at rapid rates on the opposite sides of pipes or
tubes. Free- and forced-convection heat transfer occur at very different
speeds, the latter being the more rapid and therefore the more common.
Factors which promote high rates for forced convection do not necessarily
have the same effect on free convection. It is the purpose of this chapter
to establish a general method for obtaining the rates of heat transfer
particularly in the presence of forced convection.

" Film Coefficients. In the flow of heat through a pipe to air it was seen
that the passage of heat into the air was not accomplished solely by con-
duction. Instead, it occurred partly by radiation and partly by free
convection. A temperature difference existed between the pipe surface
and the average temperature of the air. Since the distance from the pipe
surface to the region of average air temperature is indefinite, the resist-
ance cannot be computed from R, = L./k.A, using k for air. Instead
the resistance must. be determined experimentally by appropriately
measuring the surface temperature of the pipe, the temperature of the air,
and the heat transferred from the pipe as evidenced by the quantity of
steam condensed in it. The resistance for the entire surface was then
computed from

R, = %—“ (br) (°F)/Btu
If desired, L, can also be calculated from this value of R, and would be
the length of a fictitious conduction film of air equivalent to the com-
bined resistance of conduction, free convection, and radiation. The
length of the film is of little significance,.although the concept of the
fictitious film finds numerous applications. Instead it is preferable to
25
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deal directly with the reciprocal of the unit resistance , which has an
experimental origin. Because the use of the unit resistance L/k is so
much more common than the use of the total surface resistance L/kA,
the letter B will now be used to designate L/k (br){(ft2)(°F)/Btu and it
will simply be called the resistance.

Not all effects other than conduction are necessarily combinations of
two effects. Particularly in the case of free or forced convection to liquids
and, in fact, to most gases at moderate temperatures and temperature

differences the influence of radiation may be
—a neglected and the experimental resistance
(A, - .
corresponds to forced or free convection alone
as the case may be.

Consider a pipe wall with forced convec-
tion of different magnitudes on both sides
of the pipe as shown in Fig. 3.1. On the
inside, heat is deposited by a hot fowing

- liquid, and on the outside, heat is received by
‘a, cold flowing liquid. FEither resistance can
(‘> be measured independently by obtaining the

ANAFIN/

N\

/ N/

' \ temperature difference between the pipe sur-

b—a i'—"m%‘“o*” face and the average temperature of the

t tw liquid. The heat transfer can be determined

Fie. 8.1, Two convection  from the sensible-heat change in either fluid

over the length of the pipe in which the heat

transfer occurs. Designating the resistance on the inside by R; and on

the outside by R,, the inside and outside pipe-wall temperatures by ¢,
and f,, and applying an expression for the steady state,

Q — A,(T}?’:" tp) — Ao(tw - to)

(3.1)

where 7T; is the temperature .of the hot fluid on the inside and ¢, the

temperature of the cold fluid on the outside. Replacing the resistances
by their reciprocals k; and k,, respectively,

Q = hid; At = hod, Al 3.2)

The reciprocals of the heat-transfer resistances have the dimensions of
Btu/(br) (ft2) (°F of temperature difference) and are called individual film
coefficients or simply film coefficients.

Inasmuch as the film coefficient is a measure of the heat flow for unit
surface and unit temperature difference, it indicates the rate or speed
with which fluids having a variety of physical properties and under
varying degrees of agitation transfer heat. Other factors influence the
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film coefficient such as the size of the pipe and whether or not the fluid is
considered to be on the inside or outside of the pipe. With so many
variables, each having its own degree of influence on the rate of heat
transfer (film coefficient), it is fairly understandable why a rational
derivation is not available for the direct calculation of the film coefficient.
On the other hand, it is impractical to run an experiment to determine the
coefficient each time heat is to be added or re-
moved from a fluid. Instead it is desirable to
study some method of correlation whereby sev-
eral basic experiments performed with a wide ax
‘range of the variables can produce a relation-
ship which will hold for any other combina-
tions of the variables. The immediate problem
is to establish a method of correlation and then
apply it to some experimental data.

The Viscosity. It is not possible to proceed
very far in the study of convection and fluid
flow without defining a property which has
an important bearing upon both, wiscosity.
In order to evaluate this property by fluid
dynamics two assumptions are required: (1)
Where g solid-liquid interface exists, there is no shp between the solid
and liquid, and (2) Newton’s rule: Shear stress is proportional to the rate
of shear in the direction perpendicular to motion. An unstressed particle

of liquid as shown in Fig. 3.2a will

L

7’/
(a)

l«—— dx——-»l

<—-<<—+,2—-

(b)
Fie. 3.2. Fluid strain.

\ assume the form in Fig. 3.2b- when 3
SIS film of liquid is subjected to shear.
.U The rate of shear is proportional
v to the velocity gradient du/dy. Ap-
3_ plying Newton’s rule, if r is the shear
l stress,
g ITEEEEOEOEEEy du
Fia. 3.3. Fluid shear. T=p & (3.3)

where p is the proportionality constant or

In solids it results in deformation and is equivalent
to the modulus of elasticity.
In liquids it results in deformation at a given rate.

k= Qujdy

To evaluate u refer to Fig. 3.3 where shear is produced by maintaining
the liquid film between a stationary plate at distance ¥ and a movmg
plate with velocity V. At any point in the film the velocity u-is given
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by u = Vy/Y.
du V
Rate of shear = 7 (3.3)

=y 3.4)

where p is called the viscosity when V and ¥ have unit values.
The actual force required to move the plate is rA. - If F is the pound-
force, L the length, and 6 the time, the dimensions of the viscosity are

Y_F L _Fe

or using the pound-mass M, where F = Mg and g = L/62, the accelera-
tion of gravity,

=% L7e T Io
When evaluated in egg metric units g is commonly called the absoluie
viscosity.

gram-mass
centimeter X second

B =

This unit has been named the poise after the French scientist Poiseuille.
This is a large unit, and it is customary to use and speak of the centi-
poise, or one-hundredth poise. "In engineering units its equivalent is
defined by

_ pound-mass

~ foot X hour

Viscosities in centipoises can be converted to engineering units on multi-
plying by 2.42. This unit has no name. Another unit, the. kinematic
viscosity, is also used because it oceurs frequently in physical systems and
produces straighter graphs of viscosity vs. temperature on logarithmic
coordinates. The kinematic viscosity is the absolute viscosity in centi-
poises divided by the specific gravity.

absolute viscosity

specific gravity

Kinemstic viscosity =

The unit of kinematic viscosity is the stokes, after the English mathe-
matician Stokes, and the hundredth of the stokes is the centistokes.

The viscosity can be determined indirectly by measuring the time of
efflux from a calibrated flow device having an orifice and a controlled
temperature. The commonest is the Saybolt viscometer, and the time
of eflux from a standard cup into a standard receiver is measured in



CONVECTION 29

seconds and recorded as Saybolt Seconds Universal, SSU. Conversion
factors from the time of efflux to centistokes for the Saybolt and other
viscometers are given in Fig. 13.1

Heat Transfer between Solids and Flmds Streamline and Turbulent
Flow. The Reynolds Number. When a liquid flows in a horizontal

‘pipe, it may flow with a random eddying motion known as furbulent flow,

as shown in Fig. 3.4 by a plot of the local velocity in the pipe vs. the
distance from its center. If the linear velocity of the liquid is decreased
below some threshold wvalue, the nature of the flow changes and the
turbulence disappears. The fluid particles flow in linés along the axis
of the pipe, and this is known as streamliine flow. An ezperiment used

for the visual determination of the type of flow consists of a glass tube

. - . : Eqbaﬁbn of
Pipe wall grpewall . aparoboly
L pd ol L2 \'res L Lo 29
— u
r' * ' - T = Veglo/ 4
% Velocity u= | 2L, Velocity u=>y f 1
: r=ri M
)7 v =z 2
—> Ul 20 [ U Sy,
Fia, 3.4. T.prbulent flow in "pipes. Fia. 3.5. Streamline flow in pipes.

through which water flows. A thin stream of ink is injected at the
center of the fube, and if the ink remains at the center for a reasonable
distance, it is indicative of streamline flow. Synonyms for streamline
flow are viscous, laminar, and rodlike flow. Additional experimentation
has indicated that streamline flow proceeds as if by the sliding of con-
centric thin cylinders of liquid one within the other ag shown in Fig. 3.5.
It appears that the distribution of the velocities of the cylinders is para-
bolic with the maximum at the center and approaching zero at the tube
wall.

Reynolds? observed that the type of flow assumed by a liquid flowing in
a tube was influenced by the velocity, density, and viscosity of the Hquid
and the diameter of the tube. When related as the quotient of Dup/u,
called the Reynolds number, it was found that turbulent flow always
existed when the numerical value of Dup/u exceeded about 2300 and
usually when it exceeded 2100. By definition, the transfer of heat by
convection proceeds mainly as the result of mixing, and while this require-
ment appears to be satisfied by turbulent flow, it is not fulfilled by stream-

1 Figure numbers which are not preceded by a chapter number will be found in the
Appendix.

2 Reynolds, 0., “Scientific Papers of Osborne Reynolds,” p. 81, Cambridge Uni-
versity Press, London, 1901,
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line flow. Streamline flow is, in fact, a form of conduetion whose study
will be deferred to a later chapter. The speed with which heat is trans-
ferred to or from a given liquid to a tube is considerably less for stream-
line than for turbulent flow, and in industrial practice it is almost always
desirable to avoid conditions such as low liquid velocity which promote
streamline flow. ‘ :

Dimensional Analysis. A method of correlating a number of variables
into g single equation expressing an effect is known as dimensional analy-
sis. Certain equations describing physical phenomena can be obtained
rationally from basic laws derived from experiments. An example is'the
time of vibration of a pendulum from Newton’s second law and the
gravitational constant. Still other effects can be described by differ-

- ential equations, and the course or extent of the phenomena deduced by
means of the caleulus. Numerous examples of this type are encountered
in elementary physics. In still other types of phenomena there is insuffi-
cient information to permit the formulation of either differential equations
or & clear picture by which fundamental laws may be applied. This last
group must be studied experimentally, and the correlation of the observa-
tions is an empirical approach to the equation. FEgquations which can
be obtained theoretically can also be obtained empirically, but the reverse
is not true.

Bridgman? has presented by far the most extensive proof of the mathe-
magtical principles underlying dimensional analysis. Because it operates
only upon the dimensions of the variables, it does not directly produce
numerical results from the variables but instead yields & modulus by
which the observed data can be combined and the relative influence of
the variables established. Assuch, it is one of the important cornerstones
of empirical study. It recognizes that any combination of a number
and a dimension, such as 5 Ib or 5 ft, possesses two identifying aspects, one
of pure magnitude {(numerical) and the other quantitative (dimensional).
Fundamental dimensions are quantities such as length, time, and tempera~
ture which are directly measurable. Derived dimensions are those
which are expressed in terms of fundamental dimensions such as veloc-
ity = length/time or density = mass/length®. The end results of a
dimensional analysis may be stated as follows: If a dependent variable
having given dimensions depends-upon some relationship among a group
of variables, the individual variables of the group must be related in such
a way that the net dimensions of the group are identical with those of
the dependent variable. The independent variables may also be related
in such a way that the dependent variable is defined by the sum of several

1Bridgman, P. W., “Dimensional Analysis,” Yale University Press, New Haven,
1931, °
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different groups of variables, each group having the net dimensions of
the dependent variable. As a very simple illustration consider the con-
tinuity eguation which is frequently written in elementary physics and
thermodynamics texts in the form

ua
v

(3.5)

where.w = fluid flow rate, weight/time

w = fluid velocity in conduit, length/time

a = cross section of the conduit, length X length = length?

» = speeific volume, length X length X length/weight = length3/

weight :

Why does Eq. (3.5) have this particular form? u, a, and v must be
related so that their net dimensions are the same as those of the depend-
ent variable w, namely, weight/time. An equation involving both pure
numbers and dimensions must be correct with respect to either and both.
Checking the dimensions alone, writing for the variables in Eq. (3.5)
their individual dimensions,

Weight _ length
Time  time

2 % 1 weight
length® ~  time
weight

X length (3.6

It is seen that the dimensions on the left side are identical with the net
dimensions of the group only when the variables of the group are arranged
in the particular manner indicated by the formula. The three inde-
pendent variables above give an answer in weight/time only when
arranged in a single way, ua/v. Conversely it may be deduced that the form
of an equation is determined only by its dimensions; the form which pro-
duces dimensional equality represents the necessary relationship among
the variables. Any physical equation may be written and evaluated in
terms of a power series containing all the variables. If the form were not
known in the illustration above and it was desired to find a relationship
which must exist between the variables w, u, &, and », it may be expressed
by a power series such as

o(w, u, a,v) = awbu‘a®® + o'wucadr? 4- - - - =0 38.7)

The factors ¢ and o' are dimensionless proportionality constants. Since
the dimensions of all the consecutive terms of the series are identical, it is
not necessary to consider any of the terms beyond the first. Accordingly
one can write

¢ (WPucat®) =1 (3.8)

where ¢’ indicates the function. Arbitrarily setting b = —1 so that »
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will not appear in the final equation raised to a fractional exponent,
w = au’a®’ (3.9)
Substituting dimensions,

Weight _  (length’ ns o [length?y’
Time —.a( time) X (length?)¢ X weight (3.10)

If a group of independent variables will establish numerical equality
with a dependent variable, the same is true of their dimensions. Equa-
tion (3.6) imposes this condition. The exponents ¢, d, and e may then
assume such values as are necessary to effect the dimensional equality
between the left and right sides. The remainder of the solution is merely
to evaluate ¢, d, and e by simple algebra. Summing the exponents of the
dimensions on both sides and recalling that an exponent of zero reduces a
number to unity,

Z length, 0 = ¢ 4 2d 4 3e

= weight, 1 = —e

2 time, —1 = —

Solving for the unknown, d is found to be +1. The three exponents are
thene¢ = +1,d = +1, and e = —1. Substituting these in Eq. (3.9),

w = autigtly-l =‘a2—‘v—“ (3.11)

Inasmuch as this is an exact relationship, the proportionality constant «
is equal to 1.0 and ‘
w = 2
: v
Thus by purely algebraic means the correct form of the equation has been
established. 'This has been an extremely elementary illustration in which
all of the exponents were integers and the dependent and independent
variables were expressed in only three kinds of dimensions: weight, length,
and time. In systems involving mechanics and heat it i3 often necessary
to employ other dimensions such as temperature and a derived heat unit
H, the Btu or calorie.

In mechanical and chemical engineering it is customary to use a set of
six dimensions: force F, heat H, length L, mass M, temperature T, and
time 6. One of the important alternatives, however, hinges about the
unit of force and the unit of mass. In the preceding illustration the weight
was employed. The relationship would hold whether the pound-rhass or
gram-mass or the pound-force (poundal) or gram-force (dyne) were used
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Tasre 3.1. Dimexsions anp Units

33

Dimensions:* Force = F, heat = H, length = L, mass = M, temperature = T,
time = §. The force-pound is the poundal, the force-gram ig the dyne

S}})’:]) B Quantity: consistent engineering and metric units _ D;?;zn'
g Acceleration of gravity, ft/hr?, cm/sec? L/e?

A Ares or surface, ft% cm? L2

Kpg | Conversion from kinetic energy to heat ML*/Hg*
Ky | Conversion from force to mass ML /Fo:
P Density, Ib/{t3, g/em? M/L3
D | Diameter, ft, em L

ke | Diffusivity (volumetric), ft?/hr, cm?/sec L2/

F Force, force-pound (poundal), force-gram (dyne) F

H Heat, Btu, cal H

L Length, ft, cm L

M |Mass, b, g M

W | Mass flow, Ib/hr, g/sec Mg

@ Mass velocity, 1b/(hr) (ft?), g/(sec) {cm?) M /oL
J Mechanical equivalent of heat, (force-b) (ft) /Btu, (force-g) (cm) [\ FL/H

cal

P Pressure, force-1b/ft?, force-g/cm? F/L?
Py | Power, (force-lb)(ft) /hr, (force-g){cm)/sec FL/e

T Radius, ft, cm L

¢ | Specific heat, Btu/(b){°F), cal/(g)(°C) . v/ MT
v Specific volume, ft3/lb, em3/g L3/ M
T Stress, force-Ib/ft?, force-g/cm? F/L?

v Surface tension, foree-Ib/ft, force-g/cm F/L

T Temperature, °F, °C T

k. Thermal conductivity, Btu/(hr){ft?) (°F/ft), cal/(sec)(ecm)(°C/ | H/LTo

cm)

a Thermal diffusivity, f*/hr, cm?2/see L2/e

8 Thermal coefficient of expansion, 1/°F, 1/°C T

R; | Thermal registivity, (°F)(ft) (hr)/Btu, (°C)(cm)(sec}/cal LTe/H
0 Time, hr, sec 0

u Velocity, ft/hr, cm/sec Lje

#g | Viscosity (force-lb)(hr)/ft%, (force-g)(sec)/cm? Feo/L2
u Viscosity {(abs), Ib/(ft)(hr), g/{cm)(sec) M/La
M | Mass, ib, g M

woe | Work, (force-Ib)(ft}), (force-g) (em) FL

* For & system without heat changes these automatically reduce to FLMS.

as long as the weight was always treated in the same way. Consider a
" gystem in which the mass is a fundamental dimension as M, L, T, 6.

From the acceleration equation, force = mass X acceleration,

F = ML62

In another set of dimensions it may be more convenient to consider force
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the fundamental dimension, in which case mass is expressed by
M = FL162

When some of the variables are commonly expressed in units of force
such as pressure FL~* and other variables by units of mass such as the
density ML~3, it is necessary to introduce a dimensional constant into the
series expression before solving for the exponents. The constant relating
M and F naturally has the dimensions of the gravitational acceleration
constant L§~2 A similar situation also arises when describing a phe-
nomenon by which a work or kinetic energy change occurs in a system.
Some of the variables may ordinarily be expressed in terms of foot-pounds
(force-pound X foot) and others in terms of heat energy such as the
Btu. A conversion factor which is the hest equivalent of work must be
introduced to convert FL to H, or vice versa. The constant is the kinetic
energy equivalent of the heat ML?*/H¢%. A number of common variables
and dimensional constants are given in Tablé 3.1 together with their net
dimensions in a six-dimension system. Typical sets of engineering and
metric units are included. .

Analysis for the Form of a Fluid-flow Equation. When an incompressi-
ble fluid flows in a straight horizontal uniform pipe with a ¢onstant mass
‘rate, the pressure of the fluid decreases along the length of the pipe
owing to friction. This is commonly called the pressure drop of the
system, AP. The pressure drop per unit length is referred to as the
pressure gradient, dP/dL, which has been found experimentally to be
influenced by the following pipe and fluid properties: diameter D, veloc-
ity u, fluid density p, and viscosity up. What relationship exists between
the pressure gradient and the variables?

Solution. The pressure has dimensions of force/area, whereas the
density is expressed by mass/volume so that a dimensional constant
relating M to F must be included, K, = ML/F62. The same result
may be accomplished by including the acceleration constant g along with
the variables above. While the viscosity is determined experimentally
as a force effect and has the dimensions F6/L? it is a very small unit, and
it is more common in the engineering sciences to use the absolute vis-
cosity M /L6 in which the conversion from force to mass has already been
made. '

Using the same method of notation as before,

dP
Zl‘L' o« D; U, py Ky KM (3.12)

dP

i~ aDubpudK (3.13)
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Substituting dimensions and arbitrarily setting the exponent of dP/dL

equal to 1,
F LN (MY (MY (ML
7 “@“(‘e‘) (rs) L_e) W) (3.14)
Summing exponents,
ZF, 1= —e
ZL, -8 =a+b—~3c—d+e
EM, 0=c+d+e¢
Zo, 0= —b—d—2e
Solving simultaneously,
o= —1-—4d
b= 2—4d
c= 1—d
d= d
e= —1

Sﬁbsti’mting back in Eq. (3.13),

- aulp A
%l_g = gqD—1-dy—dyl—dy -iI{"‘1 = S%M(Dup) (3~15)

where o and —d must be evaluated from experimental data. A con-
venient term of almost universal use in engineering is the mass velocity G,
which is identical with «p and corresponds to the weight flow per square
foot of flow area. To obtain the pressure drop from Egq. (3.15), replace
dP by AP, dL by the length of pipe L, or AL, and substituting for K its

equivalent g,
_aofd L( )_d
3.16
= Drg (3.16)

where Dup/p or DG/u is the Reynolds number.

Analysis for the Form of a Forced-convection Equation. The rate of
heat transfer by forced convection to an incompressible fluid traveling in
turbulent flow in a pipe of uniform diameter at constant mass rate has
been found to be influenced by the velocity u, density p, specific heat ¢,
thermal conductivity k, viscosity g, as well as the inside diameter of the
pipe D. The velocity, viscosity, density, and diaineter affect the thick-
ness of the fluid film at the pipe wall through which the heat must first
be conducted, and they also influence the extent of fluid mixing. k is
the thermal conductivity of the fluid, and the specific heat reflects the
variation of the average fluid temperature as a result of unit heat absorp-
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tion. What relationship holds between the film coefficient or rate of
heat transfer, h; = H/6L*T [such as Btu/(hr)(ft?)(°F)], and the other
variables? )

Solution. It is not known whether all energy terms will be expressed
mechanically or thermally by the dimensions of the variables so that the
dimensional constant Ky = ML?/H6%must beincluded. If all the dimen-
sions combine to give only thermal quantities such as the Btu, which
appears in the dimensions of k;, the exponent of K x in the series expression
should be zero and the constant will reduce dimensionally to 1.0, a pure
number.

hi < wu, p, ¢, D, k, u, Kn
h; = autpbct Dk W K, (38.17)

=) (B () o) () (48

Summing exponents,

ZH, 1=d+f—1

2L, -2 =a—-3b+e—f—g+ 2%
ZM, 0 =b—d+g+i

2T, —1=~d - 7§

20, -1l =—-a—f—g—2%

Solving simultaneously,

a=a
b=a
d=1—Ff
e=gq —1
=7
g=1—f—a
1=0
Substituting back, »
h; = aucpc*/ Dol /=K, (38.19)
or collecting terms,
a 1-f
2o (2 ()

‘where &, g, and 1 — f must be evaluated from a minimum of three sets of
experimental data. Substituting the mass velocity for up in the above,

The dimensionless groups AD/k and cu/k; like the Reynolds number
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Dup/u or DG/p, have been assigned names to honor earlier investigators
in the field of fiuid mechanics and heat transfer. A list of the common
groups and the names assigned to them are included in Table 3.2.

Taeie 3.2, Common DimensiowLEss GrRoUPs

‘Symbol Name Group

Bi Biot number hr/k
Fo Fourier number ko/pcr?
- Gz Graetz number we/kL
Gr | Grashof number | D3p%g8 At/u?
Nu | Nusselt number |AD/E
Pe | Peclet number D@e/k
Pr Prandtl number | eu/k
Re Reynolds number | DQ/g, Dup/n
Se Schmidt number | p/pkq
S8t Stanton number [ A/c@

One of the useful aspects of dimensional analysis is its ability to pro-
vide a relationship among the variables when the information about a
phenomenon is incomplete. One may have speculated that both fluid
friction and forced convection are influeneed by the surface tension of the
fluid. The surface tension could have been included as a variable and
new equations obtained, although the form of the equations would have
been altered considerably. Nevertheless it would have been found that
the exponents for any dimensionless groups involving the surface tension
would be nearly zero when evaluated from experimental data. By the
same token, the equations obtained above may be considered to be predi-
cated on incomplete information. In either case a relationship is
obtainable by dimensional analysis.

Consistent Units. In establishing the preceding formulas the dimen-
" sions were referred to in general terms such as length, time, temperature,
ete., without specifying the units of the dimensions.. The dimension is
the basic measurable quantity, and convention has established a number
of different basic units such as temperature, °F and °C; area, square
foot, square inch, square meter, square centimeter; time, second or hour;
ete. In order that the net dimensions of the variables may be obtained
by cancellation among the fundamental and derived dimensions, all must
employ the same basic measured units. Thus if several variables employ
dimensions containing length such as vélocity L/8, density M /L3, and
thermal conductivity H/6LT, each must employ the same basic unit of
length such as the foot. Accordingly, when substituting values of the
variables into a dimensionless group, it i3 not permissible to signify the
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dimensions of some variables in feet, some in inches, and still others in
centimeters. However, any unit of length is acceptable provided all
“the lengths involved in the variables are expressed in the same unit of
length. The same rule applies t¢ the other fundamental and derived
dimensions. When a group of dimensions are expressed in this manner,
they are called consistent units. Any group of consistent units will yield
the same numerical result when the values of the variables are substi-
tuted into the dimensionless groups.

The Pi Theorem. One of the important mathematical proofs of dimen-
sional analysis is attributed to Buckingham,! who deduced that the num-
ber of dimensionless groups is equal to the difference between the number
of variables and the number of dimensions used to express them. Dimen-
sional constants are also included as variables. The proof of this
statement has been presented quite completely by Bridgman.? Desig-
nating dimensionless groups by the letters =, e, 73, the complete physical
statement of a phenomenon can be expressed by

d)(’ll'l, T2y W3 o ) =0 (322)

where the total number of 7 terms or dimensjonless groups equals the
number of variables minus the number of dimensions. In the preceding
example there were, including h;, eight variables. These were expressed
in five dimensions, and the number of dimensionless groups consequently
was three. There is a notable exception which must be considered, how-
ever, or this method of obtaining the number of dimensionless groups by
inspection can lead to an incorrect result. When two of the variables
are expressed by the same dimension such as the length and diameter of a
pipe, neither is a unique variable, since the dimensions of either are
indistinguishable, and to preserve the identity of both they must be com-
bined as a dimensionless constant ratio, L/D or D/L. When treated in
this manner, the equation so obtained will apply only to a system which
is geometrically similar to the experimental arrangement by which the
coefficients and exponents were evaluated, namely, one having the same
ratio of L/D or D/L. For this reason the form of a fluid-flow equation,
Eq. (3.15), was solved for the pressure gradient rather than the pressure
drop directly. Although the solution for a forced-convection equation
has already been obtained algebraically, it will be solved again to demon-
strate the Pi theorem and the extent to which it differs from the direct
algebraic solution. In general, it is desirable to solve for the dimension-
less groups appearing in Table 3.2.

1 Buckingham, E., Phys. Rev., 4, 345-376 (1914).
2 Bridgman, op. cit.
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Analysis for a Forced-convection Equation by. the Pi Theorem.

o{wy, wo, w3 . . ) =0

= ¢’(hgubpdc’ka"p’" }1 ) = 1 (3.23)
- HNAIN (M Y . BN (M\" (ML ‘
e~ e(atn) G) @) Gin) @ () ()" (55 20

Summing exponents,

ZH,0=a-+et+g—1

ZL, 0= -2 +b—3d+Ff—9g—m+ 2%

IM,0=d—e+4+m-1

ZT, 0= —a—¢—yg

20, 0=—g—b—g—-—m—2%
71, 7, and 7z may be evaluated by simple algebra. All the exponents
need not be summed up in one operation, since it has been seen in Eq.
(3.20) that the dimensionless groups comprising it are only eomposed of
three of four variables each. It is requisite in summing for the three
groups individually only that all the exponents be included at some time
and that three summations be made equal to the difference between
the eight- variables and five dimensions or three groups, w1, s, and «s.

w1 Since it is desired to establish an expression for h; as the dependent
variable, it is preferable that it be expressed raised to the first power
or ¢ = 1. ' This will assure that in the final equation the dependent
variable will not be present raised to some odd fraetional power. Since
all the exponents need not be included in evaluating 71, assume b = 0 and
e = 0. Referring to Eq. (3.20) it will be seen that as a result of these
assumaptions neither the Reynolds number nor the Prandtl number will
appear as solutions for 7. When b =0, #® = 1 and Dup/p = 1; and
whene =0,c¢* = 1 and cp/k = 1.
Assume ¢ =1, b =0, ¢ = 0. Bolving the simultaneous equations

above,d = 0,f = +1,g= -1, m=0,7=0,

-

2. Having already obtained h; it is desirable not to have it appear
again in either s or ws. This can be accomplished in solving for the next
group by assuming ¢ = 0. .The entire Nusselt number h;D/k will then
reduce to 1. If a Reynolds number is desired, because it is a useful
criterion of fluid flow, assume b or f = 1. Lastly, if the Prandt! number
is to be eliminated, assume that the exponent of ¢ or & is zero. If the
exponent of the viscosity is assumed to be zero, it will not be possible to
obtain either & Reynolds number or a Prandtl number.
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Assume f =1, @ =0, ¢ = 0. Solving the simultaneous equations
above,b=1,d=1,g=0,m = —1,7 =(,

g = ¢’ (l—)ﬁfg)

w3. 'To prevent the h; term and the velocity or density from appearing
again, assume a = 0, e = 1, f = 0. All the exponents will have now
appeared in one or more solutions.

Assume @ =0, e =1, f =0. Solving the simultaneous equations
above, b =0,d =0,g = —1,m =17 =0,

g = ¢’ (%‘-
The final expression is
h.D Dup ¢
¢ ”", 7“) =0 (3.25)

or

l

2 (20
Y- o

where the proportionality constant and the exponents must be evaluated
from experimental data.

Development of an Equation for Streamlme Flow. Since streamline
flow is a conduction phenomenon, it is subject to rational mathematical
analysis. On the assumption that the distribution of velocities at any
cross section is parabolic, the inside surface of the pipe is uniform, and
the velocity at the wall is zero, Graetz' obtained for radial conduction
to a fluid moving in a pipe in rodlike flow

t — —1
— 1—8¢ (kL) 3.27)

where ¢; and ¢, are the inlet and outlet temperatures of the fluid, ¢, is the
uniform inside pipe surface temperature, {, — ¢, the temperature differ-
ence at the inlet, and ¢(we/kL) is the numerical value of an infinite series
having exponents which are multiples of we/kL. Equation (3.27) may
be replaced through dimensional analysis with an empirical expression
which must be evaluated from experiments. If {2 — ¢, the rise in the
temperature of the fluid flowing in the pipe, is considered to be influenced

1 Graetz, L., Ann. Physik, 25, 337 (1885). For a review of the treatment of conduc-
tion in moving fluids see T. B. Drew, Trans. AIChE, 26, 32 (1931).

i
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in radial conduection by the length of path L, the rate of flow w, specific
heat ¢, thermal conductivity k, and the temperature difference between
the pipe inside surface and the fluid temperature so that A; = £, — &,

ty — t1 = aLewpcdke At (3.28)
Solving by the method of dimensional analysis -
a
C
fh—t = a (kL) At; (3.29) -
or .
o —t1 we\’
= (EZ) (3.30)

which is similar to Eq. (3.27). Now note that neither Eq. (3.28) nor
(3.29) contains k; or the viseosity u. But @ = hid; At; or

’U)G(tz —_ tl) = hﬂl" DL At.;

and substituting G = D7 / i in Eq. (3.30),

. 9 a .
géLc -« (%?_0) (8.31)

Now synthetically introducing the viscosity by multlplymg the right term
of Eq. (3.31) by (z/r)?, one obtains

- ()N @) oo

This is a convenient means of representing streamline flow using the
dimensionless groups incidental to turbulent flow and including the
dimensionless ratio D/L. It should not be inferred, however, that
because of this method of representation the heat-transfer coefficient is
influenced by the viscosity even though the Reynolds number, which is
the criterion of streamline flow, is inversely proportional to the viscosity.
The values of u in Eq. (3.32) actually cancel out.

The Temperature Difference between a Fluid and a Pipe Wall.
Before attempting to evaluate the constants of a forced-convection equa-
tion from experimental data, an additional factor must be taken into
account. When a liquid flows along the axis of a tube and absorbs or
transmits sensible heat, the temperature of. the.liquid varies over the
entire length of the pipe. In the case of heat flow through a flat wall, the
temperature over the entire area of each face of the flat wall was identical
and the temperature difference was simply the difference between any
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points on the two faces. If the temperature of the inner circumference
of a pipe wall is nearly constant over its entire length, as it might be when
the fluid inside the tube is heated by steam, there will be two distinct
temperature differences at each end: one between the pipe wall and the
inlet liquid and one at the other end between the pipe wall and the heated
liquid. What is the appropriate temperature difference for use in the
equation @ = h;A:(t, — {) = hiAd; ALy, where t, is the constant tempera-
ture of the inside pipe wall and ¢ is the varying temperature of the liquid
inside the pipe? _
Referring to Fig. 3.6, the constant temperature of the inside pipe wall
is shown by the horizontal line f,. If the specific heat is assumed con-

5 o |
5 t

E + |

o

A:l |

2 Aty }

oty
Q

Fia. 3.6. Temperature difference between a fluid and a pipe wall.
stant for the liquid, the rise in temperature is proportional to the total

heat received by the liquid in passing from the ihlet temperature ¢; to the
outlet temperature ¢, and if h; is considered constant

dQ = h; dA; At; . (3.33)

The slope of the lower line defining the temperature difference Af; as a
function of @ is : '
dAl _ Aty — Ay
aQ @
where Aly = t, — {; and Aty = ¢, — {;. Eliminating d@ from Eqgs. (3.33)
and (3.34),

(3.34)

hi dA; g At
— (Afy — Al1) = —_— 3.35
Q Aty 1) an Al (8.35)
Integrating :
_ hiA (Al — Aty)
Q= In Aty/At, (3.36)
Aty — Al

The expression is the logarithmic mean temperature difference,

hl Atz/ Atl
abbreviated LMTD, and the value of h;, which has been computed from
Q = hA; At; when Af; is the logarithmic mean, is a distinct value of
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hi. If the value of Al; were arbitrarily taken as the arithmetic mean of
Aty and Afy, the value of #; would have to be designated to show that it
does not correspond to the logarithmic mean. This is usually accom-
plished by affixing the subscript ¢ or m for arithmetic mean, as hq OF k.
When Af; and Af; approach equality, the arithmetic and logarithmic
means approach each other. '

Experimentation and Correlation. Suppose experimental apparatus
was available with known diameter and length and through which liguid
could be circulated at various measurable flow rates, Suppose, further-
more, that it was equipped with suitable devices to permit measurement
of the inlet and outlet liquid temperatures and the temperature of the
pipe wall. The heat absorbed by the liquid in flow through the pipe
would be identical with the heat passing into the pipe in directions at
right angles to its longitudinal axis, or

Q= we(ts — ) = hid; AL, (3.37)

~ From the observed values of the experiment and the calculation of Af,, as
given in Eq. (3.36), h; can be computed from ,

by = 22l 1) (3.38)

The problem encountered in industry, as compared with experiment, is
not to determine 7; but to apply experimental values of %; to obtain A4,
the heat-transfer surface. The process flow sheet ordinarily contains
the heat and material balances about the various items of equipment
which enter into a process. From these balances are obtained the condi-
tions which must be fulfilled by each item if the process is to operate as a
unit. Thus between two points in the process it may be required to
raise the temperature of a given weight flow of liquid from ¢; to ¢, while
‘another fluid is cooled from 7'; to T». The question in industrial prob-

+lems ig to determine how much heat-transfer surface is required to fulfill
these process conditions. The clue would appear to be present in Eq.
(3.38), except that not only A4; but also k; is unknown unless it has been
established by former experiments for identical conditions.

In order to prepare for the solution of industrial problems it is not
practical to run experiments on all liquids and under an infinite variety
of experimental conditions so as to have numerical values of k; available.’
For example, h; will differ for a single weight flow of a liquid absorbing
identical quantities of heat when the numerical values of ¢; and ¢, differ,
since the liquid properties are related to.these temperatures. Other
factors which affect h; are those encountered in the dimensional analysis
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such as the velocity of the liquid and the diameter of the tube through
which heat transfer occurs. It is here that the importance of the equa-
tions obtained through dimensional analysis becomes apparent. If the
values of the exponents and coefficients of the dimensionless equation
for extreme conditions of operation are established from experiments, the
value of h; can be calculated for any intermediate combination of velocity
and pipe and liquid properties from the equation.

A typical apparatus for the determination of the heat-transfer coeffi-
cient to liquids flowing inside pipes or tubes is shown in Fig. 3.7. The
- principal part is the test exchanger, which consists of a test section of
pipe enclosed by a concentric pipe. The annulus is usually connected
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Fia. 3.7. Test apparatus for the tube transfer coefficient.

to permit the condensation of steam for liquid-heating experiments or the
rapid circulation of water for liquid-cooling experiments. The auxiliary
exchanger is connected to perform the opposing operation of the test
section and cools when the test section is used for heating. For a heat-
ing experiment, cold liquid from the reservoir is circulated through the
circuit by a centrifugal pump. A by-pass is included on the pump dis-
charge to permit the regulation of flow through the flow meter. The
liquid then passes through a temperature-measuring device, such as a
calibrated thermometer or thermocouple, where {; is obtained. ¢ is
taken at some distance in the pipe before the test section, so that the
temperature-measuring device does not influence the convection eddies
in the test section itself. The liquid next passes through the test section
and another unheated length of pipe before it is mixed and its temperature
ts is measured. 'The unheated extensions of the test pipe are referred to
as calming sections.- Next the liquid passes through a cooler where its
temperature is returned to f,. The annulus of the test section is con-
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nected to calibrated condensate drain tanks where the heat balance can
be checked by measuring the steam, Dowtherm (a fluid which permits
the attainment of high vapor temperatures at considerably lower pres-
sures than are obtained with steam), or other vapor quantity. The
pressure of steam can be adjusted by a pressure-reducing valve, and in the
event that the heating vapor does not have a well-established tempera-~
ture-pressure saturation curve, thermocouples or thermometers can also
be inserted in the shell. The temperature of the outside surface of the
heated length of the pipe is obtained by attaching a number of thermo-
couples about the pipe surface and obtaining their average temperature.
The thermocouples may be calibrated by circulating preheated oil through
the tube while the annulus outside the test pipe is kept under vacuum.
The temperature at the outside of the test-pipe surface can then be
calculated from the umiform temperature of the preheated oil after
correcting for the temperature drop through the pipe wall and calibrating
~ temperature against emf by means of a potentiometer. The leads from
the pipe-surface thermocouples are brought out through the gaskets at
the ends of the test section.

The performance of the experiment requires the selection of an initial
reservoir temperature #; which may be attained by recirculating the
Hquid through the exchanger at a rapid rate until the liquid in the reser-
voir reaches the desired temperature. A flow rate is selected and cooling
water is eirculated through the cooler so that the temperature of the oil
returning to the reservoir is also at {;. When steady conditions of ¢,
and ¢, have persisted for perhaps 5 min or more, the temperatures ¢; and
i; are recorded along with the flow rate, readings of the pipe-surface
thermocouples, and gain in condensate level during the test interval.
With versatile apparatus using good regulating valves an experiment can
usually be carried out in less than an hour.

Several important points must be safeguarded in the design of experi-
mental apparatus if consistent results are expected. The covers at the
ends of the test section cannot be connected directly to the test pipe, since
they act as gatherers of heat. Should they touch the test pipe in a metal-
to-metal contact, they add large quantities of heat in local sections, To
prevent inaccuracies from this source the covers and the test pipe should
be separated by a nonconducting packing gland. Anocther type of error
results from the accumulation of air in the annulus, which prevents the
free condensation of vapor on the test pipe. This usually is apparent
if there is a lack of uniformity in the readings of the pipe-surface thermo-
- couples and annulus thermocouples when the latter are employed. This
can be overcome by providing a bleed for the removal of any trapped air.
Problems incidental to the installation and calibration of thermocouples
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and thermometers appear elsewhere.! The same is true of equations to
correct for fluid flow through standard orifices when the properties of the
liquid vary.

Evaluation of a Forced Convection Equation from Experimental Data.
As an example of correlation, data are given in Table 3.3 which were
obtained by Morris and Whitman? on heating gas oil and straw oil with
steam in a }4-in. IPS pipe with a heated length of 10.125 ft.

The viscosity data are given in Fig. 3.8 and are taken from the original
publication. The thermal conductivities may be obtained from Fig. 1,
and the specific heats from Fig. 4. Both are plotted in the Appendix
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F1a. 3.8, Viscosities of test oils.

with °API as parameters. The thermal conductivity of the metal was
taken by Morris and Whitman to be 35 Btu/(hr) (ft2) (°F /ft) and constant,
although this is higher than the value given in Appendix Table 3 Only
columns 2, 3, 4, and 5 in Table 3.3 were observed where :

t1 = oil inlet temperature, °F

t2 = oil outlet temperature, °F

tw == temperature of outer pipe surface averaged from thermocouples

w = weight flow, Ib/hr
The first step in correlating a forced convection equation is to determine
that the data are in turbulent flow, otherwise an attempted correlation by
Eq. (3.26) would be incorrect. In column 1i the Reynolds numbers
have been calculated using the diameter and flow area of a 24-in. IPS pipe
which may be found in Table 11. Fluid properties have been obtained
at the mean temperature (£, + £:)/2. The Reynolds numbers all exceed

1 American Institute of Physics, ‘ Temperature: Its Measurement and Control in
Science and Industry,” Reinhold Publishing Corporation, New York, 1941.
2 Morris, F. H., and W. G. Whitman, Ind. Eng. Chem., 20, 234 (1928).



TaBrLE 3.3. Dara or Morris AND WHITMAN
Runs Heating 36.8°API Gas Oil with Steam

(13)

) ) 3) 4 ) (6) () ® ©) (10} (1) (12) (14)
h:D DG [ . Ny Nu
\¢ Y . . i . [t et =Y = Y
Run No w 178 ia tw Q ‘ At; h; 3 G " T ja =g i = p
Bl 722 | 77.1106.9 | 210.1 | 10,150 | 115.7 | 53.6 | 35.5 342,000 | 2,280 | 47.2 0.75 9.83
. B2 890 | 77.9 | 109.3 | 209.0 | 13,150 | 112.6 | 71.4| 46.3 421,000 | 2,825 | 46.7 0.99 12.85
B3 1056 1 85.6 | 117.6 | 208.9 | 16,100 | 104.0 | 94.5 | 62.3 501,000 | 3,710 | 43.3 1.44 17.75
B4 1260 | 89.8 1 121.9 | 208.0 | 19,350 | 98.5 | 120 79.5 597,000 | 4,620 | 41.4 1.92 23.0 .
B5 1497 | 91.6 | 123.3 | 207.5 | 22,700 | 96.0 | 144 95 709,000 | 5,780 | 40.7 2.33 27.7
- B6 11802 | 99.1 | 129.2 | 207.2 | 26,200 | 88.5 | 181 120.5 854,000 | 7,140 | 38.7 3.12 35.5
B7 2164 | 102.3 | 131.7 | 206.9 | 30,900 | 84.7 | 223 147.5 1 1,026,000 | 8,840 | 37.7 3.91 44.0
B8 2575 | 106.5 | 134.3 | 206.4 | 35,000 | 80.3 | 266 176.5 | 1,220,000 | 10,850 | 36.5 4.83 53.2
B9 3265 | 111.5 | 137.1 | 205.0 | 41,100 | 74.2 | 338 223 1,548,000 | 14,250 | 35.3 6.32 68.0
B10 3902 | 113.9 | 138.2 | 203.8 | 46,600 | 70.6 | 403 266.5 | 1,850,000 | 17,350 | 35.1 7.60 81.4
Bl1 4585 | 116.8 | 139.7 | 203.0 | 51,900 | 66.9 | 474 313 2,176,000 | 20,950 | "34.1 9.18 96.5
Bi12 5360 | 122.2 | 142.9 | 202.9 | 54,900 | 62.3 | 538 356 2,538,000 | 25,550 | 32.9 | 10.82 111.2
B13 6210 | 124.8 | 144.1 | 202.2 } 59,500 | 59.1 | 615 407 2,938,000 | 30,000 | 32.7 | 12.43 127.5
Runs Heating 29.4°API Straw Oil with Steam
C8 2900 | 100.0 | 115.4 | 206.3 | 20,700 | 95.8 | 132 87.5 1 1,375,000 | 3,210 | 133 0.66 17.2
c9 2920 ;1 86.7 | 99.3 | 208.0 (16,800 | 112,7 | 91.1| 60.4 | 1,387,000 2,350 | 179 0.34 10.7
.C10 3340 | 101.7 | 117.6 | 206.0 | 24,800 | 92.9 | 163 108 1,585,000 | 3,820 | 129.5 0.83 21.4
C11 3535-| 100.5 | 115.7 | 205.5 | 25,000 | 94.0 | 162 107.5 | 1,675,000 | 3,880 | 133.3 0.81 21.1
C12 3725 | 163.0 | 175.1 | 220.1 | 22,600 | 47.9 | 288 191 1,767,000 | 10,200 | 57.8 3.30 49.5
C13 3810 | 160.5 | 173.6 | 220.5 | 24,900 | 50.0 | 304 201.5 | 1,805,000 | 10,150 | 59.3 3.39 51.6
Cl4 3840 | 109.0 | 124.4 | 205.7 | 27,800 | 85.2 | 199 131.5 | 1,820,000 { 4,960 | 115 1.15 27.1
C15 4730 | 112.0 { 127.3 | 205.3 | 34,100 | 81.0 | 257 170 2,240,000 | 6,430 | 110 1.55 35.5
C16 5240 | 154.9 | 167.6 | 217.7 | 33,100 | 51.9 | 389 257.5 | 2,485,000 | 13,150 | 62.9 4.08 64.7
C17 5270 | 150.9 | 164.3 | 217.0 | 34,900 | 54.7 | 389 257.5 | 2,500,000 | 12,520 { 65.6 | - 3.92 63.7
C18 5280 | 142.3 | 156.8 | 216.7 | 37,500 | 62.0 | 369 244 2,510,000 | 11,250 | 72.6 3.36 58.5
C19 5320 | 132.3 | 148.1 | 215.9 | 40,600 | 70.2 | 353 234 2,520,000 | 9,960 | 81.5 2.87 54.1
C20 5620 | 118.8 | 133.1 | 204.7 | 38,200 | 73.5 | 317 210 2,660,000 | 8,420 | 100.4 2.09 45.2
Cc21 6720 | 122.2 | 135.9 } 204.3 | 43,900 | 69.2 | 387 256 3,185,000 | 10,620 | 95.6 2.68 56 0
Cc22 8240 | 124.1 | 137.0 | 204.4 | 47,900 | 67.3 | 434 287 3,905,000 | 12,650 | 93.3 3.08 63.3

NOILOHANOD
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2100 in substantiation of turbulent -flow. Equation (3.26) is given as

kD DG)"(C#)“
==a(Z) (3

and «, p, and g can be found algebraically by taking the data for three
test points.

Algebraic Solution. This method of correlation is demonstrated by
using the three points B4, B12, and C12 in Table 8.3 which include a
large range of h;D/k, DG/u, and cu/k as calculated presently from flow
and fluid properties and tabulated in columns 9, 11, and 12.

-5 1)

ANV AV
012: 191 = «(10,200)7(57.8)¢
B12:356 = «(25,550)7(32.9)¢

B4: 79.5 = a(4,620)7(41.4)¢
Taking the logarithms of both sides,

C12: 2.2810 = log & + 4.0086p + 1.7619¢
B12: 2.5514 = log & + 4.4065p + 1.5172¢
B4: 1.9004 = log a + 3.6646p + 1.6170¢

Eliminating the unknowns one by one gives a« = 0.00682, p = 0.93, and
g = 0.407, and the final equation is

' 0.93 0.407
e 000892( ( )

When the equation is to be used frequently, it can be simplified by fixing
g as the cube root of the Prandtl number and solving for new values of
a and p. The simplified equation would be

0.965 b2
P ~ 0.0089 (DG (CI;‘)

Graphical Solution. For the correlation of a large number of points the
graphical method is preferable. Rewriting Eq. (3.26),

PG ow

which is an equation of the form
Y = arF (3.40)
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Taking the logarithms of both sides,
logy =loga+plogz
which reduces on logarithmic coordinates to an equation of the form
¥ =a+ px (3.41)

On logarithmic coordinates the entire group (h:D/k)(ce/k)~2 is the ordi-
nate ¥ in BEq. (3.41), the Reynolds number is z, p is the slope of the data
when plotted as y vs. z, and « is the value of the intercept when

plog'x =0

which occurs when the Reynolds number is 1.0. To plot values of
iz = (hiD/k)(cu/k)—¢, the exponent ¢ must be assumed. The most
satisfactory assumed value of the exponent will be the one which permits
the data {0 be plotted with the smallest deviation from a straight line.
A value of ¢ must be assumed for the entire series of the experiments, and
iz computed accordingly. This is a more satisfactory method than an
algebraic solution, particularly when a large number of tests on different
oils and pipes are being correlated. If ¢ is assumed too large, the data
will scatter when plotted as y vs. . If ¢ is assumed too small, the data
will not scatter but will give a large deviation by producing a curve.
Preparatory to a graphical solution, run Bl in Table 3.3 will be computed
completely from observed data alone. Run Bl consists of a test employ-
ing a 36.8°API gas oil in a 34-in. IPS pipe.

Observed test data:

Weight flow of gas oil, w = 722 lb/hr

Temperature of oil at pipe inlet, {; = 77.1°F

Temperature of oil at pipe outlet, t, = 106.9°F

Average temperature of outside pipe surface, tw = 210.1°F

Physz'cdl data and calculated results:.

Heat load, Btu/hr:

Average oil temperature == -7—7-1—i2@—9 = 92.0°F

Average specific heat, ¢ = 0.472 Btu/(1b) °F)
Q = welty — H) = 722 X 0.472(106.9 — 77.1} = 10,150 Btu/hr
Temperature of pipe at inside surface, ,:

1.D. of 14-in. IPS = 0.62 in.; 0.D. = 0.84 in.
Length, 10.125 ft; surface, 1.65 ft?
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Thermal conductivity of steel, 35 Btu/(br)(ft%) °F/£t)

. 10,150 _
Q per lin ft qg = m—s = 1007 Btu
2. 3q Dz 2.3 X 1007 0.84 o
l = 210.1 — 5% 3.14 X 35 log 06 = 208.7°F

i, = lw —

At; in expression @ = h,A, At

At inlet, At, = 208. 7 — 77.1 = 131.6°F
At outlet, Af; = 208.7 — 106.9 = 101.8°F

1316 — 1018
Aty = LMTD = 5210 1376/101.8)

_Q 10,150 o
hi = 0 = Te5 W 1157 = 556 Btw/(n) () CF)

The thermal conductivity of the oil will be considered constant at
0.078 Btu/ (hr)(ft?) (°F/it).

hD _ 53.6 X 0.62

= 115.7°F (3.36)

Nusselt number, Ny = —7;—' = m‘- = 35. 5 dlmensmnless
. o w 722 _
Mass velocity, G = 7D7i = B1EX0.629/@E X135 ~ 342,000 »
b/ (hr) (ft2) -

The viscosity from Fig. 3.8 at 92°F is 3.22 centipoises [gra,m-ma,ss/ 100
(cm)(sec)] or 3.22 X 242 = 7. 80 Ib/(ft) (hr).

DG@ _ 0.62
Reynolds number, Re = -~ 1z X 342 000 X 7_85
= 2280, dimensionless
, _cu _ 0.472 X 7.80
Prandtl number, Pr = = o008 = 47.2, dimensionless

Assume values of ¢ of 1.0 and 14 respectively.
First trial: jz = Nu/Pr = 0.75 plotted in Fig. 3.9
Second trial: j» = Nu/Pr¥ = 9.83 plotted in Fig. 3.10

s
The values of the first trial in which the ordinate is jx = _IZQ / (%‘)

for an assumed value of ¢ = 1 are plotted in Fig. 3.9 where two distinct
lines result, one for each of the oils. It is the object of a good correlation
to provide but one equation for a large number of liquids and this can be
accomplished by adjusting the exponent of the Prandtl number. By

. . . . RD [ fep\¥
assuming a value of ¢ = ¥4 and plotting the ordinate j» = % /\TF)
it is possible to obtain the single line as shown in Fig. 3.10. By drawing
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the best straight line through the points of Fig. 3.10, the slope can be
measured in the same way as on rectangular coordinates, which in this
particular case is found to be 0.90. By extrapolating the straight line

15 150
L] i L] i
10 ° 100 £
o Gas oil 2 o Gas oil
8 ——1 + Straw oil T 80 1 + Strow oil o
6 i 60 -
5 4 50 i
4 )l 4 40 T
e/ 9090 slope
o 3 ﬁ;”_Jj Ky 30 .9
i A1 3! I
3 2 A Sk o—12
—~ 15 ({ l+l ~ 15 7
o A [a] ot
R / 2 14
u 10 4 <0
-3 08 T 7] = 8
06— 6
0.5 5
04 = 4
0.3 3
0.2 2
0.15 1.5
0.1 !
2000 5000 10000 20000 2000 5000 10000 20000
Re=20 Re=28
* w .
Fra. 3.9. 'Plot of Re vs. jg with Prandtl Fia. 3.10. Plot of Re vs. jg with Prandtl
exponent of 1.0, exponent of 4.

until the Reynolds number is 1.0, a value of & = 0.0115 is obtained as the
intercept. The equation for all the data is thus

0.90 %
h‘D = 0.0115 (DG) (c:) (3.42)

A value of ¢ = 0.40 would cause less bowing and a smaller deviation.
The correlation of data need not be confined to heating or cooling runs on
liquids separately. It is entirely possible to combine both types of data
into a single correlation, called the isothermal heat-transfer equation,
but the procedure involves an additional cons1derat10n whlch is deferred
until Chap. 5.

Correlation of Fluid Friction in Pipes. When a fluid flows in a pipe
isothermally, it undergoes a decrease in pressure. From Eq. (3.16) it
is seen that for isothermal turbulent flow this pressure drop is a function
of the Reynolds number and, in addition, to the roughness of the pipe
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Rewriting Eq. (3.16) in dimensionless form,

,_-AngD__ DG._d
! *'—GWL——“(—)

u
where f/ is one of the dimensionless factors found in the literature to
designate the friction factor and AP is the pressure drop in pounds per
square foot. For combination with other hydrodynamic equations it is
more convenient to use a friction factor f so that

__AP2gpD  «
1=l ~ e (.43)

When experimental data are available, it is thus convenient to obtain a
correlation by plotting f as a function of the Reynolds number and the
conventional Fanning equation as shown in Fig. 3.11. The Fanning
equation comprises the first and second terms of Eq. (3.43) and is usually
written as AF = AP/p where AF is the pressure drop expressed in feet of
liquid, or

_ 4fG°L

AF = 56e%D

(3.44)

For the portion of the graph corresponding to streamline flow
(Re < 2100 to 2300),

the equation for the pressure drop may be deduced from theoretical con-
siderations alone and has been verified by experiment. The equation is

_ 324G
= D (3.45)
By equating (3.44) and (3.45), since each applies at the transition point
from streamline to turbulent flow, the equation of this line, known as the
Hagen-Poiseuille equation, where f is used with Eq. (3.44), is

16

f= DG/n (3.46)

To the right of the transition region in turbulent flow there are two
lines, one for commercial pipes and the other for tubes. Tubes have
smoother finishes than pipes and therefore give lower pressure drops when
all other factors are the same. This is not so of streamline flow where
the fluid at the pipe or tube wall is assumed to be stationary or nearly
stationary and the pressure drop is not influenced by roughness. The
equation of fin Eq. (3.44) for flujids in tubes in turbulent flow is given by
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Dfevé, Koo, and McAdams! within 45 per cent by
0.125

f = 0.00140 +4- -(-D—G—];)o—ﬁ (3.47a)
For clean commercial iron and steel pipes an equation given' by Wilson,
0.20 : '
4 1.1 T
0.15 ~<~~ J{reavm/me;!o'vlv‘ I --}‘urmlzllenf f}aw- i s bl {
0.10
0.08 N
0.06 — : fz.tl:%%%.fp :
004 4 Hager;fggeu:lle AF:ﬂf—G—z—l-‘
003 | _ 290%D.
N
g 002 ™ X
g N
‘@ \ R /Commercial pipe,Eq.(347b)
S 0.01 S = ,
_E 0008 N1 T —
.6 | \\ 7 ‘. ——
q_.0.00G R | Tobes Eq.(347a) | =~ LT3
0.004
0.003
0.002
0.001

102 2 3 4 56789103 2 3 4561891040 2 3 4 5678910°
%6, dimensionless

Fi1a. 3.11. Friction factors for flow in pipes and tubes. .
. McAdams, and Seltzer? within +10 per cent is

0.264
(ezmEe

It can be seen that, if the transition from streamline to turbulent flow
is given by Dup/u = 2300, approximately, then the velocity at which a
fluid in a pipe changes from streamline to turbulent flow is

f = 0.0035 + . (3.470)

For water flowing in a 1-in. IPS pipe at 100°F, the viscosity is 0.72 centi-

t Drew, T. B., E. C. Koo, and W. H. McAdams, Trans. AIChE, 28, 56-72 (1932).
* Wilson, R. E., W. H. McAdams, and M, Seltzer, Ind. Eng. Chem., 14, 105-119
(1922).
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poise or 0.72 gram-mass X 100 (cm)(sec) or-0.72 X 2.42 = 1.74 IB/ (ft)
(hr), and the inside diameter of the pipe is 1.09 in., or 1.09/12 = 0.091 ft.

2300 X L.74
* = 0.001 x 62.3

For air at 100°F the viscosity is 0.0185 X 2.42 = 0.0447 1b/(ft)(hr) and
the density is approximately 0.075 Ib/ft.2 Then for the same pipe

2300 X 0.0447
e = 5001 X 0.075

The Reynolds Analogy. Both heat transfer and fluid friction in
turbulent flow have been treated empirically, whereas their streamline-

Weni = 707 ft/hr, or 0.196 fps

= 15,100 ft/hr, or 4.19 fps

Tube Larniriar
( warll Q/a/‘yer
) ]
2’ 2,- /
7 —— /77 ~—>]
2
‘ wce,T
N7
Ko

F1a. 3.12. Momentum transfer between a fluid and a boundary layer.

flow equivalents may be studied theoretically with reasonable accuracy.
Turbulent flow is of greater importance to industry, yet this empiricism
exists because of the lack of simple mathematies by which derivations
might be obtained. As early as 1874, however, Osborne - Reynolds?
pointed out that there was probably a relationship between the transfer
of heat and the fluid friction between a hot fluid and a surface.

There are several advantages which might acerue from an equation
relating heat transfer and fluid friction. For the most part fluid-friction
experiments are simpler to perform than are heat-transfer experiments,
and the understanding of both fields could be increased by experimenta-
tion in either. The fundamentals of the mechanism of both might also
be better understood if they were directly related. The analogy between
the two is made possible by the fact that the transfer of heat and the
transfer of fluid momentum ean be related. A simplified proof follows.

Referring to Fig. 3.12 a fluid in amount W lb/hr and specific heat C
flows through a tube of radius 7. In the section of the pipe between L and

* Reynolds, op. cit., pp. 81-85.
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L + dL the temperature of the fluid is T, and the temperature at the
inside surface of the pipe wallis ¢,.  Of the total fluid flow along the axis
of the pipe, assume that m lb/(hr){ft?) impinges on the pipe wall where
its velocity falls to zero and its temperature approaches the temperature
of the pipe wall, {,. - Each particle of fluid which thus contacts the wall
gives up its axial momentum and upon returning to the main body of the
fluid has its axial momentum renewed at the expense of the energy of the
main stream. The constant loss and renewal of momentum are the
cause of the pressure drop. The traction or drag on unit area of the pipe
wall is obtained by equating the drag on unit length of pipe wall to the
product of the pressure gradient and the cross-sectional area of the pipe,
‘which reduces to

T = % pu? (3.48)

where = is the drag. Since the drag is assumed to be equal to the loss of
momentum of the fluid,
' i)

muy =1 = 5 pu? . (3.49)
The rate of heat transfer between the fluid and the wall is given by
- mC2nr dL(T — ;) = WC AT (3.50)
or from Egs. (3.49) and (3.50)
_ W dT T
M= o AT — 1) 4 (3.51)

In simple terms the last two members of Eq. (3.51) state

Heat actually given up to pipe wall
‘Total heat available to be given up
~ _ momentum lost by skin friction to pipe wall
total momentum available

= g constant
Rewriting Eq. (8.50) to include the heat-transfer coefficient,
WC dT = h2rr dI(T — t,) (3.52)
_ wQ¢ dr ¢ _f ¢ = Joq (3.53)

WG dLT —5) w3772

for the heat-transfer coefficient which involves the friction factor and
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which ean be determined from an experiment in which no heat was trans-
ferred. Like most derivations which require a number of assumptions,
the use of Eq. (3.53) applies only to a small range of fluids, particylarly
permanent gasges.

It was Reynolds as quoted by Stanton! who predicted that the coeﬁi—-
cient of heat transfer obtained from Eq. (3.53) should be affected by the -
-ratio of the thermal conductivity and viscosity of a specific fluid. While
the presence of the thermal conductivity suggests the influence. of con-
duction, it was observed experimentally that the entire cross section of a
fluid in turbulent flow is not turbulent. Instead it has beenfound that
a laminar layer exists near the pipe wall through which conduction must
occur. Prandtl? and Taylor® independently included this layer. If it
is assumed that the layer has a thickness b and that the temperature
of its inner circumference is ¢/, the heat flow per square foot of layer is
given by

Q= &(—‘—If—t’l (3.54)

where k is the mean conductivity for the layer. Assume that the transfer
of heat and momentum is carried through this layer by molecular motion
without disturbing its laminar flow. The inner surface of the layer moves
with a velocity %’ in streamline ﬁow, and writing (u — ') for « in Eq.
(3.53),

c(T —-¢
Q = hi(T — ) = ’(i ,)) (3.55)
From the definition of viscosity given by Eq. (3.4),
ul
T =W —g (3.56)

where p is the viseosity of the fluid in the layer. From Eq. (3.54),

y b !
— =% “:‘kQ 3.57)
And from Eq. (3.55),

T—¢ = %‘—T%—“—) (3.58)
Combining Eqgs. (3.57) and (3.58),
2
Tty =Q "” +TC :‘) (3.59)

1 Stanton, T. E., Phil. Trans. Roy. Soc.,(London), A 190, 67-88 (1897).
? Prandtl, L., Physik. Z., 29, 487-480 (1928).
3 Taylor, G. L, Brit. Ady. Comm. Aero., Rept. and Memo 272 (1917).
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The corrected value of h; becomes

-9 _ T
= — (3.60)

u
FTCTT

Substituting ' for the ratio w'/u and eliminating 7 by means of Eq. (3.48),

_ 1¢6
T2 = 4 (Cu/k)]

or in dimensionless form using ¢ for € and & for h; as usually given in the
literature,

s (3.61)

h _ f 1
& "I T F 7 (8.6

Equation (3.61) is the Prandtl modification of the Reynolds analogy,
which is sometimes called the Prandil analogy. The dimensionless
Prandtl group cu/k has appeared earlier in this chapter, and when it is
numerically equal to 1.0, Eq. (3.61) reduces to Eq. (3.53). This is
approximately the case for permanent gases. While Eq. (3.61) is a
notable extension of the Reynolds analogy, it too has definite limita-
tions. Modern theory now presumes that the distribution of velocities
no longer ends abruptly at the laminar layer but that there is instead a
buffer layer within the laminar layer in which the transition occurs.
Other ‘extensions of the analogies also appear in the literature.

PROBLEMS

8.1. The heat-transfer coefficient % from a hot horizontal pipe to a gas by free con-
vection has been found to be influenced by the specific heat ¢, thermal conductivity ,
density p, viscosity g, thermal coefficient of expansion 8 of the gas, pipe diameter D,
‘gravitational constant g, and the temperature difference At between the surface of the
pipe and the main body of the gas. Establish the form of a dimensionless equation
for the heat-transfer coefficient.

8.2. The heat-transfer coefficient for the condensation of a vapor on a horizontal
pipe has been found to be influenced by the diameter of the pipe D, acceleration of
gravity g, the temperature difference A¢ between the saturated vapor and the pipe
wall, thermal conductivity %, latent heat of vaporization. ), viscosity u, and the
density p of the vapor. FEstablish a dimensionless expression for the heat-transfer
coefficient. )

8.3. The rate of cooling of a hot solid in still air has been found to be influenced by
the specific heat ¢, thermal conductivity &, density p and viscosity x of the gas, the
length of the solid J, and the temperature difference A¢ between the surface of the solid
and the bulk temperature of the gas. Establish a dimensionless equation for the rate
of cooling A,

8.4, When a fluid flows around a sphere, the force exerted by the fluid has been
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found to be a function of the viscosity u, density p and veloeity u of the gas, and the
diameter D of the sphere. Establish an expression for the pressure drop of the fluid
as a function of the Reynolds number of the gas.

8.6. The heating of gas oil and straw oil in a pipe has been found for a 34-in. IPS

pipe to follow Eq. (3.42).
hD DG\ -9 cu\ 1%

It is desired to ecirculate 5600 Ib/hr of the 36.8°API gas oil through a 1-in. IPS pipe
while its temperature is raised from 110 to 130°F. In the absence of any additional
heat-transfer data, calculate the heat-transfer coefficient in the 1-in. IPS pipe. How
does this compare with the value of k; when the same quantity of gas oil flows in a
14-in. IPS pipe as calculated by the same equation? The data will be found in the
illustration in the chapter.

3.6. Using Eq. (3.42), it is desired to circulate 4000 Ib/hr of amyl acetate through
a 34-in. IPS pipe while its temperature is raised from 130 to 150°F. (a) From data
available in the Appendix on the physical properties of amyl acetate calculate the
heat-transfer coefficient. It may be necessary to extrapolate some of the data. (b)
Do the same for 6000 Ib/hr of ethylene glycol in the same pipe when heated from 170
to 200°F.

If only one point is given for a property, such as the thermal conductivity, and it is
lower than the average temperature, its use will actually introduce a slight factor of
safety.

3.7. On a ¥4-in. IPS pipe 10.125 ft long Morris and Whitman reported the following
for heating water in a pipe while steam is circulated on the outside. Note that G,
the reported mass velocity, is not in consistent units.

@, 1b/(ec) ) | £, °F | o, °F |, °F
58.6 91.6 | 181.5 | 198.4
60.5 92.7 | 180.3 | 198.0
84.3 102.2 | 175.3 | 196.5
115 103.1 | 171.3 | 194.5
118 103.4 |.168.2 | 194.9
145 105.0 | 165.9 | 194.0
168 107.2 | 163.3 | 192.4
171 106.7 | 164.6 | 191.1
200 108.5 | 160.1 | 190.0
214 106.3 | 158.9 | 188.3
216 | 110.1 | 160.2 | 190.2
247 1-107.6 | 158.2 | 186.3

Viscosities and conductivities can be found in the Appendix. The specific heat and
gravity should be taken as 1.0. Establish an equation of the form of Eq. (3.26) using
all the data. (Hint. To save time in the selection of the exponent of the Prandtl
number, take three random points such as the first, last, and an intermediate one and
solve algebraically.)

3.8. On cooling a 35.8°API gas oil with water Morris and Whitman reported the
following for 10.125 ft of 14-in. IPS pipe:
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&, Ib/(sec)(ft?) | ¢, °F iz, °F o, °F
82.6 ! 150.3 125.5 66.0
115 138.7 118.7 68.0
164 130.5 113.9 70.0
234 141.2 124.2 79.2
253 210.0 179.8 115.4
316 197.6 173.3 122.9
334 132.3 119.4 82.1
335 191.1 | . 168.4 116.3
413 194.4 173.0 121.6
492 132.5 122.1 89.5
562 200.2 182.4 139.4
587 188.6 171.9 127.7
672 190.0 175.1 140.7
682 191.8 176.4 139.5
739 132.6 124.6 97.2

59

The viscosity of the oil is 2.75 centipoises at 100°F and 1.05 centipoises at 200°F. To
obtain intermediate values of the viscosity plot temperature vs. viscosity on loga-
rithmic paper. Establish an equation of the form of Eq. (3.26) using all the data.
(The hint given in Prob. 8.7 is applicable.)

3.9. On the cooling of the 29.4°API straw oil with water Morris and Whitman

revorted the following for 10.125 £t of }4-in. IPS pipe:

@, Ib/(sec){t2) |- 4, °F iz, °F tw, °F
141 362.3 | 296.3 139.8
143 477.6 385.7 194.8
165 317.8 270.0 116.9
172 163.7 148.2 60.2
252 140.5 130.1 62.9
292 142.3 131.5 66.9
394 133.0 124.6 69.6
437 244.9 218.7 141.4
474 130.6 123.1 71.7
474 376.1 830.6 232.9
485 181.1 166.5 102.3
505 134.9 126.8 75.4
556 - 171.9 159.5 99.8
572 137.9 129.6 80.6
618 310.8 281.6 217.0
633 244.1 | 222.8 160.4
679 162.4 152.0 99.3
744 196.6 182.7 129.1
761 155.4 146.0 97.6

"ta) Establish an equation of the form of Eq. (3.26) for all the data.
data with that of Prob, 8.8 to obtain one correlation for both oils.

(b) Combine this
(¢) Calculate ju
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when the exponent of the Prandtl number is 34, and plot together with the data for
the illustration in the text on heating. What conclusion may be drawn?

8.10. Sieder and Tate! obtained data on the cooling of a 21°API oil flowing on the
inside of copper tube having an inside diameter of 0.62 in, and 5.1 ft long:

w,lb/br| &, °F iz, °F 1
1306 | 136.85 1385.15 73.0
1330 138.0 136.2 74.0
1820 160. 45 158.5 76.5
1388 160.25 157.9 75.5

231 157.75 149.5 77.0
239 157.5 148.45 78.0
457 212.8 203.2 89.0
916 205.5 200.4 86.0
905 205.0 200.0 85.5
1348 .| 206.35 202.9 87.5
1360 207.6 204.0 87.5
1850 206.9 203.7 88.5
1860 207.0 204.0 90.0

229 141.6 134.65 82.5
885 140.35 138.05 77.0

1820 147.5 146.0 79.8
473 79.6 84.75 118.5
469 80.2 86.5 136.0
460 80.0 82.0 137.0

The temperature , is for the inside surface of the tube. Inasmuch as these data fall
below a Reynolds number of 2100, obtain an equation of the form of Eq. (3.32). The
viscosity of the oil is 24.0 centipoises at 200°F and 250 centipoises at 100°F. Inter-
mediate viscosities can be obtained by drawing a straight line on logarithmic paper as
shown in Fig, 3.8. (The hint of Problem 3.7 is applicable.)

NOMENCLATURE FOR CHAPTER 3

Heat-transfer surface, ft? .

Fluid flow area, ft2

Thickness of laminar layer, ft

Specific heat of hot fluid in derivations, Btu/{(b) (°F)
Specific heat of cold fluid, Btu/(Ib)(°F)

Inside diameter of pipe or tube, ft

Fundamental dimension of force, force-Ib

Pressure drop, ft of liquid

Friction factor in the Fanning equation, dimensionless
Friction factor, dimensionless

Mass velocity, 1b/(hr) (ft2)

! Ind. Eng. Chem., 28, 14291435 (1936).

Qﬂ“gﬁw°avam
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Acceleration of gravity, ft/hr2

g

H Heat unit, Bin

k Heat-transfer coefficient in general, Btu/(hr) (ft?) (°F)

hi Heat-transfer coefficient based on the inside pipe surface, Btu/(hr)(ft2)(°F)
ho Heat-transfer coefficient based on the outside pipe surface, Btu/(hr) (f62) (°F)
jz  Factor for heat transfer, dimensionless

Kr Conversion factor between kinetic energy and heat, (mass-Ib)(ft)/Btu
Kux Conversion factor between force and mass, mass-Ib /force-lb

k Thermal conductivity, Btu/(hr){ft2)(°F /ft)

L Length, ft

M Fundamentsl dimension of mass, mass-lb

m Mass veloeity perpendicular to inside pipe surface, 1b/(hr) (ft2)

AP Pressure drop, Ib/ft?

(4] Heat flow, Btu/hr ]

Ri;  Thermal resistance on inside of pipe, (hr){ft2)(°F)/Btu

R, Thermal resistance on outside of pipe, (br)(ft2) (°F)/Btu

T Radius, ft

' Ratio of «’/u, dimensjonless

T Temperature of hot fluid, °F

T¢ - Temperature of hot fluid inside a pipe, °F

t Temperature of inner surface of laminar layer, °F

i, Temperature of cold fluid outside a pipe, °F

ip Temperature at inside surface of a pipe, °F

iv Temperature at outside surface of a pipe, °F

t;, ¢ Inlet and outlet cold fluid temperatures, °F

At Temperature difference for heat transfer, °F

At;  Temperature difference between inside pipe fluid and inside pipe wall, °F
At,  Temperature difference between outside pipe fluid and cutside pipe wall, °F
U Velocity in general, ft/hr

u Velocity of laminar layer, ft/hr

v Specific volume, ft3/1b

W  Weight flow of hot fiuid, Ib/hr

w Weight flow of cold fluid, lb/hr

z,y Coordinates, ft (y is also used to indicate an ordinate)

Y Distance, ft

@ Any of several proportionality constants, dimensionless

6 Time, hr

5 Viscosity, b/ (ft)(hr)

™ Dimensionless group

p Density, 1b/ft?

T Shear stress, Ib /ft2

] Function

Supergcripts

P, ¢ Constants

Subscripts (except as noted above)

i
0

inside a pipe or tube
Outside a pipe or tube



CHAPTER 4
RADIATION

Introduction. All too often radiation is regarded as a phenomenon
incidental only to hot, luminous bodies. In this chapter it will be seen
that this is not the case and that radiation, as a third means of trans-
ferring heat, differs greatly from conduction and convection. In heat
conduction through solids the mechanism consists of an energy transfer
through a body whose molecules, except for vibrations, remain continu-
“ously in fixed positions. In convection the heat is first absorbed from a
source by particles of fluid immediately adjacent to it and then trans-
ferred to the interior of the fluid by mixture with it. Both mechanisms
require the presence of a medjum to convey the heat from a source to a
receiver. Radiant-heat transfer does not require an intervening medium,
and heat can be transmitted by radiation across an absolute vacuum.

Wavelength and Frequency. It is convenient to mention the charac-
teristics of radiant energy in transit before discussing the origing of
radiant energy. Radiant energy is of the same nature as ordinary visible
light. It is considered, in accordance with Maxwell’s electromagnetic
theory, to consist of an oscillating electric field accompanied by a mag-
netic field oscillating in phase with it. College physies texts usually
treat the theory in detail.

The variation with time of the intensity of the electric field passing a
given point can be represented by a sine wave having finite length from
crest to crest and which is N, the wavelength. The number of waves
passing a given point in unit time is the frequency of the radiation, and
the product of the frequency and wavelength is the velocity of the wave.
For travel in a vacuum the velocity of propagation of radiation is very
nearly 186,000 miles/sec. For travel through a medium the velocity is
somewhat less, although the deviation is generally neglected.

The wavelength of radiation may be specified in any units of length,
but the micron, 1 X 10~4 cm, is common. All the known waves included
in the electromagnetic theory lie between the short wavelengths of cosmic
rays, less than 1 X 10~% micron, and the long wavelength of radio above
1 X 107 microns. Of these, only waves in the region between the near
and far infrared with wavelengths of 34 to 400 microns are of importance
to radiant-heat transfer as found in ordinary industrial equipment.

62
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The Origins of Radiant Energy. Radiant energy is believed to origi-
nate within the molecules of the radiating body, the atoms of such mole-
cules vibrating in a siraple harmonic motion as linear oscillators. The
emission of radiant energy is believed to represent a decrease in the ampli-
tudes of the vibrations within the molecules, while an absorption of energy
represents an increase. In ifs essence the quantum theory postulates
that for every frequency of radiation there is a small minimum pulsation
of energy which may be emitted. ‘This is the quanium, and a smaller
quantity cannot be emitted although many such quanta may be emitted.
The total radiation of energy of a given frequency emitted by a body is an
integral number of quanta at that frequency. For different frequencies,
the number of quanta and thus the total energy may be different. Planck
ghowed that the energy associated with a quantum is proportional to the
frequency of the vibration or, if the velocity of all radiation is considered
constant, inversely proportional to the wavelength. Thusradiant energy
of a given frequency may be pictured as consisting of successive pulses
of radiant energy, each pulse of which has the value of the quantum
for a given frequency.

The picture of the atom proposed by Bobr is helpful to a clearer under-
standing of one possible origin of radiant energy. Electrons are pre-
sumed to travel about the nucleus of an atom in elliptical orbits at vary-
ing distances from the nucleus. The outermost orbital electrons possess
definite energies comprising their kinetic and potential energies, by virtue
of their rotation about the nucleus. The potential energy is the energy
required to remove an electron from its orbit to an infinite distance from
the nucleus. A given electron in an orbit at a given distance from the
nucleus will have a eertain energy. Should a disturbance occur such as
the collision of the atom with another atom or electron, the given electron
may be displaced from its orbit and may (1) return to its original orbit,
(2) pass to another orbit whose electrons possess a different energy, or (3)
entirely leave the system influenced by the nucleus. If the transition is
from an orbit of high energy to one of lower energy, the readjustmentis
affected by the radiation of the excess energy.

Another origin of radiant energy may be attributed to the changes in
the energies of atoms and molecules themselves without reference to their
individual electrons, If two or more nuclei of the molecule are vibrating
with respect to each other, a change in the amplitude or amplitudes of
vibration will cause a change in energy content. A decrease in amplitude
is the result of an emission of radiant energy, while an increase is the result
of the absorption of radiant energy. The energy of a molecule may be
changed by an alteration of its kinetic energy of translation or rotation,
and this will likewise result in the emission of radiant energy. A decrease
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in velocity corresponds to the emission of radiant energy, while an increase
corresponds to the absorption of radiant energy.

Since temperature is a measure of the average kinetic energy of mole-
cules, the higher the temperature the higher the average kinetic energy
both of translation and of vibration. It can therefore be expected that
the higher the temperature the greater the quantity of radiant energy
emitted from a substance. Since molecular movement ceases com-
pletely only at the absolute zero of temperature, it may be concluded that
all substances will emit or absorb radiant energy provided the tempera-
ture of the substances is above absolute zero.

For radiant energy to be emitted from the interior of a solid it must
penetrate the surface of the solid without being dissipated by producing
other energy changes within its molecules. There is little probability
that radiant energy generated in the interior of a solid will reach its sur~
face without encountering other molecules, and therefore all radiant
energy emitted from the surfaces of solid bodies is generated by energy-
level changes in molecules near and on their surfaces, The quantity
of radiant energy emitted by a solid body is consequently a function of
the surface of the body, and conversely, radiation incident on solid bodies
is absorbed at the surface. The probability that internally generated
radiant energy will reach the surface is far greater for hot radiating gases
than for solids, and the radiant energy emitted by a gas is a function of the
gas volume rather than the surface of the gas shape. In liquids the situ-
ation is intermediate between gases and solids, and radiation may orig-
inate somewhat below the surface, depending on the nature of the liquid.

The Distribution of Radiant Energy. A body at a given temperature
will emit radiation of a whole range of wavelengths and not a single wave-
length. This is attributed to the existence of an infinite variety of linear
oscillators. The energy emitted at each wavelength can be determined
through the use of a dispersing prism and thermopiles. - Such measure-
ments on a given body will produce curves as shown in Fig. 4.1 for each
given temperature. The curves are plots of the intensities of the radiant
energy I Btu/(hr)(ft?) (micron) against the wavelengths in microns ) as
determined at numerous wavelengths and connecting points. For any
given temperature each curve possesses a wavelength at which the amount
of spectral energy given off is a maximum. For the same body at a lower
temperature the maximum intensity of radiation is obviously less, but
it is also significant that the wavelength at which the maximum occurs is
longer. Since the curve for a single temperature deépicts the amount of
energy emitted for a single wavelength, the area under the curve must
equal the sum of all the energy radiated by the body at all its wavelengths.
The maximum intensity falls between 34 and 400 microns, indicating that,
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red heat is a far better source of energy than white heat. Were it not
for this fact, the near-white incandescent lamp would require more
" energy for illumination and give off uncomfortable quantities of heat.
When dealing with the properties of radistion, it is necessary to differ-
enfiate between two kinds of properties: monochromatic and total. A
monochromatic property, such as the maximum values of 7y in Fig. 4.1,
refers to'a single wavelength. A total property indicates that it is the
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Fia. 4.1, Intensity of monochromatic radiation for a hot body at different temperatures.

algebraic sum of the monochromatic values of the property. Mono-
chromatic radiation literally means ‘‘one color” or one wavelength, but
experimentally it actually refers to a group or band of wavelengths, since
wavelengths cannot be resolved individually. Monochromatic values
are not important to the direct solution of engineering problems but are
necessary for the derivation of basic radiation relationships.

The Emissive Power. The total quantity of radiant energy of all
wavelengths emitted by a body per unit area and time is the fotal emissive
power B, Btu/(hr)(ft?). If the intensity of the radiant.energy at any
wavelength in Fig. 4.1 is I,"Btu/(hr)(ft?)(micron), the total emissive
power is the area under the curve and may be computed by

E=L”ha (4.1)
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A relationship between I and N was the subject of many investigations
both experimental and mathematical during the nineteenth century.
Planck was the first to recognize the quantum nature of radiant energy
and developed an equation which fits the spectral energy curve of Fig. 4.1
at any temperature. It is given by

Cl)\—'5
eCz/)\’l' -1

I) = (42)
where I, = monochromatic intensity of emission, Btu/(hr)(ft2)
(micron)
A = wavelength, microns
C, and C; = constants with values 1.16 X 10 and 25,740
T = temperature of the body, °R
Wien postulated another law known as Wien’s displacement law, which
states that the product of the wavelength of the maximum value of the
monochromatic intensity of emission and the absolute temperature is a
constant, or

AT = 2884 micron °R (4.3)
Equation (4.3) may be derived from Eq. (4.2) as follows,
a5
d[)\ = d (‘6_(’:’7&—:‘—]-.) = O (4.4)

(—BON=5) (e — 1) + CyA—5(eeAT) )g—;, =0

(_5 + %ﬁ) eG4 5 = (4.5)

By trial and error, the first term equals —5 when AT = 2884.

Spectral measurements of the radiation received on the earth’s surface
from the sun and allowing for absorption by the atmosphere indicate that
the peak I, lies approximately at 0.25 micron, which is well in the ultra-
violet. This accounts for the high ultraviolet content of the sun’s rays
and the predominance of blue in the visible portion of the spectrum. The
location of the peak allows an estimation of the sun’s temperature from
Eq. (4.3) at 11,000°F.

The Incidence of Radiant Energy: The Black Body. The preceding
discussion has dealt with the generation of radiant energy. What hap-
pens when radiant energy falls upon a body? In the simple case of light
it may be all or partially absorbed or reflected. If the receiving medium
is transparent to the radiation, it will transmit some of the energy through
itself. The same effects are applicable to radiant energy, and an energy
balance about a receiver on which the total incident energy is unity is
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given by
atrt+r=1 (4.6)

where the absorptivify a is the fraction absorbed, the reflectivity  the frac-
tion reflected, and the {ransmissivity r the fraction transmitted. The
majority of engineering materials are opaque substances having zero
transmissivities, but there are none which completely absorb or reflect
all the incident energy. The substances having nearly complete or unit
absorptivities are lampblack, platinum black, and bismuth black, absorb-
ing 0.98 to 0.99 of all incident radiation. '

If an ordinary body emits radiation to another body, it will have
some of the emitted energy returned to itself by reflection. When Planck
developed Eq. (4.2), he assumed that none of the emitted energy was
returned, this was equivalent to an assumption that bodies having zero
transmissivity also had zero reflectivity. This is the concept of the
perfect black body and for which ¢ = 1.0.

Relationship between Emissivity and Absorptivity : Kirchhoff’s Law.
Consider a body of given size and shape placed within a hollow sphere of
constant temperature, and assume that the air has been evacuated.
After thermal equilibrium has been reached, the temperature of the body
and that of the enclosure will be the same, inferring that the body is
absorbing and radiating heat at identical rates. Let the intensity of
radiation falling on the body be I Btu/(hr)(ft?), the fraction absorbed
ay, and the total emissive power Ey Btu/(hr)(ft?). Then the energy
emitted by the body of total surface A; is equal to that received, or

E1A1 = Ia1A1 (47)
E, = Ia, (48)

If the body is replaced by another of identical shape and equilibrium is
again attained,

Ey = Ia, (4.9)
If a third body, a black body, is ihtroduced, then
Ey = I {4.10)
But by definition the absorptivity of a black body is 1.0.
E, E;_ .

or at thermal equilibrium the ratio of the total emissive power to the
absorptivity for all bodies is the same. This is known as Kirchhoff’s law.
Since the maximum absorptivity of the black body is taken as 1.0 from
Eq. (4.6), its reflectivity must be zero. Absolute values of the total
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emissive power are not obtainable, but

E1 = a]_Eb (4.12)
E, = a.B, (4.13)
% = Q= ¢ (4.14)
IE—E,—: =qa; = € (4.15)

The use of the ratio of the actual emissive power to the black-body emis-
sive power under identical conditions is the emissivity e. Since it is the
reference, the emissivity of the black body is unity. The emissivities of
common materials cover a large range and are tabulated in Table 4.1.
Emissivities are influenced by the finish or polish of the surface and
increase with its temperature. Highly polished and white surfaces
generally have lower values than rough or black surfaces. From Eq.
(4.12) it can be seen that any body having a high emissivity as a radiator
will have a high absorptivity when acting as a receiver, The usual state-
ment is as follows: Good radiators make good absorbers.

Experimental Determination of the Emissivity. The experimental
determination of the emissivities of materials is particularly difficult at
high temperatures. The problems of maintaining a system free of con-
duction, convection, and a radiation-absorbing medium. require careful
analysis. A method is given here which is satisfactory for the measure-
ment of emissivities in the range of room temperatures and might be
applicable to the calculation of such problems as the loss of heat from a
pipe to air by radiation alone. A hollow, opaque, internally blackened
cylinder is maintained in a constant-temperatire bath as shown in Fig.
4.2. A total radiation receiver is mounted by a bracket to the wall of the
cylinder. The radiation receiver consists of a copper cylinder a, which
is blackened on the inside and highly polished on the outside. Two
extremely thin, blackened, and highly conducting copper discs b and b’
are mountéd in the receiver for the purpose of absorbing radiation. By
mounting the discs at equal distances from the top and bottom of the small
cylinder, the angles a; and «; are equal and the dises have equal areas for
receiving radiation. The lower disc receives radiation from the blackened
constant-temperature walls of the vessel. The upper disc receives radia-
tion from a plate of specimen material ¢ which is electrically maintained .
at a fixed temperature. The two discs are wired together by a sensitive
thermocouple so that they oppose each other, and only net differences
in the quantity of radiation are measured by the galvanometer. By
wiring them to oppose each other, any effects within the receiver itself
are also canceled. If the galvanometer deflection for the specimen non-
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black body is measured and then ¢ is replaced by a perfect black body, the
ratio of the two galvanometer deflections is the emissivity of the specimen.
Data obtained in this manner are the normal total emissivity as given
in Table 4.1. They may also be used in the solution of problems
having hemispherical radiation except in the presence of highly polished
surfaces,

Specimen Thermocouples
==K A =
= \ L EBF
= BN Pl
N /
AN s/ Galvanometer

s ¢
\\ / /
7R Z 47 —
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a bﬁ é ;

)
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/ d-z\\ /
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\ -
e N /—Cy/mder
Ve AN
v \
Constant lemperature bath

Fig. 4.2. Apparatus for measuring emissivities.

Influence of Temperature on the Emissive Power : Stefan-Boltzmann
Law. If a perfect black body radiates energy, the total radiation may be
determined from Planck’s law. Starting with the monochromatic black-
body equation

CI)\—S
m

I =

it may be applied to sum up all the energy by integration of the area
under a curve in Fig. 4.1 or at a fixed temperature

o 0 )\_5
E = [) ﬁt_—i AN (4.16)
Let x = Co/AT, A = Cy/Tx, dN = (—C4y/Tz? dz, from which

By =— %Z.’f / #3(e* — 1)"1dx (4.17)
) 0
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Tasz 41. Tee Noruar ToraL Emissiviry oF Various Surraces (Horrer)
A. Metals and Their Oxides

Surface t, °F* Emissivity *
Aluminum
Highly polished plate, 983 % pure............... 440-1070 0.039-0.057
Polished plate.................... e 73 0.040
Roughoplate..........c.ooiiiii i 78 0.055
Oxidized at 1110°F....... ... .ol 390-1110 0.11-0.19
Al-surfaced roofing. . ....... ... ... ... 100 0.216
Calorized surfaces, heated at 1110°F :
CODDET e eeee e e e et e 390-1110 0.18-0.19
Steel. ... e 390-1110 0.52-0.57
Brass .
Highly polished................................
732%Cu,26.7% Zn. .. ..o 476-674 0.028-0.031
62.4 % Cu, 36.8% Zn, 0.4% Pb, 0.3% Al....... 494-710 0.033-0.037
829%Cu,170% Zn.......... i 530 0.030
Hard rolled, polished, but direction of polishing
visible................. 70 . 0.038
but somewhat attacked.... 73 0.043
but traces of stearin from
polish lefton........... 75 0.053
Polished.....ooovvineen i 100-600 0.096-0.096
Rolled plate, natural surface.................... 72 0.06
Rubbed with coarse emery.......... e 72 0.20
Dullplate........covriiii 120-660 0.22
Oxidized by heating at 1110°F.................. 390-1110 0.61-0.59
Chromium (see Nickel alloys for Ni-Cr steels)... .. .. 100-1000 0.08-0.26
Copper :
Carefully polished electrolytic copper.... . e 176 : 0.018
Commercial emeried, polished, but pits remaining 66 0.030
Commercial, scraped shiny but not mirrorlike. . ... 72 0.072
Polished.............iiii 242 0.023
Plate, heated long time, covered with thick oxide i
layer....oooeiiii i e 77 0.78
Plate heated at 1110°F............. e ... 390-1110 0.57-0.57
Cuprous oxide...........cooviriienin.. L. ... .| 1470-2010 0.66-0.54
Molten Copper........oviiiiiiiiii i 1970-2330 0.16-0.13
Gold........... e
Pure, highly polished.......................... 440-1160 0.018-0.035
Iron and steel : )
Metallic surfaces (or very thin oxide layer)
Electrolytic iron, highly polished..............| 350-440 0.052-0.064
Polished iron............. ... ... ... ..., 800-1880 0.144-0.377
Iron freshly emeried...................... ... ; 68 0.242
Cast iron, polished. ......................... 392 ! 0.21
Wrought iron, highly polished.................| 100-480 0.28
Cast iron, newly turned...................... 72 0.435
Polished steel casting..................... ... 1420-1900 0.53-0.56
Ground sheet steel........................... 17202010 0.55-0.61
Smooth sheet iron.................. A 1650-1900 0.55-0.60
Cast iron, turned on lathe................... | 1620-1810 0.60-0.70
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TasLe 4.1, Tae NormaL Torar Emissivity oF Varrous Surraces (Horren).—

(Continued)
Surface t, °F* Emissivity *
Iron and steel—(Continued) '
Oxidized surfaces
Iron plate, pickled, then rusted red............ 68 0.612
Completely rusted......................... 67 0.685
Rolled sheet steel.. 70 0.657
Oxidized iron......covevee i 212 0.736
Cast iron; oxidized at 1100°F. .. .............. ©.390-1110 0.64-0.78
Steel, oxidized at 1100°F..................... 390-1110 |  0.79-0.79
Smooth oxidized electrolytic iron.............. 260-980 0.78-0.82
Iron oxide..... veeeseeens P P 930-2190 0.85-0.89
Rough ingot iron...............ccooiiinnn 1700-2040 0.87-0.95
Sheet steel, strong, rough oxide layer........ 75 0.80
Dense, shiny oxide layer................... 75 0.82
Cast plate, smooth.......................... 73 0.80
Rough........ovvveviiii it 73 0.82
Cast iron, rough, strongly oxidized............ © 100-280 0.95
Wrought iron, dull oxidized................... 70-680 0.94
Steel plate,xough. .......................... 100~700 0.94-0.97

High-temnperature alloy steels (see Nickel alloys)
Molten metal

Casb aron. v e vee i e 2370-2550 0.29-0.29
Mild steel........oovvi i 2910-3270 0.28-0.28
Lead : :
Pure (99.96%), unOXIdlzed ............. e 260440 0.057-0.075
Gray oxidized........ 75 0.281
Oxidized at 390°F ............................. 390 0.63
METCULY . v v e v et vy eeeeeciaean e e 32-212 0.09-0.12
Molybdenum ﬁlament ........... e e 1340-4700 0.096-0.292
Monel metal, oxidized at 1110°F.................. 390-1110 0.41-0.46
Nickel .
Electroplated on polished iron, then polished. ..., 74 0.045
Technically pure (98.9 % N1, + Mn), polished. . 440-710 0.07-0.087
Electroplated on pickled iron, not polished.. ... .. 68 0.11
B L 368-1844 0.096-0.186
Plate, oxidized by heating at 1110°F............. 390-1110 0.37-0.48
Nickel oxide.........vvvviniiniiii 1200-2290 0.59-0.86
Nickel alloys
Chromniekel............. ... .. 125-1894 0.64-0.76
Nickelin (18-32 Ni; 55~68 Cu; 20 Zn), gray oxidized, 70 0.262 -
KA-28 alloy steel (8% Ni; 18 % Cr), light silvery, :
rough, brown, after heatmg ........... ... 420-914 0.44-0.36
after 42 hr. hea,tlng at 980°F...........oL.. - 420-980 0.62-0.73
NCT-3 alloy (20 Ni; 25 Cr). Brown, splotched, .
oxidized from service...................... 420-980 0.90-0.97
NCT-6 alloy (60 Ni; 12 Cr). Smooth, black,
firm adhesive oxide coat from service........ 520-1045 0.89-0.82
Platinum
Pure, polished plate ................... R 440-1160 { 0.054-0.104
Strip. ..o 17002960 0.12-0.17
Filament.............. ... ..o 802240 0.036-0.192

WAL, 440-2510 0.073-0.182
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TasLE 4.1. TrE NorMAL Torar Emissivity oF Various Surraces (Horrer).—

(Continued)
Surface ¢, °F* Emissivity *
Silver
Polished, pure..........oovun. .. e 440-1160 | 0.0198-0.0324
Polished....coovvverinn s 100-700 0.0221-0.0312
Steel (see Iron)
Pantalum Alament. . ....ooovn i 2420-5430 0.194-0.31
Tin, bright tinned iron sheet.................... .. 76 0.043 and 0.064
Tungsten
Filamentyaged.........ooovna L 80~-6000 0.032-0.35
Filament. . oo iin ot e 6000 0.39
Zine o
Commercial 99.1 % pure, polished... ... . ......... 440-620 0.045-0.053
Oxidized by heating at 750°F................ ... 750 0.11
Galvanized sheet iron, fairly bright.......... .. .. 82 0.228
Galvanized sheet iron, gray oxidized... ... ... ... 75 0.276
B. Refractories, Building Materials, Paints, and Miscellaneous
Asbestos
Board.... ... . o ' 0.96
PapeT. . 100-700 0.93-0.945
Brick
Red, rough, but no gross irregularities. ... .. e 70 0.93
Silica, unglazed, rough................. ... 1832 0.80
Silica, glazed, rough............. ... 2012 0.85
Grog brick, glazed............... . ... 2012 0.75
(See Refractory materials)
Carbon
T-carbon {Gebruder Siemens) 0.9 % ash.......... 260-1160 0.81-0.79
This started with emissivity at 260°F of 0.72, but
on heating changed to values given............
Carbon filament....coooiiviin it 19002560 0.526
Candle 800t . .coeiins v 206-520 0.952
Lampblack-water-glass coating.............. Lo 209-362 0.959-0.947
BRI . v et tee et e e 260440 0.957-0.952
Thin layer oniron plate...................... 69 0.927
Thickeoat.....ivvineiin i iiia i i 68 0.967
Lampblack, 0.003 in. or thicker................. | 100-700 0.945
Enamel, white fused, oniron...................... 66 0.897
Glass, smooth. . ..o.oovvvun i 72 0.937
Gypsum, 0.02 in, thick on smooth or blackened plate 70 0.903
Marble, light gray, polished...................... 72 0.931
Osk,planed. ... ...t : 70 0.895
Oil layers on polished nickel (lub. oil)......... ..... 68
Polished surface, alone......................... . 0.045
4+0.00lin.oil.......ooo 0.27
40.002in.0il.....on 0.46
400051, 0l ..o 0.72
o thick oillayer............. P I 0.82
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TasLe 4.1, Tee Normau Torar EmussiviTy oF Varriovs Surraces (Horren).—
(Continued)
Surface t, °F* Emissivity *
Oil layers on aluminum foil (linseed oil)............

AVoil. o oo . 212 0.087+

+leoatoll........... . ... 212 0.561

F2coatsoil.............. .. ... .. ... [P 212 0.574

Paints, lacquers, varnishes

Snow-white enamel varnish on rough iron plate. . . 73 0.906

Black shiny lacquer, sprayed on iron......... e 76 0.875

Black shiny shellac on tinned iron sheet.......... 70 0.821

Black matte shellac.............. .. . ... ... 170-295 0.91

Black lacquer............... i 100-200 0.80-0.95

Flat black lacquer. . ........................ ...] 100-200 0.96-0.98

White lacquer.........cooviiii 100-200 0.80-0.95

Oil paints, 16 different, all colors........ P 212 0.92-0.96

Aluminum paints and lacquers
10 % Al, 22 % lacquer body, on rough or smooth

BUIfACE. .o iv st iei ittt 212 0.52
26 % Al, 27 % lacquer body, on rough or smooth
surface..... D P 212 0.3

Other Al paints, varying age and Al content...... 212 0.27-0.67
Al lacquer, varnish binder, on rough plate...... 70 0.39
Al paint, after heating to 620°F............... 300-600 0.35

Paper, thin ’

Pasted on tinned ironplate..................... 66 0.924
Roughironplate.............. ... .. 66 0.929-
Black lacquered plate.................. ... ... 66 0.944

Plaster, rough lime.............................. 50-190 0.91
Porcelain, glazed.......... ... ... ... 72 0.924
Quartz, rough, fused.............. ... L 70 0.932
Refractory materials, 40 different.................. 1110-1830

Poor radiators.............. ... o 0.65}_0 75

0.70
Good radiators...... ...t e 0‘80}_{0 85
) : 0.85f 10.90

RooOfiNg Paper. . vvvvi i i 69 0.91
Rubber

Hard, glossy plate............................. 74 0.945

Soft, gray, rough (reclaimed)............. ... ... 76 0.859
Serpentine, polished............. ... ... ... 74 0.900
Waer. . oo e 32-212 0.95-0.963

Nore., The results of many investigators have been omitted because of obvious defects in experi-

mental method.

* When two temperatures and $wo emissivities are given, they correspond, first to first and second to

second, and linear interpolation is permissible.

1 Although this value is probably high, it is given for comparison with the data, by the same investi-
gator, to show the effect of oil layers (see Aluminum, part 4 of this table),
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Expanding the term in parentheses,

B, = — c_g foatem+ e bt b et ) d (418)

Integrating each term and summing only the first four as significant,

C. T

E, = o X 6.44 (4.19)

Evaluating constants, :
By = 0.173 X 10374 (4.20)

Equation (4.20) being the area under a curve in Fig. 4.1 from A = 0 to
)\ = o« states that the total radiation from a perfect black body is pro-
portional to the fourth power of the absolute temperature of the body.
This is known as the Stefan-Boltzmann law. The constant 0.173 X 10—#
Btu/(hr)(ft2) (°R*) is known as the Stefan-Boltzmann constant, usually
designated by . 'The equation was also deduced by Boltzmann from the
second law of thermodynamics. Equation (4.20) serves as the principal
relationship for the calculation of radiation phenomena and is to radiation
what @ = hd4 Af is to convection. However, Eq. (4.20) was derived for
a perfect black body. From Eq. (4.14) if a body is nonblack, the emissiv-
ity is the ratio E/E, and E canlbe written E = Ee. Equation (4.20)
becomes

E = ecT* (4.21)
and

N[l

= egT* (4.22)

Exchange of Energy between Two Large Parallel Planes. Quantita-
tive considerations so far have dealt with the energy change when radia-
tion occurs only from a single body, and it has been assumed that energy
once radiated is no longer returned to its source. This is true only if one
black body radiates to another black body with no medium between them
or no absorption occurs by the medium between them. Of the gases,
chlorine, hydrogen, oxygen, and nitrogen are classified as nonabsorbing.
Carbon monoxide, carbon dioxide, and organic gases and vapors are
absorbing to greater or lesser extents. From earlier discussions it should

" be conceded that radiation from a small plate proceeds outwardly in a
hemisphere with the plate as center and that the radiation incident upon
unit area of a body at great distance is very small.  In radiation it is
necessary to qualify the condition under which all the radiation from the
source is completely received by the receiver. It will occur if two plates.
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or radiant planes are infinitely large, so that the amount of radiation
which fans out from the edges of the source and over the edges of the
receiver is insignificant. If both of the plates or planes are black bodies,
the energy from the first is Ep = o7} and from the second Ep = o7
By the definition of a black body, all the energy it receives is absorbed
and the net exchange per square foot between two planes maintained af
constant temperatures is

€ _ By — By = (T~ T9) (4.23)

4
= 0.173 [(17(;—6)4~— (%%)4] (4.24)

Example 4.1. Radiation between Two Large Planes. Two very large walls are

at the constant temperature of 800 and 1000°F. Assuming they are black bodies, how
much heat must be removed from the colder wall to maintain a constant temperature?

Solution:
T, = 1000 4 460 = 1460°R Ty = 800 + 460 = 1260°R
—QA— = 0.173 [(14.6)* — (12.6)4] = 3,500 Btu/(hr)({t?)

Exchiange of Energy between Two Parallel Planes of Different Emis-
sivity. The preceding discussion applied to black bodies. If the two
planes are not black bodies and have different emissivities, the net
exchange of energy will be different. Some of the energy emitted from
the first plane will be absorbed, and the remainder radiated back to the
source. For two walls of infinite size the radiation of each wall can be
traced. Thus if energy is emitted by the first wall per square foot of an
amount F; and emissivity e, the second wall will absorb E,e; and reflect
1 — ez of it. The first wall will then again radiate but in the amount
Ei(1 — e)(1 — &1). The changes at the two planes are

. -Hot plane
Radiated: E,
Returned: E1(1 — e)

Radiated: E1(1 — e2)(1 — e)
Returned: El(l - 62)(1 —_ 61)(1 — 62)

Cold plane
Radiated: E,
Returned: Eo(1 — 1)
Réldiated: Ez(l - 61)(1 - 62)
Returned: Ez(l - 61)(1 - 62)(1 - 61)
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and
% By — Ex(l — &) — Ex(l — e)(1 — &)?

— Bl — )l —a)!(l —e)?+ - ] — [af .
— E1E2(1 - 61)(1 - Ez) - £1E2(1 - 61)2(1 haad Ez)a + A ’] (4.25)

E, is given by e T}, E: by €207, and Eq. (4.25) is a series whose solution
is

Q _ ¢
4 (l/e) + (1/e) —
Example 4.2. Radiation between Planes with Different Emissivities. If the two

walls in Example 4.1 have emissivities of 0.6 and 0.8, respectively, what is the net
exchange?

(Tt = T (4.26)

Solution:
.1
9. o i (3‘7‘0‘8) — [(148)* ~ (12.6)%] = 1825 Bt/ (br) (1)
T, ' o T For perfect black bodies the value was 3500 Btu/(hr)(ft2).

Radiation Intercepted by a Shield. Suppose
two infinite and parallel planes are separated by a
third plane which is opaque to direct radiation
—— . between the two and which is extremely thin (or
has infinite thermal conduectivity) as shown in Fig.
4.3. The net exchange between the two initial

5hield planes is given by Eq. (4.26).
Fie. 4.3. Radiati |
with a shigld. 0= Ty T =TT - TH @
If ¢4 = e; but €1 7 €3, the net exchange from 1 to 3 is given by
_ a4 4 Ay o4 T4 . P4
C=TaF e =11 = gy rae 1T
. (4.28)
from which
T8 = %(Tt + 19 (4.29)
Then
ol Lt - 19 (4.30)

&= ey T A/ =12
When €1 = ¢5, @1 = %48, and for the simple case where n shields are
employed, each having the same emissivities as the initial planes,

L)

@ =
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where € is. the exchange if the initial planes were not separated.
Spheres or Cylinders with Spherical or Cylindrical Enclosures, The
radiation between a sphere and an enclosing sphere of radii 7 and r,
may be treated in the same manner as Eq. (4.26). The radiation emitted
initially by the inner sphere is E:14,, all of which falls on A,. Of this

2
total, however, (1 — e)E14; is reflected of which ( (1 — e)E14,
T2

2
falls on A; and [1 — (;—:) ] (1 — ex)E1A, falls on A, If this analysis is

continued as before, the energy exchange will again be represented by a
geometrical series and the net exchange between the inner and outer
sphere is given by

A A
s (T8 —T L (T4 — T3)

@G-y £+ a(-1)

The same relation will be seen to hold for infinitely long concentric cylin-
* ders except that Ai/As is ri/rs instead of r2/ri.

" Radiation of Energy to a Completely Absorbing Receiver. In Exam-
ple 2.5, calculations were made on the loss of heat from a pipe to air.
When a heat source is small by comparison with the enclosure it is custom-
ary to make the simplifying assumption that none of the heat radiated
from the source is reflected to it. In such cases, Eq. (4.26) reduces to

(4.31)

% = eo(T4 — T%) (4.32)
Sometimes it is convenient to represent the net effect of the radiation in
the same form employed in convection; namely,

Q = hdy(T1 — Ty) (4.33)

where £, is a fictitious film coefficient representing the rate at which the
radiation passes from the surface of the radiator. The values of @ in
Eqs. (4.32) and (4.33) are identical, but the value in Eq. (4.32) is related
to the mechanism by which the heat was transferred. IEq. (4.33) is a
statement of the heat balance as applied before in the Fourier equation to
conduction and convection. Fishenden and Saunders! have treated a
number of interesting aspects of the subject.

1 Fishenden, M., and O. A. Saunders, ‘‘The Calculation of Heat Transmission,”
His Majesty’s Stationery Office, London, 1932.
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Example 4.3. Calculation of Radiation from a Pipe. In Example 2.5 the outside
temperature of a lagged pipe carrying steam at 300°F was 125°F and the surrounding
atmosphere was at 70°F. The heat loss by free convection and radiation was 103.2
Btu/(hr)(lin ft), and the combined coefficient of heat transfer was 2.10 Btu/(hr) (ft2)-
(°F). How much of the heat loss was due to radiation, and what was the equivalent
<oefficient of heat transfer for the radiation alone?

Area/lin ft = = X 213775 X 1 = 0.88 ft2

From Table 4.1B, the emissivity is approximately 0.90.
T = 125 - 460 = 585°R. T, = 70 + 460 = 530°R
g = 0.90 X 0.88 X 0.173[(5851 g0)* — (53%{¢¢)*4] = 52.5 Btu/(hr)(lin ft)

Qs B ,
b = AT =5y = 0ssqzs =70y ~ 108 Btu/ ) E)CF)

Exchange of Energy between Any Source and Any Receivei. The
_three preceding illustrations-have been extremely limited. The study
of two planes was directed only to sources and receivers which were
infinitely large so that every point on one plane could be connected
with every point on the second and no radiation from the one
“leaked’” past the other and out of the system. A slighly more
complex arrangement can be achieved between two concentric spheres
or two concentric cylinders. In either of these all the radiation from the
source may be seen to fall on the receiver. But this is very rarely the
case in practical engineering problems, particularly in the design of
furnaces. The receiving surface, such as the banks of tubes, is cylindrical
and may partially obscure some of the surface from “seeing’” the source.
In a system composed of walls and pipes
running in different’ arrangements the geom-
etry by which the radiation falls on the sur-
faces and the manner in which these surfaces
reflect their energy are difficult to evaluate.
The simplest elements are treated here, but
‘many practical applications require the em-
pirical methods of Chap. 19."
Consider the arrangement of two radiat-
a b ing plates at temperatures 7 and T, as
f;r?)'pl‘ia:(is. Radiation between g own in Fig. 4.4, The two plates are not
face-to-face and therefore have only an
askance view of each other. The lower plate, represented isometrically
in the horizontal plane, radiates in all directions upward and outward.
Some of the radiation from the surface of the hot plate, d4:falls upon the
second plate but not perpendicular to it. The second plate dd, will
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reflect some of the incident energy, but only a part of it will return to the
first plate. What is the net exchange of energy between the two?

The lines eo and ¢’o’ are perpendiculars to the two plates, respectively,
on. their mutually exposed surfaces. The length of the shortest line
joining the two plates at their centersis r. When viewed from o/, a fore-
shortened picture of d4; is obtained. Instead of isometrically, the plate
dA; may be viewed from its end as in Fig. 4.5, where dA, is assumed
perpendicular to the plane of the paper for simplicity, the line ab repre-
- sents a side of d44, and the line a'b represents the width of ab in the view
obtained from o/. Since eo and 0o’ are mutually perpendicular to- its

e

Fia. 4.5. Section view between two plates. F1e. 4.6. Solid angle.

sides, angle aba’ must equal a; and the side o'b corresponding to
dA} is dA] = dA; cos ai. For the second plate, dA} = d4. cos an
The center of surface d4; may be considered to lie in the hemisphere
receiving radiation from dAi, and the quantity falling on a surface in the
hemisphere consequently diminishes with the square of the radius. If
both are black bodies, the radiation from plate 1 to plate 2 is proportional
+to the normal surfaces exposed to each other and inversely to the square
of the distance between them.

Qs = Daatan; (4.34)
where [, is the proportionality constant dimensionally equal to the
intensity of radiation. Substituting the original surfaces,

dQ1-2 = 13 cos o cos s dds dd, 4.35)
An important relationship exists between the intensity I3 and the emissive

power E. In Fig. 4.6 let dw; be the solid angle which is by definition
the intercepted area on a sphere divided by 72 dA; is a small plate in
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the center of the isometric plane of the base. Then

d4; _ rsinadfrde

7t 2
= sin o da df (4.36)

From Egs. (4.35), (4.35a), and (4.36),

/2 2z
%QA—=E1>=11L sinaCOSadaﬁ ag

dw1 =

= Imr (437
7, =5 _ oIt (4.38)
T T

Substituting Eq. (4.38) in Eq. (4.35) the net exchange between T'; and 7',
is

g = 98 coi :22 d41dA; o(Th — T (4.89)

If cos a1 608 @ dAq/mr? is written F4, F4 is known as the configuration or
geometric factor. For some systems it is very difficult to derive, but for

10
08 I e I e e e i W
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Ratio Side or diamefer

* Distance between planes
F1e. 4.7. Radiation between parallel planes. (Hottel.)

several basic arrangements it is fairly simple. Hottel! has integrated a
number of cases, the commonest of which are plotted in Figs. 4.7, 4.8 and
49. Equation (4.39) can thus be written in integrated form

Q = FAAN(T{ - T%) 64.40)
1 Hottel, H. C., Meck. Eng., b2, 699 (1930).
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If the two surfaces are gray and therefore nonblack, from Eq. (4.26)
. F AA 10 ( T‘
T @) F (e =11
Writing F. for the emissivity correction, Eq. (4.41) becomes
Q = FFAw(Ti — T9 (4.42)
The summary in Table 4.2 gives the values of F4 and F, for'a number of
the common cases derived here and elsewhere.

-7 (4.41)

TaBLe 4.2. VaLuvks or Fyu aAnp Fe

Fy F.

(a) Surface A;small compared with the
totally enclosing surface A, 1 €
(b) Surfaces A; and A, of parallel dises
squares, 2:1 rectangles, long rec-
tangles Fig. 4.7 €rez
(c) Surface dA, and parallel rectangular
surface A. with one corner of rec-

tangle above dA4: » Fig. 4.8 €€
(d) Surfaces A, or 4, of perpendicular
rectangles having a common side Fig. 4.9 €1ez

(e) Surfaces A;and A, of infinite parallel
planes or surface A, of a completely

enclosed body is small compared 1
with A4, 1 TN T
(f) Concentric spheres or infinite con- p + o) 1
centric cylinders with surfaces 4.| . 1
and 4, 1 ——ZI—‘——
42 - 1)
4,

Example 4.4. Radiation from a Pipe to a Duct. Calculate the radiation from a

2-in. IPS steel pipe carrying steam at 300°F and passing through the center of a 1- by
1-ft galvanized sheet-iron duct at 75°F and whose outside is instlated.

Solution. From Table 11 in the Appendix 4 = 0.622 ftz of external surface per
linear foot of pipe. The emissivity of oxidized steel from Table 4.1 is ¢ = 0.79.

The surface of the duct is 4, = 4 (1 X 1) = 4.0 ft2/lin ft.

The surface of the pipe is not negligible by comparison with that of the duct, and
{f) of Table 4.2 applies most nearly.

ez = 0.276 (oxidized zinc in Table 4.1)

Fa=1 _ (Table 4.2)
1 1
Fe = 1+A1 — = 0622( 1) = 0.60 (Table 4.1)
a Az \e ) 0.79 0.276
Q = FAFeAa(T —TY (4.42)

=1 X 0.60 X 0.622 X 0.173 X 10‘3(7604 — 5354)
= 164 Btu/(hr)(lin ft)
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PROBLEMS

4.1, A 2-in. IPS steel pipe carries steam at 325°F through a room at 70°F. What
decrease in radiation occurs if the bare pipe is coated with 26 per-cent aluminum paint?

4.2. One wall of a corridor 8 by 28 by 4 ft wide between a drying chamber and an
outside wall of the building is at 200°F, and the 8- by 28-ft wall of the building will be
at 40°F during normal winter weather. What will be the heat passing across the
corrider in winter if the drying chamber is surfaced with unglazed silica brick and the
building wall is plastered?

4.3.- A chamber for heat-curing steel sheets laequered black on both sides operates
by passing the sheets vertically between two steel plates 6 ft apart. One of the plates
is at 600°F, and the other, exposed to the atmosphere, is at 80°F. What heat is trans-
ferred between the walls, and what is the temperature of the lacguered sheet when
equilibrium has been reached? '

4.4. A 3-in. IPS lagged pipe carries steam at 400°F through a room at 70°F. The
lagging consists of a 1g-in. thick layer of asbestos. The use of an overcoat of 26 per
cent aluminum paint is to be investigated. What percentage savings in heat loss can
be effected?

4,6. A molten organic compound is carried in the smaller of two concentric steel
pipes 2- and 3-in. IPS. The annulus can be flooded with.steam to prevent solidifica-
tion, or the liquid can be heated somewhat and cireulated without steam so that the
annulus acts as an insulator. If the molten fluid is at 400°F and the outer pipe is at
room temperature (80°F), what heat loss occurs from the molten material in 40 lin {t
of pipe?

4.6. Caleulate the radiant-heat loss from a furnace through a 2-in.-diameter peep
door when the inside temperature is 1750°F and the outslde temperature is 70°F.
Consider the emission due to g black body.

4.7. A bare conerete pump house 10 by 20 by 10-ft high is to be heated by pipes
Iaid in the concrete floor. Hot water is to be used as the heating medium to maintain
a floor surface temperature of 78°F. The walls and ceiling are of such thickness as to
maintain temperatures of 62°F on all inside surfaces in the winter. (o) What is the
rate of radiation between the floor and the ceiling if the walls are considered noncon-
.ducting and reradiating? The pumps cover a negligible area of the floor. (b) What
additional heat will be requ1red if the floor area is doubled by enlarging the room to
20 by 20 ft?

4.8. A bath of molten zinc is located in the corner of the floor of a zine dipping room
20 by 20 by 10 ft high. Zinc melts at 787°F, and the ceiling could be maintained at
90°F in the summer by conduction through the roof. {(a) What heat will be radiated
from a 1-ft2 bath? () If the bath is moved to the center of the room, what heat will
be radiated ? ’

NOMENCLATURE FOR CHAPTER 4

A Heat-transfer of emitting or absorbing surface, fit?

A Effective surface, ft2

a Absorptivity, dimensionless

€y, C»  Constants in Planck’s law

i Emissive power, Btu/(hr) (ft2)

Fa Geometric factor, dimensionless

Fe - Emissivity factor, dimensionless

ke Heat-transfer coefficient equivalent to radiation, Btu/(hr) (it%)(°F)
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I Intensity of radiation, Btu/(hr) (ft?)

I Monochromative intensity of emission, Btu/(hr) ({t2) (micron)
n Number of radiation shields

Q Heat flow or net heat exchange, Btu/(hr)

r Reflectivity, dimensionless; radius, ft

T Temperature, °R

o, B, @ Angle, deg

€ Emissivity, dimensionless

A Wavelength, microns

- Stefan-Boltzmann constant, 0.173 X 10~% Btu/(hr) (ft2)(°RY)
T Transmissivity, dimensionless

Subscripts

b Black body

1 Source

2 Receiver



CHAPTER 5
TEMPERATURE

The Temperature Difference. A temperaiure difference is the driving
force by which heat is transferred from a source to a receiver, Its influ-
ence upon a heat-transfer system which includes both a source and a
receiver is the immediate subject for study.

In the experimental data of Chap. 3 the temperature of the inside pipe
wall ¢, was calculated from the reported value of the outside pipe-wall
temperature £,. The logarithmic mean of the differences f, — t; and
t» — {3 was used to calculate A¢;. The reported temperature of the pipe
wag the average of a number of thermocouples which were not actually
constant over the length of the pipe. It is not ordinarily possible in
industrial equipment to measure the average pipe-wall temperature.
Only the inlet and outlet temperatures of the hot and cold fluids are
known or can be measured, and these are referred to as the process
lemperatures.t

Plots of temperature vs. pipe length, ¢ vs. I, for a system of two con-
centric pipes in which the annulus fluid is cooled sensibly and the pipe
fluid heated sensibly are shown in Figs. 5.1 and 5.2. When the two
fluids travel in opposite directions along a pipe as in Fig. 5.1, they are in
counterflow. Figure 5.1 can be compared with Fig. 3.6 to which it is
similar except that one is a plot of £ vs. L and the other is a plot of £ vs. @,

_the heat transferred. When the fluids travel in the same direction as in
Fig. 5.2, they are in parallel flow. The temperature of the inner pipe fluid
in either case varies according to one curve as it proceeds along the length
of the pipe, and the temperature of the annulus fluid varies according to

1 In the remainder of this book the subseript 1 always denotes the inlet and sub-
seript 2 the outlet. The cold terminsl difference At or AL is given by T ~ #, and
the hot terminal difference Aty or A# by T —¢.. There are two additional terms
which are often used in industry. These are the range and the approack. By “‘range”
is meant the actual temperature rise or fall, which for the hot fluid is 'y —~ T and for
the cold fluid # ~— ). The “approach’ has two different meanings depending upon
whether counterflow equipment such as concentric pipes or other types of equipment
are intended. TFor counterfiow the approach is the number of degrees between the
hot-fluid inlet and cold-fluid outlet, Ty ~ 4, or hot-fluid cutlet and cold fluid inlet,
Ty — t;, whichever is smaller. Thusa close approach means that one terminal differ-
ence will be very small, a significant factor in heat transfer. 'The definition of approach
for other types of equipment will be discussed in Chap. 7. :

85
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another. The temperature difference at any length from the ongm where
L = 0 is the vertical distance between the two curves..

Overall Coefficient of Heat Transfer. The concentric pipes in Figs. 5.1
and 5.2 bring together two streams each having a particular film. coeffi-
cient and whose temperatures vary from inlet to outlet. For con-
venience, the method of calculating the temperature difference between
the two should employ only the process temperatures, since these alone
are generally known. To establish the temperature difference in this
manner between some general temperature 7 of a hot fluid and some
general temperature ¢ of a cold flnid, it is necessary to account also for all
the resistances between the two temperatures. In the case of two con-

Tz T Tl T2
t T t,

T
Tl ! Ti .
fz TZ
THF ] T.£F ' tz
T, : f:
K X i X
L L
Fic. 6.1. Counterflow. F1a. 5.2. Parallel flow.

centric pipes, the inner pipe being very thin, the resistances encountered
are the pipe fluid-film resistance, the pipe-wall resistance, Ln/km, and the
annulus fluid-film resistance. Since @ is equal to At/ZR as before,

ER—}T;+_;+E (5.1)

where ZR is the overall resistance. It is customary to substitute 1/U
for ZR where U is called the overall coeflicient of heat {ransfer. Inasmuch
a8 a real pipe has different areas per linear foot on its inside and outside
surfaces, h; and h, must be referred to the same heat-flow area or they will
not coincide per unit length. If the outside area A of the inner pipe is
used, then h; must be multiplied by 4;/4 to give the value that h; would
have if originally calculated on the basis of the larger area A instead of
A;. For a pipe with a thick wall Eq. (5.1) becomes

1 23D D., 1 1 2.3D, Do
7 = wayD T o D i = gDy T e p T 62)

The integrated steady-state modification of Founer 8 general equation
may then be written

Q=U4dA (5.3
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where At is the temperature difference between the two streams for the
entire surface A. Using the simplification that the thin metal pipe-wall
resistance is negligible, Eq. (5.2) becomes

1 1 1
U= aD (5.4)

Hereafter Eq. (5.3) will be referred to simply as the Fourier eguation.
Just as h; was obtained from h; = Q/4; At in Eq. (3.2) using thermo-
couples, 8o U can be obtained from U = @/A At using process tempera-
tures alone. In experiments involving sensible heat transfer between two
fluids, Eqs. {5.2) and (5.4) can he used to obtain either individual film
coefficient from the overall coefficient U only if some supplementary
means are available for computing the other film coefficient. Fortu-
nately, the condensation of steam can provide a negligible resistance, so
that h; or h, can, usua.lly be determined individually with. sultable accuracy
- from an experiment using either of the fluids and steam.
"~ Equation (5.3) is of particular value in design when the individual film
coefficients can both be calculated through the use of equations of the
types obtained by dimensional analysis such as Eq. (3.26) or (3.32), and
U can be solved for aceordingly. Then Eq. (6.3) is used in computing
the total area or length of path required when @ is given and A¢ is calcu-
Iated from the process temperatures. When the process temperatures
of the two respective streams are given, the total heat transfer Q@ Btu/hr
is also given, being computed from @ = we(ts — &) = WC(Ty — Tb).
The Controlling Film Coefficient. When the resistance of the pipe
metal is small by comparison with the sum of the resistances of both film
coefficients, and it usually is, it may be neglected. If one film coefficient
. is small and the other very large, the small coefficient provides the major
"resistance and the overall coefficient of heat transfer for the apparatus is
very nearly the reciprocal of the major resistance. Suppose h;(4:/4) =10
and h, = 1000 Btu/(hr)({t?)(°F) B; = o = 0.1, Ro = ¥ o0 = 0.001,
and ZR = 0.101. A variation of 50 per cent in R, does not materially
influence @, since a value of k, = 500 will change ZR only from 0.101 to
0.102. When a significant difference exists, the smaller coefficient is the
controlling film coefficient.

Logarithmic Mean Temperature Difference : Counterflow. Generally
both fluids undergo temperature variations which are not straight lines
when temperatures are plotted against length as in Figs. 5.1 and 5.2. At
every point T — 1 between the two streams differs, yet this should lead
to the same result as Eq. (3.36), in which the logarithmic mean tempera-
ture difference was obtained from a study of 77 — ¢vs. Q. However, there
is an advantage to a derivation based on T — ¢ vs. L, since it permits
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identification of the temperature difference anywheére along the pipe
length. Later, when more complex flow patterns are encountered, this
information will be essential. Although two fluids may transfer heat
in a concentric pipe apparatus in either counterflow or parallel flow, the
relative direction of the two fluids influences the value of the temperature
difference. This point cannot be overemphasized: Any flow pattern
formed by two fluids must be identified with its unique temperature
difference. For the derivation of the temperature difference between the
two fluids of Fig. 5.1 in counterflow, the following assumptions must be
made:

1. The overall coeflicient of heat transfer U is constant over the entire
length of path.

2. The pounds per hour of fluid flow is constant, obeying the steady-
state requirement.

3. The specific heat i3 constant over the entire length of path.

4. There are no partial phase changes in the system, i.e., vaporization
or condensation. The derivation is applicable for sensible-heat changes
and when vaporization or condensation is isothermal over the whole
length of path.

5. Heat losses are negligible.

Applying the differential form of the steady-state equation,

dQ = U(T — t)a"” dL ' (5.5)
where a'’ i3'the square feet of surface per foot of pipe length or
a” dL = dA.
From a differential heat balance
dQ = WC AT = wedt (5.6)

where Q is the limit as dQ varies from 0 to . At any-point in the pipe
from left to right the heat gained by the cold fluid is equal to that glven
up by the hot fluid. Taking a balance from L =0toL = X

WC(T — T =welt — &) (5.7)
from which

P =Ty 4 2 (5.8)

WC’ (& — )
From Eqs. (5.5) and (5.6) substituting for T,

dQ = wed = [Tz + == (t t1) - t-l a" dL
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t and L are the only variables. Collecting terms of ¢ and L,

Ua" aL _ (5.9)
T, — t1 + ( 1) t

This right-hand term is of the form

dt
,/01 Tk = b log (a1 + bit)

Integrating dL between 0 and L and d¢ between ¢ and ¢,
UA 1

| T, — WC b+ (WC' 1) t2
= n

w(we 1)t
- \wo s = ot + o — 1)
To simplify this expression substitute for 7'; in the numerator the expres-

sion from Eq. (5.7), expand the denominator, and cancel terms
UA 1 T, — s

(5.10)

e = wo/WO) =10 T, =3, (5.11)
Substitute for we/WC the expression from Eq. (5.7)
U4 - : 1 ‘ In Ti—t
we (Ti~Ta)f(te—t)—1" Te— 4
b = b m I8 (519

= (Ty —te) — (Ta—t) Te— 1

Since we(te — 1) = Q and substituting Af, and A¢; for the hot and cold
terminal temperature differences Ty — t; and T's — &,

_ Aty — Aty
Q=04 (ln Atz/At1> (5.13)

If the difference between the two terminals Af; — A#; i8 written so as to be
positive then the ratio of the two terminals taken in the same order is
numerically greater than unity and any confusion due to negative signs
is eliminated. The expression in parentheses in Eq. (5.13) again is the
logarithmic mean or log mean temperature difference and is abbreviated
LMTD. Equation (5.13) for counterflow may be written

Q =UA At = UA X LMTD (5.13a)
and. '
(T1 - tz) - (Tz - tl) _ Atz - At1

= IMID = o — /(s —w) ~ In &Ga/an

(5.14)
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Parallel Flow. - Referring to Fig. 5.2 for the case where both fluids
flow in the same direction, the basic equations are essentially the same.
For the steady state,

4@ = U(T — t)a’ dL

dQ = WCdT = —we dt

since ¢ declines in the direction of increasing values of T'. Taking the
heat balance between X and the left end,

WE(T — Ta) = welts — 1)

Again considering the hot terminal difference Aty = Ty — 3 as the greater
temperature difference in parallel flow and At = Te — {2 the lesser tem-
perature difference, the result is

i (T, — t) — (Ty — ts) _ Ay — Afy
=V T —a/T =t~ Vi hsan O
Relation between Parallel Flow and Counterflow. It may appear
from the final form of the derivations for the two flow arrangements that
there is little to choose between the two. The examples which follow
demonstrate that except where one fluid is isothermal (such as condensing
steam) there is a distinet thermal disadvantage to the use of parallel flow..

but

Example 6.1. Calculation of the LMTD. A hot fluid enters a concentric-pipe
apparatus at a temperature of 300°F and is to be cooled to 200°F by a cold fuid
entering &t 100°F and heated to 150°F. Shall they be directed in parallel flow or
counterflow? :

Solution. It is convenient to write the temperatures in the form employed here
and to realize that the log mean is always somewhat less than the arithmetic mean
(Atz + Aty) /2.

(a) Counterflow:
Hot fluid  Cold fluid _
(T1) 800 — 150 () = 150 (Afs)
(T)200 — 100 (k) = 100 (aty)
50 (At; — At)
Al — Aly 50 °
LMTD = 5375 An/aL ~ 33 Tog 1595 — 128-5°F

() Parallel flow:

Hot fluid  Cold fluid
(T}) 300 — 100 () = 200 (Ad)
(T5) 200 — 150 () = 50 (Ats)
150 (Aty — Aty)
150 ___ _ 108°F

The LMTD for the same process temperatures in parallel flow is lower
than for counterflow.
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- Example 5.2. Calculation of the LMTD with Equal Outlet Temperatures. A hot
‘fluid enters a concentric-pipe apparatus at 300°F and is to bé cooled to 200°F by a cold
fluid entering at 150°F and heated to 200°F.
(a) Counterflow:
Hot fluid Cold fluid

300 — 200 =100 (At)
200 — 150 = 50 (atr) ,
50 (Ate — At)
LMTD = 20 =72
53 Tog 10%¢,
(b) Parallel flow:
Hot flutd Cold fluid
300 —. 150 = 150 (At;)
200 — 200 =_0(at)
150 (Afz — Afy)
LMTD = 150 0

_ 2.3 log 1594 =

Tn parallel flow the lowest temperature theoretically attainable by the
hot fluid is that of the outlet temperature of the cold fluid, {,. If this
temperature were attained, the LMTD would be zero. In the Fourier
equation @ = UA Af, since @ and U are finite, the heat-transfer surface
4 would have to be infinite. The last is obviously not feasible.

‘The inability of the hot fluid in parallel flow to fall below the outlet
‘temperature of the cold fluid has a marked effect upon the ability of
parallel-flow apparatus to recover heat. Suppose it is desired to recover
as much heat as possible from the hot fluid in Example 5.1 by using the
same quantities of hot and cold fluid as before but by assuming that
more heat-transfer surface is available. In a counterflow apparatus it
is possible to have the hot-fluid outlet T's fall to within perhaps 5 or 10°
of the cold-fluid inlet ¢, say 110°F. In parallel-flow apparatus the heat
transfer would be restricted by the cold-fluid outlet temperature rather
than the cold-fluid inlet and the difference would be the loss in recover-
able heat. Parallel flow is used for cold viscous fluids, however, since
the arrangement may enable a higher value of U to be obtained.

Consider next the case where the hot terminal difference (A¢;) in the
preceding examples is not the greater temperature difference.

Example 5.8. Calculation of the LMTD When Af. > Afx. While a hot fluid is
cooled from 30 to 200°F in counterflow, a cold fluid is heated from 100 to 275°F.

Counterflow:
Hot fluid Cold fluid
300 — 275 = 25 (At)
200 — 100 =100 (at)
: 75 (e — AL)
LMID = 12 ___ — 543°F

2.3 log 19%5
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Lastly, when one of the fluids proceeds through the apparatus isother-
mally (condensing steam), parallel flow and counterflow yield identical
temperature differences.

Example 5.4. Calculation of the LMTD with One Isothermal Fluid. A cold fluid
is heated from 100 to 275°F by steam at 300°F.

{a) Counterflow:
Hot fluid  Cold fluid

300 — 275 = 25
300 — 100 = 200
(b) Parallel flow:
Hot fluid  Cold fluid
300 — 100 = 200
300 — 275 = 25

These are identical.

Hereafter, unless specifically qualified, all temperature arrangements
will be assumed in counterflow. Many industrial types of equipment are
actually a compromise between parallel flow and counterflow and receive
additional study in later chapters.

Heat Recovery in Counterflow. Very often a counterflow apparatus is
available which has a given length L and therefore a fixed surface A.
Two process streams are available with inlet temperatures T, £ and
flow rates and specific heats W, C' and w, c. What outlet temperatures,
will be attained in the apparatus?

- This problem requires an estimate of U which can be checked by the
methods of succeeding chapters for different types of counterflow heat-
transfer equipment. Rewriting Eq. (5.12),

(T, — 1)) — (T2 ~ £)

welte — ta) = VA {577, 1)

Rearranging

In

Tx—'tzz__ﬂ TI—TZ_I)
Tz—tl we f—z—t]_

Since WC(Ty — T2) = we{ty — tr), we/WC = (T1 — T2)/(ts — #). This
means that the ratio of the temperature ranges can be established with-
out recourse to actual working temperatures. Calling this unique ratio
R without a subseript

(5.16)

R=X-Ii-T
- WC -t
Substituting in Eq. (5.16) and removing logarithms,
T, —-t = (U A/we) (R—1) (5_17)

Tz—tl
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To obtain an expression for T'; alone.

t2=t1+—-72—7—,3

Substituting in Eq. (5.17) and solving,
_ (- R)T1 + [1 — eWamaE-DIR,

T» 1 — ReWarwoy®—1) (5.18)
For parallel flow it becomes
(T Arwe) (R+1) (TAMwe)(R+1D)
Ty = [R+e 171+ [e 11Rt (5.19)

(B F 1)eT4aa®+n
i may be obtained from T by applying the heat balance
WC(TI - Tz) ='w0(tz - t1)

The Caloric or Average Fluid Temperature. Of the four assumptions
used in the derivation of Eq. (5.14) for the LMTD, the one which is sub-
ject to the largest deviation is that of a constant overall heat-transfer
coefficient U.. In the calculations of Chap. 3 the film coefficient was
computed for the properties of the fluid at the arithmetic mean tempera-
ture between inlet and outlet, although the correctness of this calculation
was not verified. In fluid-fluid heat exchange the hot fluid possesses a
viscosity on entering which becomes greater as the fluid cools. The
cold counterflow fluid enters with a viscosity which decreases as it is
heated. There is a hot terminal T; — {, and a cold terminal Ty — #;, and
the values of &, and hi(4;/A) vary over thelength of the pipe to produce
a larger U at the hot terminal than at the cold terminal. As a simple
example, take the case of an individual transfer coefficient at the inlet
and outlet as obtained from the data. of Morris and Whltman through use
of Eq. (3.42).

Example 5.6. Calculation of A; and k.. Calculation of point B-6:

& = 99.1° {2 = 120.2°F
Inlet at 99.1°F:

¢ = 0.478 Btu/Ib

(DG)" -0 0.622 X 854,000 = 2570

12)(295)(242

u =295 cp
k=007 B/ (%) = (MEEXGR XY _as
hi = 0.078 X -—-1-2—— X 00115 X 2570 X 3.52 = l56at1n1et-

0.622
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Outlet at 129.2°F:

DE\S _ /0.622 X 854,000
¢ = 0.495 ( ) 12x220><242 " = 3390
= 2.20
o cu\¥ _ (0.495 X 2.20 X 242Y% _
k = 0.078 ( ) - o =323
ha = 0.078 X % 0.0115 X 3390 X 3.23 = 190 at outlet

0. 622

At the arithmetic mean (114.3°F) k., = 174.5, which is only 3.6 per cent in error of the
experimental value of 181 but the variations against h; at the arithmetic mean are

156 — 174.5 _ 190 — 174.5 _
TR ) 100 = —10.6 per cent and (—1—745——) 100 = +-8.9 per cent.

From the above it is seen that under actual conditions the variation
of U may be even greater than that of h; alone, since the outside film
coefficient h, will vary at the same timeé and in the same direction as hs.
The variation of U can be taken into account by numerical integration of
dQ, the heat transferred over incremental lengths of the pipe a”’dL = dA,
and using the average values of U from point to point in the differential
equation d@ = U..dA Af. The summation from point/to point then.
gives @ = UA At very closely. This is a time-consuming method, and
the increase in the accuracy of the result does not warrant the effort.
Colburn!® has undertaken the solution of problems with varying values of
U by assuming the variation of U to be linear with temperature and by
deriving an expression for the true temperature difference accordingly.
The ratio of the LMTD for constant U and the true temperature difference
for varying U is then used as the basis for establishing a single overall
coefficient which is the frue mean rather than the arithmetic mean.

Assume:

1. The variation of U is given by the expression U = a'(1 + b't)
2. Constant weight flow

3. Constant specific heat

4. No partial phase changes

Over the whole transfer path
Q= WC(T, — T2) = we(ts — t1)

Since B = we/WC = (Ty — T1)/({2 — (1) or generalized as in Fig. 5.1,
T ~T)

(t—t)
The heat balance for the differential area dA4 is given by

dQ = U(T — ) d4 = wedt
1 Colburn, A. P., Ind. Eng. Chem., 85, 873-877 (1933).

R =
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where U is the average value for the increment or

dt _dd
UT =8t  we
Since U = a’(1 + b’t), substitute for U,
dt _dA

o1 FoO(T -8  we

From the heat balance obtain the expressmn for T in terms of ¢ and
separate into parts.

1 o [ R—-Vdt . b’dt]=fdil
dEB—1—bT,+VRty) Ju, \T: — Rt + (R— 1)t 1+t we

(5.20)

Integrating,
1 [In Tg——Rtl-}—(R—1)t2_1n1+b't2]_£
R —1—-0T; +VRW | T:— Bt + (B~ Dt 100 we
(5.21)

Using the subscript 1 to indicate the cold terminal and 2 the hot terminal
ag heretofore

Up= (1401 Us=a(l+ b
As before,
A, =T — Ih Aty =Ty — s

and factoring Eq. (5.21)
e — U UsAt, A

U, Al — Uz dly - Usbly  we (5.22)
Combining with Q = wC(tg — tl),
9_ Ul Afy — U2 Atl (523)

A = In U1A62/Uz Atl

Equation (5.23) is & modification of Eq. (5.13) which accounts for the
variation of U by replacing it with Uy and U,, where A = 0 and 4 = 4,
respectively, - This is still unsatisfactory, however, since it requires twice
caleulating both individual film coefficients to obtain Uy and Uz  Col-
burn choge to obtain a single overall coefficient, U,, at which all the
surface can be regarded to be transferring heat at the LMTD. U is then
defined by

Q _UiAt, — Us Aty _ (A;:2 - Atl) (5.24)

4 T In U AL U A * \In Aly/Al;
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Substituting U, = a'(1 + b't,),

a'(1 + b'ty) Aty — a'(1 + V'ty) At
In [(1 + b'ty) Ats]/[(1 + b'ta) Aty]
Ats — Aty
In Ato/At;

U,=d1+b1) = (5.25)

U, will now be identified by finding f., the temperature of the properties
at which h; and h, are computed and at which such a value of U, exists.
Let 7, be a fraction. By multiplying the temperature rise of the con-
trolling (flm) stream by F. and adding the resulting fractional rise to
the lower terminal temperature of the stream, a temperature is obtained
at which to evaluate heat transfer properties and calculate k;, h,, and
U..

de— b
F, = A (5.26)
i. is the caloric temperature of the cold stream. By definition, let
K=t2‘—t1=U2—'U1 T:A_t].'—.%
I+ U, Aty Al
and substituting the equivalents in Eq. (5.25),
140 1406t
'i“'_l'_-b-/t—l—Ka'*'l 1+b/t1—KoFc+1
from which

h(EF+1) K
Inr

Equation (5.27) has been plotted in Fig. 17 in the Appendix with
Uy—=TU _ U= U,
v, =~ U

as the parameter, whefe ¢ and & refer to the cold and hot terminals,
respectively, The caloric fraction F. can be obtained from Fig. 17 by
computing K, from U, and U, and Af,/Af, for the process conditions.
The caloric temperature of the hot fluid 7, is

Te=Te+F(T1— T, (5.28)

1+

K, =

and for the cold fluid
t. = t], + Fo(tz - t1) - (5.29)

Colburn has correlated in the insert of Fig. 17 the values of K, where the
controlling film is that of a petroleum cut. A correlation of this type can
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be made in any industry which deals with a particular group of fluids by
obtaining ¢’ and b’ from properties and eliminates the calculation of Uy
and U. If an apparatus transfers heat between two petroleum cuts,
the cut giving the largest value of K, is controlling and can be used
directly to establish F. for both streams from the figure. Thus, whenever
there is a sizeable difference between U and U, the LM TD s not the
true temperature difference for counterflow. The LMTD may be retained,
however, if a suitable value of U is employed to compensate for its use
in Eq. (5.13).

Example 5.6. Calculation of the Caloric Temperature. A 20°API crude oil is

cooled from 300 to 200°F by heating cold 60°API gasoline from 80 to 120°F in a
counterflow apparatus. At what fluid temperatures should U be evaluated?-

Solution:
Shell Tubes
20°API crude: 60°API gasoline

242.5 | Caloric temp. 97

250 Mean 100

300 Higher temp. 120 180 Al

200 Lower temp. 80 120 | AL

100 Diff 40

Crude, 71 — Ts = 300 — 200 = 100°F, K. = 0.68 from Fig. 17 insert
Gasoline, £z — & = 120 — 80 = 40°F, K. < 0.10
The larger velue of K. corresponds to the controlling heat-transfer coefficient which
is assumed to establish the variation of U with temperature. Then
Al 200 — 80
i =306 — 120 ~ 0567
F, = 0.425 from Fig. 17

Caloric temperature of crude, 7', = 200 + 0.425(300 — 200) = 242.5°F.

Caloric temperature of gasoline, ¢, = 80 4 0.425(120 — 80) = 97.0°F.

It should be noted that there can be but one caloric mean and that the factor F,
sapplies to both streams but is determined by the controlling stream.

The Pipe-wall Temperature., The temperature of the pipe wall ean
be computed from the caloric temperatures when both h; and &, are
known. Referring to Fig. 5.3 it is customary to neglect the temperature
difference across the pipe metal £, — ¢, and to consider the entire pipe
to be at the temperature of the outside surface of the wall £,. If the out-
side caloric temperature is T'. and the inside caloric temperature {. and
/R, = hio = hi(AifA) = h; X (ID/OD), where the subscript io refers
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to the value of the coefficient inside the pipe referred to the outside sur-

face of the pipe.
3R R, + R.  Ri

Replacing the resistances in the last two terms by film coefficients,

Tc — I _ tw — tc
l/ho + l/h:'o - l/hio

(5.30)

Solving for &,

et 57 + 7 (T = te) (5.31)
and
b
tw =T — P (T — t) (5.32)
‘When the hot fluid is inside the pipe these become
hio
bo = by + 5 T (T. — &) (5.31a)
and

h,

by = Tc - m (Tc - tc) (5.320,)

Isothermal Representation of Heating and Cooling. In streamline
flow when a fluid flows isothermally, the velocity distribution is assumed
to be parabolic. When a given quantity of lig-
uid is heated as it travels along a pipe, the vis-
cosity near the pipe wall is lower than that of the
bulk of the fluid. The fluid near the wall trav-
els at a faster velocity than it would in isother-
mal flow and modifies the parabolic velocity

|
227 27¢
--== Heating

rt Jsotfrerrmal
: Cooling

Velocity u -->r¢ ‘

Fia. 5.3. Pipe-wall tem- Fic. 5.4. Heating, cooling, and isothermal streamline
perature. flow. :

distribution as indicated by the heating curve in Fig. 5.4. If the liquid
is cooled, the reverse occurs: The fluid near the wall flows at a lower
velocity than in isothermal flow, producing the velocity distribution
indicated for cooling. For the liquid to flow more rapidly at the wall
during heating some of the liquid near the eenter axis of the pipe must
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flow outward toward the wall to maintain the increased velocity. This
is a radial velocity component which actually modifies the nature of the
streamline flow. If data for heating an oil in a given temperature range
are plotted as in Fig. 3.10 together with data for cooling the oil in the
same temperature range, two families of points are obtained. The data
on heating give higher heat-transfer coefficients than those on cooling.
Colburn? undertook to convert both heating and cooling data to a single
jsothermal line. He was able to employ a basic equation of the form of
Eq. (3.32) by multiplying the right-hand term by the dimensionless ratio
(u/np)” where p is the viscosity at the caloric temperature and u; is the
viscosity at an arbitrary film temperature defined for streamline flow by

tr = b+ Yo — t) (5.33)
and for turbulent flow by
i = tw + 35t — t.v) (5.34)

Sieder and Tate® undertook the correlation of a large quantity of data
in tubes, rather than pipes, and obtained a dimensionless factor (u/ps)™
where p, is the viscosity at the tube-wall temperature t,. Using the
Sieder and Tate correction, Eq. (3.32) for streamline flow becomes

F-GOOE) e

Equation (3.26) for turbulent flow becomes

I

By incorporating the correla,tlon factor for heating and cooling in this
manner a single curve is obtained for both heating and cooling, since the
value of 11/, is greater than 1.0 for liquid heating and lower than 1.0 for
liguid cooling. Inasmuch as the viscosities of gases increase rather than
decrease with higher temperature, the deviations from the isothermal
velocity distribution are the reverse of liquids.

PROBLEMS

B.1.- For a concentric-pipe heat-transfer apparatus having a I-in. IPS inner pipe
the film coefficient k; has been computed to be 10.0 Btu/(hr) (ft2)(°F). By suitable
calculation three different fluids, when circulated through the annulus. will have film
coefficients of 10.0, 20.0, and 200, respectively. Neglecting the resistance of the pipe,
how does the value of the annulus coefficient affect the value of the uverall coefficient?

5.2. (a) For values of k; = 100 and k, = 500, what error results in the calculated
value of U for a concentric-pipe heat-transfer apparatus having a 2-in. IPS inner
pipe when the metal resistatice is obtained from Rm = Ln/knA instead of (2.8/2rkm)

L Colburn, A. P., Trans. AIChE, 29, 174-210 (1933).
*Sieder, E. N., and G. E. Tate, Ind. Eng. Chem., 28, 1429-1436 (1936).
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log D2/Dy and when the pipe resistance is omitted entirely. (b) What are the errors
when the coefficients are k; = 10 and A, = 507

5.3. Calculate the LMTD for counterfiow in the following cases in which the hot
fluid is cooled from 200 to 100°F and the cold fluid, heated through an equal range in
each case, is (a) 90 to 140°F, (b) 80 to 130°F, and (¢) 60to 110°F. Observe the nature
of the deviation of the LMTD from the arithmetic means of the two terminal differ-
ences in each case.

5.4. A bot fluid is cooled from 245 to 225°F in each case. Compare the advantage
of counterflow over parallel flow in the size of the LMTD when & cold fluid is to be
heated from (a) 135 to 220°F, (b) 125 to 210°F, and (¢) 50 to 135°F,

6.5. 10,000 Ib/hr of cold benzene is heated under pressure from 100°F by cooling
9000 1b /hr of nitrobenzene at s temperature of 220°F. Heat transfer will occur in a
concentric-pipe apparatus having a 1}4-in. IPS inner pipe 240 ft long. Tests on
similar equipment transferring heat between the same liquids indicates that a value of
U = 120 based on the outside surface of the inner pipe may be expected. (a) What
outlet temperatures may be expected in counterflow? (b) What outlet temperatures
may be expected in parallel flow? (¢) If part of the concentric pipe is removed leav-
ing only 160 lin ft, what outlet temperatures may be expected in counterflow?

5.6. Benzene is to be heated in a concentric-pipe appardtus having a 134-in. IPS
inner pipe from 100 to 140°F by 8000 Ib /hr of nitrobenzene havkng an initial temper-
ature of 180°F. A value of U = 100 may be expected based on the outside surface of
the pipe. How much cold benzene can be heated in 160 lin £t of concentric pipe (a) in
counterflow, (b) in parallel flow? (Hint. Trial-and-error solution.) )

5.7. Aniline is to be cooled from 200 to 150°F in a concentric-pipe apparatus having
70 ft2 of external pipe surface by 8600 Ib /hr of toluene entering at 100°F. A value of
U = 75 may be anticipated. How much hot aniline can be cooled in counterflow?

5.8. In a counterflow concentric-pipe apparatus a liguid is cooled from 250 to
200°F by heating another from 100 to 225°F. The value of U4, at the cold terminal,
is caleulated to be 50.0 from the properties at the cold terminal, and U, at the hot
terminal is calculated to be 60.0. At what fluid temperatures should U be computed
to express the overall heat transfer for the entire apparatus?

5.9. In a counterflow concentric-pipe apparatus a liquid is eooled from 250 to 150°F
by heating another from 125 to 150°F. The value of U at the cold terminal is 52 and
at the hot terminal U, is 58, At what liquid temperatures should U for the overall
transfer be computed?

5.10. The calculation of the caloric temperatures can be accomplished directly by
evaluating ¢’ and ¥’ in U = a’(1 + b%) for a given temperature range. If the hot
liquid in Prob. 5.8 always provides the controlling film coefficient, what are the
numerical values of the constants ¢’ and b'?

B.11. A 40°APT kerosene is cooled from 400 to 200°F by heating 34°API crude oil
from 100 to 200°F. Between what caloric temperatures is the heat transferred, and
how do these deviate from the mean?

b.12. A 35° API distillate used as a heating oil is eooled from 400 to 300°F by fresh
35°API distillate heated from 200 to 300°F. Between what caloric temperatures ic
the heat transferred, and how do these deviate from the mean?

NOMENCLATURE FOR CHAPTER b

4 Heat-transfer surface or outside surface of pipes, ft?
External pipe surface per foot of length, ft
o', b Constants in the equation U = a'(1 4 b'f)
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Constants

Specific heat of hot fluid in derivations, Btu/(Ib)(°F)

Specific heat of cold Auid, Btu/ (lb)("F)

Inside diameter of pipe; ft

Caloric fraction, dimensionless

Mass velocity, 1b/(hr) (ft2)

Heat-transfer coefficient, Btu/(hr) ({t2) (°F)

Inside and outside film coefficients, Btu/(hr) (ft2) (°F)

hid;/A, inside film coefficient referred to out51de surface, Btu/

(br)(f£2) (°F)

Caloric factor, dimensionless

Thermal conductivity, Btu/(hr)({ft2) °F /ft)

Length, ft

Log mean temperature difference, °F

Heat flow, Btu/hr .

Ratio of we/WC = (T, — T4)/(¢: — %), dimensionless

Overall resistance to heat flow, (hr)({t%) (°F)/Btu

Ratio of cold to hot terminal differences, dimensionless

Temperature of the hot fluid, °F

Caloric temperature of hot fluid, °F

Hot-fluid inlet and outlet temperatures, respectively, °F

Temperature of the cold fluid, °F

Caloric temperature of cold fluid, °F

Film temperature in Egs. (5.33) and (5.34), °F

Inside pipe-wall temperature, °F

Qutside pipe-wall temperature, °F

Cold-fluid inlet and outlet temperatures, respectively, °F

Temperature difference at a point or mean over an area, °F

Temperature difference at the cold and hot terminals, respectively,
°F

Logarithmic mean of ¢, ~ #; and ¢, — &, °F

.Overall coefficient of heat transfer in general, Btu/(hr) {t2)/°F)

Overall coefficient of heat transfer at cold and hot terminals,
Btu/(hr) () (°F)

Value of U at &, Btu/(hr){ft?) (°F)

Weight flow of hot fluid, 1b/hr

Weight flow of cold fluid, Ib/hr

Proportionality constant, dimensionless

Viscosity at mean or ealoric temperature, 1b/(ft) (hr)

Viscosity at the film and pipe-wall temperatures, respectively,
Ib/(ft) (hr)

Constants

Subscripts (except as noted above)

1

0

Inside & pipe or tube

Outside a pipe or tube

Value based on inside of a pipe or tube referred to the outside of
the tube.



CHAPTER 6
COUNTERFLOW: DOUBLE PIPE EXCHANGERS

Definitions. Heat-transfer equipment is defined by the function it
fulfills in a process. Exchangers recover heat between two process
streams. Steam and cooling water are utilities and are not considered
in the same sense as recoverable process streams. Heaters are used pri-
marily to heat process fluids, and steam is usually employed for this
purpose, although in oil refineries hot recirculated oil serves the same
purpose. Coolers are employed to cool process fluids, water being the
main cooling medium. Condensers are coolers whose primary purpose
is the removal of latent instead of sensible heat. The purpose of reboilers
is to supply the heat requirements of a distillation process as latent heat.
Evaporators are employed for the concentration of a solution by the
evaporation of water. If any other fluid is vaporized besides water, the
unit is a vaporizer.

Double Pipe Exchangers. For the derivations in Chap. 5, a concen-
tric-pipe heat-transfer apparatus was employed. The industrial counter-

Return  Gland
§ S

berd . Glar,
i e i
=y ===
Return head

F1a. 6.1. Double pipe exchanger.

part of this apparatus is the double pipe exchanger shown in Fig. 6.1.
The principal parts are two sets of concentrie pipes, two connecting Tees,
and a return head and a return bend. 'The inner pipe is supported within
the outer pipe by packing glands, and the fluid enters the inner pipe
through a threaded connection located outside the exchanger section
proper. The Tees have nozzles or serewed connections attached to them
to permit the entry and exit of the annulus fluid which crosses from one
leg to the other through the return head. The two lengths of inner pipe
are connected by a return bend which is usually exposed and does not
provide effective heat-transfer surface. When arranged in two legs asin -
Fig. 6.1, the unit is a hairpin. '

102
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The double pipe exchanger is extremely useful because it can be
assembled in sny pipe-fitting shop from standard parts and provides
inexpensive heat-transfer surface. . The standard sizes of Tees and return
heads are given in Table 6.1.

TasLE 6.1. DourLe PirE Excuancer FirTinGs
Outer pipe, IPS Inner pipe, IPS

2 114
2% 1
3 2
1 3

Double pipe exchangers are usually assembled in 12-, 15-, or 20-ft
effective lengths, the effective length being the distance in each leg over
which heat transfer occurs and excludes inner pipe protruding beyond
the exchanger section. When hairpins are employed in excess of 20 ft in
length corresponding to 40 effective linear feet or more of double pipe,
the inner pipe tends to sag and touch the outer pipe, thereby causing a
poor flow distribution in the annulus. The principal disadvantage to
the use of double pipe exchangers lies in the small amount of heat-transfer
surface contained in a single hairpin. When used with distillation equip-~
ment on an industrial process a very large number are required. These
require considerable space, and each double pipe exchanger introduces
no fewer than 14 points at which leakage might occur. The time and
expense required for dismantling and periodically cleaning are prohibitive
compared with other types of eguipment. However, the double pipe
exchanger is of greatest use where the total required heat-transfer surface
is small, 100 to 200 ft2 or less.

Film Coefficients for Fluids in Pipes and Tubes. Eguation (3.42) was
obtained for heating several oils in a pipe based on the data of Morris and
Whitman. Sieder and Tate® made a later correlation of both heating
and cooling a number of fluids, principally petroleum fractions, in hori-
zontal and vertical tubes and arrived at an equation for streamline flow
where DG/u < 2100 in the form of Eq. (5.35).

2RO () - () ()" e

where L is the total length of the heat-transfer path before mixing occurs.
Equation (6.1) gave maximum mean deviations of approximately +12
per cent from Re = 100 to Re = 2100 except for water. Beyond the
transition range, the data may be extended to turbulent flow in the form

of Eq. (5.36). . . :
0 () e

1 Sieder, B. N., and G. E. Tate, Ind. Eng. Chem., 28, 1420-1436 (1936).
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Equation (6.2) gave maximum mean deviations of approximately -+15
and —10 per cent for the Reynolds numbers above 10,000. While Eqs.
(6.1) and (6.2) were obtained for tubes, they will also be used indiscrimi-
nately for pipes. Pipes are rougher than tubes and produce more turbu-
lence for equal Reynolds numbers. Coeflicients calculated from tube-data
correlations are actually lower and safer than corresponding caleulations
based on pipe data and there are no pipe correlations in the literature so
extensive as tube correlations. Equations (6.1) and (6.2) are applicable
for organic liquids, aqueous solutions, and gases. ‘They are not conserva-
tive for water, and additional data for water will be given later. In

S frfg/am//he | 17-;277’ k_ 7'u;bu/enf
ow . ow
x £q.(6.1) regron)  £q.(62)
I
- Slope=08
g
?/
.
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. &
==
2100
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m

Fi1a. 6.2. Tube-side heat-transfer curve.

order to permit the graphical representation of both eqﬁations on g single
pair of coordinates, refer to Fig. 6.2. Using the ordinate

- () () ()

and the abscissa (DG/u) only Eq. (6:2) can be shown. By using D/L or
L/D as a parameter, Eq. (6.1) can also be included. The transition
region joins the two. Working plots of Egs. (6.1) and (6.2) are given in
Fig. 24 of the Appendix together with a line of slope 0.14 to facilitate the
solution of the ratio ¢ = (u/uw)%4

Fluids Flowing in Annuli: The Equivalent Diameter. When a fluid
flows in a conduit having other than a circular cross section, such as an
annulus, it is convenient to express heat-transfer coefficients and friction
factors by the same types of equations and curves used for pipes and
tubes. To permit this type of representation for annulus heat transfer
it has been found advantageous to employ an equivalent diameter D..
The equivalent diameter is four times the hydraulic radius, and the
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hydraulic radius is, in turn, the radius of a pipe equivalent to the annulus
cross section. The hydraulic radius is obtained as the ratio of the flow
area to the wetted perimeter. For a fluid flowing in an annulus as shown
in Fig. 6.3 the flow area is evidently (ir/4) (D — D?) but the wetted perim-~
eters for heat transfer and pressure drops are different. For heat transfer
the wetted perimeter is the outer circumference of the inner pipe with
diameter D;, and for heat transfer in annuli

4 X flow area _ 4x(D} — DY) _ Dj — D}

D, = 4n = wetted perimeter 4xD, D,

(63)

In pressure-drop calculations the friction not only results from the resist-
-ance of the outer pipe but is also affected by the outer surface of the inner
pipe. The total wetted perimeter is #(D: -+ Dy), and for the pressure
drop in annuli

o 4 X flow area 4w(D} — DY)

¢ = frictional wetted perimeter “&(D. F Dy D: =Dy (84)

This leads to the anomalous result that the Reynolds numbers for the
same flow conditions, w, @, and p, are different for
heat transfer and pressure drop since D, might
be above 2100 while D/ is below 2100. Actually
both Reynolds numbers should be considered
only approximations, since the sharp distinetion
between streamline and turbulent flow at the
Reynolds number of 2100 is not completely valid
in annuli.

Film Coefficients for Fluidsin Annuli. When Fre. 6.3. Annulus diam-
the equivalent diameter from Eq. (6.3) is substi- :f:;::“d location of coeffi-
tuted for D, Fig. 24 in the Appendix may be con- ]
sidered a plot of D&/u vs. (heDo/k)(cu/k)y % (u/pwy% h, is the out-
side or annulus coefficient and is obtained in the same manner as h: by
multiplication of the ordinate. Even though D differs from D., A, is
effective at the outside diameter of the inner pipe. In double pipe
exchangers it is customary to use the outside surface of theinner pipe
as the reference surface in @ = UA A?, and since h; has been determined
for 4;and not 4, it must be corrected. h;is based on the area correspond-
ing to the inside diameter where the surface per foot of length is= X ID.
"On the outside of the pipe the surface per foot of length is » X OD; and
again letting h;, be the value of A; referred to the outside diameter,

A;_, ID
hi'a "‘ktz"_hso_]j

(6.5)
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Fouling Factors. The overall coefficient of heat transfer required to
fulfill the process conditions may be determined from the Fourier equa-
tion when the surface A is known and @ and Af are calculated from the
process conditions. Then U = Q/A4 At. Tf the surface is not known U
can be obtained independently of the Fourier equation from the two film
coefficients. Neglecting the pipe-wall resistance,

1 _ 1,1
v“Rio'i"Ro—"h—i;'f‘ha (6.6)
or .
hin 0
U=t th 7

The locations of the coefficients and temperatures are shown in Fig, 6.3.
When U has been obtained from values of h;, and k. and @ and Af are
calculated from the process conditions, the surface A required for the
process can be computed. The calculation of 4 is known as design.
‘When heat-transfer apparatus has been in service from some time, how-
ever, dirt and scale deposit on the inside and outside of the pipe, adding
two more resistances than were included in the caleulation of U by Eq.
(6.6). The additional resistances reduce the
original value of U, and the required amount
of heat is no longer transferred by the original
surface 4 ; T, rises above and ¢, falls below the
desired outlet temperatures, %Ithpugh h;and k.
remain substantially constant. To overcome
this eventuality, it is customary in design-
. ing equipment to anticipate the deposition of
Fic. 684, Location of foul- dirt and scale by infroducing a resistance Rq
ﬁiéif:g:; and heat-transfer .10 the dirt, scale, or fouling factor, or re~
sistance. Let Ry be the dirt factor for the
inner pipe fluld at its m51de diameter and Ra the dirt factor for the
annulug fluid at the -outside diameter of the inner pipe. These may be
considered very thin for dirt but may be appreciably thick for scale, which
has a higher thermal conductivity than dirt. The resistances are shown
in Fig. 6.4. The value of U obtained in Eq. (6.7) only from 1/A: and
1/h, may be considered the clean overall coefficient designated by Uc to
show that dirt has not been taken into account. The coefficient which
includes the dirt resistance is called the design or dirty overall coefficient Un.
The value of A corresponding to U, rather than U¢ provides the basis
on which equipment is ultimately built. The relationship between the
two overall coefficients Ug and Uy is

1 1
U; = m’ + Ra: Rda (68)
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or setting
Ra* 4 Reo = Ru (6.9)
1 1
7=t tR (6.10)

Thus suppose that for a double pipe exchanger, hi, and %, have been
computed to be 300 and 100 respectively, then '
111 00033 + 001 = 0.0133
Ue' hi ke ’ S ’ ’
or Ue = 1/0.0133 = 75.0 Btu/(hr)({t?)(°F). From experience, let us
say, it has been found that a thermal dirt resistance of Ra = 0.001
(hr) (ft2) (°F)/Btu will deposit annually inside the pipe and By,"= 0.0015
will deposit on the outside of the pipe. For what overall coefficient
should the surface be ealculated so that the apparatus need be cleaned
only once a year? Then Ry = Ry + Ra = 0.0025, and

1 _ 1 =1 = 9(°
O = 7 F Ba = w2 -+ 0.0025 = 0.0158 (br) () (F)/Btu
or
- _ 2)(°

The Fourier equation for surface.on which dirt will be deposited becomes
Q = Uod At (6.11)

If it is desired to obtain A, then %, and k, must first be calculated from
equations such as Eq. (6.1) and (6.2) which are independent of the extent
of the surface but dependent upon its form, such as the diameter and
fluid flow area. With these, Uc is obtained from Eq. (6.6) and U is
obtained from Ug¢ using Eq. (6.10).. Sometimes, however, it is desirable
to study the rates at which dirt accumulates on a known surface A.
U, will remain constant if the scale or dirt deposit does not alter the
mass velocity by constricting the fluid flow area. Up and A¢ will obvi-
ously change as the dirt accumulates because the temperatures of the
fluids will vary from the time the surface is freshly placed ir service until
it becomes fouled. If A¢is calculated from ebserved temperatures instead
of process temperatures then Eq. (6.11) may be used to determine Eq4

* Actually Ra: should be referred to the outside diameter as Rai, = Ri(4d/4:).
'When a cylinder is very thin compared with its diameter, as a layer of dirt, its resist-
ance is nearly the same as that through a flat wall. As shown by Egs. (2.34) and
(2.35), failure to correct to the outside will introduce a negligible errox, usually well
below 1 per cent. For thick scale, however, the error may be appreciable.
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for a given fouling period. Then from Eq. (6.10)

L1
Bo=5 = 7 (6.12)
which can also be written
_Ue—Up
Ry = “**‘U—c-‘U—D— (6.13)

When R, (deposited) > Rqs (allowed), as after a period of service, the
apparatus no longer delivers a quantity of heat equal to the process
requirements and must be cleaned.

Numerical values of the dirt or fouling factors for a variety of process
services are provided in Appendix Table 12. -The tabulated fouling
factors are intended to protect the exchanger from delivering less than
the required process heat load for a period of about a year to a year and a
half. Actually the purpose of the tabulated fouling factors should be
considered from another point of view. In designing a process plant
containing many heat exchangers but without alternate or spare pieces of
heat-transfer equipment, the process must be discontinued and the equip-
ment cleaned as soon as the first exchanger becomes fouled. It is
impractical to shut down every time one exchanger or another is fouled,
and by using the tabulated fouling factors, it can be arranged so that all

“the exchangers in the process become dirty at the same time regardless
of service. At that time all can be dismantled and cleaned during a single
shutdown. The tabulated values may differ from those encountered by
experience in particular services. If too frequent cleaning is necessary, a
greater value of B, should be kept in mind for future design.

It is to be expected that heat-transfer equipment will transfer more
heat than the process requirements when newly placed in service and
that it will deteriorate through operation, as a result of dirt, until it just
fulfills the process requirements. The calculation of the temperatures
delivered initially by a clean exchanger whose surface has been designed
for Up but which is operating without dirt and which is consequently
oversurfaced is not difficult. Referring to Eqgs. (5.18) and (5.19) use
U for U and the actual surface of the exchanger A (which is based on
Up). This calculation is also useful in checking whether or not a clean
exchanger will be able to deliver the process heat requirements when it
becomes dirty. - .

Pressure Drop in Pipes and Pipe Annuli. The pressure-drop allowance
in an exchanger is the static fluid pressure which may be expended to
drive the fluid through the exchanger. The pump selected for the circu-
lation of a process fluid is one which develops sufficient head at the
desired capacity to overcome the frictional losses caused by connecting
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piping, fittings, control regulators, and the pressure drop in the exchanger
itself. To this head must be added the static pressure at the end of the
line such as the elevation or pressure of the final receiving vessel. Oncea
definite pressure drop allowance has been designated for an exchanger
as a part of a pumping circuit, it should always be utilized as completely
a8 possible in the exchanger, since it will otherwise be blown off or
expanded through a pressure reducer. Since in Eq. (3.44)

AF < (? (nea,rly, since f varies somewhat with —D—f

and in Eq. (6.2) for turbulent flow
ki« Go-3 (nearly)

the best use of available pressure is to increase the mass velocity which
also increases k; and lessens the size and cost of the apparatus. It 'is
customary to allow a pressure drop of 5 to 10 psi for an exchanger or
battery of exchangers fulfilling a single process service except where
the flow is by gravity. For each pumped stream 10 pst is fairly standard.
For gravity flow the allowable pressure drop is determined by the eleva-
tion. of the storage vessel above the final outlet z in feet of fluid. The
feet of fluid may be converted to pounds per square inch by multiplying
z by p/144. :

The pressure drop in pipes can be computed from the Fanning equation
[Eg. (3.44)], using an appropriate value of f from Eqg. (3.46) or Eq.
{3.47b), depending upon the type of flow. For the pressure drop in
fluids flowing in annuli, replace. D in the Reynolds number by D] to
cbtain f. The Fanning equation may then be modified to give
4fGL
2gp*D),

Where several double pipe exchangers are connected in series, annulus to
annulus and pipe to pipe as in Fig. 6.5, the length in Eq. (3.44) or (6.14)
is the total for the entire path. '

The pressure drop computed by Eq. (3.44) or (6.14) does not include
the pressure drop encountered when the fluid enters or leaves exchangers.
For the inner pipes of double pipe exchangers connected in series, the
entrance loss is usually negligible, but for annuli it may be significant.
_The allowance of a pressure drop of one velocity head, ¥2/2¢’, per hairpin
. will ordinarily suffice. Suppose water flows in an annulus with a mass

velocity of 720,000 Ib/(hr){ft2). Since p = 62.5 lb/ft® (approximately),
¢ 720,000

V = 5500, = 3600 X 623 ~ o2 Ips-

AF = (6.14)
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The pressure drop per hairpin will be 8.22/(2 X 32.2) = 0.159 ft of water
or 0.07 psi. Unless the velocity is well above 3 fps, the entrance and
exit losses may be neglected. Values of V2/2¢’ are plotted directly against
the mass velocity for a fluid with a specific gravity of 1.0 in Fig. 27 in the
Appendix. ,

The Calculation of a Double Pipe Exchanger. All the equations
developed previously will be combined to outliné the solution of a double
pipe exchanger. The calculation consists simply of computing A, and
hi, to obtain Uc.  Allowing a reasonable fouling resistance, a value of Uy
is calculated from which the surface can be found with the use of the
Fourier equation @ = UpA At ’

Usually the first problem is to determine which fluid should be placed
in the annulus and which in the inner pipe. This is expedited by estab-
lishing the relative sizes of the flow areas for both streams. For equal
allowable pressure drops on both the hot and cold streams, the decision
rests in the arrangement producing the most nearly equal mass velocities
and pressure drops. For the standard arrangements of double pipes the
flow areas are given in Table 6.2, ’

TaBLE 6.2. Frow Areas AND EQUivaLENT DIAMETERS IN DoUBLE Pire ExcHANGERS

) Flow area, in.? Annulus, in.
Exchanger, IPS
Annulus| Pipe de d,
2 X1M 1.19 1.50 0.915 0.40
214 X 1Y 2.63 1.50 2.02 0.81
3 x2 2.93 | 3.35 | 1.57 | 0.60
4 x3 3.14 | 7.38 | 1.14 | 0.53

In the outline below, hot- and cold-fluid temperatures are represented
by upper and lower case letters, respectively. All fluid properties are
indicated by lower case letters to eliminate the requirement for new
nomenclature.

Process conditions required:

Hot fluid: Ty, T, W, ¢, s or p, u, k, AP, Ry, or Ry;
Cold fluid: #, t2, w, ¢, s Or p, , k, AP, Ra; or Rao

The diameter of the pipes must be given or assumed.
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A convenient order of ealculation follows:
(1) From Ty, T, by, te check the heat balance, @, using ¢ at Tess 801d frgea.
Q= WC (T~ Ty) = we(lz — 1)

Radiation losses from the exchanger are usually insignificant compared
-with the heat load transferred in the exchanger.
{2) LMTD, assuming counterflow. (5.14)
(8) T, and £.: If the liquid is neither a petroleum fraction nor a hydro-
carbon the caloric temperatures cannot be determined through the
use of Fig. 17 and Eqgs. (5.28) and (5.29). Instead, the calculation
of Ue must be performed for the hot and cold terminals giving U,
and U, from which one may obtain K.. F, is-then gotten from
Fig. 17 or Eq. (5.27). If neither of the liquids is very viscous at the
cold terminal, say not more than 1.0 centipoise, if the temperature
ranges do not exceed 50't0 100°F, and if the temperature difference is
less than 50°F, the arithmetic means of 7'y and 7’5 and {; and ¢, may
be used in place of 7. and ¢ for evaluating the physical properties.
For nonviscous fluids ¢ = (p/pw)1* may be taken as 1.0 as assumed
below.
Inner pipe:
(4) Flow area, a, = xD2/4, ft2
(6) Mass velocity, Gp = w/a,, 1b/(hr)(ft%).
(8) Obtain u at 7. or {, depending upon which flows through the inner
. pipe. u, Ib/(ft)(hr) = centipoise X 2.42.
From D ft, G, Ib/(hr)(ft2), u 1b/(ft) (br) obtain the Reynolds num-
" ber, Re, = DGy/n.
(7) From Fig. 24 in which jx = (h:D/k)(cur/k)Y(u/uw)= 0 v8. DGp/us
-obtain jz. ) '
(8) From ¢ Btu/(b)(°F), r Ib/(#t)(hr), %k Btu/(br)(ft?)(°F/ft), all
obtained at 7' or f, compute (cu/k)¥.
(9) To obtain &; multiply j= by (&/D)(cu/k)* (¢ = 1.0} or

1Ty -1 —~0.14 4, %
%(fkﬁ) C%) b ik‘f) X 1.0 = hs Btu/(hr) (f6?)CF)  (6.150) °

(10) Convert h; to hioj hio = hi(A;/4A) = h; X ID/OD. (6.5)
Annulus:
(4) Flow area, a, = »(D% — D?) /4, ft2

4 X flow area _Di - D?

Equivalent diameter D, = wotted perimeter — D,

ft (6.3)
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(6") Mass.velocity, Go = w/a,, Ib/(hr)(ft?)
(6") Obtain p at T, or &, Ib/(ft)(hr) = centipoise X 2.42. From D. ft,
G, 1b/(hr) (ft%), p Ib/(ft)(br) obtain the Reynolds number,

D&,
18

(7) From Flg 24 in which j» = (h. De/k) (c;.c/k)"%(p/p.,,)"" U yvs. DG/
obtain j Ji

(8’) From ¢, g, and %, all obtained at T or ¢, compute (cu/k)*.

9" To obtam h, multiply jr by (k/D.)(cr/k)¥% (¢ = 1.0) or

h"f . (%‘)h (;*‘;)_O'H -]])— (%’—‘)’u X 1.0 = hy Btu/(hr)(Et) °F)  (6.15b)

Overall coefficients:

(11) Compute U¢ = hihe/(hio + ho), Btu/(hr){{t2) (°F). 6.7

(12) Compute Up from 1/Up = 1/U¢ + Ra. (6.10)

(13) Compute A from @ = UpA4 Af which may be translated into length.
I the length should not correspond to an integral number of hair-
pins, a change in the dirt factor will result. The recalculated dirt
factor should equal or exceed the required dirt factor by using the
next larger integral number of hairpins. :

Calculation of AP. This requires a knowledge of the total length of
path satisfying the heat-transfer requirements,

Re, =

Inner pipe:
(1) For Re, in (6) above obtain f from Eq. (3.46) or (3 475).
(2) AF, = 4fG*L/2gp*D, ft. (3.45)
AFpp/ 144 = AP,, psi. '
Annulus:
_ 4x(D — D}
! i 2 1 —_
(1) Obtain Dy = LD T Dy - = (D, — D). (6.4) .

Compute the frictional Reynolds number, Re = Di@./u. For Re,
obtain f from Eq. (3.46) or (3.47b). o
(2') AF, = 4fG2L/2gp?D’, ft. (6.14)
(8') Entrance and exit losses, one velocity head per hairpin:-
2
ARy = 2%—, ft/hairpin
(AF, 4+ AFy)p/144 = AP,, psi.

There is an advantage if both fluids are computed side by side, and the
- use of the outline in this manner will be demonstrated in Example 6.1.
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Example 6.1. Double Pipe Benzene-Toluene Exchanger. It is desired to heat
9820 1b/hr of cold benzene from 80 to 120°F using hot toluene which is cooled from
160 to 100°F. The specific gravities at 68°F are 0.88 and 0.87, respectively. The
other fluid properties will be found in thé Appendix. A fouling factor of 0.001 should
be provided for each stream, and the allowable pressure drop on each stream is 10.0 ps.

A number of 20-ft hairpins of 2- by 1}4-in. IPS pipe are available. How many
hairpins are required?

Solution:
(1) Heat balance:
+ 120 . . .
Benzene,; tyy = —5— = 100°F ¢ = 0.425 Btu/(b)(°F) (Fig. 2)
Q@ = 9820 X 0.425(120 — 80) = 167,000 Btu/hr
160 + 100 . . .
Toluene, Tay = —a = 130°F ¢ = 0.44 Btu/(Ib)(°F) (Fig. 2)
167,000 __ _ 6330 1b/hr

W = 544(160 — 100)
(2) LMTD, (see the method of Chap. 3):

Hot fluid Cold fluid Diff.
160 Higher temp 120 40 Aty
100 Lower temp 80 20 Aty
’ 20 Aly — Aly

A=A 2,
LMTD = 53 Tog Ata/Ah ~ 23Tog 5, ~ 255 © 6.14)

(8) Caloric temperatures: A check of both streams will show that neither is viscous
at the cold terminal (the viscosities less than 1 centipoise) and the temperature
ranges and temperature difference are moderate. The coefficients may accord-
ingly be evaluated from properties at the arithmetic mean, and the value of
(1/1w) %14 may be assumed equal to 1.0

Toy = 14(160 + 100) = 130°F  toy = 14(120 + 80) = 100°F

Proceed now to the inner pipe. A check of Table 6.2 indicates that the flow area
of the inner pipe is greater than that of the annulus. Place the larger stream, benzene
in the inner pipe.

. Hot fluid: annulus, toluene Cold fluid: inner pipe, benzene
(4") Flow area, (4) D = 1.38/12 = 0.115 ¢
D, = 2.067/12 = 0.1725 ft Flow area, a, = wD?/4
D, =1.66/12 = 0.138 ft = ¢ X 0.1152/4 = 0.0104 ft?

o = x(D; — D} /4
= £(0.1725? — 0.138%)/4 = 0.00826 ft?
Equiv diam, D, = (D} — D} /D, ft
' [Eq (6.3)]
D, = (0.17252 — 0.138%)/0.138
= 0.0762 ft
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Hot fluid: annulus, toluene Cold fluid: inner pipe, benzene
(§') Masgs vel, Gz = W/aa (6) Mass vel, G, = w/a,
= 6330/0.00826 = 767,000 Ib/(hr)(ft2) = 0820/0.0104 = 943,000 Ib/(hr) (ft?)
(6) At 130°F, x = 0.41 ¢p [Fig. 14] | (6) At 100°F, ux = 0.50 cp [Fig. 14]
= 0.41 X 2.42 = 0.99 Ib/(ft)(hr) = 0.50 X 2.42 = 1.21 Ib/(ft) (hr)
Reynolds no., Re; = D G" Reynolds no., Re, = —2
= 0.0762 X 767, 000/0 99 = 59,000 = 0,115 X 943,000/1.21 = 89,500
(1) jr = 167 [Fig. 24] | (T) jur = 236 [Fig. 24]
(8") At 130°F, ¢ = 0.44 Btu/({b)(°F) (8) At 100°F, ¢ = 0.425 Btu/(b)(°F)
[Fig. 2] {Fig. 2]
k = 0.085 Btu/(hr) (ft?) °F/ft) [Table 4} [ &k = 0.091 Btu/(hr) (ft2)(°F/it) [Table 4]
cu\¥ _ (044 X 0.99\% _ ) (c_y. wo_ (0.425 X L21\% _
(T) =\ 0085 = 1725 k)‘ =000t =178
ok feu\¥ a0 Lk fe\H [ p\oM
@ n =g (5)" (£) @k =ing (5)" (&
0.085 [Eq. (6.15b)1 0.001 [Eq. (6.15a)]
=167 X ——— 00763 X 1.725 X 1.0 = 236 X 5= 8115 X 178 X 1.0
= 323 Btu/(hr) ({t*) (°F) = 333 Btu/(hr) ({t?) (°F)
(10) Correct k; to the surface at the OD
1D
hio = ks X 6]_) [Eq. (6.5)]
1.38
—-333><166—276
. Now proceed to the annulus.
(11) Clean overall coefficient, Uc: ' _
hu‘oha _ 276 X 323 _ "
Ue = P alal T T 149 Btu/(hr) (ft?) (°F) (6.7}
(12) Design overall coefficient, Up:
1 1
U5 = T + Rq (6.10)
Rq = 0. 002 (required by problem)
1
Up ~ 149 +0.002
Up = 115 Btu/(br)({t*}(°F)
Summary
323 | h outside | 276
Ue 149
U»n 115
(13) Required surface:
= -9
Q =Upd At A_UDAt
Surface = 167,000 50.5 ft2

116 X 28.8
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From Table 11 for 134-in. IPS standard pipe there are 0.435 ft2 of external surface

per foot length.

Required length =

50.5

0.435 ft

= 116 lin

This may be fulfilled by connecting three 20-ft hairpins in series.

(14) The surface supplied will actually be 120 X 0.435 = 52.2 {t2,

The dirt factor

will accordingly be greater than required. The actual design coefficient is

167,000 o
U = g32 x 288 = 111 B/ () (F)
- ~ 111
Ry = Dgopn® = [T = 00028 Gr)GCE)/Br (613)

Pressure Drop

(1) D, for pressure drop differs from D,

for heat transfer.

D, = (D: — Dy) [Eq. (6.4)
= (0.};725 — 0.138) = 0.0345 ft

Re, = = )
LI
= 0.0345 X 767,000/0.99 = 26,800
0.264 :
(Eq. (3.47b}]

62.5 X 0.87 = 54.3
' [Table 6]

s =087 p =
4fG’L

4 =
() AF, 20 D:

4 X 0.0071 X 767,000 X 120
T 2 X418 X 10° X 5437 X 0.0345

=235t
@ 767,000
for —
8V = 3506, = 3600 x 543 ~ o-221ps
V2 392
Fi=3 (ﬁ) =3 X g =0Tt
apow BEHOTBE oo

144

Allowable AP, = 10.0 psi

A check of U, and U, gives 161 and 138, respectively, and K,

(1) For Re, = 89,500 in. (6) above
0.264

f = 0.0035 + ECTAEE [Eq. (3.478)]
) 0.264 :
= 0.0035 S—Q,W = 0.00567
s = 0.88, p = 62,5 X 0.88 = 55.0
[Table 6]
. afelL
(2) AFp = 295D

o 4 X0.0057 X 943,000% X 120
2X418X103X5502X0115

= 83 ft
_83X B0 _ oo
APp = 142 3.2psi
Allowable AP, = 10.0 psi
= 0.17. From

Fig. 17 for Ato/Al, = 2% = 0.5, F. = 0.43, whereas in the solution above the arith-
metic mean temperatures were used. The arithmetic mean assumes F, = 0.50.
However, sinee the ranges are small for both fluids, the error is too small to be sig-
nificant. If the ranges of the fluids or their viscosities were large, the error might be
considerable for F; =-0.43.

Double Pipe Exchangers in Series-parallel Arrangements. Referring
to Example 6.1, it is seen that a caleulated pressure drop of 9.2 psi is
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obtained against an allowable pressure drop of 10.0 psi. Suppose, how-
ever, that the calculated pressure drop were 15 or 20 psi and exceeded the
available head. How then might the heat load be transferred with the
available pressure head? One possibility is the use of a by-pass so that
only three-quarters or two-thirds of the fluid flows through the exchanger
and the remainder through the by-pass. This does not provide an ideal
solution, since the reduced flow causes several unfavorable changes in the
design. (1) The reduced flow through the exchanger reduces the mass
velocity Q. and the film coefficient A, Since both of the coefficients are
nearly alike, 323 vs. 276, any sizable reduction in G, alone decreases Uy
by nearly G%8. (2) If less liquid circulates through the annulus, it has
to be cooled over. a longer range than from 160 to 100°F so that, upon

] -15:1’2 ' | | ITu t
e,
= ) G b

F1a. 6.5. Double pipe exchangers in series. F1a. 6.6. Series—parallel arrangement.

mixing with the by-pass fluid, the process outlet temperature of 100°F
results. As an example, the portion circulating through the annulus
might have to be cooled over the range from 160 to 85°F depending upon
the percentage by-passed. The outlet temperature of 85°F is closer to
the inner pipe inlet of 80°F than originally, and the new cold-terminal
difference At; of only 5°F greatly decreases the LMTD. The two effects,
decreased U¢ and LMTD, increase the required number of hairpins
greatly even though the heat load is constant. Reversing the location
of the streams by placing the benzene in the annulus does not provide a
solution in this case, since the benzene stream is larger than the toluene
stream. The possibility of reversing the location of the streams should
always be examined first whenever the allowable pressure drop cannot
be met.

A solution is still possible, however, even when all the above have
failed. When. two double pipe exchangers are connected in series, the
arrangement is shown in Fig. 6.5. Suppose that the stream which is too
large to be accommodated in several exchangers in series is divided in half
and each half traverses but one exchanger through the inner pipes in
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Fig. 6.6. Dividing a stream in half while keeping the flow area constant
produces about one-eighth of the series pressure drop, since G and L will
be half and the product of G*L in Eq. (6.14) will be one-eighth. While
the film coefficient will also be reduced, the unfavorable temperature
difference of by-passing can be circumvented. . Where there is a substan-
tial unbalance between the weight flow of the two streams because one
operates over a long range and the other over a very short range, the large
stream may be divided in three, four, or more parallel streams. In larger
services each parallel stream may also flow through several exchangers
in series in each parallel bank. The term ‘‘ parallel streams’” should not
be confused with “parallel flow.” The former refers to the division of
the flow of one fluid, while the latter refers to the direction of flow
between two fuids.

- The True Temperature Difference for Series-parallel Arrangements.
The LMTD calculated from 7', T's, 1, and ¢, for the series arrangement
will not be the same for a series-parallel arrangement. Half of the pipe
fluid enters the upper exchanger II in Fig. 6.6 where the annulus fluid is
hot, and half enters the lower exchangeér I in which the annulus fluid has
already been partially cooled. While exchangers in series do not transfer
equal quantities of heat, the series-parallel relationship is even more
adverse, the lower exchanger accounting for relatively less of the total
heat transfer. If the true temperature difference is called Af, it will not
be -identical with the LMTD for the process conditions although both of
the exchangers operate in counterflow. '

Consider the two exchangers in Fig. 6.6 designated by I and II. The
intermediate temperature is T, and the outlets of the parallel streams are
designated by & and ¢. Their mixed temperature is f,.

For exchanger I, containing half the surface,

Q= WC(T — Ty) = —(—/2‘—4- X LMTD; (6.16)

and
_(T—8) - (T: = t)

LMTD; = [ 2 K (6.17)
Substituting in Eq. (6.16),
UA _ (T — Ty n =t
2WC (P — &) — (To— ) T:— s
Rearranging,
vd _ (T — T) n (T — &)
QWC (T —Te) — (i — t)) " (Te—t1)
I n L =4 (6.18)
1-BG-6)/(T-T) T:— 4 '
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Let
Ri=(T—T2)= we
& — t) 2w
Uva R In T — &
2WC  R*— 1 "T,— 4
Similarly for exchanger II _
Qu=WC(T,—1T) = %4 X LMTDu
_ (=8 - (T—t)
Let FAMTDn = gy (Th — &)/ (T — &)
e
BT — T —T _ we
-  2WC
UA R™ In T, — &

WC RE-1"T—1¢

Since ¢ and C were assumed constant,

RE=RI=FR = we

2w
Let
_ t]é - t[ T T - Tz
8= i M == t
]‘[I — R/SI
Similarly let . _
w_f=h m LT
St = T —t M Ty~ 4

(6.19)

(6.20)

(6.21)

(6.22)

(6.23)

R’ and 8§ are ratios which recur frequently in obtaining the true tempera-
ture difference At from the LMTD. 8 is the ratio of the cold fluid range
to the maximum temperature span, the latter being the difference between

both inlet temperatures, T’y and ;.

But

ME = R'SH
T—t.f,:T'—h_ &=t
T — 1 T—1t; T -1
T — & 1-§

T:—ta 1-—-RS&

1-8=

and from Eq. (6.19)
UA R’ 1.— 8§

SWe - B 1R i—ms

and from Eq. (6.22) ,
UA _ R | 1-— 8"
oWC R —1 1T - RMu

(6.24)

(6.25)
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and equating Eqs. (6.24) and (6.25),
1-8  1-8¢
1—R8 1 -—-FRS8T
8= 81
M= M"
Adding Eqgs. (6.24) and (6.25),
UA 2R n 1—-8 _ 2R n,T——tg
We R -1 1-RS§& R=-1"T:—t
in which 7 is the only unknown, and since M* = M",
TW—T_T—-T
Ti—t T—4
T% — 24T + t4{T1+ T2) — T1T>. =0 (6.27)
Equation (6.27) is a quadratic whose solution is

2 & VA — a[(T1 + Ty) — 4T.TY)
= 5

=} + ‘\/(T] — (T2 — ty) (6.28)
The minus sign applies when the heating medium is in the pipes. - The

plus sign applies when the cooling medium is in the pipes.
Substituting for 7 in Eq. (6.26),

UA 2R : [(R’ —~ )Ty — ) + VT = 0)(Ts = tl)]

Therefore

1 (6.26)

T

WCTR -1" R'~/(Ty — )(Tz — &)
2R R —1\N(T:—t\* | 1
‘R'—N“[( ' ) T, = &) +ﬁ] (6.29)
At is the single value for the entire series-parallel arrangement; thus
Q=UdAl = WC(T:1— T {(6.30)
_Q _WC
Af = T4~ T4 T, =T (6.31)

It is convenient in this derivation to employ a definition for the true
temperature difference in terms of the maximum temperature span
Tl — ty: _

At = v(T1 — &) (6.32)

Equating (6.31) and (6.32),
%’*g (T = T) = v(T1 — t)

_WC(Ty — Ts)
YE AT, =)
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Sinee M = (T) — T3)/(T1 — 1), define P’ = (Ty — t1)/(T1 — t1) and
UA/WC = M/v; then

P4+ M=1 or M=1-P
Substituting in Eq. (6.29),

o= e[ () () + 7] €%

ST ()R ] o

If developed in a generalized manner it can be shown that, for one series
hot stream and n parallel cold streams, Eq. (6:34) becomes

1 - P' nR . R -1 1\ 1

T, — Ty
‘n(iz —_ tl)

or

where

R =

For one series cold stream and n parallel hot streams,

1 _ P” 1/n
> = 23 R" log [(1 — R ( ,,) + R”] (6.35b)
where .
' w_Ti—1 (T — Ty)
P! = T and R = L=

Example 6.2. Calculation of the True Temperature Difference. A bank of double
pipe exchangers operates with the hot fluid in series from 300 to 200°F and the cold
fluid in six parallel streams from 190 to 220°F, What is the true temperature differ-
ence At?

Ty—t, _200—190 _ o0 o _ Ti—Ta _ 300 —200

’ = = = =
P = Ti—1t 300 — 190 n{t; — 1)  6(220 — 190)

= 0.558

Substituting in Eq. (6.35¢) and solving, v = 0.242.
' A = 0.242(300 — 190) = 26.6°F (6.32)
The LMTD would be 33.7°F, and an error of 27 per cent would be introduced by

its use.

Exchangers with a Viscosity Correction, ¢. For heating or cooling
fluids, the use of Fig. 24 with an assumed value of (u/pw)%* = 1.0 also
assumes a pegligible deviation of fluid properties from isothermal flow.
For nonviscous fluids the deviation from isothermal flow during heating
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or cooling does not introduce an appreciable error in the caleulation of
the heat-transfer coefficient. When the pipe-wall temperature differs
appreciably from the caloric temperature of the controlling fluid and the
controlling fluid is viscous, the actual value of ¢ = (u/uw)®" must be
faken into account. To include the’ecorrection, t, may be determined
by Eq. (5.31) or by (5.32) from uncorrected values of h./¢. 2and hi/ ¢y,
which are then corrected accordingly by multiplication by ¢ and ‘¢,
vespectively. The corrected coefficients where ¢ = 1.0 are

ho = (%) ba (6.36)
hia
b = (E) ) (6.37)

Similarly for two resistances in series employing the viscosity corrections
for deviation from the isothermal the clean overall coefficient is again

hioh.,
Ue = hio 4 ho ) (6.38)

‘Example 6.8. Double Pipe Lube Qil-Crude OQil Exchanger. 6,900 Ib/hr of a
26°API lube oil must be cooled from 450 to 350°F by 72,500 Ib /hr of 34°API mid-conti-
nent crude oil. The crude oil will be heated from 300 to 310°F.

A Touling factor of 0.003 should be provided for each stream, and the allowable
pressure drop on each stream will be 10 psi.

A number of 20-ft hairpins of 3- by 2-in. IPS pipe are available. How many must
Be used, and how shall they be arranged? The viscosity of the crude oil may be
obtained from Fig. 14. For the lube oil, viscosities are 1.4 centipoises at 500°F, 3.0
at 400°F, and 7.7 at 300°F. These viscosities are great enough to introduce an error if
(/)% = 1 ig assumed.

Solution:

(1) Heat Balance: )
Lube oil, § = 6900 X 0.62(450 — 350) = 427,000 Btu/hr
Crude oil, @ = 72,500 X 0.585(310 — 300) = 427,000 Btu /hr
(2) At:

Hot Fluid Cold Fluid ~ Diff.
450 | Higher temp 30 | 140 [at
350 Lower temp 300 50 [aAf
90 |Ats — AL

It will be impossible to put the 72,500 b /hr of crude into a single pipe or annulus,
since the flow area of each is too small. ‘Assume, as & trial, that it will be employed in
two parallel streams. )

At = 87.5°F (6.35a)
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(8) Caloric temperatures:
At 50 _ .
A =110 = 0.357 K. =043

Proceed now to the inner pipe.

Hot fluid: annulus, lube oil
(4') Flow area, D, = 3.068/12 = 0.256 ft
D, ='2.38/12 = 0.199 {t
a. = w(D} — DD)/4
= x(0.256% ~ 0.199%)/4 = 0.0206 ft?
Equiv diam, D, = (D} — D})/D,
[Eq. (6.3)]
= (0.2562 ~ 0.199%)/0.199 = 0.13 ft
(6’) Mass vel, Ga = W/a,
= 6900/0.0206 = 335,000 Ib/(hr) (ft?)

(6') At 389.5°F, p = 3.0 cp
= 3.0 X 2.42 = 7.25 1b/(ft) (hr)
[Fig. 14]
Re, = D,Ga/y.
= 0.13 X 335,000/7.25 = 6,000
If only 2 hairpins in series are required,
L/D will be 2 X 40/0.13 = 614. Use
L/D = 600.
(7) ju = 20.5 [Fig. 24]
(8') At T. = 389.5°F, ¢ = 0.615 Btu/
(b)(°F) [Fig. 4]
k = 0.067 Btu/(hr) (ft'*’)("F/ft) [Fig. 1]

cu 0.615 X 7.25
(’k‘) ~ooe7 ) =408

@) b =i 5 (%) Ba. @150

h, _ 20.5 X 0.067 X 4.05
ba 0.13
= 42.7 Btu/(hr) (ft?) C°F)
— h0/¢ﬂ —_—
he = b f ey F hofda Le T
[Eq. (5.31)]
= 304 + 22T __ (380.5 — 304)
357 T 437
= 314°F
po = 6.6 X 2.42 = 16.0 1b/(ft) (hr)
[Fig. 14]
) Pa = (H/ﬂw o.14
= (7.25/16.0)°14 = 0.90  [Fig. 24]
b=ty (Eq. (6.36)]

= 42,7 X 0.90 = 38.4

F, = 0.395

T. = 350 X 0.395(450 — 350) = 389.5°F
= 300 X 0.395(310 — 300) = 304°F

[Eq. (3.6)] | Re,
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(Fig. 17)

(5.28)
(5.29)

Cold fluid: inner pipe, crude oil
(4) Flow area, D = 2.067/12 = 0.172 ft
ap, = xD*/4 :
=g X 0,1722/4 = 0.0233 ft2
Since two parallel streams have been as-
sumed, w/2 Ib/hr will flow in each pipe.

(6) Mass vel, Gy = w/a,
_ 72,500
~ 2X0.0238
= 1,560,000 Ib/(hr)(ft?)
(6) At 304°F, u =083 cp
= 0.83 X 2.42 = 2.01 Ib/(ft) (hr)
[Fig. 14]
= DGy/n
= 0.172 X 1,560,000/2.01 = 133,500

(T) ju =320 [Fig. 24]
(8) Att. = 304°F,c = 0.585 Btu/(Ib)(°F)

[Fig. 4]
k = 0.078 Btu/(hr) (ft*) CF/ft)  [Fig. 1]

cx\¥% _ £0.585 X 2.01\% _
(F) "( 0.073 = 2.52

1
@ b =inls (2)",
h; 320 X 0.073 X 2.52
Py 0.172 ]
' = 342 Btu/(hr)(ft?) (°F)
hno h;‘ ID

10 5, =% X oD

= 342 X 2.067/2.38 = 297
Now proceed from (4) to (9’) to obtain ¢,.
o = 0.77 X 242 = 1.86 [Fig. 14]
¢ = (u/p)®¥ .

= (2.01/1.86)%14 = 1.0 nearly

[Eq. (6.15a)]

[Fig. 24]
hio = ’—;— . [Eq. (6.37)]
7
= 207 X 1.0 = 297
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(11) Clean overall coefficient, Ug:
hiofe 207 X 38.4

123

Uo = b T = 297 3384 — 40 B/ @) (°F) (6.38)
(12) Design overall coeflicient, Up:
1 1
Ts = Te + Ra (6.10)
= 0,003 + 0.008 = 0.006 (hr)({t?)(°F)/Btu
Up = 282
Summary
38.4 | houtside| 297
Ue 34.0
Up = 28.2
(18) Surface:
__Q _ 427000 _
A=y, Wz xers oW
External surface/lin ft, a” = 0.622 ft (Table 11)
. 178
Required length = S 278 lin ft

This is equivalent to more than six 20-ft hairpins or 240 lin feet.
streams are employed, use eight hairpins or 320 lin. feet.

Since two parallel
The hairpins should have

the annuli connected in series and the tubes in two parallel banks of four exchangers.
The corrected Up will be Up = Q/4 At = 427,000/320 X 0.622 X 87.5 = 24.5.
The corrected dirt factor willbe BRg = 1/Up — 1/Up = 1/24.5 — 1/34.0 = 0.0114.

Pressure Drop

(1" D, = (D: — Dv) [Eq. (6.4)]
= (0.256 — 0.198) = 0.058 ft
Re, = D:Ga/p-
= 0.058 X 335,000/7.25 = 2680
0.264

f = 0.0085 + gz = 0.0182
{Eq. (8.47b)]
s =0.775, o = 62.5 X 0.775 = 48.4
[Fig. 6]
4fG2Ls
2 = el
@) aFe =5 55

4 X 0.0132 X 335,000% X 320
= X418 X 10° X 48.4% X 0.058
. = 16.7 ft

Gs 335 000
3600, 3600 X 48.4

aF =8 (2 0.45¢
b= (T) S(2x322 =045

(167 -+ 0.45) X 48.4
4P 144
Allowable AP, = 10.0 psi

= 1.9fps

3y =

= 5.8 psi

(1) For Re, = 133,500 in (8) above
o 0.264
f = 0.0035 4 133,50006 ~ 0.005375
[Eq. (3.47)]
s = 076, p = 62.5 X 0.76 = 47.5
[Fig. 6]

Halves of the tube fluid will flow through
only four exchangers. )

_4GL,
@ aF, =522

_ 4 X 0.005375 X 1,560,000% X 160
T 2 X418 X108 X 47.5% X 0.172
= 25.7 ft

= 8.5 psi

25 7 X 47 5

APy 144
Allowable AP, = 10.0 psi
If the flow had not been divided, the pres-
sure drop would be nearly eight times as
great, or about 60 psi. .
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PROBLEMS

6.1. What is the fouling factor when (a) U¢ = 80 and Up = 20, (b) Uc = 60 and
Up = 50, and (¢) Uc = 110 and Up = 100? Which do you consider reasonable to
specify between two moderately clean streams?

6.2. A double pipe exchanger was oversized because no data were available on the
rate at which dirt accumulated. The exchanger was originally designed to cool
13,000 b /hr of 100 per cent acetic acid from 250 to 150°F by heating 19,000 lb /hr of
butyl alecohol from 100 to 157°F. A design coefficient Up = 85 was employed, but
during initial operation a hot-liquid outlet temperature of 117°F was obtained. It'
rose during operation at the average rate of 3°F per month. What dirt factor should
have been specified for a 6-month cleaning cycle?

6.3. O-xylene coming from storage at 100°F is to be heated to 150°F by cooling
18,000 Ib/hr of butyl alcohol from 170 to 140°F. Available for the purpose are five
20-ft hairpin double pipe exchangers with annuli and pipes esch connected in series.
The exchangers are 3- by 2-in. IPS. What is (a) the dirt factor, (b) the pressure drops?
(c) If the hot and cold streams in (a) are reversed with respect to the annulus and inner
pipe, how does this justify or refute your initial decision where to place the hot stream?

‘6.4. 10,000 Ib /hr of 57°API gasoline is cooled from 150 to 130°F by heating 42°API
kerosene from 70 to 100°F. Pressure drops of 10 psi are allowable with a minimum
dirt factor of 0.004. (a) How many 2}4- by 114-in. IPS hairpins 20 ft long are
required? (b) How shall they be arranged? (¢) What is the final fouling factor?

6.5. 12,000 Ib/hr 26°API lube oil (see Example 6.3 in text for viscosities) is to be
cooled from 450 to 350°F by heating 42°API kerosene from 325 to 375°F. A pressure
drop of 10 psi is permissible on both streams, and a minimum dirt factor of 0.004 should
be provided. (e¢) How many 20-ft hairpins of 2%4- by 1}{-in. IPS double pipe are
required? (b) How shall they be arranged, and (¢) what is the final dirt factor?

6.6. 7,000 1b /br of aniline is to be heated from 100 to 150°F by cooling 10,000 Ib /hr
of toluene with an initial temperature of 185°F in 2- by 1-in. IPS double pipe hairpin
exchangers 15 ft long. Pressure.drops of 10 psi are allowable, and a dirt factor of
0.005 is required. (az) How many hairpin sections are required? (b) How shall they
be arranged? (c¢) What is the final dirt factor?

6.7. 24,000 Ib/hr of 35°API distillate is cooled from 400 to 300°F by 50,000 Ib /hr
of 34°API crude oil heated from an inlet temperature of 250°F. Pressure drops of
10 psi are allowable, and 2 dirt factor of 0.006 is-required. Using 20-ft hairpins of
4- by 3-in. IPS (¢) how many are required, (b) how shall they be arranged, and

~{¢) what is the final fouling factor?

6.8. A liquid is cooled from 350 to 300°F by another which is heated from 290 to
315°F. How does the true temperature difference deviate from the LMTD if (a) the
hot fluid is in series and the cold fluid flows in two parallel counterflow paths, (b) the
hot fluid is in series and the cold fluid flows in three parallel-fow—counterflow paths,
(¢) The cold-fluid range in (a) and (b) is changed to 275 to 300°F.

6.9. A fluid is cooled from 300 to 275°F by heating a cold fluid from 100 to 290°F.
If the hot fluid is in series, how is the true temperature difference affected by dividing
the hot stream into (a) two parsllel streams and (b) into three parallel streams?

6.10. 6330 1b/hr of toluene is cooled from 160 to 100°F by heating amyl acetate
from 90 to 100°F using 15-ft hairpins, The exchangers are 2- by 134-in, IPS. Allow-
ing 10 psi pressure drops and providing a minimum dirt factor of 0.004 (a) how many
hairpins are required, (b) how shall they be arranged, and (¢) what is the final dirt
factor?



COUNTERFLOW 125

6.11. 13,000 Ib/hr of 26°API gas oil (see Example 6.3 in text for viscosities) is
cooled from 450 to 350°F by heating 57°API gasoline under pressure from 220 to 230°F
in a8 many 8- by 2-in. IPS double pipe 20-ft hairpins as are required. Pressure drops
of 10 psi are permitted along with & minimum dirt factor of 0.004. (a¢) How many
hairpins are required? (b) How shall they be arranged? (¢) What is the final dirt
{actor?

6.12. 100,000 Ib/hr of nitrobenzene is to be cooled froni 325 to 275°F by benzene
-heated from 100 to 300°F. Twenty-foot hairpins of 4- by 3-in. IPS double pipe will
‘be employed, and pressure drops of 10 psi are permissible. A minimum dirt factor of
0.004 is required. (a) How many hairpins are required? (b) How shall they be
arranged? (c) What is the final dirt factor?

NOMENCLATURE FOR CHAPTER 6

4 Heat-transfer surface, ft2
a Flow area, ft2
' External surface per linear foot of pipe, ft
¢ Specific heat of hot fluid in derivations, Btu/(b)(°F)
a A constant
¢ Specific heat of cold fluid in derivations or either fluid in caleulations
Btu/{b) (°F)
D Iuside diameter, It
Dy, D. For annuli D, is the outside diameter of inner pipe, D, is the inside diame-
ter of the outer pipe, ft ‘
b, D, Bquivalent diameter for heat~transfer and pressure drop, ft
d., d. Equivelent diameter for heat-transfer and pressure drop, in.
D, Outside diameter, ft
F, Caloric fraction, dimensionless
AF Pressure drop, ft
ki Friction factor, dimensionless
¢ Mass veloeity, 1b/(hr) (ft2),
g Acceleration of gravity 4.18 X 108 ft/hr?
g Acceleration of gravity $2.2 ft/sec?
hy by By Heat-transfer coefficient in general, for inside fluid, and for outside fluid,
respectively, Btu/(hr){t2) (°F)
kio Value of h; when referred to the pipe outside diameter, Btu/(hr) (ft2) °F)
D Iuside diameter, ft or in.
Jn Heat~transfer factor, dimensionless
K, Caloric factor, dimensionless
k Thermal conductivity, Btu/(hr) (62) (°F /ft)
L Pipe length or length of path, ft
M Temperature group (1 — T2)/(T1 — t), dimensionless
R Number of parallel streams
oD Outside diameter, ft or in.
P’ Temperature group (T2 — £,)/(21 — #1), dimensionless
prt Temperature group (71 — &:)/(T1 — t), dimensionless
AP Pressure drop, psi
] Heat flow, Btu/hr
R Temperature group (T2 — T5)/(t: — t), dimensionless
R Temperature group (T1 — T3)/a(tz — t,), dimensionless

R" Temperature group n{T\ — T2)/{¢: ~ t1), dimensionless
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Combined dirt factor, inside dirt factor, outside dirt factor, (hr)(ft2) (°F)/
Btu

Reynolds number for heat transfer and pressure drop, dimensionless

Hydraulie radius, ft

Temperature group (¢ — 2:)/(T1 — ¢1), dimensionless

Specific gravity, dimensionless

~ Hot-fluid temperature in general, inlet and outlet of hot fluid, °F

Caloric temperature of hot fluid, °F

Cold-fluid temperature in general, inlet and outlet of cold fluid, °F

Caloric temperature of cold fluid, °F

True or effective temperature difference in @ = Upd At

Cold- and hot-terminal temperature differences, °F

Overall coefficient of heat transfer, clean coefficient, design coefficient,
Btu/(hr) ({t*) (°F)

Velocity, fps

Weight flow of hot fluid, 1b/hr

Weight flow of cold fluid, 1b/hr

Height, ft

A constant, dimensionléss ]

Viscosity at the caloric temperature, centipoises X 2.42 = 1b/(ft) (hr)

Viscosity at the pipe-wall temperature, centipoises X 2.42 =-1b/(ft) (hr)

Density, 1b/ft3

(/)14

Subscripts and Superscripts

Annulus

Loss

Pipe

First of two exchangers
Second of two cxchangers



CHAPTER 7

1-2 PARALLEL-COUNTERFLOW :
SHELL-AND-TUBE . EXCHANGERS

INTRODUCTION

The Tubular Element. The fulfillment of many industrial services
requires the use of a large number of double pipe hairpins. These
consume considerable ground ares and also entail a large number of
points at which leakage may occur. Where large heat-transfer surfaces
are required, they can best be obtained by means of shell-and-tube
equipment. ’

Shell-and-tube equipment involves expanding a tube into a tube sheet
and forming a seal which does not leak under reasonable operating con-

\\ | TUbe sheer

Grooves be woll & (‘S'off,aackmq

,TEJbe warl/ .
B ,____é T
NN | @

Fic. 7.1. Tube roll. Fig. 7.2, Ferrule.

ditions. A simple and common example of an expanded tube is shown in
Fig. 7.1. A tube hole is drilled in a tube sheet with a slightly greater
diameter than the outside diameter of the tube, and two or more grooves
are cut in the wall of the hole. The tube is placed inside the tube hole,
and a tube roller is inserted into the end of the tube. The roller is &
rotating mandril having s slight taper. It is capable of exceeding the
elastic limit of the tube metal and transforming it into a semiplastic
-eondition go that it flows into the grooves and forms an extremely tight
seal. Tube rolling is a skill, since a tube may be damaged by rolling to
paper thinness and leaving & seal with little structural strength.
In some industrial uses it is desirable to install tubes in a tube sheet
80 that they can be removed easily as shown in Fig. 7.2. The tubes are
127
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“actually packed in the tube sheet by means of ferrules using a soft metal
packing ring. '
Heat-exchanger Tubes. Heat-exchanger tubes are also referred to as
condenser tubes and should not be confused with steel pipes or other types
of pipes which are extruded to iron pipe sizes. The outside diameter of
heat exchanger or condenser tubes is the actual outside diameter in inches
within a very strict tolerance. Heat-exchanger tubes are available in a
variety of metals which include steel, copper, admiralty, Muntz metal,
brass, 70-30 copper-nickel, aluminum bronze, aluminum, and the stain-
less steels. 'They are obtainable in a number of different wall thicknesses
defined by the Birmingham wire gage, which is usually referred to as the
BWG or gage of the tube. The sizes of tubes which are generally avail-
able are listed in Table 10 of the Appendix of which the 34 outside diam-

Blcioidiib O QEDREXC

SEDE HE
IR o IPRAC

(a)-Square pitch (b)-Triongular pitch ~ {¢)-Square pitch {d)-Triangular pifch
rotated with cleaning lanes

F1e. 7.3. Common tube layouts for exchangers.

eter and 1 in. OD are most common in heat-exchanger design. The data
of Table 10 have been arranged in a manner which will be most useful
in heat-transfer calculations.

Tube Pitch. Tube holes cannot be drilled very close together, since
too small a width of metal between adjacent tubes structurally weakens
the tube sheet.. The shortest distance between two adjacent tube holes
is the clearance or ligament, and these are now fairly standard. Tubes
are laid out on either square or triangular patterns as shown in Fig. 7.3¢
~and b. The advantage of square pitch is that the tubes are accessible
for external cleaning and cause a lower pressure drop when fluid flows
in the direction indicated in Fig. 7.3a. The tube pitch Pr is the shortest
center-to-center distance between adjacent tubes. The common pitches
for-square layouts are 34 in. OD on l-in. square pitch and 1 in. OD on
114-in. square pitch. For triangular layouts these are 34 in. OD on
15{6-in. triangular pitch, 34 in. OD on 1-in. triangular pitch, and 1-in.
OD on 1l4-in. triangular pitch. In Fig. 7.3¢ the square-pitch layout
has been rotated 45° yet it is essentially the same as in Fig. 7.83¢. In
Fig. 7.3d a mechanically cleanable modification of triangular pitch is
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‘shown. If the tubes are spread wide enough, it is possible to allow the
cleaning lanes indicated.

Shells. Shells are fabricated from steel pipe with nominal IPS diam-
eters up to 12 in. as given in Table 11.. Above 12 and including 24 in.
the actual outside diameter and the nominal pipe diameter are the same.
The standard wall thickness for shells with inside diameters from 12 to
24 in. inclusive is 34 -in., which is satisfactory for shell-side operating
pressures up to 300 psi, Greater wall thicknesses may be obtained for
greater pressures. Shells above 24 in. in diameter are fabricated by
rolling steel plate. ‘

Stationary Tube-sheet Exchangers. The simplest type of exchanger
_is the fized or staitonary tube-sheet exchanger of which the one shown in
Fig. 7.4 is an example. The essential parts are a shell (1), equipped with
two nozzles and having tube sheets (2) at both ends, which also serve
as flanges for the attachment of the two channels (3) and their respective

S J .5, 6 2, o
- 1& kY i Lt

- . Z ,
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Fi6. 7.4. Tixed-head tubulaf exchanger.

channel covers (4). The tubes are expanded into both tube sheets and
are equipped with transverse baffles (5) on the shell side. " The calcula-
tion of the effective heat-transfer surface is frequently based on the
distance between the inside faces of the tube sheets instead of the overall
tube length. ’

Baffles. It is apparent that higher heat-transfer coefficients result
when a liquid is maintained in a state of turbulence. To induce turbu-
lence outside the tubes it is customary to employ baffles which cause the
liquid to flow through the shell at right angles to the axes of the tubes.
This causes considerable turbulence even when a small quantity of liquid
fows through the shell. The center-to-center distance between bafiles
is called the baflle pitch or baffle spacing. Since the baffles may be spaced
close together or far apart, the mass velocity is not entirely dependent
rpon the diameter of the shell. The baffle spacing is usually not greater
than a distance equal to the inside diameter of the shell or closer than a -
distance equal to one-fifth the inside diameter of the shell. The baffles
are held securely by means of baffle spacers (6) as shown in Fig. 7.4, which
consist of through-bolts screwed into the tube sheet and a number of
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smaller lengths of pipe which form shoulders between adjacent baffles.
An enlarged detail is shown in Fig. 7.5.

There are several types of baffles which are employed in heat exchang-
ers, but by far the most common are segmental baffles as shown in Fig.
7.6. Segmental baffles are drilled plates with heights which are gen-
erally 75 per cent of the inside diameter of the shell. These are known

shell
JR= fiange

\stafionary)

Chanrel
flange

Fia. 7.5. Baffle spacer detail (enlarged).

Fi1a. 7.6. Segmental baffle detail.

Shell

Doughnut Doughnut
Fia. 7.7. Disc and doughnut baflle.

as 25 per cent cut baffles and will be used throughout this book although
other fractional baffle cuts are also employed in industry. An excellent
review of the influence of the baffle cut on the heat-transfer coefficient
has been presented by Donohue.! They may be arranged, as shown, for
‘“‘up-and-down” flow or may be rotated 90° to provide “side-to-side”
flow, the latter being desirable when a mixture of liquid and gas flows

* Donohue, D. A., Ind, Enrg. Chem., 41, 2499-2510 (1949).
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through the shell. The baffle pitch and not the 25 per cent cut of the
baffles, as shown later, détermines the effective velocity of the shell fluid.

Other types of baffles are the disc and doughnut of Fig. 7.7 and the
orifice baffle in Fig. 7.8. Although additional types are sometimes
employed, they are not of general importance.

Orifice., Je-Botfle

(a)-Detail {b)-Baffie
Fia, 7.8. Orifice baffle.

Fixed-tube-sheet Exchanger with Integral Channels. Another of
several variations of the fixed-fube-sheet exchanger is shown in Fig. 7.9,
in which the tube sheets are inserted into the shell, forming channels
which are integral parts of the shell. In using stationary tube-sheet
exchangers it is often necessary to provide for differential thermal expan-
sion between the tubes and the shell during operation, or thermal stresses
will develop across the tube sheet. This can be accomplished by the use
of an expansion joint on the shell, of which a number of types of flexible
joints are available.

i

Fie. 7.9. Fixed-tube-sheet exchanger with integral channels. (Patterson Foundry &
Machine Co.) : :

Fixed-tube~sheet 1-2 Exchanger. Exchangers of the type shown in
Figs. 7.4 and 7.9 may be considered to operate in counterflow, notwith-
standing the fact that the shell fluid flows across the outside of the tubes.
From a practical standpoint it is very difficult to obtain a high velocity
when one of the fluid flows through all the tubes in a single pass. This
can be circumvented, however, by modifying the design so that the tube
fluid is carried through fractions of the tubes consecutively. An example
of a two-pass fixed-tube-sheet exchanger is shown in Fig. 7.10, in which
all the tube fluid flows through the two halves of the tubes successively.



132 PROCESS HEAT TRANSFER

The exchanger in which the shell-sidé fluid flows in one shell pass and
the tube fluid in two or more passes is the 1-2 exchanger. A single channel
is employed with a partition to permit the entry and exit of the tube fluid
from the same channel. At the opposite end of the exchanger a bonnet
is provided to permit the tube fluid to cross from the first to the second
pass. As with all fixed-tube-sheet exchangers, the outsides of the tubes

[0 e O =

Fi@. 7.10. Fixed-head 1-2 excha.nger.‘ (Patterson Foundry & Machine Co.)

are inaccessible for inspection or mechanical cleaning, The insides of
the tubes can be cleaned in place by removing only the channel cover
and using a rotary cleaner or a wire brush. Expansion problems are
extremely critical in 1-2 fixed-tube-sheet exchangers, since both passes,
as well as the shell itself, tend to expand differently and cause stress on
the stationary tube sheets.

Removable-bundle Exchangers. In Fig. 7.11 is shown a counterpart
of the 1-2 exchanger having a tube bundle which is removable from the

Fi1g. 7.11. Pull-through floating-head 1-2 exchanger. (Paiterson Foundry & Machine Co.)

shell. It consists of a stationary tube sheet, which is clamped between
the single channel flange and a shell flange. At the opposite end of the
bundle the tubes are expanded into a freely riding floating tube sheet or
floating head. A floating-head cover is bolted to the tube sheet, and the
entire bundle can be withdrawn from the channel end. The shell is
closed by a shell bonnet. The floating head illustrated eliminates the
differential expansion problem in most cases and is called a pull-through
Sloating head.
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The disadvantage to the use of a pull-through floating head is one of
simple geometry. To secure the floating-head cover it is necessary to
bolt it to the tube sheet, and the bolt circle requires the use of space where
it would be possible to insert a great number of tubes. The bolting not
only reduces the number of tubes which might be placed in the tube
bundle but also provides an undesirable flow channel between the bundle
~and the shell. These objections are overcome in the more conventional

Fi1a. 7.12. Floating-head 1-2 exchanger. (Paiterson Foundry & Machine Co.)

split-ring floating-head 1-2 exchanger shown in Fig. 7.12. Although it is
relatively expensive to manufacture, it does have a great number of
‘mechanical advantages. It differs from the pull-through type by the
use of & split-ring assembly at the floating tube sheet and an oversized
shell cover which accommodates it. The detail of a split ring is shown in
Fig. 7.13. 'The floating tube sheet is clamped between the floating-head
cover and a clamp ring placed in back of the tube sheet which is split in
kalf to permit dismantling. Different manufacturers have different

Zebe
F/om‘mg sheef Split

CO Vef' flﬂq

Fie. 7.13. Spht~r1ng a.ssembly

modifications of the design shown here, but they all accomplish the
purpose of providing increased surface over the pull-through floating
head in the same size shell. Cast channels with nonremovable channel
govers are also employed as shown in Fig. 7.12.

Tube-sheet Layouts and Tube Counts. A typical example of the layout
of tubes for an exchanger with a split-ring floating head is shown in
Fig. 7.14. - The actual layout is for & 1824 in. ID shell with 1in. OD tubes
on 1}4-in. triangular pitch arranged for six tube passes. The partition
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arrangement is also shown for the channel and floating-head cover along
with the orientation of the passes. Tubes are not usually laid out sym-
metrically in the tube sheet. Extra entry space is usually allowed in the
shell by omitting tubes directly under the inlet nozzle so as to minimize
the contraction effect of the fluid entering the shell. When tubes are

OD of tube shee?
1D of shell
Injet - v Sphitrig  Float
R 0% N R F outine, e shee
¥ AVAVRVav) x| Lofshel
A o P o N
NATATAVATAZAYA% I E R
A D)
XA A [ dofpart |
A |
! t .
The heavy lines indicatke
, L / Fifions located inn the
The heavy lines indicate -—/‘/ . o
partitions located in the charne! Floafing head cover

Fig. 7.14. Tube-sheet layout for a 13%4 in. ID shell employing 1 in. OD tubes on 1/-m.
triangular pitch with six tube passes.

laid out with minimum space allowances between partitions and adjoin-.
ing tubes and within a diameter free of obstruction called the outer tube
lzmat, the number of tubes in the layout is the fube count. It is not always
possible to have an equal number of tubes in each pass, although in large
exchangers the unbalance should not be more than about 5 per cent. . In
Appendix Table 9 the tube counts for 34 and 1 in. OD tubes are given for
one pass shells and one, two, four, six, and eight tube pass arrangements.

TasLe 7.1. TusBe Count ENTRY ALLOWANCES
Shell 1D, in. Nozzle, in.
Less than 12........
2173 . ........ ...

23%4-29. . ..., ..

O WN

g
)
H
oo
©
o

These tube counts include a free entrance path below the inlet nozszle
equal to the cross-sectional area of the nozzles shown in Table 7.1. When
a larger inlet nezzle is used, extra entry space can be obtained by flaring
the inlet nozzle at its base or removing the tubes which ordinarily lie
close to the inlet nozzle.

Packed Floating Head. Another modification of the floating-head 1-2
exchanger is the packed floating-head exchanger shown in Fig. 7.15.
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This exchanger has an extension on the floating tube sheet which is con-
fined by means of a packing gland. Although entirely satisfactory for
shells up to 36 in. ID, the larger packing glands are not recommended for
higher pressures or services causing vibration.

U-bend Exchangers. The 1-2 exchanger shown in Fig. 7.16 consists
of tubes which are bent in the form of a U and rolled into the tube sheet.

Fia. 7.16. TU-bend 1-2 exchanger. (Patierson Foundry & Machine Co.)

Fie. 7.17. U-bend double-tube-sheet exchanger, (Paitterson Foundry & Machine Col)

The tubes can expand freely, eliminating the need for a floating tube sheet,
floating-head cover, shell flange, and removable shell cover. Baffles may
be installed in the conventional manner on square or triangular pitch.
.The smallest diameter U-bend which can be turned without deforming
the outside diameter of the tube at the bend has a diameter of three to
four times the outside diameter of the tubing. This means that it will
usually be necessary to omit some tubes at the center of the bundle,
depending upon the layout.
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An interesting modification of the U-bend exchanger is shown in Fig.
7.17. It employs a double stationary tube sheet and is used when the
leakage of one fluid stream into the other at the tube roll can cause serious
corrosion damage. By using two tube sheets with an air gap between
them, either fluid leaking through its adjoining tube sheet will escape to
the atmosphere. In this way neither of the streams can contaminate
the other as a result of leakage except when a tube itself corrodes. Hven
tube failure can be prevented by applying a pressure shock test to the
tubes periodically.

‘THE CALCULATION OF SHELL-AND-TUBE EXCHANGERS

Shell-side Film Coefficients. The heat-transfer coefficients outside
tube bundles are referred to as shell-side coefficients. When the tube
bundle employs baffles directing the shell-side fluid across the tubes from
top to bottom or side to side, the heat-transfer coefficient is higher than
for undisturbed flow along the axes of the tubes. The higher transfer
coefficients result from the increased
turbulence. In square pitch, as seen
in Fig. 7.18, the velocity of the fluid
undergoes continuous fluctuation be-
cause of the constricted area between
adjacent tubes compared with the flow
area between successive rows. In tri-
angular pitch even greater turbulence
is encountered because the fluid flow-
ing between adjacent tubes at high
velocity impinges directly on the suc-
ceeding row. This would indicate
that, when the pressure drop and cleanability are of little consequence,
triangular pitch is superior for the attainment of high shell-side film coeffi-
cients. This is actually the case, and under comparable conditions of
flow and tube size the coefficients for triangular piteh are roughly 25 per
cent greater than for square pitch.

Several factors not treated in preceding chapters influence the rate of
heat transfer on the shell side. Suppose the length of a bundle is divided
by six baffles. All the fluid travels across the bundle seven times. If
ten baffles are installed in the same length of bundle, it would require
that the bundle be crossed a total of eleven times, the closer spacing
causing the greater turbulence. In addition to the effects of the baffle
spacing the shell-side coefficient is also affected by the type of pitch, tube
size, clearance, and fluid-flow characteristics. Furthermore, there is no
true flow area by which the shell-side mass velocity can be computed,

Fra. 7.18. Flow across a bundle.
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since the flow area varies across the diameter of the bundle with the differ-
ent number of tube clearances in each longitudinal row of tubes. The
correlation obtained for fluids flowing in tubes is obviously not applicably
to flutds flowing over tube bundles with segmental baffles, and this is indeed
borne out by experiment. However, in establishing a method of correla-
tion the form of the heat-transferfactor jz = (RD/k) (cp/k)(u/ 1tw) =014 vs.
DG/u has been retained, in agreement with the suggestion of McAdams,?
but using fictitious values for the equivalent diameter D, and the mass
velocity @, as discussed below.

Figure 28 in the Appendix is a correlation of industrial data which gives
satisfactory results for the hydrocarbons, organic compounds, water,
aqueous solutions, and gases when the bundle employs baffles with accept-
able clearances between baffles and tubes and between baffles and shells.?
It is not the mean curve through the data but a safe curve such that the
deviation of the test points from the curve ranges from 0 to approximately
20 per cent high. Inasmuch as the line expressing the equation possesses
a curvature, it cannot be evaluated in the simple form of Eq. (3.42), since
the proportionality constant and the exponent of the Reynolds number
actually vary. For values of Re from 2000 to 1,000,000, however, the
data are closely represented by the equation

0.55 ¥
o () (1) ()"
(2

where ho, D, and G', are as defined below. Calculations using Fig. 28
agree very well with the methods of Colburn® and Short? and the test data
of Breidenbach® and O’Connell on 2 number of commercial heat exchang-
ers. It will be observed in Fig. 28 that there is no discontinuity at a
Reynolds number of 2100 such as occurs for fluids in fubes. The differ-
en} equivalent diameters used in the correlation of shell and tube data
precludes comparison between fluids flowing in tubes and across tubes
on the basis of the Reynolds number alone. All the data in Fig. 28 refer
to turbulent flow,

Shell-side Mass Velocity. The linear and mass velocities of the fluid
change continuously across the bundle, since the width of the shell and
the number of tubes vary from zero at the top and bottom to maxima
at the center of the shell. The width of the flow area in the correlation -

1 McAda.ms, W. H., “Heat Transmission,” 2d ed., p. 217, McGraW-HlIl Book Com-
pany, Inc., New York 1942.

2 For mechamca.l deta.lls end standards see Standards of the Tubular Ea:changm
Manufacturers’ Association, New York (1949).

3 Colburn, A. P.; Trans. AICRE, 29, 174-210 (1933).

¢ Short, B. E., Uniy. Texas Pub. 3819 (1938). .

5 Breidenbach, E. P., and H. E. O’Connell, Trans, AIChE, 42, 761-776 (1946),
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represented by Fig. 28 was taken at the hypothetical tube row possessing
the maximum flow area and corresponding to the center of the shell.
The length of the flow area was taken equal to the baffle spacing B. The
tube pitch is the sum of the tube diameter and the clearance ¢’. If the
inside diameter of the shell is divided by the tube pitch, it gives a fic-
titious, but not necessarily integral, number of tubes which may be
assumed to exist at the center of the shell. Actually in most layouts
there is no row of tubes through the center but instead two equal maxi-
mum rows on either side of it having fewer tubes than computed for the
center. These deviations are neglected. For each tube or fraction
there are considered to be €’ X 1 in.2 of crossflow area per inch of baffle
space. The shell-side or bundle crossflow area a, is then given by

_ID X (B
“= P .
and as before, the mass velocity is
G =2 w/m) 1.2)

Shell-side Equivalent Diameter. By definition, the hydraulie radius
corresponds to the area of a circle equivalent to the area of a noncircular
flow channel and consequently in a plane at right angles to the direction
of flow. The hydraulic radius employed for correlating shell-side coeffi-
cients for bundles having baffles is not the true hydraulic radius. The
direction of flow in the shell is partly along and partly at right angles to
the long axes of the tubes of the bundle. The flow area at right angles
to the long axes is variable from tube row to tube row. A hydraulic
radius based upon the flow area across any one row could not distinguish
between square and triangular pitch. In order to obtain a simple correla-
tion combining both the size and closeness of the tubes and their type of
pitch, excellent agreement is obtained if the hydraulic radius is calculated
along instead of across the long axes of the tubes. The equivalent diam-
eter for the shell is then taken as four times the hydraulic radius obtained
for the pattern as layed out on the tube sheet. Referring to Fig. 7.19,
where the crosshatch covers the free area! for square pitch

4 X free area
wetted perimeter
_ 4 X (P — ndi/4)
- 'n'do

1 The expression free area is used to avoid confusion with the free-flow ares, an
actual entity in the bhydraulic radius. :

D, = £t (7.3)

or

d, in. (7.4)
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where Py is the tube pitch in inches and d, the tube outside diameter in
inches. For triangular pitch as shown in Fig. 7.19 the wetted perimeter
of the element corresponds to half a tube.

4 X (%P X 0.86P; — Yxd3i/4)
}/ﬂ' do

The equivalent diameters for the common arrangements are included in

Fig. 28.

It would appear that this method of evaluating the hydraulic radius and
equivalent diameter does not distinguish between the relative percentage
of right-angle flow to axial flow, and this is correct. It is possible, using
the same shell, to have equal mass velocities, equivalent diameters, and

]

do =

in. (7.5)

(a)-Square pitch, (b)—Triangular pitch,
Fia. 7.19. Equivalent diameter.

Reynolds numbers using a large quantity of fluid and a large baffle pitch
or a small quantity of fluid and a small bafile pitch, although the pro-
portions of right-angle flow to axial flow differ. Apparently, where the
range of baffle piteh is restricted between the inside diameter and one-
fifth the inside diameter of the shell, the significance of the error is not
too great to permit correlation.

Example 7.1. Compute the shell-side equivalent diameter for a 34 in. OD tibe on
1-in. square pitch. From Eq. (7.4)

4 = A1 — 3814 X 0.753/4)
‘T 3.14 X 0.75

D. —g—gé =0.079 £t

= 0.95 in.

The True Temperature Difference Af in a 1-2 Exchanger. A fypical
plot of temperature vs. length for an exchanger having one shell pass
and two tube passes is shown in Fig. 7.20 for the nozzle arrangement
indicated. Relative to the shell Auid, one tube pass is in counterflow
and the other in parallel flow. Greater temperature differences have
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been found, in Chap. 5, to result when the process streams are in counter-
flow and lesser differences for parallel flow. The 1-2 exchanger is a
combination of both, and the LMTD for counterflow or parallel flow
alone cannot be the true temperature difference for a parallel flow—
counterflow arrangement, Instead it is necessary to develop & new
equation for calculation of the effective or true temperature difference
At to replace the counterflow LMTD. The method employed here is a
modification of the derivation of Underwood! and is presented in the final

form proposed by N agle?and Bowman,

f’z It Mueller, and Nagle.?
|| . The temperature of the shell fluid
x L S may undergo either of two variations
‘ ThaM ) as it proceeds from the inlet to outlet,
= (34 'Pdlj Y/ crossing the tube bundle several times
S in its progress: (1) So much turbulence
A (a} 7,A*A  is induced that the shell fluid is com-
% : pletely mixed at any length X from the
® ,}_ inlet nozzle, or (2) so little turbulence
24 N ' isinduced that there is a selective tem-
g L. Iz persture atmosphere about the tubes
E t, T ! of each tube pass individually. The
= lx baffles and turbulent nature of the flow
LorA components across the bundle appear
(b} to eliminate (2) so that (1) is taken

s ‘ezc'ﬁg‘ng;‘?mpemt“e relations in & o the first of the assumptions for the"
derivation of the true temperature

difference in a 1-2 exchanger. The assumptions are

1. The shell fluid temperature is an average isothermal temperature at
any cross section.

2. There is an equal amount of heating surface in each pass.

3. The overall coefficient of heat transfer is constant.

4. The rate of flow of each fluid is constant.

5. The specific heat of each fluid is constant.

6. There are no phase changes of evaporation or condensation in a part
of the exchanger.

7. Heat losses are negligible.
The overall heat balance, where Af is the true temperature difference, is

Q= UA At = WC(T, — T) = we(ts — 1) (7.6)

i Underwood, A. J. V., J. Inst. Petroleum Technol., 20, 145-158 (1934).

* Nagle, W. M., Ind. Eng. Chem., 35, 604-608 (1933). _

$ Bowman, R. A., A. C. Mueller, and W. M. Nagle. Trans. ASME., 63, 283294
(1940).
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¥From which
Ty — T e — b
at=(2r= e} fb-—h k

(UA / we true (U A / wc)true (7 7)
In Fig. 7.20a let T be the temperature of the shell fluid at any cross sec-
tion of the shell L = X between L, = Gand L = L. Let ¢ and * repre-
sent temperatures in the first and second tube passes, respectively, and
at the same cross section ag 7. Let @’ be the external surface per foot

of length. In the ineremental surface d4 = a’dL the shell temperature
changes by —dT. Over the area dA

—wear = v @ -+ v - m (7.8)

—WC 4T = UdA (T . ‘n) (7.9)
U dd 4T

- f we T ) T— @+ 72 @10

But in' this equation T, , and { are dependent variables. The heat
balance from I, = X to the hot-fluid inlet is

WC(T — Ta) = we(f* — #) (7.11)
and the heat balance per pass
we dit = U2 (T — ) (7.12)
we it = — U%ii (T — ) (7.13)
Dividing Eq. (7.13) by Eq. (7.12),
dm T —@
7 Sy (7.14)
To eliminate I and df from-Eq. (7.11) and (7.13)
_w¢
tnl A= -—155- (Tn - T) + t! (7.15)
Differentiating Eq. (7.15), with the hot fluid inlet T, constant,
wC
o Y i1
di =~ aT + df (7.16)
Substituting in Eq. (7.14) and rearranging,
wedT _ 14 T—# — (WC/we)(Ts ~ T) .17

“we dif T
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The number of variables in Eq. (7.15) has been reduced from three
(T, &, %) to two (T and ). For a solution it is necessary to eliminate
either T or . Simplifying by the use of pa.rameters a8 in the case of the
double pipe exchanger let

Th—T,  _we = h—tb
B=5—%~wc @ S=73—
Rearranging Eq. (7.8), '
: ar , U U
WC G +5 T —)+5(T =0 (7.18)
Simplifying and substituting WC = we/R,
URT VUR,,
dA + we " 2we @+ =0 (7.19)

Differentiating with respect to A,

d*T L URdT UR fdft , a®\ . :

w+wcd7—§;55(d4+m)=° (7.20)
Substituting Eqs. (7.12) and (7.13),

T L  URdT _ U’R —m =0 e

it wc dz ~ Guop &

Since the heat change is sensible, a direct proportionality exists between '
the percentage of the temperature rise (or fall) and Q.

T_T, #-—m
e e (7.22)
or _
p_ gL = T (7.23)
&T | URAT _ T _ _ UT,

(7.24)

dA? + we dA ~ (Qwe)? ~  (2we)?
Differentiating again with respect to 4,
T  URd4T _  U24dT A
aa e aar ~ @aoyrad ~ ° (7.25)
The solution of this equation will be found in any standard differential-
equations text. The equation is

T =K+ Kze—(UA/2w¢)(R+VR’+1) + Ksé—(UA/2M)(R-VR’+l) . (7.26)

When 7 = T, A will have increased from 0 to A, and from the solution
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of Eq. (7.24) K; = T, so that Eq. (7.26) becomes
— Ko~ VAZZw®RAVETD _ g~ (VA 200 B—VEFD (7.27)
Taking logarithms of both sides and ‘simplif'ying,
UA_ 1 K
p \/Rz 1 X, (7.28)
Differentiate Eq. (7.26):
T
iz = Kz2 (R+\/R2+1)

_ Ka —2—w._c_ (R — me—(UA/ch)(R—\/m (7.29)

—(UA/2we)(B4++/ R 1)

Substituting the value of dT7/dA from Eq. (7.19) and since at 4 = 0,
t’ =t1,tn= tg,andT= Tl,tl+tn=t1+t2-

R+ ts) — 2RT, = —Ks(R + VE: + 1)

~ Ks(R — VR4 1) (7.30)
From Eq. (7.26) at A =0and T = Tyand K; = T»

T —T:=K;,+ K; (7.31)

Multlplymg both sides of Eq. (7.31) by (B + v/EZ+ 1),
R+ VR +1 1)(T1 — Ts) = Ko(R + v/REF 1)

+ KR+ VR*+1) (7.32)
Adding Eqs. (7.31) and (7.32) and solving for Kj,

K, = Rty + &) + (T1 — To)(R + VR* ¥ 1) — 2RT,

| P (7.33)
Returning to Eq. (7.31),
—K; = ~(Th—Ty) =
{R+ \/—“Rz FAT— To) ~ 2VEFF1(Ts ~ T3) — 2RT: + R(ts + ta)

' 2+/R¥*+1

(7.34)

Since B = (T, — T2)/(ts — &),

Kz - Y R? + 1)(t1 - fz) s (Tl - il) — (Tl — tﬂ) (7 35)

Ka (R + ‘\/R2 + D —~t) — (T — 1) - T, — iz)
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Dividing by Ti — ¢ and substituting S = (t2 — )/(T1 — #) and
1—-8=(T—&)/(T1 — t),

K. 2-8R+1—+REF1) ’
— o = = (7.36)
Ks 2 —-8R+14++REFI)
Substituting in Eq. (7.28),
U4 - 1 1nz—;S(R—%—l—4\/1.‘32—%1) (7.37)
W Juoe VEF1 2—-8SR+1+VEF1) ’
Equation (7.37) is the relationship for the true temperature difference
for 1-2 parallel flow—counterflow., How does this compare with the
LMTD for counterflow employing the same process temperatures? For
counterflow '

(T —ts) — (T2 — 1)

Q = welty — t1) = UA In (77 — &)/(T2 = 1) (7.38)
from which '
UA _ te — _In(1-8)/1 - RS
(Tu? weter  TiB) = (Ta =) E—1 (7.39)
In (Th — 12)/(Ts — 1)
The ratio of the true temperature difference to the LMTD is
te — 1 g — 1 _ (UA/’LUC)murﬂow. (7 40)

(UA/wCyame! (UAJUWC)eommturtonr (UA/wC)wme

Calling the fractional ratio of the true temperature difference to the
LMTD Fr,
VR:+1ln (1~ 8)/(1 — RS)
Fr = e (7.41)
B-1m2=SE+1-VE+T)
2-8R+1+VE+1)
The Fourier equation for a 1-2 exchanger can now be written:
Q = UA At = UAF(LMTD) (7.42)

To reduce the necessity of solving Eq. (7.37) or (7.41), correction factors
Fqfor the LMTD have been plotted in Fig. 18 in the Appendix as a func-
tion of S with R as the parameter. When a value of S and R is close to
the vertical portion of a curve, it is difficult to read the figure and Fr
should be computed from Eq. (7.41) directly. When an exchanger has
one shell pass and four, six, eight, or more even-numbered tube passes
such as a 1-4, 1-6, or 1-8 exchanger, Eq. (7.10) becomes for a 1-4 exchanger
Ud4 /’ dT

WC ~ ) T—(EF &+ =+ /4




1-2 PARALLEL-COUNTERFLOW 145

for a 1-6 exchanger

f Udd dT. .
T T EFEF TR+ F /6

It can be shown that the values of Fr for a 1-2 and 1-8 exchanger are less
than 2 per cent apart in the extreme case and generally considerably less.
1t is therefore customary to describe any exchanger having one shell pass
and two or more even-numbered tube passes in parallel flow-counterflow
as a 1-2 exchanger and to use the value of Fr obtained from Eq. (7.41).
The reason Fr will be less than 1.0 is naturally due to the fact that the
tube passes in parallel with the shell
fluid do not contribute so effective
a temperature difference as those in
counterflow with it. 1

There is an important limitation to
the use of Fig. 18, Although any ex-
changer having a value of Fr above R
zero will theoretically operate, it is vt
not practically true. The failure to
fulfill in practice all the assumptions
employed in the derivation, assump-
tions 1, 3, and 7 in particular, may
cause serious discrepancies in the cal-
culation of Af. As a result of the dis-

t, T

-~

Temperature
33

g

crepancies if the actual value of # in L(o l:)A

Fig. 7.20a at the end of the pal‘allel Fig. 7.21. Temperature relations in a
pass is required to approaﬁh T, more 1-2 exchanger thl? conventional nozzle

. £,
closely than the derived value of &, it~ oo

may impose a violation of the rule of parallel flow; namely, the outlet of
the one stream #; may not attain the outlet of the other, T', without infi-
nite surface. Accordingly it is not advisable or practical to use a 1-2
exchanger whenever the correction factor Fr is computed to be less than
0.75. Instead some other arrangement is required Whlch more closely
resembles counterflow.

The temperature relationship for the case where the orientation of the
shell nozzles has been reversed is shown in Fig. 7.21 for the same inlet and
outlet temperatures plotted in Fig. 7.20. Underwood! has shown that
the values of Fr for both are identical.? Since a 1-2 exchanger is 2 com-
bination of counterflow and parallel-low passes, it may be expected
that the outlet of one process stream cannot approach the inlet of the

1 Underwood, op. cit.
* The values of £;, however, differ for both cages,
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other very closely. In fact it is customary in parallel flow—counterflow
equipment to call Ty — i, the approach, and if t; > T, then t; — Ty is
called the temperature cross.

It is useful to investigate several typical process temperatures and to
note the influence of different approaches and crosses upon the value of

L -
= bl e . lﬂi(s n
= ~=Two flurds wi
T o
09 {1 Two fluids with % 6;0 f/'cmga 2
100°F ranges —-—~ N
08 N
FT "oy
Limiting practical i ===
07 L \.\\
0.6
A
A

100 80 60 40 20 0 20 40
fem Approach °F ——-—~— >}~ Cross®F -]

Fia. 7.22, Influence of approach temperature on Fr with fluids having equal ranges in a

1-2 exchanger. )
+~ e F/wa’s wn‘h—-l—

1.0

Two Fluids 7} R4 /00 and 20°F ranges
09T 100 rarnges
\ AY
N)
0.8
F .
T 01 Limifing practical Fy gz 2 \

L o e i =

06 | | \

05 \
100 80 60 40 20 0 20 40
be-mmmmmmee Approgch °F =<ecenmn- ol ~Cross °F -]

Fie. 7.23. Influence of approach temperature on Fr with fluids having unequal ranges in
a 1-2 exchanger.

Fr. For a given service the reduction of Fr below unity in Eq. (7.42) is
compensated for by increasing the surface. Thus if the process tempera-
tures are fixed it may be inadvisable to employ a parallel flow—counter-
flow exchanger as against a counterflow exchanger, since it increases the
cost of the equipment beyond the value of its mechanical advantages.
In Fig. 7.22 two pairs of fluids each with equal ranges of 100 and 50°F
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are studied. The operating temperatures of the cold fluid are fixed,
while the hot-fluid temperatures are variable thereby changing the
approach in each case. Note the conditions under which Fr shrinks
rapidly, particularly the approach at the practical minimum Fr = 0.75
and the influence of the relationship between T’y and £,. The calculation
of several points is demonstrated.

Example 7.2. Calculation of Fr for Fluids with Equal Ranges

Point: (@) 50° approach ®) Zero approach (¢) 20° cross
(T1) 350, 200 (&) (T1) 300 200 (¢2) (T4) 280 200 (to)
(T2) 250 100 (t) © (T2) 200 100 (%) (T2) 180 100 (z1)
100 100 100 100 100 160
T, 100 . =
Rg'Tz—;—t—l—=i—0‘6=10 R-—l.G R—-1.0.
tp — 1 100 - =
8= T =7 = 350 — 100 0.40 S = 0.50 S = 0.555
Fr = 0,925 (Fig. 18) .. Fr = 0.80 FPr = 0.64

~ In Fig. 7.23 are shown the results of the calculation when one fluid has
a range five times as great as the other.

Shell-side Pressure Drop. The pressure drop through the shell of an
exchanger is proportional to the number of times the fluid crosses the
bundle between baffles. It is also proportional to the distance across
the bundle each time it is crossed. Using a modification of Eg. (3.44) a
correlation has been obtained using the product of the distance across
the bundle, taken as the inside diameter of the shell in feet D, and the
number of times the bundle is crossed N + 1, where N is the number of
baffles. If L is the tube length in feet,

Number of crosses, N 4 1 = tube length, in./baffle space, in.
=12 X L/B (7.43)

If the tube length is 16’0’ and the baffles are spaces 18 in. apart, there
will be 11 crosses or 10 baffles. There should always be an odd number
of crosses if both shell nozzles are on opposite sides of the shell and an
even number if both shell nozzles are on the same side of the shell. With
close baffle spacings at convenient intervals such as 6 in. and under, one -
‘baffle may be omitted if the number of crosses is not an integer. The
equivalent diameter used for calculating the pressure drop is the same
as for heat transfer, the additional friction of the shell itself being neg-
lected. The isothermal equation for the pressure drop of a fluid being
heated or cooled and including entrance and exit losses is

_JEDWN A Y | JEDWN +1) e gy

APy = D 5.22 X 10%Di.se,
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where s is the specific gravity of the fluid. Equation (7.44) gives the
pressure drop in pounds per square foot. ‘The common engineering unit
is pounds per square inch. To permit the direct solution for AP, in psi
dimensional shell-side friction factors, square foot per square inch, have
been plotted in Fig. 20. To obtain the pressure drop in consistent units
by Eq. (7.44) multiply f in Fig. 29 by 144.

Tube-side Pressure Drop. Equation (3.44) may be used to obtain
the pressure drop in tubes, but it applies principally to an igsothermal
fluid. Sieder and Tate have correlated friction factors for fluids being,
heated or cooled in tubes. They are plotted in dimensional form in
Fig. 26 and are used in the equation

JGiLn

APy = 5o 101D 5,

psf (7.45)

where n is the number of tube passes, L the tube length, and Ln is the
total length of path in feet. The deviations are not given, but the curve
has been accepted by the Tubular Exchanger Manufacturers Association.
In flowing from one pass into the next at the channel and floating head
the fluid changes direction abruptly by 180° although the flow ares pro-
vided in the channel and floating-head cover should not be less than the
combined flow area of all the tubes in a single pass. The change of direc-
tion introduces an additional pressure drop AP, called the return loss
and accounted for by allowing four velocity heads per pass. The
velocity head V2/2¢' has been plotted in Fig. 27 against the mass vélocity
for a fluid with a specific gravity of 1, and the return losses for any fluid
will be '

2
AP, = ‘1;1‘% pi (7.46)

where V = veloeity, fps

s = gpecific gravity

¢’ = acceleration of gravity, ft/sec?
The total tube-side pressure drop APz will be

APy = AP+ AP, psi (7.47)

The Analysis of Performance in an Existing 1-2 Exchanger. When
all the pertinent equations are used to calculate the suitability of an exist-
ing exchanger for given. process conditions, it is known as rating an
exchanger. There are three significant points in determining the.suit-
ability of an existing exchanger for a new service. '

1. What clean coefficient U can be ‘‘performed” by the two fluids as
the result of their flow and individual film coefficients k;, and h,?
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2. From the heat balance @ = WC(T: — Tp) = we(l: — &), known
surface 4, and the true temperature difference for the process tempera-
tures a value of the design or dirty coefficient, Uy is obtained. U, must
exceed Up sufficiently so that the dirt factor, which is a measure of the
excess surface, will permit operation of the exchanger for a reasonable
period of service.

3. The allowable pressure drops for the two sireams may not be
-exceeded.

When these are fulfilled, an existing exchanger is suitable for the process
conditions for which it has been rated. In starting a calculation the first
point which arises is to determine whether the hot or cold fluid should be
placed in the shell. There is no fast rule. One. stream may be large
and the other small, and the baflle spacing may be such that in one
instance the shell-side flow area a, will be larger. Fortunately any selec-
tion can be checked by swiiching the two streams and seeing which
arrangement gives the larger value of U, without exceeding the allowable

-pressure drop. Particularly in preparation for later methods there is
some advantage, however, in starting calculations with the tube side,
and it may be well to establish the habit. The detailed steps in the
rating of an exchanger are outlined below. The subscripts s and ¢ are
used to distinguish between the shell and tubes, and for the outline the
hot fluid has been assumed to be in the shell. By always placing the
hot fluid on the left the usual method of computing the LMTD may be
retained.

The Calculation of an Existing 1-2 Exchanger. Process conditions
required

Hot fluid: T4, T, W, ¢, 8, u, k, R4, AP
Cold fAluid: &y, £, w, ¢, s, p, k, Ra, AP

For the exchanger the following data must be known:

Shell side Tube side
iD Number and length
Baffle space 0D, BWG, and pitch
Passes Passes:

(1) Heat balance, @ = WC(T; — Th) = we(ts — £)
(2) True temperature difference Ai:

_ T~ T b4
iMTD, R=I120% s~ gl (5.14)

At = LMTD X Fr (Frfrom Fig. 18) (7.42)
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(3) Caloric temperature T’ and ¢.:*

Hot fluid: shell side
(4') Flow area, a, = ID X C'B/144Pp, ft*
[Eq. (7.1)]

(6") Mass vel, G. = W/a., 1b/(br)(ft?)
[Eq. (7.2))

(6') Obtain D, from Fig. 28 or compute
from Eq. (7.4).

Obtain u at T, Ib/(ft)(hr) = ep X 2.42

RG, = DeGn/ I

(7) Obtain jx from Fig. 28.

(8’) At T. obtain ¢, Btu/(Ib)(°F) and %,

Btu/(hr) (ft2) °F/ft).

Compute* (cu/k)*.

') ko _'JKD( ) s
(10') Tube~wall temp, ¢,
ho/ds _
be = e ¥ T + hof (L T8
[Eq. (5.31)]
(11’) Obtain uw and ¢ = (u/uw) ™14,
_ [Fig. 24]
(12') Corrected coefficient, k, = th(#'
[Eq. (6.36)]
(18) Clean overall coefficient Ug:

hiahn
Uc - hia + hn

[Eq. (6.155)]

(T.
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(5.28), (5.29)

Cold fluid: tube szde

(4) Flow area, a:
Flow area per tube a, from Table 10, in.? .

No. of tubes X flow area /tube
a = -

No. of passes

= N:a}/144n, ft? Eq. (7.48)

(6) Mass vel, G; = w/a., Ib/(br)(ft?)

(6) Obtain D from Table 10, ft.
Obtain 4 at ¢, Ib/(ft)(hr) = cp X 2.42
Re; = DG:/ I3

(7) Obtain jx from Fig. 24.

(8) At t, obtain ¢, Btu/(Ib)(°F) and %,
Btu/(hr) (ft2) (°F /ft). ’

Compute* (cu/k)*.

® i =jng (%)  [Be G150
h'@ — h ID -
(10) % =5 X0D [Eq. (6.5)]
(11) Obtain ¢, from (10').
Obtain u, and ¢; = (u/pu)*4.  [Fig. 24]
(12) Corrected coefficient, f;, = h'¢+¢'
. {3
[Eq. (6.37)]
(6.38)

(14) Design overall coefficient Up: Obtain external surface/lin ft a”” from Appendix

Table 10.
Heat-transfer surface, 4 = a”LN,, ft?
Up =%  Biu/(hr)(ft?)(F)
¢16) Dirt factor Rg: ‘
Ue¢—Up o
Ry = —%TJD—” (hr) ({62 (°F) /Btu (6.13)

If R, equals or exceeds the required dirt factor, pro_ceed under the pressure drop.

1The use of caloric temperatures is in partial contradiction of the derivation for :
the 1-2 parallel flow—counterflow temperature difference in which U was assumed
constant. The use of caloric temperatures presumes that a linear variation of U with
t can be accounted for as the product of UsawricA? Where Af is the true parallel flow—
counterflow temperature difference when U is constant.

* A convenient graph of k(cu/k)* vs. u for petroleum fractions is given in Fig. 16.
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Pressure Drop

(1’) For Re, in (6’) obtain f, ft2/in.?

[Fig. 29]
(2 No. of crosses, N +1=12L/B
[Eq. (7.43)]
o _ JGiD.N +1)
®) 2P, = 5.22 X 101D 54,
[Eq. (7.44)]

Example 7.3. Calculation of a Xerosene—Crude il Exchanger.

151
(1) For Ee: in (6) obtain f, ft#/in.?
[Fig. 261
: _ JGin
@ AP = X 100Dag, T4 (7:45)]
4n V* 62.5
3) AP, = 5 2—g; m’p& [qu. (7.46)]
APz = AP, + AP, psi [Eq. (7.47)]
43,800 Ib /br of 2

42°API kerosene leaves the bottom of a distilling column at 390°F and will be cooled
to200°F by 149,000 lb/hr of 34°API Mid-continent crude coming from storage at’
"100°F and heated to 170°F. A 10 psi pressure drop is permissible on both streams,
snd in accordance with Table 12, a combined dirt factor of 0.003 should be provided.

Available for this service is a 2134 in. ID exchanger having 158 1 in. OD, 13 BWG
tubes 160" long end laid out on 1}4-in. square pitch The bundle is arranged for
four passes, and bafles are spaced 5 in. apart.

Will the exchanger be suitable; i.e., what is the dirt factor?

Solution:
Exchanger:
Shell side
ID = 2134 in.
Bafile space = 5in.
Passes = 1
(1) Heat balance:
Kerogsene,

Tube side

Number and length == 158, 160"
0D, BWG, pitch = 11in., 13 BWG, 134-in. square
Passes = 4

Q = 43,800 X 0.605(390 — 200) = 5,100,000 Btu/hr

Mid-continent crude, @ = 149,000 X 0.49(170 — 100) = 5,100,000 Btu/br

(2) At:
Hot Fluid Cold Fluid Diff.
390 _Higher Temp 170 220
200 Lower Temp 100 100
190 Differences 70 120 (At: — Aty)
(T2 — Ta) (tz — )
LMTD = 152.5°F (5.14)
B =100 =271
70
S = g5 — 100 ~ 024!
Fr = 0.905 (Fig. 18)

At = 0,905 X 152.5 = 138°F

(7.42)
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(8) T, and t.:
Ma
K, = 0.20 {crude oil controlling)
F. =042
T, = 200 4 0.42 X 190 = 280°F
t. = 100 4- 0.42 X 70 = 129°F

PROCESS HEAT TRANSFER

(Fig. 17)

(5.28)
(5.29)

Since the flow area of both the shell and tube sides will be nearly equal, assume the
larger stream to flow in the tubes and start calculation on the tube side.

Hot fluid: shell side, kerosene
4’) Flow area, a, = ID X C"B/144Pr

[Eq. (7.1)]

= 21.25 X 0.25 )(5/144)(125
= 0.1475 ft*
(6") Mass vel, G, = W/a, [Eq. (7.2)]

= 43,800/0.1475 = 297,000 Ib/(hr) (£t?)

(6') Re, = DG./u [Eq. (7.3)]
At T, = 280°F, p = 0.40 X 2.42

= 0.97 Ib/(ft)(br) [Fig. 14]
D, = 0.99/12 = 0.0825 ft [Fig. 28]
Re, = 0.0825 X 297,000/0.97 = 25,300
(") ju =93 [Fig. 28]
(8") At T. = 280°F,
¢ = 0.59 Btu/(b)(°F) [Fig. 4)
k = 0.0765 Btu/(hr){f6*) (CF/ft}  [Fig. 1]

(cu/B)% = (0.59 X 0.97/0.0765)% = 1.95
(®) ke = ju 3 k ( ) & [Bq. (6.15b)]
ko 0. G765 -

= 93 X §omos X 1.95 = 169

(10’) Tube-wall temperature:

_ ho/de -
to =to t oy i e (Te = %) |
[Eq. (5.31)]
169

= 221°F
(11") At t, = 221°F, p, = 0.56 X 2.42
. = 1.36 Ib/(ft)(hr) [Fig. 14]
0 = (u/na)®M = (0.97/1.36)034
= 0.96 [Fig. 24 insert]

(12’) Corrected coefficient, b, = -:—Z—’ &

[Eq. (6.36)]

= 169 X 0.96 = 162 Btu/(br)({t*)(°F)

Cold fluid: tube side, crude oil
(4) Flow ares, af = 0.515 in,®
‘ [Table 10]
as = Nl /144n [Eq. (7.48)]
= 158 X 0.515/144 X 4 = 0.141 ft*
(B) Mass vel, Gy = w/a:
= 149,000/0.141 = 1,060,000
Ib/(hr)(ft?)
(6) Re; = DG:/u
At t, = 129°F, p = 3.6 X 2:42
== 8.7 Ib/(ft)(br) [Fig. 14}
D = 0.81/12 = 0.0675 ft [Table 10}
Re, = 0.0675 X 1,060,000/8.7 = 8,220
(T} L/D = 16/0.0675 = 237

ju =31 [Fig. 24)
(8) Att, = 129°F,

¢ = 0.49 Btu/(lb) (°F) (Fig. 4]
k = 0.077 Btu/(hr)((t2) °F/ft)  [Fig. 1]

(en/k)Y = (0.49 X 8.7/0.077)% = 3.81

o () ()

[Eq. (8.15a)]

hs. 0.077
r = 3] X00675 X 3.81 =135
hm ID 0.81
a0y 3 ¢ L X 55 = 185 X 5y = 109
[Eq. (6.5)]

(11) At ¢4, = 221°F, p,, = 1.5 X 2.42
= 3.63 Ib/(ft)(hr} [Fig. 14]
$r = (u/ue)®14 = (8.7/3.68)014
=111 [Fig. 24 insert]
(12) Corrected coefficient, ki = ]-:—‘: &

[Eq. (8.37)
=109 X 1.11 = 121 Btu/(hr)(#t%)(°F)
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(18’) Clean overall coefficient Uec:

hiho 121 X 162

= h k121 F 162 ~ 093 Btu/(br) ({7 (°F)

Ue

(14) Design overall coefficient Up:

&’ = 0.2618 ft2/lin ft
Total surface, 4 = 158 X 160" X 0.2618 = 662 ft?

=9 _ 5100000 _ : o
U = 1% = 55 % 138 = 558 Btu/(n) (9 °F)

'(16) Dirt factor Rga:
_Ue—=Up _ 693 — 558

153

(6.38)

(Table 10)

Ry = ~[=? = prarasg = 000348 () (@t*)(F)/Btu. (6.18)
. Summary
162 | houtside| 121
Ue 69.3
Up 55.8
R, Calculated 0.00348
R4 Required 0.00300
Pressure Drop
(1"} For Re, = 25,300, (1) For Re; = 8220,
§= 0.00175 ft2/in.? [Fig. 20] | F = 0.000285 ft?/in? [Fig. 26]
s =073 {Fig. 6] | s = 0.83 [Fig. 6]
D, =2125/12 = L7977 ft GLn :
{2") No. of erosses, N + 1 = 12L/B 9) AP, = — I o (7.45
Eaas)| D 2 T 522 X 109Dsg, [0 (745)]
=12 X 16/5 = 39 _0.000285 X 1,060,000% X 16 X 4
~ 5.22 X 1010 X 0.0675 X 0.83 X 1.11
= 6.3 psi
y . f@DN +1) & .
/ y = . (7.44)]] (8) G: = 1,060,000, 5= = 0.15 [Fig. 27
@) AP 5.22 X 109D 5o, [Eq. (7.44)]| @) G: % [Fig. 27]
__0.00175 X 297,000* X 1.77 X 39 | sp, = 2272 [Eq. (7.46)]
T 522 X 10% X 0.0825 X 0.73 X 0.96 48)?42
= 3.5 psi = W X 0.-15 = 2.9 psi
Mlowable AP, = 10.0 psi i} (4) APp = AP + AP; .
: =63+29=92psi [Eq. (7471
Allowable APy = 10.0 psi

It 1is seen that a dirt factor of 0.00348 will be obtained although only 0.003 will be
réguired to provide reasonable maintenance period. The pressure drops have not

been exceeded and the exchanger will be satisfactory for the service.
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Exchangers Using Water. Cooling operations using water in tubular
equipment are very common. Despite its abundance, the heat-transfer
characteristics of water separate it from all other fluids. It is corrosive
to steel, particularly when the tube-wall temperature is high and dissolved
air is present, and many industrial plantsusenonferrous tubes exclusively
for heat-transfer services involving water. The commonest nonferrous
tubes are admiralty, red brass, and copper, although in certain localities

_there is a preference for Muntz metal, aluminum bronze, and sluminum,’
Since shells are usually fabricated of steel, water is best handled in the
tubes. When water flows in the tubes, there is no serious problem of
corrosion of the channel or floating-head cover, since these parts are often
made of cast iron or cast steel. Castings are relatively passive to water,
and large corrosion allowances above structural requirements can be
provided inexpensively by making the castings heavier. Tube sheets
may be made of heavy steel plate with a corrosion allowance of about
14 in. above the required structural thickness or fabricated of naval brass
or aluminum without a corrosion allowance. )

‘When water travels slowly through a tube, dirt and slime resulting from
microorganic action adhere to the tubes which would be carried away if
there were greater turbulence. As a standard practice, the use of cooling
water at velocities less than 3 fps should be avoided, although in certain
localities minimum velocities as high as 4 fps are required for continued
operation. Still another factor of considerable importance is the deposi-
tion of mineral scale. When water of average mineral and air content is
brought to & temperature in excess of 120°F, it is found that tube action
becomes excessive, and for this reason an outlet water temperature above
120°F should be avoided.

Cooling water is rarely abundant or without cost. One of the serious
problems facing the chemical and power industries today results from
the gradual deficiency of surface and subsurface water in areas of indus-
trial concentration. This can be partially overcome through the use of
cooling towers (Chap. 17), which reuse the cooling water and reduce the
requirement to only 2 per cent of the amount of water required in once-
through use. River water may provide part of the solution to a deficiency
of ground water, but it is costly and presupposes the proximity of a river.
River water must usually be strained by moving screens and pumped
considerable distances, and in some localities the water from rivers servie-
ing congested industrial areas requires cooling in cooling towers before it
can be used.
water supplies for large cooling purposes other than for make-up in
cooling towers or spray-pond systems. Where available, municipal water
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may average about 1 cent per 1000 gal., although it has the advantage of
being generally available at from 30 to 60 psi pressure which is adequate
for most process needs including the pressure drops in heat exchangers.
Where a cooling tower is used, the cost of the water is determined by the
cost of fresh water, pumping power, fan power, and write-off on the
original investment. _

The shell-side heat-transfer curve (Fig. 28) correlates very well for the
flow of water across tube bundles. The high thermal conductivity of
‘water results in relatively high film coefficients compared with organic
fluids. The use of the tube-side curve (Fig. 24), however, gives coefli-
cients which. are generally high. In its place the data of Eagle and
Ferguson! for water alone are given in Fig. 25 and are recommended when-

‘ever water flows in tubes. Since this graph deals only with water, it has
been possible to plot film coefficients vs. velocity in feet per second with
temperature as the parameter. The data have been plotted with the
34 in., 16 BWG tube as the base, and the correction factor obtained from
the insert in Fig. 25 should be applied when any other inside diameter is
used. .
In a water-to-water exchanger with individual film coefficients ranging
from 500 t0.1500 for both the shell and tube, the selection of the required
dirt factor merits serious judgment. As an example, if film coefficients
of 1000 are obtained on the shell and tube sides, the combined resistance is
0.002, or Uy = 500. If a fouling factor of 0.004 is required, the fouling
factor becomes the controlling resistance. When the fouling factor is
0.004¢, Up must be less than 1/0.004 or 250. Whenever high coefficients
exist on both sides of the exchanger, the use of an unnecessarily large
fouling factor should be avoided.

The following heat-recovery problem occurs in powerhouses. Although
it involves a moderate-size exchanger, the heat recovery is equivalent to
nearly 1500 Ib/hr of steam, which represents a sizable economy in the
course of g year.

Example 7.4, Calculation of a Distilled-water-Raw-water Exchanger. 175,000
Ib/hr of distilled water enters an exchanger at 93°F and leaves at 85°F. The heat
will be transferred to 280,000 1b/hr of raw water coming from supply at 75°F and
leaving the exchanger at 80°F. A 10 psi pressure drop may be expended.on both
streams while providing a fouling factor of 0.0005 for distilled water and 0.0015 for
raw water when the tube velocity exceeds 6 fps. )

Available for this service is a 15%£ in. ID exchanger having.160 34 in. OD, 18 BWG
tubes 1670’ long and laid out on 15{¢-in. triangular pitch. The bundle is arranged
for two passes, and baffles are spaced 12 in. apart.

Will the exchanger be suitable?

! Fagle, A., and R. M. Ferguson, Pro. Roy. Soc., A127, 540-566 (1930).
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Solution:
Exchanger:
Shell side

PROCESS HEAT TRANSFER

Tube side

ID = 1834 in. Number and léength = 160, 160"

Baffle space = 12 in. 0D, BWG,

Pagses = 1

(1) Heat balance:
Distilled water, @

pitch = 3 in., 18 BWG, 15{4 in. tri.

Passes = 2

= 175,000 X 1(93 — 85) = 1,400,000 Btu/hr

Raw water, § = 280,000 X 1(80 — 75) = 1,400,000 Btu/hr

@) at:

Hot Fluid Cold Fluid Diff.

93 Higher Temp 80 13

86 | Lower Temp 5 10

-8 Differences 5 3
LMTD = 11.4°F (6.14)

8 5
R=5=1.6 .8'=93_75=0.278

Fr = 0.945 (Fig. 18)
At = 0.945 X 11.4 = 10.75°F (7.42)

(8) T, and ¢:
The average temperatures T'; and #s of
short ranges and ¢, and ¢, taken as 1.0,
the smaller of the two.

Hot fluid: shell side, distilled water
(4" a, = ID X C'B/144Pr [Eq. (7.1)]
= 15.25 X 0.1875 X 12/

: . 144 X 0.9375 = 0.254 ft2
(6) G. = W/a, {Eq. (7.2)]
= 175,000/0.254 ’

= 690,000 1b/(hr)(ft?)

(6) At T, = 89°F, » = 0.81 X 2.42
' = 1.96 1b/(ft) (hr)

[Fig. 14]

D, = 0.55/12 = 0.0458 ft [Fig. 28]

Re, = D&, /p [Bq. (7.3)
= 0.0458 X 690,000/1,06 = 16,200.

(T ju =173 {Fig. 28]

(8") At T. = 89°F, ¢ = 1.0 Btu/(ib)(°F)
k = 0.36 Btu/(hr)(ft?) (°F/ft) [Table 4]
(eu/k)¥ = (1.0 X 1.96/0.36)"% = 1.76

89 and 77.5°F will be satisfactory for the
Try hot fluid in shell as a trial, since it is

Cold fluid: tube side, raw water
(4) a} = 0.334 in.? - [Table 10]
a: = Nia,/144n [Eq. (7.48)]
= 160 X 0.334/144 X 2 = 0.186 ft*
B) Gi = w/a:
= 280,000/0.186
= 1,505,000 1b/(hr)(ft}
Vel, V = G./3600p
= 1,505,000/3600 X 62.5 = 6.70 fps
(8) At te = 77.5°F, u = 0.92 X 2.42
= 293 Ib/(ft) (hr)
[Fig. 14)
D = 0.656/12 = 0.064 ft (Re. is for pres-
" gure drop only)} [Table 10]
Re; = DG. / I
= 0,054 X 1,505,000/2.23 = 36,400
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Hot fluid: shell side, distilled water Cold fluid: tube side, raw waler

®) ho = Jn Dk‘ (1"-‘-‘)*’(x X 1 [Bq. (6.155)]{ (9) & = 1350 X 0.99 = 1335  [Fig. 25]

k
hio = hs X ID/OD = 1335 X 0.65/0.7
. =73 % 0.36 X 1.76/0.0458 = 1010 X ID/OD =1 DX [Eq_/ (ﬁ_g)]

100 (119 (12') The small difference
in the average temperatures eliminates
the need for a tube-wall correction, and
=1 ’

(18) Clean overall coefficient Ug:

hih. 1155 X 1010

Ue = 5= h = 1155 + 1010

= 537 Btu/(hr)(ft2) (°F) (6.38)

‘When both. film coefficients are high the thermal resistance of the tube metal is not
necessarily insignificant as assumed in the derivation of Eq. (6.38). For a steel
18 BWG tube Rn» = 0.00017 and for copper Rn = 0.000017.

(14) Design overall coefficient Up:

External surface/ft, ¢ = 0.1963 ft*/ft
A =160 X 16°0" X 0.1963 = 502 fi2

Q1400000 _ :
Up =75 =502 x 1075 ~ 2° (5.3)

{18) Dirt factor Ra:

Ug — Up _ 537 — 259

Be = g0, = 537 X 259

= 0.0020(hr)(ft?) (°F) /Btu. .(6.18)

Summary

1010 |k outside| 1156
Ue 537

Up 259

R4 Calculated 0.0020

R; Required 0.0020

Pressure Drop ‘
{1y For Re, = 16,200, f = 0.0019 £t2/in.2 | (1) For Re; = 36,400, f = 0.00019 {t?/in.2

[Fig. 29] [Fig. 26
2L .
{2") No. of crosses, N + 1 = 12L./B (2) AP; = 5—'2—24:—((;'1—07:63— {Eq. (7.45)]
{Eq. (7.43)] ‘ S
12X 18, | o 000019 X 1,505,0002 X 16 X 2
2 522 X 1010 X 0054 X 1.0 X 1.0

D. = 156.25/12 = 1.27 ft = 4.9 psi
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Pressure Drop

JGD.(N +1)

(8" AP, = [Eq. (7.49)] | (8) AP,: G = 1,505,000, V2/2¢' = 0.33

5.22 X 10“’D¢84’l’ [Fig. 27]
- : AP, = (4n/s)(V2/2g' Eq. (7.46
_ 0.0019 X 690,000t X 1.27 X 16 ’4;2/)( /%) _IQ( )
5.2 X 10© X 0.0458 X 1.0 X 1.0 = =7~ X 0.33 = 2.8 psi
= 7.7 psi
Allowable AP, = 10.0 psi 4) APp =P, + P, [Eq. (7.47)]

=494 26 =75psi
Allowable APy = 10.0 psi

It is seen that the overall coefficient for this problem is five times that of the oil-to-oil
exchange of Example 7.3, the principal difference being due to-the excellent thermal
properties of water. The exchanger is satisfactory for the service.

Optimum. Outlet-water Temperature. In using water as the cooling
medium for a given duty it is possible to circulate a large quantity with a
small temperature range or a small quantity with a large temperature
range. The temperature range of the water naturally affects the LMTD.
If a large quantity is used, ¢, will be farther from 7'y and less surface is
required as a result of the larger LMTD. Although this will reduce the
original investment and fixed charges, since depreciation and maintenance
will also be smaller, the operating cost will be increased owing to the
greater quantity of water. It is apparent that there must be an optimum
between the two conditions: much water and small surface or little water
and large surface.

In the following it is assumed that the line pressure on the water is
sufficient to overcome the pressure drop in the exchanger and that the
cost of the water-is related only to the amount used. It is also assumed
that the cooler operates in true counterflow so that At = LMTD. If the
approach is small or there is a temperature cross, the derivation below
requires an estimate of Fr by which the LMTD is multiplied.

The total annual cost of the exchanger to the plant will be the sum of
the annual cost of water and the fixed charges, which include maintenance
and depreciation. -

If Cr is the total annual cost,

C'r = (water cost/Ib)(lb/hr)(annual hr)
+ (annual fixed charges/ft%)(ft?)
Q = we(ts — t;) = UA(LMTD) (7.49)
Substituting the heat-balance terms in Eq. (7.49), where w = Q/[c(¢: — #)]
and the surface A = @/U(LMTD)

QoCw CrQ

¢ = - T TaMTD)
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where 8 = annual operating hours
Cw = water cost/Ib
Cr = annual fixed charges/ft?
'Assuming U is constant
Aty — Al

LMID =5 Ato/ At

Keeping all factors constant except the water-outlet temperature and
consequently Aty

Q6Cy CxQ
= . 7.50
Cr et — &) U[Tl—tg——Atl] @.50)
In (T]_ - tz)/Atl
The optimum condition will occur when the total annual cost is a mini-

mum, thus when dCr/dt; = 0.
Differentiating and equating the respective parts,

UbCw [T1 — t: — AL\ Tl—tz_[ _ 1 ]
i ( o ) e EE e I

Equation (7.51) has been plotted by Colburn and is reproduced in Fig.
7.24. .

. Example 7.5. ' Calculation of the Optimum Outlet-water Temperature. A viscous
Aluid is cooled from 175 to 150°F with water available at 85°F. What is the optimum-
outlet water temperature?

175 —x = Als
150 — 85 = At; = 65

It will first be necessary to assume a value of U, Since the maferial is viscous,
assume U = 15. To evaluate the group UeCw/Cre:

¢ = 8000 operating hours annually ‘

Cw computed at $0.01/1000 gal. = 0.01/8300, dollars/Ib

For annual charges assume 20 per cent repair and maintenance and 10 per cent
depreciation. At & unit cost of $4 per square foot the annual fixed charge is

§4 X 0.30 = $1.20
The specific heat of water is taken as 1.0,

UoCw _ 15 X 8000 £ 0.01
Crc  1.20 X 1.0 \8300
=Ty 175 — 150

= 0.1205

&~ -8 -0
From Figure 7.24,

Aty _

S =096

Aty = Ty — {3 = 0.96 X 65 = 62.3°F
3 = 175 — 62.3 = 112.7°F
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When the value of U is high or there is a large hot-fluid range, the
optimum outlet-water temperature may be considerably above the upper
limit of 120°F. This is not completely correct, since the maintenance
cost will probably rise considerably above 20 per cent of the initial cost

" when the temperature rises above 120°F. TUsually information is not
available on the increase in maintenance cost with increased water-outlet
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Fia. 724 Optimum outlet water temperature. (Perry, Chemical Engineers’ Handbook,
McGraw-Hill Book Company, Inc., New York, 1950.)

temperature, since such data entail not only destructive tests but records
kept over a long period of time.

Solution Exchangers. One of the commonest classes of exchangers
embraces the cooling or heating of solutions for which there is a paucity
of physical data. This is understandable, since property vs. temperature
plots are required not only for each combination of solute and solvent
but for different concentrations as well. Some of the data available in
the literature and other studies permit the formulation of rules for esti-
mating the heat~transfer properties of solutions when the rules are used .
with considerable caution. They are given as follows:
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Thermal conductzvity:

Solutions of organic liguids: use the weighted conductivity.

Solutions of organic liquids and water: use 0.9 times the welghted
conductivity.

Solutions of salts and water cn:culated through the shell: use 0.9 times
the conductivity of water up to concentrations of 30 per cent.

Solutions of salts and water circulating through the tubes and not
exceeding 30 per cent: use Fig. 24 with a conduectivity of 0.8 that of
water.

Colloidal dispersions: use 0.9 times the conduectivity of the dispersion
liguid.

Emulsions: use 0.9 tlmes the conductivity of the liquid surrounding
the droplets.

Specific heat:

Organic solutions: use the weighted specific heat.

Organie solutions in water: use the weighted specific heat.

Fusable salts in water: use the weighted specific heat where the specific
heat of the salt is for the crystalline state.

Viscosity:

Organic liquids in organics: use the reciprocal of the sum of the terms,
(weight fraction/viscosity) for each component.
Organie liquids in water: use the reciprocal of the sum of the terms,
{weight fraction/viscosity) for each component.
Salts in water where the coneentration does not exceed 30 per cent and
where it is known that a sirup-type of solution does not result: use
a viscosity twice that of water. A solution of sodium hydroxide in
water under even very low concentrations should be considered
sirupy and can not be estimated.

Wherever laboratory tests are available or data can be obtained, they
will be preferable to any of the foregoing rules. The following demon-
strates the solution of & problem involving an agueous solution:

Example 7.6. Calculation of a Phosphate Solution Cooler. 20,160 1b/br of a 30%,
K,PO, solution, specific gravity at 120°F = 1.30, is to be cooled from 150 to 90°F
using well water from 68 to 90°F. Pressure drops of 10 psi are allowable on both
streams, and a total dirt factor of 0.002 is required.

Avsilable for this service is a 10.02 in. ID 1-2 exchanger- ha.vmg 52 34 in. OD,
16 BWG tubes 16°0" loug laid out on I1-in. square pitch. The bundle is arranged for-
two passes, and the baffles are spaced 2 in. apart.

Will the exchanger be suitable?
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Solution:
Exchanger:
Shell side

PROCESS HEAT TRANSFER

Tube side

ID = 10.02in. Number and length = 52, 16'0”

Baffle space = 2 in. 0D, BWG,
Passes = 1

(1) Heat balance: .

pitch = 34 in., 16 BWG, 1 in. square

Pagges = 2

Specific heat of phosphate solution = 0.3 X 0.19 4+ 0.7 X 1 = 0.757 Btu/(Ib)(°F)
309, K,PO solution, Q = 20,160 X 0.757(150 — 90) = 915,000 Btu/hr
Water, Q = 41,600 X 1.0(90 — 68) = 915,000 Btu/hr

(@) At:

Hot Fluid Cold Fluid  Diff.

150 | Higher Temp 90 60

90 Lower Temp 68 22

60 Differences 22 38
LMTD = 37.9°F (5.14)

60 22
_.2-5-2.73 S=m=0.268

Fr = 0.81 (Fig. 18)
At = 0.81 X 37.9 = 30.7°F (7.42)

(8) T.and ¢: The average temperatures T'; and &, of 120 and 79°F will be satisfactory.

Hot fluid: shell side, phosphate solution
(4') a. = ID X C'B/144Pr [Eq. (7.1)]
=10.02 X 0.25 X 2/144 X 1
== 0.0347 ft?
%) G = w/a,
= 20,160/0.0347
= 578,000 Ib/(hr) (ft%)

(8') At Ta = 120°F,
== 2piager = 1,20 X 2.42

= 2.90 1b/(ft) (hr) [Fig. 14]
D, = 0.95/12 = 0079 ft [Fig. 28]
Re, = DG/ [Eq. (7.3)]

= 0.070 X 578,000/2.90 = 15,750
(7) ju =71 [Fig. 28]

(8) At Ta = 120°F, & = 0.9kwater
= 0.9 X 0.37
= 0.33 Btu/(hr) ft2) (°F /£t)
(cu/E)¥ = (0.757 X 2.90/0,33) = 1.88

(®) ko =jx§l. ¥ % %1 [Eq 6.150)]

= 71 X 0.33 X 1.88/0.079 _
= 558 Btu/(hr) (ft?) (°F)
(10') (11) (12') ¢, and ¢; = 1

Cold fluid: tube side, water
4) a} = 0.302 in.2 [Table 10]
ar = N, /144n
= 52 % 0.302/144 X 2 = 0.0545 ft?
(6) Gt = w/a,
= 41,600/0.0545
= 762,000 Ib/(hr) (f+?)
V = (./3600p = 762,000/3600 X 62.5
= 3.40 fps

1 (6) At t, = 79°F, u = 0.91 X 2.42

[Table 14]
[Table 1G]

=-2.20 Ib/(ft) (hr)
D = 0.62/12 = 0.0517 ft
(Rey 18 for pressure drop only)
Re: = DG/u
= 0.0517 X 762,000/2.20 = 17,800

(9) i = 800 X 1.0 = 800 [Fig..25]
hio =h; X ID/OD = 800 X 0.62/0.75
= 662 Biu/(hr)(ft2}(°F)  [Eq. (6.5)]
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(18) Clean overall coefficient Ue:

hiohs 662 X 558
Ue = 4 = 663 3558 = 308 Btu/(b) (ft*) C°F) (6.38)

(14) Design overall coefficient Up:

External surface/ft, a”’ = 0.1963 {t (Table 10)
A =52 X 16°0” X 0.1963 = 163 ft?

0 915,000 .
Up = Z—A_f = m = 183 Btu/(hr)(ft’)( F)

(16) Dirt factor Ra:

Ue—Up 303 — 183
Rs = fchD JER 503 %188 ~ 0.00216 (br) ({42 (°F) /Btu (6.13)

Summary

558 |k outside| 662

Ue 303

Usp 183

R4 Calculated 0.00216

Ra Required 0.0020

Pressure Drop

(1)) Por Re, = 18,750,f = 0.0019f¢#/in.% | (1) For Re, = 17,900, = 0.00023 ft?/in.*
‘ [Fig. 29] [Fig. 26] .

@) No. of erosses, N + 1 = 12L/B @ 4P, = — J%LIn [Eq. (7.45)]

[Eq. (7.43)] -5.22 X 10°Dsg:

12 %184 | . _0.00023 X 762,000 X 16 X 2
gl T 522X 10" X 0.0517 X 1.0 X 10
D, = 10.02/12 = 0.833 ft - = 16 psi
(3’) AP, = fG’fD,(N + 1) [E (7 44)] (8) G: =762 000, §— = 0.08 [Flg. 21]
U522 X10Dag, | ap A0 Y [Eq. (7.4
. 5 q. (7.46)]
_ 0.0019 X 578,000% X 0.833 X 96 - s 2
5.22 X 10 X 0.079 X 1.30 ><915.0 | =% >< 2 % 0.08 = 0.7 psi
= 0.5 psi
Allowable AP, = 10.0 psi | APy = AP: + AP, [Eq. (7.47)]
: = 1.6 + 0.7 = 2.3 psi
Allowable APr = 10.0 psi

The exchanger is satisfactory for the service.

Steam as a Héa'ting Medium. Thus far none of the heat-transfer serv-
ices studied has employed steam although it is by far the commonest
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heating medium. Steam as a heating medium introduces several diffi-

culties: (1) Hot steam condensate is fairly corrosive, and care must be

exercised to prevent condensate from accumuleting within an exchanger

where continuous contact with metal will cause damage. (2) The

condensate line must be connected with diseretion. Suppose exhaust

steam at 5 psig and 228°F is used to heat a cold fluid entering at a temper-
ature of 100°F. 'The tube wall will be at 3 temperature between the two
but nearer that of the steam, say 180°F, which corresponds to a sat-
uration pressure of only 7.5 psia for the condensate at the tube wall.

Although the steam entered at 5 psig, the pressure on the steam side may

drop locally to a pressure below that of the atmosphere, so that the

condensate will not run out of the heater. Instead it will remain and -
build up in the exchanger until it blocks off all the surface available for

heat transfer. Without surface, the steam will not continue to condense

and will retain its inlet pressure long enough to blow out some or all of

the accumulated condensate so as to reexpose surface, depending upon -
the design. The heating operation will become eyclical and to over-

come this difficulty and attain uniform flow, it may be necessary to em-

ploy a trap or suction for which piping arrangements will be discussed in

Chap. 21.

The heat-transfer coefficients associated with the condensation of steam
are very high compared with any which have been studied so far. It is
customary to adopt a conventional and conservative value for the film
coefficient, since it is never the controlling film, rather than obtain one
by calculation. In this book in all heating services employing relatively
air-free steam a value of 1500 Btu/(hr)({t*)(°F) will be used for the
condensation of steam without regard to its location. Thush; = &, =
hio = 1500, ,

It is advantageous in heating to connect the steam to the tubes of the
heater rather than the shell. In this way, since the condensate may be
corrosive, the action can be confined to the tube side alone, whereas if
the steam is introduced into the shell, both may be damaged. When
steam flows through the tubes of a 1-2 exchanger, there is no need for
more than two tube passes. Since steam is an isothermally condensing
fluid, the true temperature difference Af and the LMTD are identical.

When using superheated steam as a heating medium, except in desuper-
heaters, it is customary to disregard the temperature range of desuperheat-
ing and consider all the heat to be delivered at the saturation temperature
corresponding to the operating pressure. A more intensive analysis of
the condensation of steam will be undertaken in the chapters dealing
with condensation.
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Pressure Drop for Steam. When steam is employed in two passes on
the tube side, the allowable pressure drop should be very small, less than
1.0 psi, particularly if there is a gravity return of condensate to the
boiler. In a gravity-return system, condensate flows back to the boiler
because of the difference in static head between a vertical column of steam
and a vertical column of condensate. The pressure drop including
entrance and end losses through an exchanger can be calculated by taking
one-half of the pressure drop for steam as calculated in the usual manner
by Eq. (7.45) for the inlet vapor conditions. The mass velocity is calcu-

.lated from the inlet steam rate and the flow area of the first pass (which
need not be equal to that of the second pass). The Reynolds number is
based on the mass velocity and the viscosity of steam as found in Fig. 15.
The specific gravity used with Eq. (7.45) is the density of the steam
obtained from Table 7 for the inlet pressure divided by the density of
water taken as 62.5 lb/fte.

Quite apparently this calculation is an approximation. It is conserva-
tive inasmuch as the pressure drop per foot of length decreases succes-
sively with the square of the mass velocity while the approximation
assumes a value more nearly the mean of the inlet and outlet.

The Optimum Use of Exhaust and Process Steam. Some plants
obtain power from noncondensing turbines or engines. In such places
there may be an abundance of exhaust steam at low pressures from 5 to
25 psig which is considered a by-product of the power cycles in the plant.
While there are arbitrary aspects to the method of estimating the cost of
exhaust steam, it will be anywhere from one-quarter to one-eighth of the
cost of process or live steam. Although it possesses a high latent heat,
exhaust steam is of limited process value, since the saturation temperature
is usually about 215 to 230°F. If a liquid is to be heated to 250 or 275°F,
it is necessary to use process steam at 100 to 200 psi developed at the
powerhouse specially for process purposes.

When a fluid is to be heated to a temperature close to or above that
of exhaust steam, all the heating can be done in a single shell using only
process steam. As an alternative the heat load can be divided into two
shells, one utilizing as much exhaust steam as possible and the other
using as little process steam as possible. This leads to an optimum: If
the outlet temperature of the cold fluid in the first exchanger is made to
approach the exhaust steam temperature too closely, a small Af and large
first heater will result. On the other hand, if the approach is not close,
the operating cost of the higher process steam requirement in the second
heater increases so that the initial ¢ost of two shells may not be justified.

In the following analysis it is assumed that the pressure drop, pumping
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cost, and overall coefficient are identical in a single and double heater
arrangement. It is assumed also that the fixed charges per square foot
of surface is constant, although this too is not strictly true. The cost
equation is taken as the sum of steam and fixed charges and because
steam condenses isothermally, At = LMTD.

Cr = we(t — £1)6Cs + AiCr + we(ts — £)6Cr + ACr  (7.52)

where Cy = total annual cost, dollars

Cr = annual fixed charges, dollars/ft* .

Cx = cost of exhaust steam, dollars/Btu

Cr = cost of process steam, dollars/Btu

Tr = temperature of exhaust steam, °F

Ty = temperature of process steam, °F
t = intermediate temperature between shells
6 = total annual operating hours

& _we Tz — Qs _ we Tr — 1
di=pgr=ghhyp=y ad A4=ghp=yghy—

Substituting, differentiating Eq. (7.52) with respect to ¢, and setting equal
to zero

Ce(Tr — Ts)

T (Cr—Can U8 (7.53)

(Tr — )(Tz — t)

Example 7.7. The Optimum Use of Exhaust and Process Steam. Exhaust steam
at 5 psi (== 228°F) and process steam at 85 psi (= 328°F) are available to heat a
liquid from 150 to 250°F. Exhaust steam. is available at 5 cents per per 1000 Ib, and
process steam at 30 cents per 1000 Ib. From experience an overall rate of 50 Btu/
(hr) (ft?) (°F) may be expected. The assumption may be checked later. Use annual
fixed charges of $1.20 per square foot, 8000 annual hours, latent heats of 960.1 Btu/lb
for exhaust, and 888.8 Btu/Ib for process steam.

Solution:

B L 1.20(328 — 228)

(828 — )(228 — 1) = (54577000 X 888.8 — 0.05/1000 X 960)50 X 5000
¢ = 218°F

(7.53)

1-2 Exchangers without Baffles. Not all 1-2 exchangers have 25 per
cent cut segmental bafles. When it is desired that a fluid pass through
the shell with an extremely small pressure drop, it is possible to depart
from the use of segmental baffles and use only support plates. These
" will usually be half-circle, 50 per cent cut plates which provide rigidity
and prevent the tubes from sagging. Successive support plates overlap
at the shell diameter so that the entire bundle can be supported by two
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half circles which support one or two rows of tubes in commaon. These
msy be spaced farther apart than the outside diameter of the shell, but
when they are employed, the shell fluid is considered to flow along the
axis instead of across the tubes. When the shell fluid flows along the
tubes or the baffles are cut more than 25 per cent, Fig. 28 no longer
applies. The flow is then analogous to the annulus of a double pipe
exchanger and can be treated in a similar manner, using an equivalent
diameter based on the distribution of flow area and the wetted perimeter
for the entire shell, The ecalculation of the shell-side pressure drop will
also be similar to that for an annulus.

Example 7.8. Calculation of a Sugar-solution Heater without Bafles. 200,000
lb/hr of a 20 per cent sugar solution (s = 1.08) is to be heated from 100 to 122°F
using steam at 5 psi pressure.

Available for this service is a 12 in. ID 1-2 exchanger without baffles having 76 34 in.
0D, 16 BWG tubes 16’0 long laid out on a 1-in. square pitch. The bundle is arranged
for two passes.

Can the exchanger provide a 0.003 dirt factor without exceeding a 10.0 psi solution
pressure drop?

Solution:
Exchanger:
Shell side Tube side
ID = 12in. Number and length = 76, 16°0"
Baffle space = half circles OD, BWG, pitch = 34 in., 16 BWG, 1 in. square
- Pagses =1 Passes = 2

(1) Heat balance:
Specific heat of 20 per cent sugar at 111°F = 0.2 X 0.30 + 0.8 X 1
= 0.86 Btu/(b) °F)
Sugar solution, @ = 200,000 X 0.86(122 — 100) = 3,790,000 Btu/hr

Steam @ = 3950 X 960.1 = 3,790,000 Btu/hr (Table 7)
() Aé:
Hot Fluid Cold Fluid Diff.
228 Higher Temp 122 106
228 Lower Temp 100 128
0 Differences 22 22
When R = 0, At = LMTD = 116.5°F. (5.14)

(8) T, and ¢.: The steam coefficient will be very great compared with that for the
sugar solution, and the tube wall will be considerably nearer 228°F than the cdloric
temperature of the fluid. Obtain F.from U, and U, Failure to correct for wall
effects, however, will keep the heater calculation on the safe side. TUse 111°F as

the average, ta.



168

Hot fluid: tube side, steam
(4) a; = 0.302 in? [Table 10)
a = Nay/144n [Eq. (7.48)]
= 76 X 0.302/144 X 2 = 0.0797 ft?

(6) G: (for pressure drop only) = W/a,
= 3950/0.0797 = 49,500 1b/(hr) (t2)

(6) At T, = 228°F,
patean = 0.0128 X 2,42
== 0.081 Ib/(ft) (hr)
D = 0.62/12 = 0.0517 {t [Table 10]
Re: = DGi/u - [Eq. (3.6)]
= 0.0517 X 49,500/0.031 = 82,500
Re; is for pressure drop.

[Fig. 15}

(9) Condensation of steam:
ki = 1500 Btu/(hr) (ft2) (°F)

(10) t.*:
hio
to =t + Foon + Foo (Ts —ts) [Eq.(5.31a)]
1500
=111 + m (228 — 111)
= 210°F

(18) Clean overall coefficient Ug:
hiuha

1500 X 311

PROCESS HEAT TRANSFER

Cold fluid: shell side, sugar solution
(4') a, = (area of shell) — (area of tubes)
= %44(11’122/4 - 76 X=

X 0.75%/4)
= (.55 ft2 .
6 G = w/a, [Eq. (7.2)]
= 200,000/0.55
= 364,000 1b/(hr) (ft?)

(8" At f, = 111°F, p = Zpmater
= 1,30 X 2.42 = 3.14 Ib/(ft) (hr)
. ' [Fig. 14]
D, = 4a,/(wetted perimeter) [Eq. (6.3)]
=4 X 0.55/(76 X = X 0.75/12)
= 0.148 ft
Re, = DG\/n [Eq. (7.3)]
= (.148 X 364,000/3.14 = 17,100
(7) From Fig. 24 (tube-side data)
ju = 815
(8) At £, = 111°F,
k=09 X037
= 0.333 Btu/(hr) (ft2) (°F /ft)
(en/k)¥ = (0.86 X 3.14/0.333)% = 2.0

%
9 ko = 4& g‘ (%‘) ¢s . [Eq. (6.15b)]
% = 61.5 X 0.333 X 2.0/0.148 = 278

(11’) At tw = 210°F, By = 2.Uwater
=0.51 X 2.42 = 1.26 Ib/(ft)(hr)
[Fig. 14]

s = (1/pu)®14 = (3.14/1.26)024 = 1,12 ~
(127) Corrected coefficient, k. hots

[Eq. (6.36)]
= 278 X 1.12 = 311 Btu/(hr)(ft?) (°F)

Ue

(14) Design overall coefficient Up:
a” = 0.1963 ft2/lin ft

= R F o 1500 F 311

4 =76 X 16'0” X 0.1963 = 238 ft?

_Q _ 3,790,000
AAf T 238 X 1165

{16) Dirt factor Rg4:
_Uc—Up

Up =

Rq

257 — 137

- UCUD

* Note ki, in the numerator.

T 257 X 137

= 257 Btu/(hr) @) (°F) (6.38)
(Table 10)

= 137 Btu/(hr) (£62)°F)
= 0.0034 (hr)(f69)(°F)/Btu  (6.13)
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Summary

1500 | houtside} 311

Ue 257

Ua 137

R4 Calculated 0.0034

R Required 0.003

Pressure Drop

(1) Specific vol of steam from Table 7: (V') Dy = 4 X flow area/frictional
v = 20.0 ft3/1b wetted perimeter [Eq. (6.4)]
1/20.0 _ 0.00080 ) = 4 X 0.55/(76 X 3.14 X 0.75/12

625 , + 8.14 X 12{5) = 0.122 %

Re; = 82,500, £ = 0.000155 ft2/in.2 Re, = DoG./u [Eq. (7.3)]

. [Fig. 26] = 0.122 X 364,000/3.14 = 14,100
1 FGHLn F{rom Fig. 26 for tube side)
2 X 552 % 10%Dsg, [Eq. (7.45)] = 0.00025 ft2/in.2
@) AP, = JGLn

_ 1, 0.000155 X 49,5002 X 16 X 2 5.22 X 101D sd,
2 5.22 X 10° X 0.0517 [Eq. (7.45)]
X 0.0008 X 1.0 _ 0.00025 X 364,0002 X 16 X 1

 =28ps = 522 X 10% % 0.122 X 1.08
This is a relatively high pressure drop for : X 1.12

steam with a gravity condensate return. = 0.07 psi
The exchanger is satisfactory.

AP,

Heat Recovery in a 1-2 Exchanger. When an exchanger is clean, the
hot-fluid outlet temperature is lower than the process outlet temperature
and the cold-fluid outlet temperature is higher than the process outlet
temperature. For counterflow it was possible to obtain the value of T,
and i, for a clean exchanger from ¥q. (5.18), starting with

we(ts — 4) = UA X LMTD

For a 1-2 exchanger the outlet temperatures can be obtained starting
with the expression wc(fs — #1) = UAFr» X LMTD, where the LMTD is
defined in terms of parameters R and S by Eq. (7. 39) and Fris defined by
Eq. (7.41).

Recognizing that Fr can be eliminated when UA Jwe in Eq. (7.37) is
plotted against S, Ten Broeck® developed the graph shown in Fig. 7.25.
In an existing 1-2 exchanger A and wc are known. U can be computed

1Ten Broeck, H., Ind. Eng. Chem., 80, 1041-1042 (1938),



170 PROCESS HEAT TRANSFER

from the flow quantities and temperatures, and B can be evaluated from
we/WC. This permits S to be read directly from the graph. Since
8 = (t; - t)/(Ty — t1) and T and ¢, are known, it is then possible
to obtain £ and from the heat balanee we(tz — 1)) = WC(T: — Th).
The line designated threshold represents the initial points at which a
temperature cross occurs. Values on this line correspond to 72 = fa.

L0 ]
09 7A ba/d! 7%
s - —
08 it s 237
Y
01 T il
4oop, 0B = L .'.c'z.:
S = D74 '
~h 5% nam
0.4 Zoge z'--
{1 e
03 ; P o an '
— 1] S L]
0'2 ,/; /, B
0.1 %
0
ol 62 03 04 0506 08 10 2 3 456 80
UA/we

Fig. 7.25. Ten Broeck chart for det,ermmmg t when 71 and tr are known in a 1-2
exchanger. (Industrial & Engt ing Chemistry.)

Example 7.9. Outlet Temperatures for a Clean 1-2 Exchanger. In Example 7.3,
kerosene-crude oil exchanger, what will the outlet temperatures be when the excha,nger
is freshly placed in service? .

Solution:
Ue = 69.3 A = 662 w = 149,000 ¢ = 0.49
W = 43,800 C = 0.60
UA 69.3 X 662

we ~ 145,000 X 0.49 ~ 088

R =2 _ 149,000 X 0.49

T = 13,800 X 060 ~ 278

From Figure 7.25,

8 = T; = = 0.265
=11 + 0.265(T1 — £,) = 100 + 0.265(390 — 100) = 177°F
Ty = T; — Rlfs — £1) = 390 — 2.78(177 — 100} = 176°F

The Efficiency of an Exchanger. In the design of many types of
apparatus it is frequently desirable to establish a standard of maximum
performance. The efficiency is then defined as the fractional perform-
ance of an apparatus delivering less than the standard. Dodge' gives
the definition of the efficiency of an exchanger as the ratio of the quantity

1Dodge, B. F., “Chemical Engineering Thermodynamics,” McGraw-Hill Book
Company, Inc., New York, 1944,
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of heat removed from a fluid to the maximum which might have been
removed. Using the usual nomenclature,

_wella—t) _ te—t

e = we(Ts = &) ~ Tr =1, (7.54)

which is identical with the temperature group S and presumed that
ts = T1. Depending upon whether the hot or cold terminal approaches
gzero, the efficiency may also be expressed by

_ WO(Ty — T2)

Although there is merit to this definition from the standpoint of thermo-
dynamics there is a lack of realism in an efficiency definition which
involves a terminal difference and a temperature difference of zero. It
is the same as defining the efficiency as the ratio of the heat transferred
by a real exchanger to an exchanger with infinite surface.

In process heat trangfer there is another definition which is useful.
The process temperatures are capable of providing a maximum tempera-
ture difference if arranged in counterflow. There appears to be some
value in regarding the efficiency of an exchanger as the ratio of the
temperature difference attained by any other exchanger to that for true
counterflow. This is identical with Fr, which proportionately influences
the surface requirements. It will be seen in the next and later chapters
that other flow arrangements besides 1-2 parallel flow—¢ounterflow can
:be attained in tubular equipment and by which the value of Fr may be
‘increased for given process temperatures. These obviously entail flow
patterns which approach true counterflow more closely than the 1-2°
exchanger.

PROBLEMS

7.1. A 1-2 exchanger is to be used for heating 50,000 Ib /hr of methyl ethyl ketone
from 100 to 200°F using hot amyl alcohol available at 250°F. (a) What minimum
quantity of amyl alechol is required to deliver the desired heat load in a 1-2 exchanger?
(b) If the amyl alcohol is available at 275°F, how does this affect the total required
quantity ? S

7.2. A 1-2 exchanger has one shell and two tube passes. The passes do not have
equal surfaces. Instead X per cent of the tubes are in the first pass and (1 — X) per
cent are in the second, but if the tube-side film coeflicient is not controlling, the assump-
tion of constant U is justifiable, (a) Develop an expression for the.true temperature
difference when X per cent of the tubes are in the colder of the two tube passes. (b)
-What is the true temperature difference when the hot fluid is cooled from 435 to 225°F
'by a noncontrolling cooling medium in the tubes which is heated from 100 to, 150°F
when 60 per cent of the tubes are in the colder tube pass and (c) when 40 per cent of
the tubes are in the colder pass? How do these compare with the 1-2 true temperature

_difference with equal surfaces in each pass?
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7.3. A double pipe exchanger has been designed for the nozzle arrangement shown
in Fig. 7.26. If the hot stream is cooled from 275 to 205°F while the cold stream
enters at 125°F and is heated fo {; = 190°F, what is the true temperature difference?
(Hint. Establish an equation for the temperature difference with the nozzle arrange-
ment shown and sufficient to allow a nu-
merical trial-and-error solution.) How
does this compare with the LMTD for
counterflow?

T.4. 43,800 lb/hr of 42°API kerosene
between 390 and 200°F is used to heat
143,000 lb/hr of 34°API Mid-continent
crude from 100 to 170°F in a 662-fi2
exchanger (Example 7.3). The clean co-

Fra. 7.26. Iltustration for Prob. 7.3, efficient is 69.83 Btu/(hr) (ft2) °F). When

the 1-2 exchanger is clean, what outlet
temperatures will be obtained? Calculate the outlet temperatures directly from Fy.
How does the total heat load compare with that which could be delivered by = true
counterflow exchanger assuming that the same U could be obtained?

7.6. It is necessary on a new installation to preheat 149,000 Ib /hr of 34°API crude .
oil from 170°F to a temperature of 285°F, corresponding to that of the feed plate of &
fractionating tower. There is a utility 33°AP gas oil line running near the tower at
530°F of relatively unlimited quantity. Because the pumping cost for cold gas oil is
prohibitive, the temperature of the gas oil from the heat exchanger, returning to the
line, should not be less than 3G0°F. .

Available on the site is a 25 in, ID 1-2 exchanger containing 252 tubes 1 in. OD.
13 BWG, 16'0” long arranged on a six-pass 1%4-in. triangular pitch layout., The shell
bafiles are spaced at 5-in. centers. A pumping head of 10 psi is allowable on the gas
oil line and 15 psi on the feed line. Will the exchanger be acceptable if cleaned, and
if s0, what will the fouling factor be? For the gas oil the viscosities are 0.4 centipoise
at 530°F and 0.7 centipoise at 300°F. For the crude oil the viscosities are 0.9 centi-
poise at 285°F and 2.1 centipoise at 170°F. (Interpolate by plotting °F vs. centipoise
on logarithmic paper.)

7.8. 96,000 1b /br of 85°API absorption ol in being cooled from 400 to 200°F is used
to heat 35°API distillate from 100 to 200°F, Available for the service is a 29 in. ID
1-2 exchanger having 338 tubes 1in. OD, 14 BWG, 160 long on 134-in. triangular
pitch. Baflles are spaced 10 in. apart, and the bundle is arranged for four tube passes.
What arrangement gives the more nearly balanced pressure drops, and what is the dirt
factor? The viscosity of the absorption oil is 2.6 centipoise at 100°F and 1.15 centi-
poise at 210°F. (Plot on logarithmic paper °F vs. viscosity in centipoise, and extrap-
olate as a straight line.) The viscosity of the distillate is 3.1 centipoise at 100°F and
1.3 centipoise at 210°F.

7.7. 43,200 1b/br of 35°API distillate is cooled from 250 to 120°F using cooling
water from 85 to 120°F. Available for the service is a 19} in, ID 1-2 exchanger
having 204 tubes 3{ in, OD, 16 BWG, 16'0" long on 1-in. square pitch. Baffles are
spaced 5 in, apart, and the bundle is arranged for four passes. What arrangement
gives the more nearly balanced pressure drops, and what is the dirt factor? Whatis
the optimum outlet-water temperature? (Viscosities of the distillate are given in
Prob. 7.6.)

7.8. 75,000 1b/hr of ethylene glycol is heated from 100 to 200°F using steam at
250°F. Available for the service is a 17% in. ID 1-2 exchanger having 224 tubes
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3 in. OD, 14 BWG, 16’0” long on 154 ¢-in. triangular piteh. Baffles are spaced 7 in.
apart, and there are two tube passes to accommodate the steam. Whatare the pressure
drops, and what is the dirt factor?

7.9. 100,000 Ib/hr of 20 per cent potassium iodide solution is to be heated from 80
t0 200°F using steam at 15 psig.  Available for the service is & 10 in, ID 1-2 exchanger
without baffles having 50 tubes 34 in. 0D, 16 BWG, 16’0” long arranged for two passes
on 15{¢-in. triangular pitch. What are the pressure drops and the dirt factor?

7.10. 78,359 Ib /hr of isobutane (118°API) is cooled from 203 to 180°F by heating
butane (111.5°API) from 154 to 177°F. Available for the service is a 174 in. ID
1.2 exchanger having 178 tubes 34 in. OD,-14 BWG, 120" long on l-in, triangular
piteh. Baffles are spaced 6 in. apart, and the bundle is arranged for four passes.
What are the pressure drops and the dirt factor?

7.11. A 1-2 exchanger recovers heat from 10,000 Ib/br of boiler blowdown at 135
psig by heating raw water from 70 to 96°F. Raw water flows in the tubes. Available
for the service is 8 10.02 in, ID 1-2 exchanger having 52 tubes 34 in. OD, 16 BWG, 8'0"
long. Baffles are spaced 2 in. apart, and the bundle is arranged for two tube passes.
What are the pressure drops and fouling factors?

.7.12. 60,000 Ib/br of a 25% NaCl solution is cooled from 150 to 100°F using water
WJth an inlet temperature of 80°F. What outlet water temperature may be used?
Available for the service is a 2114 in. ID 1-2 exchanger having 302 tubes 34 in. OD,
14 BWG, 16'0” long. Bafles are spaced 5 in. apart, and the bundle is srranged for
two passes. What are the pressure drops and fouling factor?

NOMENCLATURE FOR CHAPTER 7

4 Heat-transfer surface, {t2
a Flow area, ft?
a’ External surfaee per linear foot, it

B Baffle spacing, in.
¢ Specific heat of hot fluid, in derivations, Btu/{Ib)(°F)
¢ Clearance between tubes, in.
¢ Specific heat of fluid, Btu/(b) (°F)
Cg Cost of exhaust steam, dollars/Btu
Cr Annual fixed charges, dollars/ft?
Cp Cost of process steam, dollars/Btu
Cr Total annual cost, dollars/year
Cw Cost of water, dollars/lb
D Inside diameter of tubes, {t -
de QOutside diameter of tubes, in
.D, D, Equivalent diameter for heat transfer and pressure drop, ft
dy, &, Equivalent diameter for heat transfer and pressure drop, in.
D, Inside diameter of shell, ft
e Efficiency, dimensionless
F, Calorie fraction, dimensionless
Fr Temperature difference factor, Al = Fr X LMTD, dimensionless
I . Friction factor, dimensionless; for AP in psi, ft2/in?
@ Mass velocity, Ib/(hr) (ft9)
g Acceleration of gravity, ft/hr?
7 Acceleration of gravity, ft/sec?
"Ry R Bo Heat-transfer coefficient in general, for inside fluid, and for outside

fluid, respectively, Btu/(hr){t2)(°F)
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Value of h: when referred to the tube outside diameter, Btu/(hr)-
2 (°F)

Ingide diameter, in

Factor for heat transfer, dimensionless

Caloric constant, dimensionless

Numerical constants

Thermal conductivity, Btu/(hr) (ft2) ("F/ft)

Tube length, ft

Log mean temperature difference, °F

Number of shell-side baffles

Number of tubes

Number of tube passes

Tube pitch, in.

Total, tube side and return pressure drop, respectwely, psi

Heat flow, Btu/hr

Temperature group, (T — Tz)/ (t2 — 1), dxmensmnless

Combined, inside and outside dirt factors, respectively, (hr)(ft2)(°F)/
Btu

Reynolds number for heat transfer and pressure drop, dimensionless

Temperature group, (¢ — 1)/(T1 — 1), dimensionless

Specific gravity

Temperature in general, inlet and outlet of hot fluid, °F

Saturation temperatures of exhaust and pressure steam, °F

Average temperature of hot fluid, °F

Caloric temperature of hot fluid, °F

Temperature in general or outlet of the first of two heaters, inlet and
outlet of cold fluid, °F

Temperatures in first and second passes, °F

Average temperature of cold fluid, °F

Temperature at end of first pass, °F

Caloric temperature of cold fluid, °F

Tube wall temperature, °F

True temperature difference in @ = UpA At, °F

Temperature differences at the cold and hot terminals, °F

Overall coefficient of heat transfer, clean coefficient, design coefficient,
Btu/ (hr) (£t2) (°F)

Velocity, fps

Specific volume, ft3/lb

Weight flow in general, weight flow of hot fluid, Ib/hr

Weight flow of cold fluid, Ib/hr

Length, ft

Height, ft

The viscosity ratio (u/p.,)%*

Viscosity, centipoises X 2.42 = 1b/(ft)(hr) ‘

Viscosity at tube-wall temperature, centipoises X 2.42 = Ib/(ft)(hr)

Density, 1b/ft3

Subscripts (except as noted above)

Shell
Tubes



CHAPTER 8
'FLOW ARRANGEMENTS FOR INCREASED HEAT RECOVERY

The Lack of Heat Recovéry in Exchangers. The important limitation
of the 1-2 exchangers treated in Chap. 7 lies in their inherent inability
to provide effective heat recovery. The advantages of 1-2 exchangers
have already been.discussed. When a temperature cross occurs in a
1-2 exchanger, the value of Fr drops sharply, and the small extent to
which the shell-outlet temperature can fall below the tube-outlet temper-
ature eliminates them from consideration for high heat recoveries.
Assume conditions in which the-shell fluid is reduced from 200 to 140°F
while the tube fluid rises from 80 to 160°F. All the heat in the hot fluid
from 140 to 80°F is necessarily lost in a 1-2 exchanger because of the
close approach required between the
tube fluid at the end of the parallel L T
pass and the shell fluid outlet Ty, as
in Figs. 7.20 and 7.21. 1 —

This chapter deals with shell-and- —— =
tube equipment and the methods [ty (= - Ty
by which the temperature cross of i _2 )
two fluid streams {2 — T'; can be
increased with an accompanying in-

; - > y T

creage in heat recovery. Consider L
an exchanger similar t0 & 1-2 €X-  fyparner, o S nEomests in e 24
changer except that it is equipped

with a longitudinal baffle (heavy line} as shown in Fig. 8.1. In this ex-
changer the fluid enters the shell through one of the nozzles adjacent to the
tube sheet and travels the length of the shell before reversing its direction
:gbout the longitudinal baffleand returning to an exit nozzle also adjacent to
the tube sheet. Assume that the tube bundle contains four or more passes
with equal surface in each pass. Such an exchanger is a 2-4 exchanger.
A generalized sketch of temperature vs. length for a 2-4 exchanger is
shown in Fig. 8.2a. In a 1-2 exchanger operating with the identieal
temperatures and shown in Fig. 8.2, it is seen that a cross exists so that
‘hot fluid leaving the shell at 140°F is forced to pass over tubes carrying
heated cold fluid having a temperature of 160°F. Thus the shell fluid

may be cooled at some point to a temperature lower than its outlet, and
175.
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the tube fluid may be heated to a temperature above its outlet. When
the two fluids are near their outlets, the shell fluid, being cooled, is

Tt
Ty=200] .
&_..4—""" x
=160 e =TI
S e e S
t,=80°——
L
{ar)-2-4 EXCHANGER
T,‘t Ti:zooﬂ
fz=l50‘ L i)
To=140°T L
1,280°} T

[X
(b)- I-2 EXCHANGER
Fig. 8.2. Temperature relations in 1-2
and 2-4 exchangers, :

actually heated and the tube fluid
is actually cooled. In exchangers
this is called reheating.

The True Temperature Differ-
ence Af in a 2-4 Exchanger. In
the 2-4 exchanger the longitudinal
bafile reduces reheating as shown in
Fig. 8.2¢ so that the 140°F shell-

t T
1 )
| |
'
t Tz
F1a. 8.3. The 2-2 true counterflow
exchanger.

outlet fluid need never come in-contact with the 160°F tube-outlet fluid.
Passes I and IT are in contact only with 2 and passes III and IV are in

contact only with 1,
t, T,

1 | 1

I 1

h T
Fi1a, 8.4. Two 1-2 exchangers connected
in geries.

If there are two shell passes and but two tube passes,

they can be arranged in true coun-
terflow asshown in Fig. 8.3. How-
ever, where the shell contains two
gshell passes and the tube bundle
contains four or more tube passes,
the flow pattern differs from any
encountered heretofore. The de-
rivation of a factor Frfor the 2-4 ex-
changer can be readily established.

In the 2-4 exchanger it is assumed
that there is no fluid Jeakage be-
tween the longitudinal shell baffle
and the shell and-that no heat is
transferred across if, although this

" may lead to an error.of 10 to 15 per

cent when a large temperature difference exists between the average tem-
peratures of the shell fluid in the two shell passes. The assumptions for
the 1-2 exchanger also apply. Referring to the 2-4 exchanger in Fig. 8.1,
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the shell fluid temperature is T, where it reverses direction after the first
shell pass and the tube temperature is ¢, where it reverses direction after
- the second tube pass. The entire 2-4 exchanger may then be considered
the same as two 1-2 exchangers in series as shown in Fig. 8.4 with inter-
~mediate temperatures T'; and ¢, Calling these exchangers I and II in
Fig. 8.4, the heat balances are, respectively,

1. WC(Ty — T2) = we(t, — ) 8.1)
and
L. WC(T, — Ts) = welt, — &) 8.2)

The quantities of heat transferred in I and II are obviously not the same.
Equation (7.37) may be written for each of the exchangers:

vd _ 1 lnT1+T=-—at,,—t2+(Tl—Tz)\/R2+1 (8.3)
we  24/RPF1 Ti+To—t,—to— (T1—T)VEREFT
UA 1 T;+T2“‘t1'—'ty+(Tz"‘T2)'\/R2+1 (84)

I —/— = 1 —
we  oNRER L Tt To—timty — (To = To) VR F 1

By algebraically eliminating T and #, in Eqs. (8.3) and (8.4) through the
use of S and the heat balances in Eqgs. (8.1) and (8.2), Fr is given by

[WVREF1/2(R — 1)]In (1 — 8)/(1 — RS) _ 5)
n2/S—1—R+(2/S)\/(1—S)(I—RS)+\/R2+1 '
2/8 —1—R+(2/8) VT =81 —RS) —vVR*+ 1

Equation (8.5) has been plotted in Fig. 19 and will be used for 2-4
exchangers in the Fourier equation @ = U4 Ai= UAFr X LMTD. A
comparison has been made between the values of F'rin 1-2 and 2-4 exchang-
ers as shown in Fig. 8.5, where both exchangers employ fluids operating with
identical temperature ranges. The advantage of the 2-4 flow arrange-
ment is apparent from the large temperature crosses permissible. In
Fig. 8.6 the hot fluid at each point has a 100° range with varying approach
and the cold fluid a 20° fixed range from 180 to 200°F. With a 5° cross
the 1-2 exchanger has a value of Fp = 0.70 compared with Fr = 0.945
for a 2-4 exchanger., It is general that the greater the number of shell
passes in an exchanger the greater the cross or the greater the heat recov:
ery which may be obtained. Mechanically, however, it is impractical
to design single items of heat-transfer equipment with removable bundles
having more than. two shell passes, although it is seen that the 2-4
exchanger is thermally identical with two 1-2 exchangers in series.
Greater crosses.than those possible in a 2-4 exchanger can be achieved by
using three 1-2 exchangers in series (3-6 arrangement) or two 2-4 exchang-

Fp =

I
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ers in series (4-8 arrangement). Values of Fr for arrangements up to six
shell passes and twelve tube passes are plotted in Figs. 18 through 23. A
Ten Breeck chart for heat-recovery calculations in a 2-4 exchanger is
given in Fig. 8.7 and is used in the same manner as Fig. 7.25.

1.0
N G L ; 50 rarlvgezs each/:)'wd| '
T~ T '4'64\’6 anger
09 S0 ranges D 100 rarges each Flurd
N e \
N £/00ranges \l\
/-2 exci g er<—r X N
08 :
\\ \\ \ \
FT - \\4'\\
0.-, T \\ \
X \‘
06 ‘\ ‘\r
L
05 - A -
100 8 60 40 20 0 20 40 60 80
Approach °F b Cross °F >

Fig. 8.5, Comparison of efficiency of 2-4 and 1-2 exchangers with equal fluid temperature
ranges.

L0 - e
~ —t—] M~ 24 Exmang‘er
09 ~4 \\ -
' 72 Exchanger” | b \
\|
_0.8 \
2 \‘
07 “
i
06 -
05 s -
1?2 80 60 40 20 20 40
= cememamas Approach °F----------4'-Cross OF -

¥ia. 8.6. Influence of approach temperature on Fr for unegual fluid temperature ranges.

Exchangers having odd numbers of tube passes have not been treated
here because they may create mechanical problemsin stationary tube-sheet
exchangers and are not often employed. Fischer! has calculated and
plotted the values of Fr for several odd-numbered tube arrangements.
Naturally for a maximum value of Fr the odd tube-pass arrangemexité
must be piped so that the majority of the tube passes are in counterflow
with the shell fluid rather than in parallel flow.

t Fischer, F. K., Ind. Eng. Chem., 30, 377-383 (1938).
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‘Engtneering Chemistry.)

T16.8.8. Removable baffle 2-4 floating-head exchanger. i(Patterson Foundry & Machine Co.)
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Fre. 8.9. Welded bé.ﬂ'le 2-4 floating-head exchanger. (Patterson Foundry & Machine Co.)

2-4 Tubular Exchangers. Two methods by which the 2-4 temper-
‘ature arrangement is achieved in tubular exchangers are shown in Figs.
88 and 8.9. The exchanger in Fig. 8.8 is similar to an ordinary 1-2
_f;{éjcchanger except that both of the shell nozzles are adjacent to the sta-
Ationary tube sheet. Through the use of-split segmental baffles a removable
Jongitudinal baffle is inserted in the tube bundle. Usually some type of
el is provided between the longitudinal baffle and the shell, since any
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appreciable leakage between the two shell passes invalidates the calcu-
lated value of Fr for the 2-4 exchanger.

A more expensive but more positive form of the 2-4 exchanger is shown
in Fig. 89. In this exchanger the bafile is welded to the shell. This
requires cutting smaller inside diameter shells in half and welding the
bafle from the outside of the shell. In larger shells the baffle is installed
internally. Furthermore, in order that the bundle be removable it is
necessary to make the floating tube sheet in two halves which are joined
by a single floating-head cover and a backing piece to prevent the two

Longitudinad NO QO
baffle Q0

/////// el
i
o000 0000
Q000 0000
O000 OO000
O000 000D

Nkl 4

Fia. 8.11. Horizontally cut segmental bafRes.

halves from leaking at the center line. The space allowance for the
welded longitudinal baffle at the center line of the tube sheet also permits
fewer tubes to be accommodated in the shell than for a 1-2 exchanger.
To permit the introduction of the longitudinal bafile, the segmental
baffles may possess either of the two forms shown in Fig. 8.10 and 8.11.
Those in Fig. 8.10 are vertically cut baffles and are similar to the segmental
baffles found in 1-2 exchangers. The crosshatch section is the flow area.
The flow distribution is nearly identical with that which exists in 1-2
exchangers with but one-half the flow area per inch of baffle spacing.
Consequently the mass velocity for any given weight flow of fluid, W or
w, will be twice that of a 1-2 exchanger of the same inside diameter and
baffle spacing. The baffies shown in Fig. 8.11 are hordzontally cut baffes
in which the cut-out portions are equal to those of ordinary segmental
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baffles. The mass velocities in this case are the same per inch of baffle
spacing as for 1-2 exchangers for a given weight flow although the fluid
traverses a depth but half the inside diameter of the shell. Horizontally
cut baffies are seldom used, since most fluids involved in large temperature
crosses necessitating 2-4 exchangers also have long temperature ranges
and relatively small flow quantities. The reduced flow area and increased
mass velocity and film coefficient afforded by vertically cut baffles are
usually desirable.

_The Calculation of a 2-4 Exchanger. A 2-4 exchanger can be used
when the process temperatures give a correction factor Fr of less than
0.75 for a 1-2 exchanger. If the factor Fr obtained from Fig. 19 for a
9-4 exchanger exceeds 0.90 with a removable longitudinal baffle or 0.85
with a welded longitudinal baffle, a single 2-4 exchanger will be adequate.
If the value of Fr is below these limits, it will then be necessary to use
a larger number of shell passes until an arrangement is found in which
Fr approximates these values. ’

The calculation of a 2-4 exchanger differs in only three minor respects
from the calculation of a 1-2 exchanger as outlined in Chap. 7. (1)
Fr will be read from Fig. 19, (2) the flow area for vertically cut baffles
will be half the values computed from Eq. (7.44), and (3) the number of
crosses used for computing the pressure drop will be double, since one
set of baffles is above and one is below the longitudinal baffle.

Example 8.1. Calculation of & 2-4 Oil Cooler. A 33.5°API oil has a viscosity of
1.0 centipoise at 180°F and 2.0 centipoise at 100°F. 49,600 1b/hr of oil leaves a dis-
tilling column at 358°F and is to be used in an absorption process at 100°F. Cooling
will be achieved by water from 90 to 120°F. Pressure-drop allowances of 10 psi may
be used on both streams along with a combined dirt factor of 0.004.

Available for this service from a discontinued operation is a 35 in. ID 2-4 exchanger
‘having 454 1 in. OD, 11 BWG tubes 120" long and laid out on 1}4-in. square pitch,
The bundle is arranged for six tube passes, and vertically cut bafles are spaced 7 in.
spart. The longitudinal baffle is welded to the shell.

Is it necessary to use a 2-4 exchanger? Will the available exchanger fulfill the
requirements? ’

Solution:
Exchanger:
Shell side Tube side
ID = 35in. Number and length = 454, 12/0”
Bafle space = 7 in. (vert. cut) OD, BWG, pitch = 1in;, 11 BWG, 1}4-in. square
Passes = 2 Passes = 6

(1) Heat balance:
0il, @ = 49,600 X 0.545(358 — 100) = 6,980,000 Btu
Water, @ = 233,000 X 1.0(120 — 90) = 6,980,000 Btu
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(2) At:
Hot Fluid Cold Fluid Diff.
358 Higher Temp 120 238
100 Lower Temp 90 10
258 Differences 30 228
LMTD = 72.0°F (5.14)
_ 9258 _ 80
R—--:-_ﬁ—&ﬁ S—-3——-———58_90—-0.112 |
R and 8 do not intersect on Fig. 18, making a 2-4 exchanger imperative.
From Fig. 19 for a 2-4 exchanger, Fr = 0.93
Af = Fp X LMTD = 0.93 X 72.0 = 66.9°F (7.42).
(8) Teandi.: '
At 10 _ _ - .
a0 =238 = 0.042 K. =047 F. =025 (Fig. 17)
T, = 100 + 0.25(258) = 165°F (5.28)
t. = 90 4 0.25(30) = 98°F ) (5.29)
Water will flow in the tubes to prevent corrosion of the sheli.
Hot fluid: shell side, 33.5°APT oil Cold fluid: tube side, water
4) a. = Y(IAD X C'B)/144P7 (modified | (4) a; = 0.455 in.? {Table 10]

for a 2-4 exchanger) [Eq. (7:1)]
= 14 X 35 X 0.25 X 7/144
X 1.25 = 0,17 ft2
&) G = w/a, [(Eq. (7.2)]
= 49,600/0.17
= 292,000 1b/(hr) (ft*)

(6) At T, = 165°F,
By obtaining X and ¥ in Fig. 14 from
original data, p = 1.12 ¢cp

= 1.12 X 2.42 = 2.71 Ib/(ft) (hr)

D, = 0.99/12 = 0.0825 ft [Fig. 28]
Re, = Dfo/p [Eq. (7.3)]
= 0.0825 X 202,000/2.71 = 8900
(1) ju = 525 {Fig. 28]

(8') At T'. = 165°F, when i = 1.12 cp
Te(ep/k)¥ = 0.20 Btu/(hr) (ft2) (°F)

[Fig, 18]
9) he = J'H—D,'c: (cu/E)¥¢s  [Eq. (6.15b)]

ho

52.6 X 0.20/0.0825 = 127

.

a: = N, /144n
= 454 X 0.455/144 X 6 = 0.239 fi?

(5) G: = ‘iD/dg
= 233,000/0.239
= 975,000 b/ (hr)(ft*
V = G¢/3600p = 975,000/3600 X 62.5
= 4.33 fps
(8) At i. = 98°F,
4 =073 X 2.42 = 177 Ib/{it) (br)
E “[Fig. 14]
D =0.76/12 = 0.0633 ft [Table 10].
(Re. is for pressure drop only)
‘Rer = DG/
= 0.0633 X 975,000/1.77 = 34,900

(9 A = 1010 X 0.96

= 970 Btu/(br) (ft*) (°F) [Fig. 25]
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Hot fluid: shell side, 33.5° API oil
(10" 'I‘ube-wall temp:

tu = tc + h (T c [Eq' (5'31)]

127
= 98 + g7 197 (16
(1) At by,
e =.1.95 X 2,42 = 4.72 Ib/(ft) (hr)
. ] [Fig. 14]
¢ = (u/po)® = (2.71/4.72)0-14
= 0.92 [Fig. 24 ingert]
(12’) Corrected coefficient A,:
h, = 127 X 0.92 = 117 Btu/(hr){t?) (°F)

5 — 98) = 108°F

Cold fluid: tube side, water
(10) ks = hi X ID/OD = 970
X 0.76/1.0 = 737 [Eq. (6.5)]

(11) Correction unnecessary for water.

[Eq. (6.36)]
(18") Clean overall coefficient Ue:
hichs _ _ 737 X 117 _ .
Ue = ot b = 737 + 117 ~ 101 Bow/@ @) CE) (6.38)
(14') Design overall coefficient Up'
= 0.2618 ft2/lin ft (Table 10)
Total surface, A. = 454 X 12'0” X 0.2618 = 1425 ft"
Q 6 ,980,000
U = m = m = 73.3 Btll/(h!')(ftz)(oF)
(16) Dirt factor Ry:
_Uec—Up _ 101 ~ 733 _ -\ reean 70
Ry = UoUn — 101X 733 = 0.0038 (hr)(ft2) (°F) /Btu (6.13)
Summary
117 | h outside 737
Ue 101
Up 73.3
R4 Caleulated 0.0038
R Required 0.0040
Pressure Drop
(1) For Re. = 8900, f = 0.00215 ft2/in.? } (1) For Re: = 34,900,
[Fig. 29] |f = 0.000195 ft2/in.?  [Fig. 26}
. 2
{2) No. of crosses, N + 1 = 12L/B @) AP; = ————fG‘L?O———- [Eq. (7.45)]

=12 X 12/7 = 20.1
Say 21 per pass or 42 for bundle
Dy =354 = 2921t
¥ = (082

[Fig. 6]

_ 0.000195 X 975,000 X 12 X 6
522 X 10 X 0.0633 X 1.0 X 1.0
= 4.0 psi
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Pressure Drop

SOOI D p 7 aay| @ 6= 975000, 7 =013 [Fig. 27]

4 -_
&) 4P, 5.22 X 1019D,84,

_ _0.00215 X 202,000° X 2.2 X 42 | Ap 4o V? [Eq. (7.46)]

522 X 10" X 0.0825 X 0.82 X 0.92 R4
= 7.0 psi = 4—>1—<—6 X 0.13 = 3.2 psi
(4) APy = AP, + AP, [Eq. (7.47)]
=40 132 = 7.2 psi

Allowable. AP, = 10.0 psi Allowable APr = 10.0 psi

The exchanger will have a slightly low dirt factor but is otherwise satisfactory.

Exchangers in Series. In plants where large numbers of exchangers
are used, certain size standards (total number of tubes, pass arrange-
ments, baffle spacing) are established for 1-2 exchangers 50 that a major-
ity of future services can be fulfilled by an arrangemeént of a number of
standard exchangers in series or parallel. Although this may sometimes
cause awkwardness because of the impossibility of utilizing the equip-
ment most efficiently, it has the great advantage of reducing the type and
number of replacement parts, tubes, and tools. In these plants when a
process has become obsolete, it is customary to find a number of exchang-
ers of identical size available for other uses. If the tube bundle is simply-
retubed, the exchanger will frequently be as serviceable as when new.
When two exchangers are connected in series on both the shell and tube
sides, they form a temperature arrangement which has been shown to be
identical with the 2-4 exchanger. When a temperature cross involves a
correction factor for an arrangement which approximates true counterflow
more closely than that possible in a 1-2 exchanger, it can be met by a
series arrangement of a number of 1-2 exchangers. The 2-4, 3-6, 48,
etc., arrangements are all based upon shells and channels being connected
in series. Any arrangement which is an even multiple of two shell passes
such as 2-4, 4-8, etc., may be fulfilled by a number of 1-2 exchangers or
half as many 2-4 exchangers. '

The calculation for process conditions requiring more than one shell
pass follows the method used for 1-2 exchangers except that the entire
group of exchangers is treated as a unit.

Example 8.2. Calculation of an " Acetone—Acetic Acid Exchanger. Acetone
(s = 0.79) at 250°F is to be sent to storage at 100°F and at a rate of 60,000 Ib/hr.
The heat will be received by 185,000 Ib/br of 100 per cent acetic acid (s = 1.07) coming
from storage at 90°F and heated to 150°F., Pressure drops of 10.0 psi are available
for both fluids, and a combined dirt factor of 0.004 should be provided.

Available for the service are a large number of 1-2 exchangers having 2114 in:
ID shells with 270 tubes 3{ in. OD, 14 BWG, 160" long and laid out on 1-in. square
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pitch, The bundles are arranged for two tube passes with segmental baffles spaced 5

in. apart.

How many of the 1-2 exchangers should be installed in series?

Solution:
Exchanger:
Shell stde
ID =
Baffle space = 5 in.
Pagses = 1

(1) Heat balance:

Tube side

2134 in. Number and lengtk = 270, 16’0
OD, BWG, pitch = 34 in., 14 BWG, 1 in. square

Passes = 2

Acetone, @ = 60,000 X 0.57(250 — 100) = 5,130,000 Btu/hr (Fig. 2)
Acetic acid, @ = 168,000 X 0.51(150 — 90) = 5,130,000 Btu/hr (Fig. 2)
(2) At:
Hot Fluid Cold Fluid Diff.
250 Higher Temp 150 100
100 Lower Temp 90 10
150 Difference 60 90
LMTD = 39.1°F ° . (5.14)
R = 1504, = 2.5; 8 = 60/(250 — 90) = 0.375 (7.18)
Fp: 1-2 exchanger, Fr = not possible (Fig. 18)
2-4 exchanger, Fp = 0.67 (too low) (Fig. 19)
3-6 exchanger, Fr = 0.88 (Fig. 20)
At = 0.88 X 39.1 = 34.4°F (7.42)

To pérmit the transfer of heat with the temperatures given by the process, a mini-
mum-of three shell passes is required. If the sum of the surfaces in three shells is
insufficient, a greater number will be required.

{8) T.andt.: These liquids are not viscous, and the viscosity correction will be negligi-
ble, ¢, = ¢ = 1. Average temperatures may be used.

Hot fluid: shell side, acetone
#4) a. =ID X C'B/144Py [Eq. (7.1)]
= 2125 X 0.25 X 5/144 X 1.0

= 0,185 ft2

&) G = W/a, [Eq. (7.2)]
= 60,000/0.185

= 324,000 Ib/(hr)(ft2)

(8 At T4 = 175°F,
b =020 X'2.42 = 0.49 Ib/(ft) (br)

{Fig. 14]
Di'=0.95/12 = 0.079 ft [Fig. 28]
Rey = DG fue [Eq. (7.3)]

=0.079 X 324,000/0.49 = 52,200
@y ju =137 {Fig. 28]

Cold fluid: tube side, acetic acid

(4) a; = 0.268 in.? [Table 10}
1 a: = Nul/144n [Eq. (7.48)]
= 270 X 0.268/144 X 2 = 0.251 ft2
6) G = w/a. ‘
= 168,000/0.251
' = 670,000 lb/(hr){ft?)

(6) At . = 120°F,
u = 0.85 X 242 = 2.06 Ib/(ft) (br)
[Fig. 14]
D = 0.584/12 = 0.0487 ft
Re: = DGi/u
= 0.0487 X 670,000/2.06 = 15800
(1) ja =55 - [Fig. 24)
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Cold flurd: tube side, acetie acid
8') At T, = 175°F, (8) At ¢, = 120°F,

¢ = 0.63 Btu/(b)(°F) [Fig. 2] { ¢ = 0.51 Btu/(b)(°F) [Fig. 2]
% = 0.095 Btu/(hr)({t2)(°F/ft) [Table 4][#% = 0.098 Btu/(hr)({t?)(°F/ft} [Table 4]

Hot fluid: shell siéle, acelone

(cu/k)P = (0.63 X 0.49/0.095)% = 1.47 | (cu/k)¥ = (0.51 X 2.06/0.098)% = 2.21
0 b = fr L (Y x 1 [Eq. 6.159]1| ®) ki =5 f(c—“)”x1 (Eq. (6.150)]
¢ ,—jxﬁ;(-,—c-) [Eq. (6. »;-—JHD A q. (6.15a

= 137 X 0.085 X 1.47/0.079
= 242 Btu/(br) ({t2){°F)

(10°) (117 (12") The viscosity correction | (10) ki, = h; X ID/OD

will be very small.

(18) Clesn overall coefficient Ug:

Uy = _hiche_ _ 242 X 194
C T R+ he 242 1 104

{14) Design overall coefficient Up:

o'’ = 0.1963 ft*/lin ft

= 56 X 0.098 X 2.21/0.0487
= 249 Btu/ (hr){ft*) (°F)

[Eq. (6.5)]
_ 0.584
= 249 X % 194
= 107.5 Btu/(hr)({t?) (°F) (6.38)
(Table 10)

Total surface, 4 = 3(270 X 16 0" X 0.1963) = 2540 ft2

Up = - _ 5:130,000
P T A At T 2540 X 34.4

(16) Dirt factor Ra:
_Ue~Up

107.5 — 58.8

= 58.8 (Btu/(hr)(ft2)(°F)

= 0.0077 (br){{t?)(°F)/Btu (6.13)

ks = =0,

~ 107.5 X 58.8

Summary

242

h outside

194

Uc

107.5

Up

58.8

R4 Caleulated 0.0077

Bs Required 0.0040

Pressure Drop

(1’) For Re, = 52,200,

f = 0.00155 ft*/in,® [Fig. 29]

(2’) No. of crosses, N +1 = 12L/B
[Eq. (7.43)]
=16 X 12/56 = 39
Total for 3 exchangers = 39 X 3 = 117
D, = 21.25/12 = 1.78 ft

s = 0.79 [Table 6]

(1) For Re; = 158,000,
§ = 0.00024 ft2/in.?
s = 1.07

(2) AP, =

[Fig. 26]
[Table 6]
fGLn [Bq. (748))

5.22 X 10%°Ds¢,

=‘0.00024 X 670,000 X 16 X2 X3 -
5.22 X 101 X (.0487 X 1.07 X 1.0
= 3.8 psi
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Pressure Drop
f&:D, (N +1)

@) AP, = @3) G. = 670,000, -
0 0015552§< 2210(:)1;:8 ;' wis xuy | V% = 0068 [Fig. 27]
_0 . = 3(4 2/2g" Eq. (7.
522 % 100 %0078 X 079 X 1.0 |5 :?s)(xﬂfl?;/ 7) (. (7.46)]
= 10.4 psi =0 X 0.063 = 1.4 psi
(&) AP, = AP, - AP, (Eq. (7.47)]
=38 + 1.4 = 5.2 psi
Allowable AP, = 10.0 psi Allowable APr = 10.0 psi

The three exchangers are more than adequate for heat transfer, even though the pres-
sure drop is insignificantly high. Fewer exchangers cannot be used.

The 1-1 True Counterflow Exchanger. There are instances in Whlch
the temperature cross is so great that the only solution lies in the use of

Fia. 8.12, The 1-1 floating-head exchanger. (Patterson Foundry & Machine Co.)

true counterflow. In fixed-tube-sheet equipment this is readily aceom-
plished, but in floating-head equipment it i slightly more difficult. It
can be achieved as shown in Fig. 8.12. An extension forming the tube
fluid-outlet nozzle protrudes through the shell bonnet by means of a
packing gland. This type of exchanger is also used when there is a great
guantity of tube-side fluid.

PROBLEMS

8.1. 383,114 lb/hr of n-butyl alcohol at 210°F is to be cooled to 105°F using water
from 95 to 115°F, Awvailable for the purpose is & 1924 in. ID, two-pass shell exchanger
with 204 tubes 34 in, OD, 16 BWGQ, 16'0” long on 1-in. square pitch arranged for four
passes. Vertically cut baffles are spaced 5 in, apa.rt Pressure drops of 10 psi are
allowable. What is the dirt factor?

8.2. 62,000 1b/hr of hot 26°API quench oil having viscosities equivalent to a 42°API
kerosene (Fig. 14) is cooled from 425 to 304°F by heating 27,200 Ib/hr of 35°API
distillate (Fig. 14) with an inlet temperature of 100°F. Awvailable for the service are
15Y4 in. ID 1-2 exchangers with 108 tubes 87 in. OD, 16 BWG, 16°0” long arranged
for six passes. Baffles are spaced 6 in. apart. Total pressure drops of 10 psi are
allowable. How many 1-2 exchangers are required, and what dirt factor do they yield?

8.3. 36,000 1b/br of ethyl acetate is cooled from 190 to 100°F using water from 80
to 120°F. Available for the service is a 23} in. ID, two-pass shell exchanger with
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202 %4 in. OD, 14 BWG, 12'0” long tubes arranged for eight passes.
baffles are spaced 8 in. apart.

PROCESS HEAT TRANSFER

) Vertically cut
What pressure drops and dirt factor will be obtained?

8.4. 55,400 1b/hr of nitrobenzene coming from a reaetor under pressure at 365°F is
to be cooled to 150°F by preheating benzene under pressure from 100° to the highest

outlet temperature attainable.

Available for the service are two 25 in, ID, two-pass

shell exchangers with 356 tubes 34 in. OD, 13 BWG, 160" long arranged for six tube

passes.

Vertically cut baffles are spaced 8 in. apart.

What are the pressure drops

and the dirt factor?

Qb

Qe

LppueaQ

NOMENCLATURE FOR CHAPTER 8

Heat-transfer surface, {2

External surface per lin ft, ft

Flow ares, ft?

Baffle spacing, i

Clearance between tubes, in.

Specific heat of hot fluid in derivations, Btu/(b)(°F)

Specific heat of fluid, Btu/(b)(°F)

Inside diameter of tubes, ft

Equivalent diameter for heat transfer and pressure drop, ft

Inside diameter of shell, ft

Inside diameter of tubes, in

Equivalent diameter for heat transfer and pressure drop, in

Caloric fraction, dimensionless

Temperature difference factor, &¢

Friction factor, {12/in.2

Mass velocity, 1b/{hr){t?)

Acceleration of gravity, ft/sec?

Heat-transfer coefficient for inside and outside ﬂulds respectively,
Btu/(br) (£6)(*9F)

Value of h; when referred to the tube outside diameter, Btu/(hr)({t?)
(°F)

Inside diameter, in

Factor for heat transfer, dimensionless

Caloric constant, dimensionless

Thermal conductivity, Btu/(tir) (ft2)(°F/ft)

Tube length, ft

Log mean temperature difference,’¥F

Number of shell-side bafles

Number of tubes

Number-of tube passes

Outside diameter of tube, in

Pressure drop, psi

Total, tube and return pressure drop, psi

Tube pltch in.

Temperature group (T1;.— T2)/(t2 ~ t1), dimensionless

Combined dirt factor, (hr)(§t%)(°F)/Btu

Reynolds number, dimensionless

Temperature group, {{; — #1)/(T1 — 4), dimensionless

Specific gravity, dimensionless

Temperature in general, inlet and outlet of hot fluid, °F

= Fr X LMTD, dimensionless
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T Ayerage temperature of hot fluid, °F

o, Caloric temperature of hot fluid, °F
T, Temperature of shell fluid between first and second passes, °F
i, i Inlet and outlet temperatures of cold fluid, °F
ta Average temperature of hot fluid, °F
t Caloric temperature of cold fluid, °F
t Temperature at end of first pass, °F
to Tube-wall temperature, °F
Iy Temperature of tube fluid between second and thlrd passes, °F
At True temperature difference in @ = UpA A,
Ale, Aly Temperature differences at the cold and hot termmals, °F
Ue, Up Clean and design overall coefficients of heat transfer, Btu/(hr)(ft?)

CF)

14 Velocity, fps
w Weight flow of hot fluid, 1b/hr
w Weight flow of cold fluid, Ib/hr
P Viscosity, centipoises X 2.42 = 1b/(ft)(hr)
o Viscosity at tube wall-temperature, centipoises X 2.42 = lb/(ft) (hx)
P Density, 1b/ft?
$ (/o) 14

Subscripts (except as noted above)

s Shell side
t Tube side



CHAPTER 9
GASES

Introduction. The calculation for the heating or cooling of a gas differs
in only minor respects from the caleulation for liquid-liquid systems.
The relationships between gas film coefficients and allowable pressure
drops are critically dependent upon the operating pressure of the system
whereas for incompressable fluids the operating pressure is not important.
The values of film coeflicients for gases are generally lower than those
obtained for liquids at equal mass velocities, the difference being inherent
in the properties of the gases.

Properties of Gases. The properties of gases are compared with those
of liquids to emphasize the major differences between them. The vis-
cosities of gases range from about 0.015 to 0.025 centipoise, or about one-
tenth to one-fifth the values obtained for the least viscous liquids. Gas
viscosities increase with temperature in contrast with liquids and Reyn-
olds numbers are correspondingly large even when mass velocities are
small. The thermal conductivities of gases, with the exception of hydro-
gen, are about one-fifth the values usually obtained for organic liquids
and about one-fifteenth of .the values for water and aqueous solutions.
The specific heats of organic gases and vapors are only slightly lower
than those of organic liguids. With the exception of hydrogen the
specific heats of inorganic gases and light hydroearbon vapors range from
0.2 to 0.5 Btu/(Ib)(°F). Although the specific heat, viscosity, and
thermal conductivity of a gas increase with temperature, the Prandtl
number cu/k shows little dependence upon temperature except near the
eritical. The value of cu/k caleulated at any single temperature serves

-gufficiently well for the golution of problems involving the same gas at
another temperature within reasonable proximity. The values of cu/k
are given in Table 9.1 for the common gases.

While most of the viscosity, specifie-heat, and conductivity data on
gases are tabulated for atmospheric pressure, corrections to other pres-
sures may be made by established methods. Viscosities may be corrected
by means of the correlation of Comings and Egly? given in Fig. 13b or by
employing the method of Othmer and Josefowitz.? Specific heats may be

! Comings, E. W., and R. 8. Egly, Ind. Eng. Chem., 32, 714-718 (1940).

2 Qthmer, I). F., and 8. Josefowitz, Ind. Eng. Chem., 38, 111-116 (1946).
190
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corrected by the method of Watson and Smith.! These corrections will
not be sigpificant, however, unless the pressure of the gas is great.
Except at high vacuums the conductivities of gases are not affected by
the pressure. . Calculation of the density or specific volume of a gas by
the perfect gas law is suitable for moderate pressures but may be in error
at high pressures. If actual compression data are available, their use is
preferable at high pressures, or the perfect gas law may be replaced by a

Tasre 9.1. Pranorn Numsers FOR Gasgs AT 1 aTM aND 212°F

[

Gas s
Alro..... o 0.74
Aramonia................. 078
Carbon dioxide. ........ ... 0.80
Carbon monoxide......... - 074
Ethylene. . ... e . 083
Hydrogen............... L. 0.74
Hydrogen sulfide........... 0.77
Methane.................. 0.79
Nitrogen.................. 0.74
Oxygen................... 0.74
Steam.................... 0.78
Sulfur diexide.............. 0.80

more acceptable equation of state such as that of Van der Waals or
Beattie-Bridgman. 7

Pressure Drop. Equations (7.44) and (7.45) and friction factors
obtained from Figs. 29 and 26 can be used for the calculation of the pres-
sure drop on the shell or tube sides of gas heaters or coolers when the aver-
age value of the inlet and outlet specific gravities of the gas relative to water
is used. It is apparent in the case of any gas that the specific gravity
varies considerably with its operating pressure. 'The specific gravity of
air in an -exchanger operated at 150 psia is very nearly ten times the
specific gravity when operated at atmospheric pressure, and for a given
mass velocity the pressure drop will only be one-tenth as great. - Moving
in the other direction, air at 734 psia has a density one-half that of the
atmosphere, and the pressure drop for a given mass velocity becomes
greater-as the operating pressure deereases, an unfavorable consideration
in vacuum processes. When a gas is operated at high pressure, however,
a relatively large mass velocity can be used without obtaining a pressure
drop of an impractical order. When a gas is operated under vacuum, a
pressure drop of 0.5 psi may represent a very large portion of the entire
head available to move the gas through the exchanger.

T Watson, K. M., and R. L. Smith, Nail. Petroleum News, July, 1936.
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Film Coeflicients. Film coefficients can be evaluated with reasonable
aceuracy through the use of the usual shell-and-tube equations or Figs. 28
and 24. No correction need be made for the viscosity ratio ¢ unless the
temperature range is exceedingly great. As mentioned above, the low
viscosities of gases result in-large Reynolds numbers even where very
small mass velocities are used. Large values of 7x are the result, but the
correspondingly low thermal conductivity gives film coefficients below
those obtained for liquids at equal mass velocities or at equal values of
ju. 'The commonest applications of gas cooling under pressure are found
in the aftercooling and intercooling of gases which have undergone
adiabatic or polytropic compression in single- and multistage compressors.
Gas-to-liquid heat transfer is also used for the recovery of waste heat
from near-atmospheric combustion gases such as economizers, but these
usually employ a modification known as extended surfaces, which will be
treated in Chap. 16. When gases are heated, steam is the usual heating
medium,

Many of the data reported in the literature for turbulent-flow heat
transfer make use of the following transformation:

th,u_%p.c__h Cp.%
7;(7) DGs = G\E .
A new factor j; is then defined as
.k fon % (9.2)
=G \% '

and is plotted as a function of Re. All the convection equations given
heretofore can be plotted as ji vs. Re in place of jx vs. Re by simply
dividing the values of jy as given in Figs. 28 and 24 by their respective
values of Re. Alternate equations are obtained thereby.

There is considerable merit to the use of j5 in preference to jx when
correlating gases. Using jx, cu/k is a constant, but & in Eq. (6.15¢) and
(6.15b) must be obtained at the bulk temperature to obtain %, and con-
ductivity data are sparse for gases. Using 5, cu/k is a constant, but only
¢ is required in Eq. (9.1) to obtain k, and this will have been required for
the heat load as well.

When gases enter an adiabatic compressor, their isotherms follow the
equation pv” = constant, where p is the absolute pressure of the gas, v
its specific volume, and v the ratio of the specific heats of the gas at
constant pressure to constant volume. Applying the perfect gas law,
the variation of absolute pressure with absolute iemperature becomes

Tg _ P2 (y—1/y
(‘T‘,)..» = (5) (63)
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Gases to be cooled or heated at moderate pressures are usually placed
in the shell of shell-and-tube equipment to localize corrosion resulting
from the cooling water or steam condensate. At higher pressures, how-
ever, it is customary to place the gas in the tubes where the pressure is
effective only upon the tubes.

Example 9.1. Calculation of an Ammonia Compressor Aftercooler. Dry ammonia
gas at 83 psia and at a rate of 9872 1b/hr is discharged from a compressor at 245°F
and is to be fed to a reactor at 95°F using cooling water from 85 to 95°F. A pressure
drop of 2.0 psi is allowable on the gas and 10.0 psi on the water.

Avsilable for the service is 8 28%{ in. ID 1-2 exchanger having 364 34 in., 16 BWG
tubes 8’0" long and laid out on 15{e-in. triangular pitch. The bundle is arranged for
eight passes, and baffles are spaced 12 in. apart.

‘What will the dirt factor and pressure drops be?

Solution:
Exchanger:
Shell side Tube side
ID = 23)4 Number and length = 364, 80"
Baffle space = 12 in. 0D, BWG, pitch = 27 in., 16 BWG, 154 g-in. tri.
Pagses =1 Passes = 8

(1) Heat balance:

Ammonia gas, @ = 9872 X 0.53(245 — 95) = 785,000 Btu/hr (Fig. 8)
Water, Q = 78,500 X 1(95 — 85) = 785,000 Btu/hr
@) at:
Hot Fluid Cold Fluid Diff.
245 Higher. Temp 95 150
95 Lower Temp 85 10
150 | Differences 10 140
LMTD = 51.8°F (19
150 10
Fr = 0.837 (Fig. 18)
At = 0.837 X 51.8 = 43.4°F (7.42)

(3) T. and #.: The viscosities will vary too little to require correction. Water will
flow in the tubes to prevent corrosion of the shell.

Hot fluid: shell side, ammonia al 83 psia Cold fluid: tube side, water
) a, = ID X C'B/144Pr [Eq. (7.1)]{ 4) ai = 0.302 in.? {Table 10]
= 2325 X 0.1875 X 12/144 at = N /144n
X 0937 =364 X 0.302/144 X 8 = 0.0954 ft?

= 0,388 ft*
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Hot fluid: shell side, ammonia at 83 psia

6" G = W/a, [Eq. (7.2)]
= 0872/0.388

= 25,400 1b/(hr) (ft2)

(6") At T, = 170°F,.

p = 0.012 X 242 = 0.029 Ib/(ft) (hr)
[Fig. 15]

D, = 0.55/12 = 0.0458 ft

Re. = DG,/n [Eq. (7.3)]
= 0.0458 X 25,400/0.029 = 40,200
(7') ja = 118 [Fig. 28]

(8') At T. = 170°F,
k = 0.017 Btu/(hr)#t2)(°F/ft) [Table 5]
(cu/k)¥ = (0.53 X 0.029/0.017)% = 0.97

®) b= ju g () X1 [Ea. G150

= 118 X 0.017 X 0.97/0.0458
= 42.3 Btu/(hr) (ft2) (°F)

(10) (11’) (12’) Viscosity correction is
unnecessary.

(18) Clean overall coefficient Ue:
hioha

_ 744 X 423

PROCESS HEAT TRANSFER

Cold fluid: tube side, water

®6) G: = w/a:
= 78,500/0.0954 .
= 23,000 Ib/(hr) ({t3)
V = G./3600, = 823,000/3600 X 62.5

= 3.65 fps
(8) At fa = 90°F,

p =082 X 242 = 199 Ib/(ft)(hr)
[Fig. 14]
D = 0.62/12 = 0.0517 {t [Table 10]
Re; = DQy/u (Re; is for pressure drop’
only)

= 0.0517 X 823,000/1.99 = 21,400

(9) ki = 900 Btu/(hr)(ft2)(°F)

[Fig. 25}

(10) ks = ks X ID/OD [Eq. (6.5)]
= 000 X 0.62/0.75 = 744

Ue = e F R - T T 223 " 40.1 Btu/(hr)(ft2) (°F) (6.38)
(14) Design overall coefficient Up:
a’ = 0.1963 ft2/lin ft (Table 10)
Total surface, 4 = 364 X 80" X 0.1963 = 572 fi?
-9 _ 785000 _ o
Up = A 52 X434 81.7 Btu/(hr)(ft?) (°F)
(16) Dirt factor Rg:
_Uc—Up _ 40.1 —31.7 _ o
Rs = UelUp — 01X3L7 0.0070 (hr)(ft*)(°F)/Btu (6.13)
Summary
42.3 | h outside 744
Ue 40.1
Up 31.7

R, Calculated 0.0070

R; Required

z
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Pressure Drop

(") For Re, = 40,200, (1) For Re: = 21,400,
f = 0.00162 ft2/in.? [Fig. 29] | f = 0.000225 ft2/in.? [Fig. 26]
JGiLn

2) No. N+1= P L. LA
(') No. of crosses, N -+ [1}32;/5 3] @) APy = o e . {Eq. (745)]

=12 X8/12 =8 _ 0.000225 X §23,000? X 8 X 8

’ 522 X 10% X 0.0517 X 1.0
=0 X 1.0
Poater = 3.6 psi
= 545 0
v _ p(MW)
P = T 15457
(83 X 14H(17.1)
= 1525760 F 150 ~ 0209 Ib/te’

0209
&= '-6—2‘3' = 0-00335
D, = 28.25/12 = 1.94 ft

2
X 1
@) AP, = '5?2:;—%%;)? @) @, = 823,000, V2/24' = 0.000 [Fig.27]
- ¢ AP, = (4n/s)(V/2g’ (7.

_ 0.00162 X 25,400° X 1.94 X 8_ ‘(1 ></ 88)( 129 (Bq. (7.46))

T 522 X 10% X 0.0458 X 0.0033§< . =15~ X009 = 2.9 psi

=20 psi | (@) APy = AP, 4 AP, [Eq. (7.47)]

: =3.6 +29 = 6.5 psi

Allowable AP, = 2.0 psi Allowable APz = 10.0 psi

The ability to meet the allowable pressure drop hinges closely upon the density of the
gas. If the gas had been air at the same pressure, the density and pressure drop would
have been 0.209 X 2% ; = 0.357 l1b/ft® and 1.2 psi. Similarly an exchanger can be
used for gases at vacuum pressure only when a very small mass velocity is employed.
The latter results in very low transfer rates for vacuum services, values of Up being

as low as 2 to 10 Btu/(hr)({t2) °F).

Air Compressor Intercoolers. In the compression of air for utility
purposes it is common to subject atmospherie air to four or more stages
of compression. 'The allowable pressure drop in the intercoolers follow-
ing the initial stages of compression is extremely critical. Assuming
that.the compressors operate with compression ratios of roughly 214:1
or 214 :1, a pressure drop of 1 psi in the first-stage intercooler represents
a reduction in the total pressure delivered after the fourth stage of
1X 2.5 X 2.5 X 2.5 = 13.1 psi and nearly 80 psi after the sixth stage.
In addition, the presence of moisture in the inlet air makes it impossible
to compute the heat load as a simple sensible-heat change. Suppose
saturated air is taken into the compressor at 95°F (during a summer
shower), compressed, and then cooled back to 95°F between each stage
of compression. The air and water vapor both occupy the same total
volume. The compression of a saturated gas raises the dew point above
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its initial dew point. Cooling the compressed gas back to its original
temperature requires that it be cooled below its dew point. This can
occur only if water condenses out of the compressed gas during cooling,
The reasoning follows: The original water vapor in the saturated atmos-
pheric air was all that could exist in the original volume of air at 95°F.
Its total weight can be obtained from the specific volume of steam, in
cubic feet per pound, for 95°F as found in Table 7. After compression
and cooling back to 95°F the total volume of air is reduced but the specific
volume of steam at 95°F is unchanged. The same specific volume can
be maintained in the reduced gas volume only if some of the water con-
denses out of the gas.

Example 9.2. Calculation of the Heat Load for an Air Intercooler. 4670 cfm of
air saturated at 95°F enters a four-stage adiabatic compressor, having a compression
ratio of 2.33:1, at atmospheric pressure. (¢) How much heat must be removed in

the first-stage intercooler? (b)) How much heat must be removed in the second-stage
intercooler?

Solution:
(a) Inlet 4670 cfm:
Saturation partial pressure of water at 95°F = 0.8153 psi (Table 7)
Saturation specific volume of water at 95°F = 404.3 ft3/lb (Table 7)

The air and water both o¢cupy the same volume at their respective partial pressures.
Lb water/hr entering = 4670 X 60/404.3 = 692 Ib
First stage:
After 2.33 compression ratio
P2 = 14.7 X 2.33 = 34.2 psi

(r-1
%}) = %3) R (y = 1.40 for air*)
1/ abs
_~sbs d=~11/1.4
60 1 95 — @8E

T2abs = 7T05°R or 245°F
Intercooler:

Final gas volume = 4670 X 60 X 14.7/34.2 = 120,000 ft3/hr

Water remaining in air = 120,000/404.3 = 297 Ib/hr

Condenssation in intercooler = 692 ~ 297 = 895 lb/hr

Specific volume of atmospheric air = (359/29) (555/492) 14.7/(14.7 — 0.8153)
= 14.8 ft3/lb

Air in inlet gas = 4670 X 60/14.8 = 18,900 Ib/hr

Heat load (245 to 95°F):
Sensible heat:

Quir = 18,900 X 0.25(245 — 95) = 708,000 Btu/hr

Quater = 692 X 0.45(245 — 95) = 46,700 Btu/hr
Latent heat:

Qrater = 395 X 1040.1 = 411,000 Btu/hr

Total 1,165,700 Btu/hr
* The correction of v for the presence of water vapor is usually omitted.
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If condensation had not been accounted for, an error of 33 per cent would have
resulted. It should also be noted that over half of the water condenses in the first-
stage intercooler. ’

(b) Second stage: p; = 34.2 X 2.33 = 79.8 psi.

Final gas volume = 4670 X 60 X 14.7/79.8 = 51,500 ft3/hr

Pounds of water remaining in air = 51,500/404.3 = 127.5 Ib/hr

Condensstion in intercooler = 297 — 127.5 = 169.5 1b/hr

Heat load (245° to 95°F):

Sensible heat:
Guir = 18,900 X 0.25(245 — 95) = 708,000 Btu/hr
Qwater = 297 X 0.44(245 — 95) = 19,600 Btu/hr
Latent heat:
Quater = 169.5 X 1040.1 = 170,700 Btu/hr

898,300 Btu/hr

Example 9.3. Calculation of the Dew Point after Compression. The dew point
and saturation temperature of the saturated inlet air are the same. After the first-
stage compression the dew point is raised. What is the dew point when air saturated
at 95°F and 14.7 psi is compressed to 34.2 psi?

Solution:
At inlet:
Mols air = 18,900/29 = 652
Mols water = 692/18 = 38.4
_ 690.4
After ecompression:
Partial pressure of water vapor = (38.4/690.4)34.2 = 1.90 psi
From Table 7 equivalent to 1.90 psi, dew point = 124°F

In other words, the gas and water vapor are cooled sensibly from 245 to 124°F in
the first stage intercooler and the water vapor will start to condense at 124°F,

The Calculation of Coolers for Wet Gases. The calculation of the
heat load and film coefficients in the intercoolers of adiabatic compression
systems starting with initially dry gases offers no particular difficulty.
The heat load is the sensible-heat requirement to cool the gas back
between stages. The film coefficient is that of the dry gas.

Coolers which are required to cool wet gases present a number of addi-
tional problems. If the wet gas is to be cooled below its dew point, two
zones will appear: (1) from the inlet temperature to the dew point in
which both the gas and the vapor are cooled sensibly and (2) from the
dew point to the outlet temperature, in which the gas and vapor are
cooled and part of the vapor condenses. The first zone can be calculated
rather simply as a dry gas, but the calculation of the second zone is
extremely lengthy. A relatively accurate calculation will be demon-



198 PROCESS HEAT TRANSFER

strated as an example of condensation in Chap. 13, where it will be seen
that both the condensation and gas film coefficients are closely related,
The film coefficient for the mixture varies considerably from the dew
point to the ocutlet temperature as the concentration of the condensable
vapor diminishes. It is also seen that, in any wet gas cooling serviee if
the tube-wall temperature is below the dew point of the gas, even though
the gas is not cooled below its dew point, the tube wall will be wet with
condensate. As droplets of condensate fall from the tube, they will
reflash into the gas and some fraction may drain from the cooler if the
temperature should fall below the dew point. However, the film of
liquid on the tube actually introduces a resistance film through which the
heat must be transferred. If the condensable vapor is water, the resist-
ance can be omitted because of the high conductivity of the film. If it
is a vapor whose condensate is a viscous fluid, it may be necessary to
calculate the mean resistance of the film from methods given in Chap. 13
based on the properties of the condensate. It is also well to consider
that gases which are not particularly corrosive when containing a small
concentration of water vapor may be corrosive when dissolved in con-
densate water at the ecold tube wall. Desuperheaters, which are simply
gas coolers, frequently operate with part of the surface moist although
no actual condensate drains from the system.

The performance of commercial intercoolers for permanent gases saturated at
atmospheric pressure with water at 100°F or less can be predicted rapidly by empiri-
cal rules. These rules are as follows: (1) Calculate the entire heat load of sensible
cooling and condensation as if transferred at the dry gas rate, and (2} use the value of
At = Fp X LMTD obtained from the inlet and outlet temperatures of the gas to and
from the cooler and the temperatures of the water. These rules are actually the
combination of a safe and an unsafe generalization which tend to offset each other.
The combined film coefficient for condensation and gas cooling below the dew point
i3 greater than that given by (1). The true temperature difference is less than
that calculated by (2), since the log mean for the portion of the heat load delivered
from the dew point to the outlet is less than that calculated by the rule.

PROBLEMS

9.1. 3500 cfm of dry nitrogen at 17 psig and 280°F is cooled to 100°F by water with
an inlet temperature of 85°F. Awvailable for the service is a 31 in. ID 1-2 exchanger
having 600 34 in. OD, 16 BWG tubes 12’0 long arranged for eight passes on 1-in.
trisngular pitch. The baffle spacing is 24 in. center to center.

Pressure drops of 2.0 psi for the gas and 10.0 for the water should not be exceeded,
and a minimum dirt factor of 0.01 should be provided. Will the cooler work?

9.2. 17,500 Ib/hr of oxygen at atmospheric pressure is cooled from 300 to 100°F by
water from 85 to 100°. Available for the service is a 31 in. ID 1-2 exchanger contain-
ing 600 34 in. OD, 16 BWG tubes 12’0” long arranged for eight passes on l-in. tri-
angular pitch. Baffles are spaced 24 in. apart.

What are the dirt factor and the pressure drops?
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9.8. 5000 cfm of saturated air at 100°F enters the first stage of a compressor having
22.45:1 compression ratio. The air is at atmospheric pressure. (@) How much heat
must be removed after each of the four stages, assuming & 2.0 psi pressure drop in
each intercooler. (b) Available for the first-stage intercooler is & 29 in, ID exchanger
heving 508 tubes 31 OD in., 14 BWG by 12°0” long arranged for eight passes on 1-in.
trisngular pitch. The baffle spacing is 24 in.  Using cooling water with an 85°F inlet,
what are the pressure drops and dirt factor?

9.4. For the second-stage intercooler of Example 9.2 in the text the following
1-2 exchanger is available: 2114 in. ID containing 264 34 in. OD, 14 BWG tubes 120"
long arranged for eight passes on 134 ¢-in, triangular pitch. Baffles are spaced 20 in.
apart. What are the dirt factor and the pressure drops?

NOMENCLATURE. FOR CHAPTER 8

A Heat-transfer surface, ft2

a Flow area, {t?

e External surface per linear foot, ft

B Baffle spacing, in.

' Clearance between tubes, in.

c Specific heat of cold fluid, Btu/{b)(°F}

D Inside dismeter of tubes, ft

D, Equivelent diameter, ft

Fy Temperature difference factor, At = Fr X LMTD, dimensionless

f Friction factor, f12/in.2

G Mass velocity, b/ (hr){ft2)

g Acceleration of gravity, ft/sec?

h, ki, Bo Heat-transfer coefficient in general, for inside fluid, and for outside
fluids, respectively, Btu/(hr) ({t*)(°F)

hio Value of k; when referred to the tube OD, Btu/(hr){ft?)(°F)

Ju Factor for heat transfer (hD/k)(cn/k)"5, dimensionless

Jh Factor for heat transfer (h/e¥)(cu/k)%, dimensionless

k Thermasl conductivity, Btu/(hr){ft?) (°F/it)

L Tube length, ft

LMTD Log mean temperature difference, °F

N Number of baflles

N Number of tubes

n Number of tube passes

Pr Tube pitch, in.

AP Pressure drop, psi

APq, AP, AP, Total, tube side and return drop, psi

P Pressure, psia

R Temperature group (71 — T2}/ — &), dimensionless

R, Combined dirt factor, (hr)t2)(°F/Btu)

Re Reynolds number, dimensionless

8 Temperature group (= — &)/(T1 — &), dimensionless

s Specific gravity, dimensionless

Tatn Absgolute temperature, "R

T Average temperature of hot fluid, °F

T. Caloric temperature of hot fluid, °F

Ty, T Inlet and outlet temperature of hot fluid, °F

ta Average temperature of cold fluid, °F
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Caloric temperature of cold fluid, °F

Inlet and outlet temperature of cold fluid, °F

True temperature difference in @ = UpA AL, °F

Clean and design overall coefficient of heat transfer, Btu/ (br) (ft?)(°F)
Velocity, fps

Specific volume, 1t3/1b

Weight flow of hot fluid, 1b/hr

Weight flow of cold fluid, Ib/br

Weight, b

Ratio of specific heats of a gas, dimensionless

Viscosity, centipoises X 2.42 = 1b/(ft)(hr)

Viscosity at the tube wall, centipoises X 2.42 = 1b/(ft)(hr)
Density, Ib/ft?

(/o) 0214

Subscripts (except as noted above)

8
11

Shell side
Tube side



CHAPTER 10
STREAMLINE FLOW AND FREE CONVECTION

Streamline Flow in the Tubes of Exchangers. From the Fourier
equation alone for a single tube @ = we(ta — t1) = hi(wDL) At. When
the inside tube-~wall temperature £, is constant, the temperature difference
Al in streamline flow may be replaced by the arithmetic mean of the hot
and cold terminal temperature differences Al = [({, — 1) + (s — £)1/2.
Solving for h;D/k,

kD _ (2we {ts — t1)
ko (”" EL) (tp — t1) + (fp — £2) (10.1)
It is interesting to note that the highest outlet temperature attainable

in a tube is the constant temperature of the hot tube wall ¢,. For this
case £q. (10.1) reduces to

A} 2we

== (; 7 (10.2)
No observed average value of h; can exeeed that given by Eq. (10.2),
and it ig a useful tool by which erroneous observations may be rejected.
Graetz obtained Eq. (3.27) from purely theoretical considerations on
the assumption of a parabolic distribution of velocities as the fluid flows
in & tube in larainar flow. He did not include any corrections for modi-
fications of the parabolic distribution during heating and cocling. Sieder
snd Tate evaluated the equivalent empirical equation [Eq. (3.32)] and
obtained Eq. (6.1), which may be credited with correcting for the modi-

fications of the velocity distribution during heating and cooling.
Streamline flow in tubes may be construed as a conduction effect, and
it is also subject to the simultaneous occurrence of free convection as
well. Free convection is only significant in nonviscous fluids. Fluids
flow in streamline flow due to three conditions: (1) The fluid is viscous;
(2) the fluid is not viscous, but the quantity is small for the flow area
provided; and (3) the flow quantity and viscosity are intermediate but
combine to give streamline flow. Only when free conveetion is sur-
pressed owing to the high average viscosity of the liquid, say several
centipoises and over, or when the temperature difference is small does
Eq. (6.1) give h; within the stated deviation as pure conduction. For
cases falling under {2} or (3) above, the value of %; from Eq. (6.1) may be

201
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conservative, the true value of h; being as much as 300 per cent greater
due to the influence of free convection.

In the Graetz derivation the value of L in the Graetz number we/kL
or in the ratio D/L is assumed to be the length of the path over which the
fluid moves with a conduction temperature gradient at right angles to
the long axis of the tube. Naturally, if mixing occurs at any point in
the heat-transfer tube, the distance from the inlet to the point of mixing
must be regarded as the length of the path over which the temperature
gradient is effective whether or not it corresponds to the total ftube
length of the exchanger, nL. Boussinesq?! has advanced the theory that
under ideal conditions streamline flow is not established until the liquids
has traveled a length of approximately 15 tube diameters. In multipass
heat-transfer equipment it is sometimes possible to consider the fluid in
the tubes mixed at the end of each pass. Internal mixing is desirable,
just as convection is desirable and also because it restricts the length of
streamline path to the length of each pass, L.

The shorter the unmixed length the greater the value of k;, although
it is not always safe to assume that mixing occurs at the end of each
tube pass of an exchanger. In modern multipass exchangers, the flow
areas in the floating head and channel are usually designed to be identical
with or slightly greater than the flow area of the tubes in each passs. In
this way it is possible to eliminate excessive return pressure drops. If
no turbulence or mixing iz induced at the ends of each pass, nL is the
total length of path instead of L, which leads to the calculation of safe
values of 4; should mixing actually occur.

Frequently it will be found that the Reynolds number based on the
visecosity at f, = ({1 + £2)/2 is less than 2100 but near the outlet the
Reynolds number based on the viscosity at {» is greater than 2100.
Equation (6.1) is not applicable in the transitional or turbulent flow
range. In calculations on multipass exchangers, the point at which
Re = 2100 must then be obtained by trial and error, and the path
beyond it excluded from calculation as streamline flow. If a portion of
the tube is in the transitional range, it can best be computed by means
of Fig. 24.

For a two-tube pass exchanger the maximum error in h; caleulated
from Egq. (6.1) between a mixing or nonmixing assumption between
passes i8 (2{)% = 1.26 or 26 per cent, since k; « 1/L¥%, For an eight-
tube pass exchanger the error is (8{)% = 2.0 or 100 per cent. Ordinarily
a decision should not be arrived at without consulting the design of the
exchanger and noting whether or not provision for mixing between
passes has been included.

1 Boussinesq, J., Compt. rend., 118, 9 (1891).
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Example 10.1. Crude Oil Heater: Streamline Flow. A line carries 16,000 1b/br
of 34°API crude oil. It enters the tubes at 95°F and is heated to 145°F using steam
&t 250°F.. Consider the fluid mized between passes.

The viscosities of the crude oil are

°F

pep
250 1.15
200 1.7
150 2.8
125 3.8
100 5.2

Available for femporary service is' a horizontal 1-2 exchanger having a 1514 in. ID
shell with 86 1 in. OD, 16 BWG tubes 120" long laid out on 1}£-in. triangular pitch.
The bundle is arranged for two tube passes, and baffles are spaced 15 in. apart.
Since the heater is for temporary use, no dirt factor will be included.

Will the exchanger fulfill the requirement?

Solution:
Exchanger:
Shell side Tube side
ID = 1514 in. Number and length = 86, 120"
Bafile space = 15 in. 0D, BWG, pitch = 11in,, 16 BWG, 134-in, tri.
Passes =1 Pagses = 2

(1) Heat balance:
Crude, @ = 16,000 X 0.485(145 — 95) = 388,000 Btu/hr
Steam, @ = 410 X 945.5 = 388,000 Btu/hr

(2) AL
Hot Fluid Cold Fluid Diff.
250 Higher Temp 145 105
250 Lower Temp 95 155
0 Differences 50 50
At = LMTD = 129°F (true.counterflow) (5.14)

(8) T.and ¢.: This fluid is in streamline flow throughout the heater [see (6), p. 204].
For streamline flow the arithmetic mean should be used, For the first pass

iy = é_'zl'.ﬁ‘. = 2@_‘%2;? = 110°F {approx.)

On the assumption that the fiuids are mixed between passes, each pass must be
solved independently. Since only two passes are present in this exchanger, it is sim-
ply & matter of assuming the temperature at the end of the first pass, More than
balf the heat load must be transferred in the first pass; therefore assume ¢; at the end
of the first pass is 125°F and # — #; is-30°F.



204 PROCESS HEAT TRANSFER

Hot fluid: shell side steam Cold fluid: tube side, crude oil
(4) a, = 0.594 in.? [Table 10]
a; = Na'/l44n [Eq. (7.48)}

=86 X 0.594/144 X 2 = 0.177 ft*
(5) G: = -w/a,

= 16,000/0.177
= 80,400 1b/(hr){t*)
(6) D = 0.87/12 = 0.0725 ft [Table 10]
RG; = DG:/II-

At t: = 145°F (the outlet temperature)
g =295 X 242 = 7.15 Ib/(ft}(hr)
Res = 0.0725 X 90,400/7.15 = 915

At t, = 110°F,

Jr =48 X 242 = 11.6 Ib/(ft) (hr)

Re: = 0.0725 X 90,400/11.6 = 565

. = 186 % (DFou DY
¢)] h.—1.86D kL L7
[Eq. (6.1)]
0485 X 11.6 _
(8) —‘ =0 - 72.5
D 00725
I~ —'1‘2— = 0.0060
, _ B 0.0775
(9°) h, = 1500 (9) = 1.86 X === 0.0725
(565 X 72.5 X 0.0060)% = 12.4
(10) &, = ta + 37— ” + 7 (T = ta) (10) At ¢, = 249°F,
u = 1.20 X 242 = 2.9 1b/(ft)(hr)
1500 — " 0.14
= 110 + 154 ¢ 1500 (250 — 110) -7 (——)
= 249°F (116 0.14 20

1) A =I¢: =124 X 1.20
= 14.9 Btu/(hr)(ft%)(°F)

At =ty — ta = 249 — 110 = 139°F
hid; At

L —h = 0e

Internal surface per foot of iength = 0.228 ft

Aq 2 X 120" X 0.228 = 117.5 ft?

149 X 117.56 X 139

= s
16,000 X 0.485  ~ SL-4°F

ti - tx =
Assumed value of & — # = 30.0°F (close enough for check)
The oil now enters the second pass at 126.4°F and leaves at 152 instead of 145°F,
indicating that the heater is oversurfaced if no dirt factor is required.
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If four or more passes are present, the caloulation is earried out in the same manner
a8 shown above with a new assumed temperature at the end of each pass. If the
calculated outlet from the last pass equals or exceeds iy, the heater will operate
satisfactorily.

When a dirt factor is to be provided, obtain the initial outlet temper-
ature i; delivered by the oversized heater, when freshly placed in service,
from the heat balance and Eq. (5.18), using Ug for U, Uy is obtained
from Up and B, by Eq. (6.10} instead of from A;, and ., since in this case
it is desired to caleulate the value of A:, which will produce the initia}
value of the outlet temperature. Having calculated ¢,, solve for each
pass until the outlet temperature corresponds to the initial value of ¢,
before dirt accumulates.

Free Convection in Tubes. Streamline flow is calculated by equations
employing weight flow or mass velocity as one of the variables. How-
ever, if a horizontal tube surrounded by condensing steam carries cold

(b) (c) (d)

Fie. 10.1. Free convection in tubes.

liquid and its flow is suddenly halted, the liquid in the tube continues to
heat. According to Eq. (6.1) the film coefficient should be zero if the
mass velocity is zero.  Where the heat is transferred through movements
within the liquid itself without forced ecirculation, it occurs by free or
natural convection. Some of the factors influencing free convection in
liquids can be observed very readily in the laboratory owing to changes
in the index of refraction which accompany changes in density. When
& fluid is heated in a glass vessel on a hot plate, the convection currents
are visible. Liquid at the bottom of the vessel and adjacent to the heat
source is heated by conduction. The heat absorbed reduces the density
of the bottom layer of liquid so that it rises and the colder liquid tends to
settle.

In a horizontal tube the process is somewhat more orderly. Starting
with a stationary liquid, heat is applied from the outside, raising the
temperature of an outer layer of liguid as shown in Fig. 10.1a. The cold
central core is heavier than the liquid adjacent to the wall and settles
toward the bottom of the tube somewhat as shown in Fig. 10.16. The
rate of settling is retarded by the temperature-viscosity relationship
between the hot fluid at the wall and the cooled core of liquid. As the
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free-convection currents are established, they develop and mix with the
bulk of liquid presumably as in Fig. 10.1¢, and if the fube is large, mixing
may be accelerated as'in Fig. 10.1d. The film coefficient for free con-
vection is a function of the inside diameter of the tube D, density of the
liquid p, coefficient of expansion B, gravitational constant g, thermal
conductivity k, viscosity p, and lastly the temperature difference A,
between the hot tube wall and the bulk of the fluid.

hi = f(D, o, B, ¢ gk My Ata)

Solving by dimensional analysis
h:D D3p%8 At\* feu\®
5= Cl(—T) (7;) (10.3)

where D3p%g8 At,/u? is the Grashof number.

Combined Free Convection and Streamline Flow in Horizontal Tubes.
Just as there is a transition region and not a single point separating
streamline and turbulent flow, there must also be some transition region
between free convection to a fluid standing still and streamline flow. At
low linear velocities both are undoubtedly operative. Equation (6.1)
was correlated from data obtained on small tubes with moderately viscous
fluids and under moderate temperature differences such that the Grashof
numbers were relatively small. Kern and Othmer! investigated this
region in horizontal tubes under large temperature differences and tube
diameters and evaluated free convection as a correction to the Sieder-
Tate equation. Their final equation is

RD w7 DG {c\ (D ]”2.25(1-#0.0106%%)
—k‘(:w) = 1-86[(7:) (—;;) (z) log e (104)

where @, is the Grashof number evaluated from properties taken at the
average fluid temperature {, = (f1 + £2)/2. h;as ordinarily caleculated by
Eq. (6.1) can be corrected for free convection by multiplying by

_ 2.25(1 + 0.0106r%)
- log Re

¥ (10.5)

Inspection of Eq. (10.4) indicates that the influence of the free-convection

currents are dissipated in the transition and turbulent region. In view

of the delicate nature of free-convection currents this is quite plausible.

The two factors which ordinarily influence free convection most are a low

viscosity and large temperature difference. Martinelli ef al.? studied
1Kern, D. Q., and D. F. Othmer, Trans. AIChE, 39, 517-555 (1943).

2 Martinelli, R. C., C. J. Southwell, G. Alves, H. L. Craig, E. B. Weinberg, N. E.
Lansing, and L, M. K. Boelter, Trans. AIChE, 38, 943 (1942).



STREAMLINE FLOW AND FREE CONVECTION 207

the influence of free convection in upward and downward flow in vertical
tubes. They found a slight increase in the coefficient when heating water
in upward flow compared with downward flow. Their final correlation
is rather complicated, although they also obtained a correlation of free
convection involving the Reynolds number.

Example 10.2. Kerosene Heater: Streamline Flow and Free Convection. A line
carries 16,000 1b/hr of 40°APT light distillate or beavy kerosene with corrosive con-~
taminants. It enters the tubes at 95°F and is heated to 145°F using steam at 250°F.
Congider the liquid unmized between passes.

The viscosities of the kerosene are

°F #, Cp
250 0.60
200 0.85
150 1.30
125 1.70
100 2.10

Available for the service is a horizontal 1-2 exchanger, having a 1514 in. ID shell
with 86 1in. OD, 16 BWG tubes 12’0’ long laid out on 1}¢-in. triangular pitch. The
bundle is arranged for two tube passes, and baffles are spaced 15 in. apart (same as
Example 10.1),

What is the true dirt factor?

Solution.:
Exchanger:
Shell side Tube side
ID = 15%4 in. Number and length = 86, 12’0”
Baffle gpace = 15 in. OD, BWG, pitech = 1in,, 16 BWG, 1}4-in. tri.
Passes = 1 Passes = 2

(1) Heat belance:
Kerosene, @ = 16,000 X 0.50(145 — 95) = 400,000 Btu/hr
Steam, Q = 4230 X 945.5 = 400,000 Btu/hr

(2) At:
Hot Fluid Cold Fluid  Diff.
250 Higher Temp 145 105
250 Lower Temp 95 155
¢ Differences 50 50
At = LMTD = 129°F (true counterflow) (5.14)

(8) Ts and #,: This fluid is in streamline flow throughout the heater [see (6), p. 208].
For streamline flow the arithmetic mean is
otz 954145
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Hot fluid: shell side, steam

(9’) Condensation of steam:

h, = 1500

(107) t,:

fo=to o (Te — ) [Ba. (5.30)]
= 120 + 891-;)-—_*0—1056—0 (250
= 249°F

~— 120)

Cold fluid: tube side, 40°API kerosene

4) af = 0.504 in.2 [Table 10]
a: = Nwi/144n [Eq. (7.48)]
= 86 X 0.594/144 X 2 = 0.177 ft*

®) G = w/a,
= 16,000/0.177

= 90,400 Ib/(hr) (ft?)
(8) D = 0.87/12 = 0.0725 ft [Table 10]
Re, = DG'/u
At §; = 145°F,
2= 136 X 242 = 3.20 lb/(it) (hr)

[Fig. 14}

Re: = 0.0725 X 90,400/3.29 = 1990
At t, = 120°F,
p =175 X 2.42 = 4.23 Ib/(ft)(br)
Re: = 0.0725 X 90,400/4.23 = 1,550
Streamline flow, fluid unmixed between

passes
In/D = 12 X 2/0.0725 = 331
(7) jr = 3.10 |Fig. 24]

(8) At u = 1.75 cp and 40°API,
K(cu/k)¥® = 0.24 Btu/(hr){ft2) (°F/ft)

[Fig. 16]
i %
@ & = 52 35(%) [Eq. (6.150)]
R/ = 3.10 X 0.24/0.0725 = 10.25
(10) == h“' = h‘ - X ID/OD [Eq. (6.5)]

= 1025 X 0.87/1.0 = 8.91
(11) At 4, = 249°F,
s = 0.60 X 242 = 1.45 Ib/(ft)(hr)
= (u/p) M
= (4.23/1.45)%14 = 1.18
(12) ho = 224, [Eq. (6.37)]
= 891 X 1.16 )
= 10.3 Btu/(hr){{t) (°F)
Aly = &y — { = 249 — 120 = 129°F
Since the kerosene has a viscosity of only
1.75 cp at the caloric temperature and
At, = 129°F, free convection should be

investigated.,
2.25(1 4 0.01Grq%
V= ——(T‘*fgm——) [Eq. (10.5)
Grashof number, Grs = D32gB Ata/u?
s = 0.80,

p = 0.8 X 62.5 = 50.0 Ib/it? [Fig. 6]
= 1 1/p3 — 1/p1
(tl ~ £1)(1/pav)
_ si=s
B 2(t2 — t