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FOREWORD

The ACS Symrostum SERIES was founded in 1974 to provide
a medium for publishing symposia quickly in book form. The
format of the Series parallels that of the continuing ApvANCEs
v CHEMISTRY SERIES except that in order to save time the
papers are not typeset but are reproduced as they are sub-
mitted by the authors in camera-ready form. Papers are re-
viewed under the supervision of the Editors with the assistance
of the Series Advisory Board and are selected to maintain the
integrity of the symposia; however, verbatim reproductions of
previously published papers are not accepted. Both reviews
and reports of research are acceptable since symposia may
embrace both types of presentation.
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PREFACE

his volume contains most of the papers presented at a conference on

The Thermodynamics of Aqueous Systems with Industrial Applica-
tions, held October 22-25, 1979 at Airlie House, Warrenton, Virginia.
The conference, cosponsored by the American Institute of Chemical Engi-
neers, the National Bureau of Standards, and the National Science Founda-
tion, was organized by the following members of the AIChE Subcommittee
on Thermodynamics (Research Committee): Stephen A. Newman, Herbert
E. Barner, Stanley S. Grossel, Michael G. Kesler, Max Klein, and Stanley I.
Sandler.

The conference was subdivided into four sessions, and chapters within
this text are arranged according to these categories. Papers included in
the first section (Thermodynamics of Electrolytes for Pollution Control)
provide the reader with insights into the practical aspects of pollution
control, as well as an overall appreciation of applied electrolyte phase
equilibria. Other chapters include detailed descriptions of thermodynamic
models that recently have been developed to describe important industrial
pollution control processes with emphasis on acid gas absorption/sour
water stripping and flue gas desulfurization.

The increasing importance of coal gasification, liquefaction, and shale
oil processing has focused attention on a new class of thermodynamic
problems. In the second section (Thermodynamics of Synthesis Gas and
Related Systems) new data and calculation methods appropriate to water-
containing synthesis gas systems are emphasized. As background to this
work, chapters describing industrially important processes and cooperative
research organizations dealing with emerging synthesis gas technology have
been included.

Essentially all of the engineering thermodynamic correlations used in
pollution control models and synthesis gas phase equilibria, chemical equi-
libria, and enthalpy calculation schemes have their foundations in funda-
mental theory. Experimental data, in addition to being directly useful to
designers, allows the correlation developer to assess the validity and suita-
bility of his model. Included within the third section (Properties of Aqueous
Solutions—Theory, Experiment, and Prediction) are chapters providing
both comprehensive reviews and detailed descriptions of specific areas of
concern in the theory and properties of aqueous solutions.

The increasing interest in hydrometallurgical processing stems from
an increased awareness of the necessity of environmental protection and
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pollution. The final section (Hydrometallurgy, Oceanography, and Geol-
ogy) includes chapters highlighting theory and applications of electrolyte
thermodynamics to hydrometallurgy and related concepts important in
oceanography and geology.

Each session was initiated by state-of-the-art reviews, summarizing
both the theoretical and applied aspects of the subject; these were followed
by invited technical papers. A panel discussion among speakers/coauthors,
including audience participation, concluded each session. This volume
contains only the technical papers of the conference; the questions and
answers for the papers will be printed as a separate publication.

One of the major goals of our conference was to bring together out-
standing investigators in diverse areas to discuss topics of mutual interest.
Elaboration on this point is made in the Conference Overview. The con-
stituency of our audience (40% academic, 40% industrial, and 20% gov-
ernment) was indeed varied and consisted of both theoretical and applied
workers. Our speakers spoke on topics ranging from the most recent
concepts of electrolyte phase equilibria theory to the principles and appli-
cations of coal processing. Throughout the presentations it was apparent
that a common thread linked each theme and that both the practical and
theoretical aspects of the subject were important, each providing the other
with sustenance.

We are confident that in addition to fostering the presentation of
many superb technical papers, which we anticipate will be used as refer-
ence material for many years to come, the conference provided a means
for many investigators to become acquainted with colleagues working in
related fields. Hopefully, these contacts will be maintained and flourish.

We were fortunate in having several guest speakers and we acknowl-
edge their important contributions to our conference. Specifically, we
thank Larry Resen (AIChE), Emanuel Horowitz (NBS), Davis Hubbard
(NSF), Donald Ehreth (EPA), and Bernard Lee (IGT). Additionally, we
are grateful to J. Charles Forman and Joel Henry of AIChE and Marshall
Lih of NSF for their part in allowing the conference to grow from a concept
into a reality. A special thanks goes to Marie Kennedy of AIChE who
played an important part in cheerfully executing many of the day-to-day
chores associated with planning a large meeting, including handling the
registration duties at Airlie House.

We enjoyed planning the meeting and participating in its evolution
and look forward to developing other such rewarding activities.

Foster Wheeler Energy Corporation STEPHEN A. NEWMAN
110 South Orange Avenue

Livingston, NJ 07039

February 14, 1980

xii
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Conference Overview

STEPHEN A. NEWMAN
Foster Wheeler Energy Corporation, Livingston, NJ 07039

The theme of the symposium has relevance to workers engaged
in a wide variety of activities; it is anticipated that the con-
cepts described in the specific papers will be useful in areas
superficially different from each other, yet in a fundamental
manner, indeed very similar. The invited conference papers have
been organized into reasonably related subject matter, yet run
the gamut from the very practical to the very theoretical with
the intent of providing the theorist an appreciation of the prac-
tical problems facing the technologist,and the technologist, an
awareness of the theoretical tools he can use to solve his pro-
blems.

Several applied areas of concern, all involved with water,
served as focal points for the meeting. Two of these, pollution
control and coal processing, have current social significance
and are subjects that everyone can readily appreciate. Practi-
cal insights into the fields were given in the industrially ori-
ented review papers, and the role of thermodynamics in contri-
buting to the solution of the many specific problems encountered
in carrying out an engineering design were brought out in other
papers. As support to the applied thermodynamic techniques de-
scribed in the application-oriented sessions, one session was
devoted to theory. It is this fundamental work that enables the
thermodynamic practitioner, be he either academic or industrial,
to develop in a rational matter his correlations which are ab-
sorbed into the design techniques applied by process engineers.
A very fine example was provided by the extensive use of Profes-
sor Pitzer's electrolyte activity coefficient theory within se~-
veral acid gas phase equilibrium models.

Another important group of papers provided insight into
several very successful cooperative industrial programs, those
sponsored by the Gas Research Institute, the American Petroleum
Institute, the Gas Processors Association and the American Insti-
tute of Chemical Engineers. The designation infratechnology has
been applied to those aspects of technical investigation and
knowledge that permeate a given industry, yet are not specific

0-8412-0569-8/80/47-133-001$05.00/0
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2 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

enough to individual constituents to justify extensive investi~
gation on their own. Frequently, the problems are so complex
and diffuse that it would be essentially useless for a single
company to embark on an investigation that would take many man-
years of investment with very little monetary rate-of-return.
Certain segments of the chemical engineering industry have found
a solution to such problems by consolidating interests in co-
operative research organizations such as those sponsored by API,
GPA, GRI and AIChE. The growth of these industrial cooperative
groups is encouraging; besides conserving resources and elimina-
ting duplication of effort, these groups provide a forum for ex-
change of ideas and non-proprietary technology. The involvement
of academia in these organizations, usually as research con-
tractors, allows university researchers an intimate insight into
real-world problems and helps close the breach between academia
and industry that has become so prevalent in recent years. All
of these factors substantially increase output per unit input
and by its very definition promote an increase in productivity.
One very important element missing from the scene until recently
has been government. Government's involvement has obviously been
increasing and will become a welcome addition by providing addi-
tional cohesiveness as well as financial backing and technical
expertise to fledgling groups.

As an introduction to the technical aspects of the con-
ference, the results of some studies conducted by the writer on
two relevant subjects are presented below., The first commentary
is concerned with the design of sour-water strippers and the ef-
fects of thermodynamic data on these designs; the second com-
mentary is concerned with the calculation of enthalpies of
steam~containing mixtures, essential to the design of coal pro-
cessing and related plants.

Sour-water Thermodynamic Data

For the past several years there has been considerable in-
terest in the phase equilibria of sour-water systems. This in-
terest largely stems from the need to design sour-water strip-
pers so that their liquid effluents attain the very low levels
mandated by current environmental regulations. The EPA liquid
emission level goals, based on ecological effects, are ten PPM
(mass) for ammonia and two PPM (mass) for hydrogen sulfide. The
guidelines for tower design established many years ago (for
example, 0.06 kgs stripping steam per 1liter of hot feed) are out-
moded and are not exact enough in an era when sophisticated data
and calculation methods can be applied to the problem once con-
sidered so complicated that only empirical rules were accepted
practice, for lack of anything better.

A number of models have been developed to describe the
chemistry occurring in sour-water stripping and absorption.

The many simultaneous chemical reactions whose solution re-
sults in the establishment of the phase equilibria of the com-
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1. NEWMAN Conference Overview 3

ponents are listed in Figure 1. This system is in several re-
spects considerably more complicated than many hydrocarbon and
chemical systems in that it is necessary to contend with both
chemical and phase equilibria in establishing the design. Each
of the cited reactions and Henry's law constants, besides being
temperature dependent, are also functions of the type and concen~
tration of acid-gas components in solution and, in some cases,
the ionic strength of the solution. In a practical sense, the
most important reason for considering these electrolyte reactions
is that only those portions of ammonia, hydrogen sulfide, and
carbon dioxide that remain in molecular, rather than ionic form,
can be stripped from solution. The object of the calculations,
therefore, is the determination of the ionic and molecular dis-
tribution of species as a function of temperature,pressure,and
composition.,

The designer can employ a computer program embodying the
calculations to carry out his design, or he can use charts such
as those shown in Figure 2 as a basis for his stripping or ab~
sorption calculations. The two charts shown can be used either
to calculate the ammonia and hydrogen sulfide concentrations in
the liquid-phase from a knowledge of their partial pressures in
the gas phase; or, alternately, the partial pressures can be
directly read from the charts given the solution concentration
of the dissolved gases. Calculating the liquid-phase composition
from that of the gas requires a trial-and-error procedure. A
liquid-phase molar ratio of the acid gases is assumed, and from
the known partial pressures, a liquid~phase composition is read
from the graphs and a calculated liquid-phase molar ratio is
obtained. This calculation is repeated two or three times until
the calculated liquid-phase molar ratio equals the assumed value,
and at this point the equilibrium liquid-phase composition has
been determined.

For most sour water stripper design work, a computer is used
to perform the calculations. Several of the proposed sour-
water modules were incorporated into a tower program and a series
of designs on a typical sour-water stripper have been undertaken.

Comparisons of data methods with each other such as those
shown in Figure 3 for the Wilson (1) and Mason-Kao (2) methods
demonstrate that the Wilson method generates the smaller ammonia
and hydrogen sulfide partial pressures. In practical terms,
Wilson's predictions imply a greater amount of stripping steam
to achieve a desired level of acid gas removal when compared to
the Mason-Kac predictions, Unfortunately, such comparisons are
only semi-quantitative from a designer's viewpoint and it is ne-
nessary to employ the full strength of a rigorous tower compu-
ter simulation to demonstrate the significance that the data dif-
ferences imply in terms of equipment specification and utility
comsumption., Some insight is provided in the comparisons de-
picted in Figures 4 and 5.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS
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1. NEWMAN Conference Overview

The PPM ammonia remaining in the bottoms product stream of
the stripper tower are shown in Figure 4 as a function of the
kilograms of steam injected into the tower. The number of the-
oretical stages used is shown as a cross-parameter., What is
observed is that in a practical sense, the Wilson and Mason-Kao
methods yield essentially the same ammonia purity in the
stripped water product, whereas very substantial differences are
obtained when the classical van Krevelen correlation is applied
to design the wastewater stripper.

Using the amount of hydrogen sulfide remaining in the tower
bottoms as the criterion, Figure 5 shows similar design compari-
sons, Large differences between the methods are observed; how-
ever, the Mason-Kao predictions and van Krevelen results are
very similar. The Wilson method generates a more conservative
design in that to achieve a designated level of hydrogen sulfide
purity a designer would specify a greater number of trays, or
alternately, provide for more stripping steam.

Enthalpies of Steam-containing Mixtures

For those engaged in designing plants for processing syngas
streams, consisting of mixtures of hydrogen, carbon monoxide,
carbon dioxide, nitrogen and methane, there is a constant need
to calculate the enthalpies of mixtures of these gases with
steam, These data are required in the design of reactors, heat
exchangers and separation equipment. Unfortunately, despite
the prevalence of such systems in design work, until very re-
cently, there have been no experimental calorimetric data with
which to assess the validity of proposed design correlations.
With the increased interest in substitute gas processes in which
enthalpies for mixtures containing as much as 50 percent water,
at high pressures, are required, efforts to obtain experimental
enthalpy data for these systems have been initiated, and several
measurement programs are underway.

Some data comparisons were made of several predictive
methods with steam mixture enthalpy data obtained by Professor
Wormald (3). To provide a basis of comparison, Figure 6 il-
lustrates how three methods currently in vogue in the thermo-
dynamics world perform in predicting the enthalpy departures
from ideality of methane. The predictions of the Lee-Kesler
equation-of-state seem to best replicate the data, with a maxi-
mum error of 1.2 kJ/kg.

A portion of the enthalpy-temperature diagram for steam is
presented in Figure 7. Frequently, in performing heat balance
calculations for syngas processing, it is necessary to develop
enthalpies for steam in mixtures at conditions that do not con-
form to pure component conditions. Design engineers frequently
develop their steam enthalpies from the pure component data by
either using saturation values or by extrapolating into the
pure component dome region from the linear portion of the
supercritical isobars. Some advocates of this latter procedure

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

1000
1
1000 —— — :
100+%
I~
100 | &
. , £
1018 : ¥
[} .
g E
§ 1.4a
1{a w,
E =
:
118
= )
= v :
01 014 ‘
|
001 001+ Ls, N Wﬁ_'___l/m%
001 100 001 01 1 1 10

IPC Science and Technology

Figure 3. Comparison of methods for predicting NH; and H,S partial pressures in
NH;—H;S-H,0 system (methods compared at 356 K; ( ) Mason-Kao; (——-)

Wilson) (4)
1000 1000
(] "
a g 'oq,
= =
H
g g
H H
10 = 10
g H
1
0.15 0.20 025 0.30 lar 0.20 0.25 0.30
KGS STEAM/L FEED KGS STEAM/L FEED

IPC Science and Technology

Figure 4. Predicted PPM NH; in tower bottoms ({ ) Wilson; (- ——) Mason—
Kao; (— — —) van Krevelen) (4)

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



1.

NEWMAN Conference Overview

100.0 1000
" (2]
= X
(=3 (-]
E E
(-3 (-3
-] []
= =
9 2
= 100 <100 *,
] ] N
< < o
z z
z z
[ Y [ Y

18 1.0
0.15 25 0.18 0.20 0.25 0.30
KGS STEAM/L FEED KGS STEAM/L FEED

Figure 5. Predicted PPM H,S in tower bottoms ((
Kao; (— — —) van Krevelen)

) Wilson; (——-—) Mason—

w
A

20-

ENTHALPY DEPARTURE/kJ. kg™

b
L

PRESSURE/kPa

0 5000 10,000 15,000

Figure 6. Comparisons of predicted and experimental enthalpy departures for pure
methane at 598 K

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



8

THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

pntssunel kP2
\DEALBAS

g

g

ENTHALPY /kJ-kg~1

A A "

650
TEMPERATURE/K

Figure7. Enthalpy diagram for steam

[
3

ENTHALPY DEPARTURE/kJ-kg"!
[
3

g

PRESSURE/kPa
0 5000 10,000 15,000

Figure 8. Comparisons of predicted and experimental enthalpy departures for pure
steam at 598 K

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



1. NEWMAN Conference Overview

use enthalpy values at the partial pressure of steam, others,
at the total system pressure. In the enthalpy diagram, the
temperature at which the only published steam mixture calori-
metric datawere obtained is indicated. The pressure range of
the data spans from ideal gas to saturation pressure, about
12,000 kPa.

Figure 8 depicts how the three popular equation-of-state
methods cited previously perform on pure steam. From a theore-
tical viewpoint, none of the methods has the foundation to
handle mixtures of polar/non-polar components, Although the
agreement with experimental data is not very satisfactory for
any of the methods, the Lee-Kesler equation-of-state does best.
It was also found that by slightly adjusting the acentric factor of
water, improvement in the representation of the enthalpy of
steam can be obtained by this method at 598 K, the conditions
of the experimental mixture data, and at other temperatures as
well,

Figure 9 provides a comparison of the predictions of em-
pirical methods with Wormald's data for a 50/50 mole percent
mixture of steam and methane. As can be seen, the frequently
used artifices of calculating mixture enthalpies by blending the
pure component enthalpies at either total or partial pressures
are very inaccurate. Likewise, the assumption of ideal gas en-
thalpy for the real gas mixture, equivalent to a zero enthalpy
departure on the diagram, is an equally poor method.

In Figure 10 are shown comparisons of the equation of state
methods with the experimental data. The Lee-Kesler methods re-
present the data the best. Again, if the water acentric factor
determined to best represent the pure steam enthalpy data is
applied to the mixtures, further improvement is noted for the
predictions by the Lee-Kesler method. Use of interaction con-
stants within the Lee-Kesler, or other models, would undoubtedly
provide even better representation of the data.

Although comparisons for the steam-methane system have been
presented, similar trends were noted for the other binary sys-
tems previously published by Wormald, namely mixtures of steam
with nitrogen, carbon dioxide, n-hexane, and benzene.

Professor Wormald, in a paper presented at this conference,
has provided additional steam mixture enthalpy data and some
correlation work he has done on the data using an association
model,
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A Survey of Some Industrial Waste Treatment
Processes

W. T. ATKINS, W. H. SEWARD, and H. J. TAKACH
Mittelhauser Corporation, Downers Grove, IL 60515

This paper was prepared to give a brief overview of some of
the technologies used for industrial pollution control. Among
the many areas of possible discussion under this broad a topic,
this paper focuses on sulfur control technologies due to the
potentially major cost impact of these technologies on the indus-
trial processes with which they are associated. The process
areas covered are acid gas removal, sulfur recovery, sulfur
dioxide removal, and wastewater treating. In the first three
process areas, alternative process types are described and guide-
lines for process selection are briefly reviewed. Because of the
operating difficulties encountered with utility sulfur dioxide
removal processes, information on industrial installation of
these processes is given. For wastewater treating, a state-of-
the-art industrial wastewater treatment system is discussed along
with some major items to consider in process selection.

Acid Gas Removal

Acid gas removal is the removal of sulfur compounds and CO,
(acid gas) from process gas streams. The following sections
describe available process alternatives, design options, and
guidelines for selection among alternatives.

Process Alternatives. Acid gas removal processes have been
extensively surveyed in the published literature (1,8,3).
Figure 1 shows how acid-gas-bearing process gases can be gener-
ally treated in industrial processes. The sulfur compounds and
CO, may be absorbed in a liquid medium, such as amines, alkali
salts (NaOH, K,CO3), physical solvents (methanol, propylene
carbonate), or water (3). The absorbed acid gases are released
by reduction of pressure and/or by application of heat. Alterna-
tively, the H;S and CO» may chemically combine with the absorbent
(as in NaOH scrubbing) to form salts which are removed in a
liquid treatment unit. This requires continual and expensive
makeup of sodium to the system.

0-8412-0569-8/80/47-133-015%$08.25/0
© 1980 American Chemical Society
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Released acid gases in the same form as captured, i.e., H;S,
C0S, CO,, etc. are converted in the sulfur recovery unit to forms
in which they may be exported from the industrial facility.
Sulfur recovery is discussed later in the paper. Some liquid
absorption processes produce two separate acid gas streams (selec-
tive AGR). One stream, containing the majority of sulfur com-
pounds, is sent to the sulfur recovery unit, while the other is
vented to atmosphere, environmental regulations permitting.

Alkanolamines, generally referred to as amines, are organic
compounds of the form Hp-N-(ROH)3-n (3); the hydroxyl group
generally provides for the compounds' solubility in water, while
the HN group provides the alkalinity in water solutions to cause
the absorption of acid gases. Amine processes used commercially
are shown in Table I. These compounds are chemical solvents;
they combine chemically with H;S, CO,, and other sulfur compounds.
They are customarily regenerated by the application of heat.

Alkali salt solutions are aqueous solutions of sodium or
potassium salts. They, too, are chemical solvents, reacting with
H2S and CO; as follows (e.g., for K,C03):

K,CO3 + CO, + Ho0 - 2KHCO3
K,CO3 + H,S -+ KHS + KHCO3

This solution is regenerated by pressure letdown and steam strip-
ping of the solution (2).

The physical solvents shown in Table I operate by dissolving
the acid gases in the absorbing medium at elevated pressures and
low temperatures. Regeneration of the solvent is principally by
reduction of pressure, although heating is often necessary in
high~efficiency applications, where HzS is to be removed to a few
ppmv (3).

Mixed solvents are combinations of physical and chemical
solvents which increase the flexibility of treating (1). The
chemical solvent allows for treatment of lower-pressure streams
while the physical solvent allows for bulk removal of the acid
gas.

Absorption-oxidation processes oxidize absorbed H,3 directly
to elemental sulfur in solution (1). The principal example in
current industrial use is the Stretford process (3). The chemis-
try of the process can be represented by the following idealized
equations (ADA represents anthraquinone disulfonic acid):

Na,CO; + H,S = NaHS + NaHCO3
4 NaV0; + 2 NaHS + H,0 - Na,V,0g + 2S + 4 NaOH
Na,V,0¢ + 2 NaOH + H,0 + 2 ADA + 4 NaVOs; + 2 ADA (reduced)

2 ADA (reduced) + 0, » 2 ADA + H20

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Table 1. Acid Gas Removal Processes

Typical Ab- Absorber
Principal sorber Temp- Pressure, s Components Removed )
Absorbent Process Name erature, °F psi 2 Orpanic Sulfur 2
AMINE PROCESSES
MEA Monoethanolamine 80-110 Atm~1000; Yes, down cos, CS;, some Yes., down
not highly to 1 ppm nercaptan to ppm
sensitive level level
DEA Diethanolamine 100-130 Atn-1000; Yes, down C0S, CS; absorbed Yes . down
not highly to 4 ppm reversibly (some to ppm
sensitive mercaptans) level
DEA Societe National 90-120 500-1100; Yes, down Some COS removed Yes, <1%
des Petrols high acid- to 4 ppm
d’Aquitaine gas pressure
SNPA-DEA desirable
(<50 psi)
MDEA Methyldiethanol- 80-120 Not highly Yes, down Mercaptans not Yes,
amine pressure to 4 ppmv removed norpally
sensitive {but not 25-35%
selectively) remcval
DIPA Shell ADIP 90-130 Not highly Yes, <10 Partial removal Yes.
sensitive ppmv of COS (some normally
mercaptans) 30-902
remeval
DGA Fluor Econamine 90-130 Not highly Yes, <4 C0S, CS; degrades Yes, below
diglycolamine sensitive ppmv solution thar normally
provided by
MEA
ALKALI SALT PROCESSES
K2CO3 Hot Pot, Potassium  Amb-240 100-1000 Yes, to 4 COS partially Yes, to
Carbonate ppmv {CO; hydrolyzed rn 1.5% -
must be CO, + H,S single
present and removed stage
also) <0.8% -
two stage
K2C0, Benfield and Amb-280; 100-2000 Yes, to 4 Can remove 100% Yes, to
(activated)  HiPure nominally ppmv Ben- cos, 75% CSaz, 500 ppmv
230 field, <1 70-80% mercaptans Benfield,
ppm HiPure <50 ppm
HiPure
K2CO03 Catacarb Amb-280; Nominally Yes, <4 coSs, CS2 Yes,
(activated) nominal 100-1000 ppmv <0.65%
bulk temp
230
K;CO03 + AsO3; Giammarco 120-220 200-1000 Removed in  Minor amounts Yes,vto
Vetrocoke CO2 Vetrocoke only 0.05%
H2S process
K+weak Alkazid "M" 70-100 Atm-1000 Yes, to Unknown Yes
organic 5 ppmv
acid
K+weak Alkazid DIK 70-100 Atm-1000 Yes, to No Yes
organic 5 ppmv
acid (but non-
selective)
NaOH Caustic Scrub 1Ing 60-100 100-250 Yes, to ? Yes
<1 ppm
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Relative Solvent

B
28/€02 Cost and
Selectivity Process Complexity Commercial Status References
Not selective Low-cost solvent Commercial - used on 2,3,5
medium complexity N.G. and refinery
gases (excluding COS)
Not selective  Slightly higher Commercial - used on 1,2,3,5
solvent cost than gases which contain COS
than MEA but less
complex
Not selective High-pressure ab- Commercial - developed 1,2,3,5
sorption may require for high-pressure
intermediate flashing natural gas treatment
Partially Much higher solvent Commercial - limited 1,2,3,5
selective cost than MEA application to date
Partially Much higher solvent Commercial - used for 1,2,3,5
selective cost than MEA refinery gases which
include COS
Not selective Higher solvent Commercial 1,2,3,5
cost than DIPA, as
complex as MEA
Can be Low-cost solvent; Commercial for CO2 1,2,3,5
selective simple operation +.¢ 1 sh-rressure
for bulk CO, pulk removal
Selectivity Staged operation Commercial high acid-gas 1,2,3,4,5
increases and cooling for pressure; bulk removal
complexity high purity favored
and/or
residual
impurities
Selectivity Staged operation Commercial high acid-gas 1,2,3,5
increases and cooling for pressure; bulk removal
complexity high purity favored
and/or
residual
impurities
Designed for Simple operation Commercial overseas - 1,2,5
CO2 removal used to remove CQ, after
after H,S is separate H,S removal
removed
Not selective As complex as Commercial overseas 2,5
amine systems
Less selective As complex as Commercial overseas 2,5
than K;3POq amine systems
{tripotassium
phosphate)
Can be Simple operation, Commercial - used for 19
selective very high solvent fuel cleanup

cost

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Table 1. Continued

Typical Ab-

Principal sorber Temp-

Absorbent Process Name erature, °F

PHYSICAL SOLVENTS

Methanol Lurgi Rectisol Down to -100,
normally -40
to =70

N-methyl Lurgi Purisol 80-105

2-pyrrolidone

dimethyle~ Allied Chemical 20-100

ther poly- Selexol

ethylene

glycol

propylene Fluor Solvent 20-80

carbonate

MIXED SOLVENTS

Sulfolane Shell Sulfinol 110

plus di-

isopropanola~

mine

MEOH Lurgl Amisol 95

+ MEA

or DEA

ABSORPTION-OXIDATION PROCESS

Na,COjy + Stretford 70-110

anthraquinone

disulfonic

acid and

sodium meta

vanadate

NaC0; + Takahax Ambient

plus naptho-

quinone

sulfonic

acid

Na,CO; + Giammarco- Amb-300

AsO3 Vetrocoke H;S

SOLID-BED PROCESSES

FeO Appleby-Frodingham 600-750

Hot Ferric Oxide
Zno Appleby-Frodingham 600-850
Hot Ferric Oxide

Molecular Appleby-Frodingham  +100

Sieves Hot Ferric Oxide

Activated Appleby-Frodingham <140

Carbon Hot Ferric Oxide

Absorber
Pressure,

psi

300-2000

1000

300-1000

400-2000

Atm-1000;
higher
pressures
favored

Higher
pressures
favored
(440 psia
operation
reported)

Atm-300

Atmospheric

Atmospheric

Normally
low

atm-1000

0-1000

Components Removed

Hz2S

Yes, down
to 0.02
ppmv

Yes, <4

ppmv at-
tainable
Yes, <1

ppmv

Yes, <4
ppmv

Yes, <4
ppmv

Yes, 0.1
ppmv

Yes, <10
ppmv

Yes, <0.5
ppmv

Yes, 98%
removal by
two stages,
>997 in
four stages
Yes, to
below
measurement
threshold

Yes

Organic_Sulfur

Yes, COS <0.1
ppov

Yes, but process
not designed for
such

Yes, <1 ppmv

COS, mercaptans,
total sulfur
<16 ppmv

Yes, COS to
0.1 ppmv

Light mercaptan
removed but COS/
CS; not affected

Unknown

Unknown

cos

Some COS

Produced in
sieves

Yes, in two-
stage unit

Yes, down
to 1 ppmv,
normally
te 0.1%
Yes,

<0.1%

Yes,
normally
to 1%

Yes, <l1%

Yes,

50 ppmv
possible
normal
0.3%
Yes,
below

5 ppuv
possible

HCN-essen-
tially
complete
removal

HCN

Co2
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H2S/CO2
Selectivity

Industrial Waste

Relative Solvent
Cost and

Process Complexity

Can be selec-
tive in staged
operation

More selec-
tive than
MeOH

Can be selec-
tive, with
stages and
recycle

Can be selec-
tive (multi-
stage)

Not very
selective

Not operated
selectively

Completely
selective but
€0, decreases
absorber
efficiency

Selective

Selective

Selective

Selective

Can be
selective

Selective

Low solvent cost
but extremely
complex process

Selectivity or
high purity require
high complexity

High solvent cost,
moderate complexity
for bulk remcval

Flash regeneration
when only bulk
removal required

High solvent cost,
high complexity

Low solvent cost,
less complex than
Rectiseol

Treatment Processes

Commercial Status

References

Commercial - on
coal and oil
gasification
processes

Commercial - high
acid-gas pressure,
bulk removal favored

Commercial - de-
signed for high
acid-gas pressures,
bulk removal

Commercial ~ de-
signed for high
acid-gas pressures,
bulk removal

Commercial - high
acid-gas pressure
favored

Commercial - for
gas from partial
oxidation of oil

Commercial - de-
signed for H,$
removal from
coal gas

Commercial - de-
signed for H2S
removal from
coke-oven gas

Commercial
overseas

Commercialized feor
coke oven gas
{obsolete)

Commercial

Commercial for dehy-
dration, H2S, CO:
removal from natural
gas

Commercial

1,3,4,5

1,3,5

1,3

1,3

21
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Water is often used as a medium for removing particulates
from process gas streams (3). In the process, significant quanti-
ties of CO; and H;S may be removed particularly if NH; is present
in the process gas. Because water is not generally used commer-
cially for the express purpose of acid gas removal, it will not
be discussed further.

Liquid membrane processes for removing H>S from process gases
are potentially attractive because they may require less energy
than conventional techniques. Research is now going on to develop
these technologies, but they have not yet achieved commercial
application.

Molecular sieves are crystalline metal aluminosilicates (1).
Openings in their crystal structure permit passage of many gas
constituents while preferentially adsorbing large, polar, or
unsaturated compounds. Acid gas compounds may be adsorbed by
certain types of molecular sieves. When used for H;S removal,
the sieve is regenerated by a thermal swing cycle (1), being
heated to release the H;S for downstream sulfur recovery.

Iron oxide is one of the oldest media used for Hy;S removal
from process gas. 1Its use is limited by the necessity of
periodically replacing the solid adsorbent (3), as the adsorbent
cannot be regenerated completely and gradually loses its effec-
tiveness. Hot-gas purification processes using iron oxide include
the Appleby-Frodingham Process and the METC Fixed-Bed Process (1).
In these processes the iron oxide removes the H,S at elevated
temperatures (700-1000°F) and is also regenerated at these temp-
eratures. None of these or other hot-gas purification processes
is commercial today.

Activated carbon, used commercially to remove small quanti-
ties of H2S from synthesis gas (3), is useful as a follow-on unit
to a bulk-removal process. Operation is cyclic, with periodic
regeneration of the carbon by steam or inert gas.

Process Selection. Table I presents general performance
data to guide process selection of acid gas removal facilities.
Several surveys have recently appeared in the literature (4,5).
The information in Table I and these surveys should be used only
as a rough screening tool for very preliminary studies. Specific
applications should be discussed with the licensors or builders
of such systems.

The selection of an AGR removal process should be guided by
the following guidelines:

Solvent type should be compatible with the processing
pressure, selectivity desired, and potential contaminants (organic
sulfur, NH3, HCN, hydrocarbons) expected in the feed gas.

Selectivity - solvents generally have different affinities
for H,S and CO,. Some processes can remove essentially all of the
H2S and many of the other sulfur compounds while leaving most of
the CO, in the treated gas, potentially reducing the cost of the
downstream sulfur recovery facilities (4). However, such

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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2. ATKINS ET AL. Industrial Waste Treatment Processes 23

selective removal processes may be more costly than nonselective
processes. In petroleum refineries, the CO; content of the gases
to be treated is usually low enough that nonselective amines may
be used without unduly diluting the Claus plant feed with CO3;
this approach would not work in a high-BTU coal gasification plant
where the ratio of CO; to HyS is much higher.

Extent of removal required by downstream processing will also
dictate the choice of process. Complete removal of H,S to prevent
poisoning of downstream catalysts may require both a liquid
absorption step and a solid-bed trace sulfur removal step, such
as zinc oxide.

Processing pressure -~ generally, the carrying capacity of
physical solvents increases with absorption pressure much more
rapidly than that of chemical solvents (4). Therefore, AGR at
high~pressures may make physical solvents look attractive, while
low-pressure operation favors chemical solvents.

Economics is the dominant factor in process selection by
industrial users. In weighing these economics, capital invest-
ments for alternative processes must be obtained on a consistent
basis, and operating costs must be calculated using realistic unit
costs for such items as electricity and process steam. Perhaps
most importantly, the potential markets for the ultimate products
from the plant must be accurately assessed.

Commercial status is another major criterion. Industry
generally tends to be suspicious of processes which have not been
proved in commercial application. Therefore, processes with
multiple installations in the same service as the currently pro-
posed application, of the same scale or larger, will generally be
preferred, even if at a somewhat higher projected cost, than
processes which do not meet these criteria.

Sulfur Recovery

Sulfur recovery processes convert acid gases containing H,S
and other sulfur compounds to elemental sulfur and sulfuric acid.
Table II is a summary of many of the available sulfur recovery
processes,

Process Alternatives. Process alternatives for sulfur
recovery are shown schematically in Figure 2. The choice of
either elemental sulfur or sulfuric acid will depend on economics
and markets related to each plant location. Elemental sulfur may
be produced by gas-phase oxidation (the Claus process) or liquid-
phase oxidation (e.g., the Stretford process). Stretford units
were described in Section 1 and are well discussed in the litera-
ture (1,2,5). Claus sulfur recovery efficiency is usually less
than required by current air emission standards. Therefore, some
form of tail-gas treating is required. Sulfuric acid may be pro-
duced by the well-known contact process (6). This process is
licensed by a number of firms, each of which has its own

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Table II.

Process

Claus
Process

Sulfur Recovery Processes

U.S. Licensors

Parsons, Shell, Amoco
Production Co., through
its licensees such as
Ford, Bacom & Davis,
Ortloff, Olsen, and
many others

Tail-Gas Treating Processes
Low-Efficiency Processes

Sulfreen

American Lurgi

SNPA/Haldor- Haldor-Topsoe

Topsoe

Cold-Bed Amoco Production
Adsorption  Company

IFP 1FpP

Beavon Parsons

Mark I1

High-Efficiency Processes
Beavon Parsons

Mark 1

SCOT Shell Development Co.
Trencor Trentham Corp.
Wellman- Davy Powergas
Lord

Contact Monsanto, Parsoms,
Sulfuric Davy Powergas,
Acid others

Process

Required Feed

Sulfur Content
Normally 15-20% HS
or more, with product
sulfur-burning, can
handle H,S contents
down to 5%

Claus tail gas. Sulfur
compounds 1-3%

Claus tail gas

Claus tail gas

Claus tail gas or
other H2S-containing
feeds, up to 20%

H2S content of <5%
or Claus tail gas

Claus tail gas

Claus tail gas

Claus tail gas

Claus tail gas

Can accept elemental
sulfur, or H2S and
S0;~-bearing streams
down to about 5%
sulfur content

Process Performance

92-97% removal with

3 catalytic stages.
COS €S2 not converted
without provisions in
design

Raises overall sulfur re-
covery to 99%. 2000-3000
ppmv sulfur in treated
gas. No C0S/CS: conversion

About 500 ppmv sulfur in
tre.ted gas. All culfur
cor; wunds are hundlcd

Raises overall sulfur re-
covery to 99-99.3%, <1500
ppmv sulfur in treated

gas. No COS/CS; conversion

<1500 ppmv sulfur in
treated gas. No COS/CS:
conversion

Up to 99X overall sulfur
recovery. Some COS and
CS2 conversion

99,8% overall sulfur re-
covery, <300 ppmv sulfur
compeunds in treated gas,
generally <10 ppmv H2S.
Some COS/CS2 conversion

99.8% overall sulfur re-
covery 1f COS/CS: content
is not excessive. <300
ppmv sulfur compounds in
treated gas. H2S is
about 150-200 ppmv

Same as SCOT

<200 ppmv sulfur compounds
in treated gas. All sulfur
compounds are handled

A double contact/double
absorption plant can re-
cover up to 99.8% of the
sulfur fed to it. All

sulfur compounds handled
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Sulfur Removal

Mechanism Commercial Status References
Claus reaction: Fully commercial in 2,3,7,10,16
2H,54502+3542H20 natural gas and re-
one thermal stage, finery applications.
nultiple catalytic Feed impurities in
stages. Several com- gases from synfuel
mercial catalysts are plants can create
available problems
Extended Claus reaction 11 commercial units 3,9,10

below sulfur dewpoint now operating
over alumina catalyst

Independent conversion 1 commercial unit at 9,10
by catalytic oxidation Lacq, France

of sulfur compounds to

S03, followed by absorp-

tion to produce 94% to

H,S0y,

Extended reaction 1 commercial unit at 9
below sul Cur dewpoint East Crossfield,

ovcr Cluus catalyst at Alberta, Canada

266°F

Extended Claus reaction Over 20 commercial 9,10

uid phase, with units now in operation
po’ sethylene glycol as

1 id carricr for

c .. lyst

Independent catalytic 1 commercial unit 13
conversion of sulfur operating in Germany

co . ounds to HpS, fol- on Claus tail gas
levn1 by saccessive

oy .utlon and Claus

reaction over proprie-

. r3003 {Union 0il

C . lvst

I 19 commercial units 3,8,10,13
< now operating or under

¢ unds to HzS, fol- construction

oy
1z-sel by direct oxidation
o” -.S to sulfur in
Stretford unit

Rec:cle process with Several commercial 3,8,10
cct.lytic conversion of units now in operation

sul‘ur compounds to H2S
fo.lowed by absorption
w.t! di-isopropanol amine.
Hz4 and CO2 from amine
re,>1erator recycled to

Clius plant
Sa~e as SCOT, except 1 commercial unit has 11
am.ne used is MDEA been constructed; 99.8%

recovery not yet demon-

strated
Recycle_process with 18 commercial instal- 8,10,12
oxidation of all sulfur lations on boiler flue
speciec to SOz, fol- gas; 7 on Claus tail

lowed ty absorption in gas
sodium sulfite solution.
Evaporation of solution
releases $Uz which is
recycled to Claus plant.

Up to 10 of entering
sulfur may be purged as
sulfate solution

The:mal oxidation of Many commercial units 6,14,15
sulfur compounds to in operation on sulfur

S0z, followed by feed, or smelter gases

catalytic oxidation containing SO2. Process

to SOy. Absorption of not yet commercially

S0; by concentrated demonstrated for 52

sulfuric acid creates H2S feed
net prcduct acid
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variations on the basic process. The remaining paragraphs
describe some of the currently available sulfur recovery
processes.

The main processing steps in the Claus process are thermal
conversion, sulfur condensation, reheat, and catalytic conversion.
In the thermal conversion step, one-third of the feed H,S is
oxidized by air:

H,S + % 0, > SO, + H0 (exothermic)

The desired reaction temperature is in the 2000-2400° range.
At this temperature, the direct formation of sulfur vapor occurs:

2H,S + SO, +-% S (vapor) + 2H,0 (endothermic).

This thermal conversion is generally between 50 and 80% of the
total reactant sulfur, being lower for feeds more dilute in H,S.
Many other side reactions occur, as discussed in the literature.

The sulfur vapor produced in the thermal conversion step is
partially condensed at about 350°F by raising steam. After con-
densation of liquid sulfur, the vapor is reheated to approxi-
mately 400-450°F (7) before entering the catalytic reactors.
There are several methods of reheating the vapor, including hot
gas exchange, in-line burners, hot gas bypass, or indirect steam
reheat. Each has advantages and disadvantages; generally indirect
steam reheat is most expensive but yields higher recoveries.

The reheated vapor is passed through a fixed bed of catalyst
where the Claus reaction takes place:

2H,S + S0, > % Sx + 2H,0 (exothermic)

After each catalytic conversion, the condensation/reheat/
conversion sequence is repeated. The number of cycles is dictated
by the tradeoff between desired recovery and economics. Usually,
a fourth catalytic stage is not justified.

Tail gas cleanup is required because a well-designed Claus
plant with three catalytic stages and fresh catalyst will recover
only 95-97% of its feed sulfur (8), which is not generally suf-
ficient to meet current emission standards. In addition, feed
impurities and catalyst aging will reduce overall recovery in some
plants to about 92% just before catalyst changeout. Therefore,
tail-gas cleanup is required. Tail-gas treating processes are
generally classified as follows:

1. Extensions of the Claus reaction
2. Recycle processes
3. Independent conversion

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Extended Claus processes maintain the 2:1 ratio of HS to SO,
in the tail gas. The reaction is extended at low temperatures,
below the dewpoint of sulfur. Some processes of this type are the
Sulfreen, IFP Clauspol, and CBA processes (9).

Recycle processes convert the sulfur species in the tail gas
to a single compound which is captured, concentrated, and returned
to the Claus plant. Examples are the SCOT (10), Trencor (11), and
Wellman-Lord (8,12) processes. The first two recover and recycle
H;S while the Wellman-Lord process recovers and recycles SO;.

Independent conversion processes may not employ the Claus
reaction for sulfur production and do not recycle the captured
sulfur compounds to the Claus plant. Examples are the Beavon
Mark I Process (Hydrogenation + Stretford) (13), the Beavon Mark
II Process (Hydrogenation + Claus) (13), and the SNPA/Haldor-
Topsoe Process (Catalytic Oxidation to H,S0,) (9,10).

Sulfuric acid production is one alternative to the manufac-
ture of elemental sulfur from acid gas streams. If a market for
the product acid can be found, sulfuric acid may be economically
attractive relative to elemental sulfur (14,15).

The feed stream containing H,S is incinerated with air to
oxidize all sulfur compounds to SO,. The heat of combustion is
partially recovered by raiding medium-pressure steam (400-600
psig) in a waste heat boiler. The gas is washed and demisted,
then dried with concentrated H;S0,. The gas is then compressed,
preheated, and enters a fixed-bed catalytic reactor. In the
reactor SOz is converted to SOj;:

V205

1
502 + 5 0z

SO3

In successive steps, the reactor outlet gas is cooled, enters the
next catalytic stage, is again cooled, and flows through an
absorber where the SO; is absorbed by concentrated H,S0,. The
absorber overhead is reheated and goes through another 2-stage
reaction sequence to final absorption. The absorbed SO; is
diluted with water to make product strength acid (usually 93 or
98% by weight) which is then exported.

Generally, one of two main types of mist eliminator is used
for removal of SO; and acid mist (6). The Brink "HV" type, or
equivalent is used to remove particles of three microns and
larger in size, while for removal of finer particles, the Brink
"HE" type, or equal, is used.

Process Selection. Rough guidelines for sulfur recovery
process selection are given in Table III. These guidelines are
intended only as a rough screening tool for preliminary studies.
Individual process licensors may be able to "tailor" these pro-
cesses to applications outside the range of these guidelines.

Process selection should be made through a ''sulfur-
management' approach. Sulfur management is the determination of
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Table III. Guidelines for Selection—Sulfur Recovery Processes

H,S Content in Acid Gas, Vol %

>607% 25-60 10-25 5-10 <5
Claus Process
Straight-through X
Split-flow X X
Preconcentration X
Preheat X
Sulfur burning X
Stretford X X
Tail Gas Processes
Extended Claus Processes x X X X X
Recycle Processes X X X X X
Independent Conversion
Processes X X X X X
Sulfuric Acid X X X X
Integrated Processing X X X X X

sulfur processing steps in an industrial plant, such that all
plant product and effluent streams are envirommentally and
economically acceptable (18). Such an approach involves many
sequential decisions, and development of a decision-tree will aid
in making these decisions. The decision~tree approach identifies
major studies which must be performed to provide input for the
process decisions, and provides for the proper sequencing of
these studies (17).

The selection of a sulfur recovery process should mainly be
guided by economics and commercial status. Here are some other
possible guidelines:

Claus Processing of Low-H,S Gases - If the H;S content of
the acid gas is below about 60%, either split-flow, preheat,
preconcentration or sulfur burning must be used for Claus proces-
sing. In a typical split-flow Claus plant (16), two-thirds of
the feed is bypassed around the reaction furnace while the re-
maining one-third is burned with nearly stoichiometric air, thus
raising the flame temperature. This method can be used in con-
junction with preheat to treat acid gases of down to about 10
volume percent H;S. Alternatively, the flame temperature in the
furnace may be increased by preheat (7,16) of either the acid gas
or the air to the furnace or both. Either steam or indirect fuel
firing is often used. Preconcentration of the H,S through
scrubbing with a selective amine could be used to permit use of
a straight-through Claus plant instead of a split-flow process,
with possible rejection of hydrocarbons and impurities picked up
by a physical solvent process in the acid-gas removal step, an
added benefit. With H;S contents of between 5 and 10% in the
acid gas, sulfur burning has been used (7,16). Some of the
product sulfur is recycled and burned in the reaction furnace,
raising the flame temperature to desired levels. Another option
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is available in plants having an oxygen plant (7). Pure oxygen
can be used instead of air for the combustion step, avoiding
dilution of the combustion products with nitrogen.

Impure Feeds - Impure feeds cause Claus and Stretford plant
problems (3,16). The most troublesome impurities are NHj3, HCN,
and hydrocarbons. These can cause catalyst fouling, plugging,
chemical losses, and unstable operations. Remedies include
catalytic conversion of impurities, use of special burners (16),
and the use of different AGR processes to reduce the amounts of
these compounds in acid gases.

Tail Gas Cleanup Process Efficiency - Required process
efficiency depends on applicable emission regulations. Low-
efficiency processes result in up to 99.0-99.5% overall sulfur
recovery when combined with the Claus plant and include the
Sulfreen, SNPA/Haldor-Topsoe, CBA, IFP, and Beavon Mark IT
processes. High-efficiency tail-gas treating processes can
achieve overall sulfur recoveries of 99.8% and above under ideal
conditions. These include the Beavon Mark I, SCOT, Trencor, and
Wellman-Lord processes.

Sulfuric Acid Options - To meet current standards, sulfuric
acid plants must generally be designed as double-contact, double-
absorption plants (6), or they must use a tail-gas scrubbing
step to generate an alternate product, e.g., ammonium sulfate.
Firm markets for alternative products should be carefully investi-
gated and established before a commitment is made to implement
such an alternative.

Integrated Processing - In a large industrial complex, a
number of separate sulfur removal and conversion activities will
be performed. These will include acid-gas removal, flue-gas
cleanup, sourwater stripping, and sulfur recovery. It may be
economically attractive to integrate two or more of these proces-
sing activities. For example, integration of flue gas cleanup
with sulfur recovery involves combining the treating of SO;-
containing boiler flue gas and H;S-containing acid gas in a single
unit. This concept has been applied to refinery processing, and
coal gasification systems as well (17). The overall performance
of an integrated system should be excellent. The treated flue
gas should contain no more than 150-200 ppmv of sulfur, while the
overall recovery of SO, and H,S in the sulfur recovery or acid
plant should be about 99.7%.

Sulfur Dioxide Removal

Sulfur dioxide removal processes can be used to treat flue
gas from industrial boilers, heaters, or other process gases
where sulfur compounds are oxidized. These processes have gener-
ally been proven in utility applications. More recently, several
industrial SO, removal installations have been completed.
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Process Alternatives. Sulfur dioxide removal processes can
be categorized as throwaway or recovery. Throwaway processes
produce a liquid or solid waste that requires disposal. Recovery
processes convert the sulfur dioxide to elemental sulfur or
sulfuric acid. Throwaway processes have been used in most utility
applications, but there could be greater incentives for using the
recovery processes in industry.

Throwaway processes generally remove sulfur dioxide by
absorption into a lime or limestone slurry or a clear solution.
Figures 3-5 show general diagrams for these processes (22,23,24,
25).

The lime and limestone processes, as indicated in Figure 3,
produce a sludge consisting mainly of calcium sulfite and calcium
sulfate by the following reactions (limestone):

S0, + CaCO3 + % H,0 ~ Casoa-% H,0 + CO,

SO, + CaCO; + 2 H,0 + % 0, + CaS0,*2H,0 + CO»

The poor physical and structural properties of this sludge
make utilization impractical and disposal costly (26).

Clear solution processes used are either once through or
regeneration (double alkali). Once-through processes, as shown
in Figure 4, generally use caustic or soda ash in the following
reactions. Ammonia could also be used under special circum-
stances where there is a ready market for ammonium sulfate.

NaOR + SO, - NaHSO,4

NaOH + SO, + %-02 -+ Na,;S0, + H,0
Na,CO3 + SO, =+ NaySO3; + CO;
1
Na,S0; + 3‘02 -+ Na,;SO0,4

Sometimes the solution used is spent byproducts, like
caustic, from nearby process units. Generally, the absorbent is
purchased and the solution is made up on site. Once-through
processes are used when there is a large process wastewater
stream available to dilute the dissolved solids concentration
to an acceptable level.

Regenerable processes, as shown in Figure 5, utilize solu-
tions of sodium sulfite or dilute sulfuric acid (Chiyoda Process)
to absorb the sulfur dioxide by the following reactions:

Nay;S0;3 + SO, + H,O0 - 2NaHSO;,
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Figure 3. Lime/limestone process
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Figure 4. Clear solution once-through process
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H,0 + SO, > H,S0;
1
H,S03 + E‘Oz -+ HoS0,

The spent solution is regenerated by mixing it with lime or
limestone where the following reactions occur:

NaHSO; + Ca(OH), - NapSO; + Casoa-% H20 + % H,0

Na,S03 + Ca(OH), + % H,0 - 2NaOH + 2Casos'% H,0

HS804 + CaCO3 - CaSO4 + H,0 + CO»

The calcium sulfite or sulfate solids are allowed to settle
from the solution. The regenerated solution is returned to the
absorber. The solids are concentrated to around 70%. Because
these solids are not a mixture of the sulfite and sulfate, their
properties are far superior to lime or limestone process sludge
(unless oxidation is used) and disposal should be easier.

Recovery processes generally involve one of the following
three concepts:

o Solution absorption followed by release of the absorbed

S0, (by heat). An example is the Wellman-Lord process
showvn in Figure 6. The concentrated SO, stream is
sent to a separate unit for conversion to sulfuric
acid or elemental sulfur.

o Solution absorption followed by conversion in solution
to elemental sulfur, as in the Citrate process shown
in Figure 7.

o Reaction with a solid acceptor followed by regeneration
to produce a concentrated stream of SO,. This is domne
in the UOP/SFGD process shown in Figure 8. Here the
regeneration step is done chemically using a hydrogen-
containing reducing gas. The concentrated SO, stream
can be sent to a separate unit for conversion into
sulfuric acid or elemental sulfur.

If sulfuric acid is produced, the SO, containing gas does
not require fuel gas or reducing gas, except for providing process
heat. If elemental sulfur is to be produced, it is generally done
by the Claus reaction previously discussed. In that case, two-
thirds of the SO, is catalytically hydrogenated to SO,:

S0, + 3H, > H,S + 2H,0

Hydrogen sulfide could be produced by reacting steam,
methane, and elemental sulfur.
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Figure 5. Clear solution regenerable process (double alkali)
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The generation of the required reducing gas is very expensive
because natural gas or low sulfur oil are used. Both of these
fuels are in short supply and do not offer long-term solutions to
the problem. However, in certain industrial processes, like
petroleum refineries, a reducing gas could be readily available.
Also, if a Claus sulfur recovery plant existed on-site, the con-
centrated SO, stream could be sent to the Claus plant where it
would mix with the H;S containing gas streams. Final adjustment
of the H,S5:80, ratio would be necessary. If the overall sulfur
balance were favorable, the need for a reducing gas could be
avoided. Either of these options could make the use of a
recovery process economically attractive for industrial
applications.

Process Selection. The following guidelines are appropriate
to the selection of an SO, removal process.

Absorbent availability could have significant impact upon
process costs. Most spent alkali streams could be used depending
on the other impurities present. Corrosion or precipitation
tests should be considered for these cases. Any other readily
available alkali, like sodium carbonate or sodium hychloride,
should be considered. Slurry solutions of lime or limestone
should be avoided because of past operating problems.

Land availability could dictate the choice between throw-
away and recovery processes. A considerable quantity of land is
required for disposal of waste solids.

Other process wastewater streams would provide the needed
dilution for a once-through clear solution process. The total
dissolved solids content of the combined waste should be deter-
mined to ensure that all discharge requirements can be met.

The availability of a reducing gas (or light hydrocarbons
for its production) could make the recovery processes that produce
elemental sulfur economically attractive. The impacts of utili-
zing this gas on the overall plant energy balance should be con-
sidered in the economic evaluation.

The presence of other sulfur recovery facilities that could
be integrated with the SO, removal protess should be considered.
If there is an existing Claus process nearby, the SO, rich gas
could be combined with the H;S feed. 1If the ratio of H.S to SO
is about 2:1, a minor adjustment could be made and the gas sent
to the catalytic reactor.

The reheat of the clean flue gas can consume a significant
quantity of energy. This energy must be supplied by steam or a
low sulfur fuel (28). The wet scrubbing processes cool the flue
gas to around 120°F when treating it. However, some processes
like the UOP/SFGD can remove the SO, at elevated temperatures.
These processes not only save reheat energy, but allow for
additional cooling below the dewpoint without fear of sulfuric
acid corrosion.
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Process Installations. Because of past operating problems
with utility SO, removal processes, information on the type and
number of industrial SO, removal process installations is of
interest here. As of April 1979, 36 industrial SO; removal
processes were in operation and an additional 21 installations
were in some stage of planning, design, or construction. These
57 installations represent a total of around 8.5 million SCFM
capacity with 163 systems operating on 305 different boilers.
Table IV summarizes the parameters of interest for the operating
SO, removal processes (23).

Where most utility installations are the lime or limestone
processes, it can be seen from Table IV that a very small
percentage of industrial installations are of this type. Most
of these installations are the once-through sodium carbonate,
sodium hydroxide, and double alkali processes. Where the utility
installations have been plagued with corrosion, erosion, scaling

and fouling problems, the industrial installations, have to date
performed much better. A number of systems showed a process

reliability of greater than 85%.

Wastewater Treatment

The successful design of an industrial wastewater treatment
system is a complex decision and often integrated into site and
process specific considerations. The quantity of wastewater can
be established from an overall water balance. The quality is
determined from the process design. The wastewater treatment
unit operations will vary as a function of discharge requirements,
reuse considerations, and economic reviews.

Typical Processing Steps. The range of treatment processes
is also quite variable. A generalized flowsheet of the unit
operations that represents the state-of-the-art in the treatment
of industrial wastewater from the petroleum/petrochemical industry
is shown in Figure 9 (29,32). The unit operations included in
this system are as follows:

o Immiscible Liquids and Solids Separation (33,35)
o Wastewater Stripping (32,29)

o Equalization and Neutralization (29,35)

o Biological Treatment (29,30,35)

o Powdered Activated Carbon Treatment (29,31,33,34)

The separation of immiscible liquids and solids is performed
by gravity separation in API Separators (or equivalent) or even
the wastewater stripper feed drum. The purpose is to remove as
much of the nondissolved organics from the wastewater as possible
prior to biological treatment. Settleable solids are also
removed by air flotation after stripping to further reduce the
load on the biological treatment unit.

The wastewater is stripped to remove dissolved gases, like
H»S, NH3, and CO,. Over 90% of the H,S and NH; present must be
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Table IV. Sulfur Dioxide Process Installations

50,
Process

Ammonia
Scrubbing

Caustic
Scrubbing

Caustic
Waste
Stream

Citrate
Process

Double
Alkali

Double
Alkali

Double
Alkali
{Concen-
trated)

Double
Alkali
{Dilute}

Dry Lime
Scrubbing

Lime
Scrubbing

Limestone
Scrubbing

Process
Not Yet
Selected

Sodium
Carbonate
Scrubbing
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Inland Container Corp.
New Johnsville, TN

Minn-Dak Farmer's Co-op
Wahpeton, N.D.

Nekaasz Papers, Inc.
Ashdown, AR

Canton Textiles
Canton, GA

Georgia-Pacific Paper Co.
Crossett, AR

Great Southern Paper Co.
Cedar Springs, GA

St. Joe Zinc Co.
Monaca, PA

C.A.M.(Carbide-Amoco-
Monsanto
Houston, TX

bupont, Inc.
Athens, GA

Arco/Polymers, Inc.
Monaca, PA

Caterpillar Tractor Co.
E. Peoria, IL

Caterpillar Tractor Co.
Mapleton, IL

Caterpillar Tractor Co.
Massville, IL

Firestone Tire & Rubber
Pottstown, PA

Gressom AFB
Runder ¥i1l, IN

Santa Fe Energy Corp.
Bakersfield, CA

Caterpillar Tractor Co.
Joliet, IL

Caterpillar Tractor Co.
Morton, IL

General Motors Corp.
Parma, OH

Celanese Corp.
Cumberland, MD

Stratmore Paper Co.
Waronoco, MA

Carborendum Abrasives
Buffalo, N.Y.

Inc.
Louis, IL

Pfizer,
E. St.

Richenbacker AFB
Columbus, OH

Shell 0il Co.
Bakersfield, CA

Shell 0il Co.
Taft, CA

Chevron U.S.A., Inc.
Bakersfield, CA

Chevron U.S.A., Inc.
Bakersfield, CA

Process Vendor

Fuel Type/
w %/Sulfur

Neptune Airpol, Inc.

Koch Engineering

Neptune Airpel, Inc.

FMC Environmental
Equipment

Neptune Airpol,Inc.

Neptune Airpol, Inc.

Bureau of Mines

Not yet selected

Not yet selected

FMC Environmental
Equipment

FMC Environmental
Equipment

FMC Environmental
Equipment

FMC Environmental
Equipment

FMC Cnvironzental
Equipment

Neptune Airpol, Inc.

FMC Environmental
Equipment

Zurn Industries

Zurn Industries

G.M. Environmental

Wheelabator Ferge
Rockwell Industries

Mikropech Corp.

Carborundum Envir. Sys.

LTD

In-House Design
Research-Cottrell/
Bakco

Not Yet Selected

Not Yetr Selected

Koch Eng.

Koch Eng.

Wood/Spent Liquor
<3.0% Sulfur

Lignite
1.%Z Sulfur

Coal
1%-1.5% Sulfur

Coal
0.8% Sulfur

Bark/Coal/0il
1.5%-2.0% Sulfur

Bark/Coal/0O1l
1.0%-2.0%Z Sulfur

Coal
2.5%-4.5% Sulfur

Not yet selected

Coal
1.5% Sulfur

Coal
3.0% Sulfur

Coal
3.2% Sulfur

Coal
3.2% Sulfur

Coal
3.2% Sulfur

Coal
2.5-3.0% Sulfur

Coal
3.0%-3.5% Sulfur

0il
1.5% Sulfur
Coal
3.2% Sulfur

Coal
3.2% Sulfur

Coal

1.2% Sulfur

Coal

1.0-2.0% Sulfur
Coal/0il
0.75-3.0% Sulfur

Coal
2.2% Sulfur

Coal
3.5% Sulfur

Coal
3.6% Sulfur
0il
1.1% Sulfur

011
1.1% Sulfur

0il
1.1% Sulfur

0i1
1.1% Sulfur
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Fluegas Startup Cost
Rate,SCFM Date Status Capital Operating
154,000 5/79 Construction $350,000 -
164,000 6/77 Operational $300,000 -
211,500 2776 Operational $250,900 $207,000
25,000 6/74 Operational $138,000 $34,000
220,000 7/75 Operational $275,000 -
420,000 6/75 Operational $1,800,000 -
142,000 4/79 Construction $12,700,000 -
1,200,000 6/84 Planned -
Considering
S0, Control
2
280,000 12/85 Planned - - -
Considering
S0 Control
305,000 6/80 Construction $11,600,000 $2,400,000
210,000 4/78 Operational - -
131,000 3/79 Operational - -
140,000 10/75 Operational - -
3,070 1/75 Operational $163,000 5 60,000
(13,000)
32,000 11/79 Construction $1,610,000 -
70,000 5/719 Construction  $1,500,000 -
67,000 9/74 Operational - -
38,000 1/78 Operational - -
92,000 6/75 Operational $3,200,000 $644,000
50,700 12/79 Planned - - -
Contract Awarded
22,000 5/79 Construction  $1,400,000 $162,000
30,000 6/80 Planned - -
Contract Award
40,000 9/78 Operational $1,800,000 $500,000
55,000 3/76 Operational $2,200,000 $207,000
99,000 N/A Planned - -
Consideration

S$07 Control

25,000 N/A Planned - -
Consideration
50 Control

248,000 7/78 Operational $2,800,000 $920,000

146,000 7/79 Construction - -
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Table 1V. Continued

$0,
Process

Sodium
Carbonate
Scrubbing
(Contd.)

Sodium
Hydroxide
Scrubbing

Sulf-X
Score
Process

Location

FMC (Soda Ash Plant)
Green River, WY

Getty 0il Co.
Bakersfield, CA

Getty 01l Co.
Bakersfield, CA

Kerr-McGee Chem. Corp.
Trona, CA

Mead Paperboard Co.
Stevenson, AL

Mobil 0il Col
Buttonwillow, CA

Phillip Morris, Inc.
Chesterfield, VA

Reichhold Chemicals,Inc.

Pensacola, FL

Tenneco 0il Co.
Green River, WY

Texaco, Inc.
San Ardo, CA

TexasGulf
Granger, WY

Alyeska Pipeline So.Co.
Valdez, AK

Belridge 0il Co.
McKittrick, CA

Belridge 0il Co.
McKittrick, CA

Double Barrel 0il Co.
Bakersfield, CA

General Motors Corp.
St. Louis, MO

Gencral Motors Corp.
Dayton, OH

General Motors Corp.
Tonowande, NY

General Motors Corp.
Pontiac, MI

Getty 0il Co.
Orcutt, CA

ITT Rayonier, Inc.
Fernandina Beach, FL

Mobil 0il Co.
San Ardo, CA

Northern Ohio Sugar Co.
Fremont, OH

Sun Production Co.
Fellows, CA

Sun Production Co.
Oildak, CA

Texaco, Inc.
San Ardo, CA

Western Correctional
Inst.
Pittsburgh, PA

Process Vendor

FMC Environmental
Equipment

FMC Environmental
Equipment

In-House Design

Combustion Equip.
Assoc.

Neptune Airpol, Inc.

Heater Technology

Flaht, Inc.

Neptune Airpol, Inc.

Vendor Not Selected

Duncan Co.

Swenco, Inc.

FMC Environmental

Equipment

C-E Natco

Thermatics, Inc.

C-E Natco

A. D, Little

Enteleter, Inc.

FMC Environmental
Equipment

G.M. Environmental

In-House Design

Neptune Airpol, Inc.

In-House Design

Great Western Sugar

C-E Natco

C-E Natco

Ceilcote

Pittsburgh Env. &
Engrg. Systems

Fuel Type/
w %/Sulfur

Coal

1% Sulfur
0il

1.1% Sulfur

0il
Coke/Coal/0il
0.5-5. ' Sulfur
0il

1.5-3% Sulfur
0il
1.1% Sulfur

Coal
1.4% Sulfur Design

Wood and 0il
2% Sulfur

Coal
1.5% Sulfur (maximum)

0il

1.7% Sulfur

Coal

0.75% Sulfur

0il

0.03-0.1% Sulfur

Crude Ui

1.1% Suifur

Crude 0il
1.1% Su’fur
0il

1.1% Su .fur

Coal
3.27 sulfur

Coal
0.7-2.04 Sulfur

Coal
1.2% Suifur

Coal

0.84% Sulfur
0il

4.0% Sulfur
Bark, 0il
2.0-2.5% Sulfur
0il

2.0-2.25% Sulfur
Coal

1% Sulfur

0il

1.4% Sulfur

0il
1.27% Sulfur

01l
1.7% Sulfur

Coal
3.5% Sulfur
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Fluegas Startup
Rate, SCFM Date Status
446,000 5/76 Operational
72,000 6/77 Operational
891,000 12/78 Operational
490,000 6/78 Operational
100,000 6/75 Operational
80,500 4/79 Construction
39,000 6/79 Construction
80,000 6/75 Operational
140,000 1/82 Planned-
Requesting/
Evaluating Bids
99,000 3/79 Construction
140,000 9/76 Operational
50,000 6/77
12,000 1/7¢ COperational
12,000 7/78 Operational
12,000 6/78 Operational
64,000 6/72  Operational
36,000 9774 Operational
92,000 6/75 Operational
107,300 4/76 Operational
5,000 6/77 Operational
176,000 6/75 Operational
175,000 6/74 Operational
40,000 10/75 Operational
6,000 5/79 Construction
6,000 4/79 Construction
347,000 11/73 Operational
10,000 1/80 Planned-
Contract
Awarded
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Industrial Waste Treatment Processes

Cost
Capital Operating
$10,000,000 _
$400,000
$5,400,000 $5,220,000
$6,000,000 -
$173,000 $840,000
$500,000 -
$270,000 -
$250,000 -
$106,00C $79,000
$172,000 $60,500
$773,000 $172,000
3668,000 -
$2,200,000 -
$600,000 -
$500,000 -
$2,900,000 $1,290,000
$100,000 $35,000
$100,000 $35,000
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AMMONIA AND SULFUR
RECOVERY UNITS

o

IMMISCIBLE EQUALIZATION IMMISCIBLE LIGUIDS |
e %] LIQUIDS & SoLIDS L—» WASTEWATER | e AD AND SOLIDS ;
SEPARATION UNIT |

STRIPPING UNIT NEUTRALIZATION SEPARATION UNIT-DAF- rl

ACTIVATED CARBON

PAC
‘ COOLING TOWER
MAKE-UP
BIOLOGICAL TREATMENT SUSPENDED SOLIDS NoTE 2 EFFLUENT
T | pawei SEPARATION UNIT - DISCHARGE
ACTIVATED SLUDGE -CLARIFIER-
RAW WATER
MAKE-UP
RECYCLE L—.' NeTe 2
SOLIDS/RE"OVAL
CARBON REGENERATION

Notes: 1. UriLizaTioN oF UNIT OPERATIONS IS DEPENDENT UPON INFLUENT CHARACTERIZATION.
2. FURTHER TREATMENT MAY BE NECESSARY FOR DISSOLVED SOLIDS REMOVAL.

Figure 9. General water treating schematic flowsheet
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removed in order to produce an acceptable effluent without the
need for added process units for biological nitrification and
denitrification. With increasingly strict wastewater discharge
standards, much more attention is required in sour water strip-
ping. In the past the feed was heated to a stripper bottom
temperature of around 200-250°F and around 1.0 to 2.0 pounds of
steam were added per gallon of feed. Around 99% of the H,S and
90 to 95% of the ammonia was removed. These removals, and
better, can be achieved if there are few electrolytes other than
NH; and H,S present in the water. If other electrolytes are
present, like COz, HCN, organic acids, they can chemically fix
more of the NH3 and greatly reduce stripping efficiency. This
requires adding caustic to allow release of the NH;. Also, acid
could be added to displace any H,S that is similarly fixed.

Wastewater equalization is necessary to reduce biological
system upsets from large variations of influent compositions or
other physical parameters such as temperature. Equalization is
accomplished by providing sufficient residence time and often
mixing energy. Neutralization is often necessary to protect both
the treatment system biological activity as well as the materials
of construction. Accidental spills of significant impact upon
wastewater pH occur relatively frequently in the hydrocarbon
industry.

Biological treatment of industrial wastewater is a proven
means of removing soluble, biodegradable organic contaminants
from the process effluent. Depending upon the type of components
and concentration, physical-chemical treatment processes may
also be considered. The design details of these systems are
beyond the survey scope of this document but include such steps
as adsorption, extraction, evaporation, ion exchange or membranes
unit operations in order to recover or concentrate the organic
constituents for further processing.

For this review, the complete mix activated sludge (CMAS)
process i1s presented as the representative biological treatment
process. To design a CMAS system, the wastewater influent charac-
teristics, the biological reactor kinetics, and desired effluent
quality need to be determined. The influent composition and flow
are a function of the industrial process and can be determined
from the designer's energy and material balances for a new plant
or stream sampling for an existing facility. The biological
reactor growth kinetics are determined from bench-scale tests
which can be conducted by trained engineers. Effluent quality
is set by regulatory requirements on the specific industrial
process and possibly amended by site specific permit limitations
as mandated by the Federal Clean Water Act and state or regional
discharge prohibitions.

An overall treatment concept using the above unit operations
is shown in Figure 9. This flow sketch presents some of the
process considerations which may be required in industrial waste-
water treatment design. The biological reactor is the key to
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effective organic removals, This figure depicts a one-stage
process to treat the wastewater. The concept of staged biological
systems using either trickling filters, anaerobic and/or aerobic
treatment or combinations of the above for high strength indus-
trial wastes can both enhance organic removals and prove cost
effective.

If a significant portion of the organics present are found
to be not biologically degradable, then further treatment with
activated carbon may be required. Treatment with powdered
activated carbon (PAC) has recently been shown to be an accepted
means of removing refractory organic constituents from refinery
wastewater. PAC is introduced into the activated sludge basin
with the biological floc where intimate contact with the waste-
water results and organics are adsorbed by the carbon. The
carbon, along with the biological solids, is separated from the
wastewater in the clarifier and recycled back to the aeration
basin.

The waste from this treatment scheme should be suitable for
discharge or reuse with a possible need for removal of inorganic
dissolved solids if a "zero discharge" system is used.

Process Selection. The selection of the final wastewater
treatment system depends on a number of variables. Some of the
more significant items are summarized as follows.

The discharge or reuse of the treated water will dictate the
final treatment scheme. If the water is to be reused, treatment
requirements could be more strict than discharge standards. This
is especially true for refractory organics and potentially cor-
rosive dissolved inorganics.

The type and concentration of dissolved compounds can affect
the performance of the wastewater stripper and, as previously
discussed, could necessitate the need for caustic or acid
injection.

The biodegradability of the organics is important in that it
determines if activated carbon is required for removal of refrac-
tory organics. Also, materials could be present that would
reduce the activity of the biological floc.

Land availability for the wastewater treatment system should
be determined. There are a number of tradeoffs that can be made
in the biological processing step and biological solids disposal
to reduce land requirements.
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Phase Equilibria in Aqueous Electrolyte
Solutions

A. E. MATHER! and R. D. DESHMUKH

University of Alberta, Edmonton, Alberta, Canada

Many of the undesirable substances present in
gaseous or liquid streams form volatile weak electro-
lytes in aqueous solution. These compounds include
ammonia, hydrogen sulfide, carbon dioxide and sulfur
dioxide. The design and analysis of separation
processes involving aqueous solutions of these materials
require accurate representation of the phase equilibria
between the solution and the vapor phase. Relatively
few studies of these types of systems have been
published concerning solutions of weak electrolytes.
This paper will review the methods that have been
used for such solutions and, as an example, consider
the alkanolamine solutions used for the removal of
the acid gases (H,S5 and CO,) from gas streams.

In general, the formulation of the problem of
vapor-liquid equilibria in these systems is not
difficult. One has the mass balances, dissociation
equilibria in the solution, the equation of electro-
neutrality and the expressions for the vapor-liquid
equilibrium of each molecular species (equality of
activities). The result is a system of non-linear
equations which must be solved. The main thermodynamic
problem is the relation of the activities of the
species to be measurable properties, such as pressure
and composition. In order to do this a model is needed
and the parameters in the model are usually obtained
from experimental data on the mixtures involved. Cal-
culations of this type are well-known in geological
systems (1) where the vapor-liquid equilibria are
usually neglected.

Solutions of Weak Electrolytes Van Krevelen et
al. (2) measured the vapor pressures of aqueous
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solutions of NH3+CO,, NH3+H,S and the ternary mixture
NH3+CO,+H,S, at temperatureS between 20 © and 60 ©C.
The experimental data were obtained in NH3-rich solu-
tions and did not extend to the dilute region of
interest in pollution control. In their theoretical
work, Van Krevelen et al. used pseudo-equilibrium
constants, defined as follows:

YH,s YnH

m_.- +
s~ "NH
K' =K 2 3= 4 (1)

Y I §
us™ wrt|  THpS My

From their experimental data, values of K' for the
various equilibria were obtained. In some cases the
values were almost constant at a given temperature,
while in other cases log K' was found to be a linear
function of the ionic strength:

_ 1 2
I=5 zz:zi my (2)
i

In their model Van Krevelen et al. neglected the second
ionization of H,S and the concentration of OH™ and Ht
ions. While this method was able to reproduce the ex-
perimental data, the model does not lend itself to ex-
trapolation to regions where data were not obtained and
it is not useful for dilute solutions as the accuracy
of the predictions is poor.

van Krevelen et al. used molarity instead of
molality as the measure of their concentrations. The
use of molality here does not alter the essential
features of the method.

Dankwerts and McNeil (3) have employed the method
of Van Krevelen et al. to predict the partial pressure
of carbon dioxide over carbonated alkanolamine solu-
tions. The central feature of this model is the use of
pseudo-equilibrium constants and their dependence on
ionic strength. The ratio of the pseudo-equilibrium
constant at a certain ionic strength to that at zero
ionic strength has been termed the "ionic characteri-
zation factor". However, ionic strength alone is in-
sufficient to determine the ionic characterization
factors. As well the ionic characterization factors
are sometimes not a simple linear function of ionic
strength.

Lemkowitz et al. (4) used a similar model to that
proposed by Van Krevelen et al. They correlated the
equilibria in the CO2+NH3+Urea+H,0 system. The pseudo-
equilibrium constant for urea formation, as well as
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the vapor pressure of NH3 and the Henry's constant for
CO, were treated as parameters and were determined by
using the model to predict bubble point pressures.

Kent and Eisenberg (5) also correlated solubility
data in the system H,S+COj+alkanolamines+H;0 using
pseudo-equilibrium constants based on molarity. In-
stead of using ionic characterization factors, they
accepted published values of all but two pseudo-
equilibrium constants and found these by fitting data
for MEA and DEA solutions. They were able to obtain
excellent fits by this approach and also discovered
that the fitted pseudo-equilibrium constants showed
an Arrhenius dependence on temperature.

This procedure of lumping all non-idealities into
a few adjustable parameters is unsatisfactory for
many reasons. Thermodynamic rigor is lost if experi-
mentally determined dissociation constants or vapor
pressures are disregarded. Also the parameters
determined in this way are accurate only over the
range of variables fitted and usually the model cannot
be used for extrapolation to other conditions. The
attractive feature of these models in the past was
their need for little input information and the simple
equations could often be solved algebraically.

The first rigorous method for weak electrolyte
solutions was that of Edwards et al. (5). Because
comparisons with the models of other workers will be
made, the thermodynamic framework will be outlined
and the assumptions that were made stated. For a
single solute which dissociates only in the aqueous
solution, the model is based on four principles:

1. Mass balance on the electrolyte in the

liquid phase.

2. The ratio of the molecular to the ionic
concentrations of the electrolyte is deter-
mined by the dissociation constant K. The
activity is related to the molality through
the activity coefficient IFE

a; = vyl (3)

where vy, » 1 as E:m- + 0. The subscript j
refers to all solutg species.
3. Bulk electroneutrality of the liquid phase.
4. For the molecular solute, equilibrium between
the vapor phase and the liquid phase is given
by:

¢ayaP = y mH (4)
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For the solvent, water, the vapor-liquid
equilibrium is given _by:

[VW‘P'PS’

. Yy.P = a Ps¢s exp (5)

wowW ww'w RT
Edwards et al. (6) made the assumption that ¢_ was
equal to ¢ ure a at the same pressure and temperatare.
Further thgy uséd the virial equation, truncated after
the second term to estimate ¢, yre - These assumptions
are satisfactory when the totgl pressure is low or
when the mole fraction of the solute in the vapor
phase is near unity. For the water, the assumption was
made that bi? ¢S, a,, and the exponential term were
unity. These assumptions are valid when the solution
consists mostly of water and the total pressure is
low. The activity coefficient of the electrolyte was
calculated using the extended Debye-Hlickel theory:

2
=A z| I
1n Yi = ——(L—}-:— + 2 Bik l'ﬂ.k (6)
1T+ /1 k;w

In applying this equation to multi-solute systems,
the ionic concentrations are of sufficient magnitude
that molecule-ion and ion-ion interactions must be
considered. Edwards et al. (6) used a method proposed
by Bromley (7) for the estimation of the B parameters.
The model was found to be useful for the calculation
of multi-solute equilibria in the NH,+H,5+H;0 and
NH3+CO,+H,0 systems. However, because of the
assumptions regarding the activity of the water and
the use of only two-body interaction parameters, the
model is suitable only up to molecular concentrations
of about 2 molal. As well the temperature was
restricted to the range 0° to 100 ©C because of the
equations used for the Henry's constants and the
dissociation constants. In a later study, Edwards et
al. (8) extended the correlation to higher concen-
trations (up to 10 - 20 molal) and higher tempera-
tures (0° to 170 ©C). In this work the activity
coefficients of the electrolytes were calculated from
an expression due to Pitzer (9):

2

1n y, = -A z° [‘/I— 2 In(141.2 /T)

+
1 [l RES DIV W
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2
A Z Z m, nvj(s;]l)[b(wg/ﬂznexp(—g/f)] (7)

i & i

The activity of the water is derived from this ex-
pression by use of the Gibbs-Duhem equation. To utilize
t?i§ equation, the interaction parameters Blo and
311 must be estimated for moleculemolecule, %olecule—
ion and ion-ion interactions. Again the method of
Bromley was used for this purpose. Fugacity coefficients
for the vapor phase were determined by the method of
Nakamura et al. (10).

About the same time Beutier and Renon (11) also
proposed a similar model for the representation of the
equilibria in aqueous solutions of weak electrolytes.
The vapor was assumed to be an ideal gas and ¢, was
set equal to unity. Pitzer's method was used for the
estimation of the activity coefficients, but, in
contrast to Edwards et al. (8), two ternary parameters
in the activity coefficient expression were employed.
These were obtained from data on the two-solute systems
It was found that the equilibria in the systems NH3+
HyS+H50, NH3+CO,+H0 and NH3+S0,+H,0 could be re-
presented very well up to high concentrations of the
ionic species. However, the model was unreliable at
high concentrations of undissociated ammonia. Edwards
et al. (12) have recently proposed a new expression
for the representation of the activity coefficients
in the NH3+H,0 system, over the complete concentration
range from pure water to pure NH;. It appears that
this area will assume increasing importance and that
one must be able to represent activity coefficients
in the region of high concentrations of molecular
species as well as in dilute solutions. Cruz and
Renon (13) have proposed an expression which combines
the equations for electrolytes with the non-random
two-liquid (NRTL) model for non-electrolytes in order
to represent the complete composition range. In a
later publication, Cruz and Renon (14), this model was
applied to the acetic acid-water system.

Application to Alkanolamine Solutions Aqueous
alkanolamine solutions are widely used for the removal
of H,S and CO, from gaseous streams, because they can
reduce the concentration of HyS and CO, to low levels,
even if the gas stream is at a low total pressure. The
most commonly used alkanolamines are monethanolamine
(MEA) and diethanolamine. However, diisopropanolamine
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(DIPA) and methyldiethanolamine (MDEA) have also been
employed. Earlier, Atwood et al. (15) proposed a
thermodynamic model for the equilibria in HyS+alkanol-
amine+H,O systems. The central feature of this model
is the use of mean ionic activity coefficient. The
activity coefficients of all ionic species are assumed
to be equal and to be a function only of ionic
strengths. Klyamer and Kolesnikova (16) utilized this
model for correlation of equilibria in COj+alkanol-
amine+H,0 systems and Klyamer et al. (17) extended
it to the H,S+COp+alkanolamine+H,0 system. The model
is restricted to low pressures aS the fugacity co-
efficients are assumed unity and it has been found
that the predictions are inaccurate in the four-
component system since the activity coefficients
are not equal when a number of different cations and
anions are present.

Deshmukh and Mather (18) have recently presented
a model for the equilibria in alkanolamine solutions
using the ideas of Edwards et al. (6) for calculation
of the activity coefficients. Here only the salient
features of this model will be presented. The main
reactions occuring in the C02+st+alkanolamine+H20
system are as follows:
Ionization of water

H0 = ut + on” (8)

Dissociation of hydrogen sulfide

H,S = gt + us” (9)

Dissociation of carbon dioxide
+ -

H,0 + CO, = H' + HCO,4 (10)
Dissociation of alkanolamine

H,0 + RR'NH = RR'NH, + OH (11)
Formation of carbamate

RR'NH+CO, = RR'NCOO +H (12)
Dissociation of bisulfide ion

HS” = H' + S (13)
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Dissociation of bicarbonate ion

- _ + =
Hco3 = H + co3 (14)

In these equations RR'NH is the chemical formular
of the alkanoclamine. Tertiary amines, such as tri-
ethanolamine, lack the extra hydrogen atom and do not
form carbamates. The chemical reactions are accompanied
by the vapor-liquid equilibria of the volatile species:
CO,, HyS and H,O. Under the conditions of interest,
the vapor pressures of the amines are very small and it
can be assumed that the amine is present only in the
liquid phase.

The equilibrium relations can be written as
follows:

Kw =Yg+ You- M+ mOH- / aw (15)
Kic = Yy+ Ygs~ Mg+ Tyg- / YH,S MH,,S (16)
®1y T Yot Yucoy Mm+ MHco] / Yco, Mco, w an
Ky = YRR'NH’z‘ YoH~ mRR'NHE Moy~ /
YRR'NH MRR'NH %w (18)
Ky = Yg* YRr'Ncoo~ ™u* MRR'NCOO™ /
YRR 'NH Yco2 TRR'NH mco2 (19)
Koy = YH* YcoT Mut Mcos / Yacos ™Mucoj (21
3 3 3 3
6 Y. P=H._ y. m (22)
co, Yco, co, 'co, "co,
¢ y P =H Y m (23)
H,S YH,S HyS TH,S TH,S
s .s vw(P_vaJ)-I
dP‘IJ yw P = aw PW ¢‘I’l exp RT J (24)

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



56 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

Values of the dissociation constants and Henry's
constants were determined from the literature. The
fugacity coefficients, ¢;, were calculated using the
Peng-Robinson (19) equation of state. The activity of
the solvent, water, was set equal to its mole fraction.
Also the fugacity coefficient of water at its vapor
pressure, ¢3 and the Poynting correction were assumed
to be unity. The model is hence restricted to relative-
ly dilute solutions, but this restriction can be re-
moved by determining the expression for ay using the
Gibbs-Duhem equation, as shown by Edwards et al. (8).
The activity coefficients of the solute species have
been determined from the extended Debye-Hiickel ex-
pression given by Guggenheim (20), Equation (6). This
equation was used by Edwards et al. (6). The major
problem in applying it to alkanolamine solutions is
the estimation of the B8's since the procedure of
Bromley cannot be used as the input parameters - the
ionic entropies or salting-out parameters have not
been determined for ethanolammonium or carbamate ions.

The following balance equations for the reacting
species can be formed

Electroneutrality
Mg+ + "rr'NES T ToH™ * Mus= ¥ Mucog

+ Mprincoo~ 2 Mg=

+ 2 mCO§ (25)
Mass balances
My = Mppeyg * "RR'NH} + MpR'NCOO™ (26)
™ ®co, = ™co, + THCO3 * Teos + MprtNCOO™ (27)
m, ast = mst + M- + Mg= (28)

Here acg., and ay,g are the mole ratios in the
liquid phase %carbon %o nitrogen and sulfur to nitrogen)
and are the experimentally measured concentrations.

The mathematical problem is to solve Equations
(15) to (28). Twelve species exist: H,S, COp, RR'NH,
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- = - - + - -
HS , S, HCOE, CO3, RR'NH,, RR'NCOO , H+, OH and
er %y

H,O. Hence t e are twenty-three unknowns (m; and

v; for all species except water plus x.,). To solve for
tﬁe unknowns there are twenty-three ingependent
equations: Seven chemical equilibria, three mass balan-
ces, electroneutrality, the use of Equation (6) for the
eleven activity coefficients and the phase equilibrium
for x,. The problem is one of solving a system of non-
linear algebraic equations. Brown's method (21, 22) was
used for this purpose. It is an efficient procedure,
based on a partial pivoting technique, and is analo-
gous to Gaussian elimination in linear systems of
equations.

The application of this model to alkanolamine
solutions is not possible directly since the specific
interaction parameters (B8's) for alkanolammonium ions
and carbamate ions are not available. Also the disso-
ciation constant for the simplest amines (MEA, DEA,
TEA) is known only over the range of temperatures
between 0° and 50 ©C and the equilibrium constant for
carbamate formation is known only at 18 ©°C for MEA
and DEA.

In monoethanolamine solutions the unknown inter-
action parameters and equilibrium constants were
determined by fitting the model to data for the three
component systems CO,+MEA+H,0 and H,S+MEA+H;0. The
agreement of the fitted model with %he data was found
to be good. The parameters obtained in this way were
then used to predict the partial pressures of mixtures
of H,S and CO, over aqueous MEA solutions. The pre-
dictIiIons were in good agreement with experimental data,
except at the higher partial pressures.

This procedure could not be employed for diisopro-
panolamine (DIPA) solutions since data were available
only for one amine concentration at two temperatures.
In this case data for mixtures of H,S+CO,+DIPA+H,0
were used together with the data for st+DIPA+H28 and
CO,+DIPA+H,0 to obtain the interaction parameters and
equilibrium constants. The results are shown in
Figures 1 and 2 to be in good agreement with the ex-
perimental data (23). In this case, however, in con-
trast to the case of MEA, the predictions use para-
meters evaluated from data for the four component
system.

Conclusions The correlation of vapor-liquid
equilibria in aqueous solutions of weak electrolytes
is important for the separation of undesirable
components from gases and liquids. The major problem
in such correlations is the estimation of the activity

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



58 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

100604 s+ !+ I & 1 &« 1 a1 0@ 4

M. 19004

U 400

LT e T ST SRR A
0.00 Q.20 0.40 0.60 0.8C 1.00 1.20 1-40

MOLE RATIO IN LIQUID, H2S/DIPA

Figure 1. Effect of CO; on the solubility of H,S in 2.5N DIPA solutions at 100°C
(( ) experimental (23); (— — —) predicted)

10000 -+ . 1 B 1 B t ' 1 f b

PA

1004

SSURE,

PRE

C02 PARTIALC

o
L
B e T e

I T o Sl .
0.00 0120 UT.AU 0.60 0.90 1.00

MOLE RATIO IN LIQUID, CO2/DIPA

Figure 2. Effect of H,S on the solubility of CO; in 2.5N DIPA solutions at 100°C
(¢ ) experimental (23); (- — —) predicted

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



3. MATHER AND DESHMUKH Phase Equilibria 59

coefficients of the ionic species and although a
number of models have been proposed, the determination
of the parameters in a new case is not a simple matter
As well dissociation constants and Henry's constants
for a species must be available over the temperature
range of interest. Both these problems occur in the
application of the fundamental thermodynamics to
alkanolamine solutions containing H;S and CO,. However,
by using limited experimental data, the parameters in
the model may be obtained and the representation of
the equilibria is good over the range of importance

in industrial processes.

Nomenclature
a = activity
Ay = Debye-Hlickel parameter
H = Henry's constant for molecular solute
I = 1ionic strength = 0.5 Z:miz§
K = equilibrium constant
m = molality, mole kg~
P = pressure, Pa -1 -1
R = gas constant, J mol K
T = temperature, K 3 -1
v = partial molar volume, cm”™ mol
y = vapor phase mole fraction
zg = ionic charge on species i

Greek letters
= mole ratio in the liquid phase,
mole/mole amine -1
g, slo), g(1) interaction parameters, kg mol
é = vapor phase fugacity coefficient

[*3

Superscripts
saturation
pseudo-equilibrium constant

Subscripts

a = molecular species

A = carbamate equilibria, amine

i, 3, k = gpecies or component, amine
equilibria

w = water

1c, 2c = carbonic acid equilibria

1y, 2y = hydrogen sulfide equilibria
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Two New Activity Coefficient Models for the
Vapor-Liquid Equilibrium of Electrolyte Systems

CHAU-CHYUN CHEN, HERBERT I. BRITT, JOSEPH F. BOSTON,
and LAWRENCE B. EVANS

Department of Chemical Engineering and Energy Laboratory,
Massachusetts Institute of Technology, Cambridge, MA 02139

The use of modern process simulators for the analysis and
design of processes involving electrolytes has been greatly
limited by the lack of adequate correlations for electrolyte
thermodynamics. For most systems of industrial importance,
empirical correlations are applicable only to one particular
system, over a limited range of conditions. The empirical
correlations do not provide a framework for treating new
systems or for extending the range of existing data, because
the nonidealities have not been accounted for in a general and
consistent manner.

As in the nonelectrolyte case, the problem of representing
the thermodynamic properties of electrolyte solutions is best
regarded as that of finding a suitable expression for the
non-ideal part of the chemical potential, or the excess Gibbs
energy, as a function of composition, temperature, dielectric
constant and any other relevant variables.

Recently, there have been a number of significant
developments in the modeling of electrolyte systems. Bromley
(1), Meissner and Tester (2), Meissner and Kusik (3), Pitzer
and co-workers (4,5,6), and Cruz and Renon (7), presented
models for calculating the mean ionic activity coefficients of
many types of aqueous electrolytes. In addition, Edwards, et
al. (8) proposed a thermodynamic framework to calculate
equilibrium vapor-liquid compositions for aqueous solutions of
one or more volatile weak electrolytes which involved activity
coefficients of ionic species. Most recently, Beutier and
Renon (9) and Edwards, et al.(10) used simplified forms of the
Pitzer equation to represent ionic activity coefficients.

In this paper, two new models for the activity
coefficients of ionic and molecular species in electrolyte
systems are presented The first is an extension of the Pitzer
equation and is covered in more detail in Chen, et al. (11).
The second is based on the local composition concept and
represents work in progress.

0-8412-0569-8,/80/47-133-061$07.25/0
© 1980 American Chemical Society
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Nature of Electrolyte Systems

The thermodynamic properties of a mixture depend on the
forces which operate between the species of the mixture.
Electrolyte systems are characterized by the presence of both
molecular species and ionic species, resulting in three
different types of interaction. They are ion-ion interaction,
molecule-molecule interaction, and ion-molecule interaction.
The forces involved in each interaction are briefly discussed
in the following paragraphs.

The ion-ion interaction is characterized by electrostatic
forces between ions. These electrostatic forces are inversely
proportional to the square of the separation distance and
therefore have a much greater range than intermolecular forces
which depend on higher powers of the reciprocal distance.
Except at short-range, other forces are relatively insignifi-
cant compared to the interionic electrostatic force.

Many different types of forces arise from molecule-
molecule interaction. They may be electrostatic forces between
permanent dipoles, induction forces between a permanent dipole
and induced dipoles, or dispersion forces between non-polar
molecules, etc. (Prausnitz, (12)). Forces involved in molecule-
molecule interaction are known to be short-range in nature.

The forces involved in fon-molecule interaction are also
short-range in nature. The dominant forces are electrostatic
forces between ions and permanent dipoles. As discussed by
Robinson and Stokes (13) regarding aqueous electrolyte systems,
it seems 1ikely that the ion-molecule interaction energies of
the water molecules in the first layer about a monatomic ion
would be large compared with the thermal energy (RT), and the
second layer of water molecules will be much less strongly
bound to the ion than the first. It is probably only with
polyvalent monatomic ions of small size that the interaction
energies of the water molecules in the second layer would be
comparable to the thermal energy.

The excess Gibbs energy of electrolyte systems can be
considered as the sum of two terms, one related to long-range
forces between ions and the other to short-range forces between
all the species. As discussed by Robinson and Stokes (13),
long-range forces dominate in the region of dilute electrolyte
concentration and short-range forces dominate in the region of
high electrolyte concentration. It is the long-range nature of
the electrostatic forces between ions that have no counterpart
in nonelectrolyte systems.

The Pitzer Equation

In a series of papers, Pitzer and his co-workers (4,5,6)
proposed a very useful semiempirical equation for the
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unsymmetric excess Gibbs free energy of aqueous electrolyte
systems. The basic equation is
gex*
=f(1)+ZZ A5 (1)mym +ZZZu, o ms m;m (1)
anT i NJ i ik igk™i k
The function f(I) expresses the effect of long-range
electrostatic forces between ions. It is a function of ionic
strength, temperature and solvent properties. The empirical
form chosen by Pitzer for f(I) is
41
f(1) =-Ay—1In(1+1.2/T) (2)
1.2

The parameters A; jj are second virial coefficients g1v1ng
the effect of short-range forces between solutes i and j; the
parameters Ujs;y are corresponding third virial coefficients
for the interaction of three solutes i, J, and k. The second
virial coefficients are a function of jonic strength.
Dependence of the third virial coefficients on ionic strength
is neglected. The A and u matrices are taken to be symmetric.

To make the basic Pitzer equation more useful for data
correlation of aqueous strong electrolyte systems, Pitzer
modified it by defining a new set of more directly observable
parameters representing certain combinations of the second and
third virial coefficients. The modified Pitzer equation is

gex*

=f ()42 MeMe ( ecc 14T mawccua)+22mama- (eaa.+>:mcwaavc)
nRT cc! a aa' c (3)
+2§§mcma[Bca(I)+(imCchca)//ZCZa]

Essentially, the new parameters B and © are binary ion-ion
parameters and C and ¥ ternary ion-ion parameters. The ion-ion
interaction parameters, B and C, are characteristic of each
aqueous single-electrolyte system. The ion-ion difference
parameters, 6 and ¥ , are characteristic of each aqueous
mixed-electrolyte system.

Recognizing the ionic strength dependence of the effect of
short range forces in binary interactions, Pitzer was able to
develop an empirical relation for B.4(I). The express1on for
systems containing strong e]ectro]y%es w1th one or both ions
univalent is

Bea(1) = 804U - (3 Thexp (-2 1121 (a)
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Therefore, the a?égsta?]T parameters in the modified
Pitzer equation are B , B 1 , C, 6, and Y. The modified
Pitzer equation has been successfully applied to the available
data for many pure electrolytes (Pitzer and Mayorga, (5)) and
mixed aqueous electrolytes (Pitzer and Kim, (6)). The fit to
the experimental data is within the probable experimental error
up to molalities of 6.

However, in most aqueous electrolyte systems of industrial
interest, not only strong electrolytes but also weak electro-
lytes and molecular nonelectrolytes are present. While the
modified Pitzer equation appears to be a useful tool for the
representation of aqueous strong electrolytes including mixed
electrolytes, it cannot be used in the form just presented to
represent the important case of systems containing molecular
solutes. A unified thermodynamic model for both ionic solutes
and molecular solutes is required to model these kinds of
systems.

Previous Applications of the Pitzer Equation to Weak
Electrolytes

Recently, the Pitzer equation has been applied to model
weak electrolyte systems by Beutier and Renon (3) and Edwards,
et al. (10). Beutier and Renon used a simplified Pitzer
equation for the ion-ion interaction contribution, applied
Debye-McAulay's electrostatic theory (Harned and Owen, (14))
for the ion-molecule interaction contribution, and adopted
Margules type terms for molecule-molecule interactions between
the same molecular solutes. Edwards, et al. applied the Pitzer
equation directly, without defining any new terms, for all
interactions (ion-ion, ion-molecule, and molecule-molecule)
while neglecting all ternary parameters. Bromley's (1) ideas
on additivity of interaction parameters of individual ions and
correlation between individual jon and partial molar entropy of
jons at infinite dilution were adopted in both studies. 1In
addition, they both neglected contributions from interactions
among ions of the same sign.

There are drawbacks with the approaches taken by both
Beutier and Renon, and Edwards, et al. First, the Pitzer
equation is a virial-expansion type equation and semi-empirical
in nature. Estimating interaction parameters using Bromley's
approach is based on an interpretation of the parameters that
is uncertain at best and in any case is not valid at high ionic
strength. Second, ternary parameters in the Pitzer equation
can be significant for systems of high ionic strength. These
parameters should not be neglected in a model covering high
jonic strength electrolyte systems. Third, Bronsted's
principle of specific jon interaction is the basis for assuming
that interactions between ions of the same sign can be
neglected. However, Bronsted's principle of specific ion
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interaction is not always valid, as discussed in Pitzer's paper
(4). Fourth, theoretical aspects of the physical chemistry of
salting-out effects on non-electrolytes are still in a
development stage. While many theories have been proposed in
the literature, none is quantitatively satisfactory, including
Debye-McAulay's electrostatic theory.

Extension of the Pitzer Equation

In this study the Pitzer equation is also used, but a
different, more straightforward approach is adopted in which
the drawbacks just discussed do not arise. First, terms are
added to the basic virial form of the Pitzer equation to account
for molecule-ion and molecule-molecule interactions. Then,
following Pitzer, a set of new, more observable parameters are
defined that are functions of the virial coefficients. Thus,
the Pitzer equation is extended, rather than modified, to
account for the presence of molecular solutes. The interpreta-
tion of the terms and parameters of the original Pitzer equation
is unchanged. The resulting extended Pitzer equation is

gex*
n,RT cc! a aa' c
+25Imemy [Bea (1)+(mcZcCea) M TcZ, !
ca c

+Z M g *2(20ca, mMmMa- Tuec !, mMmc )
mm* ma c'

The parameters Dca,m are binary parameters representing
the interactions between salt ca and molecular solute m in an
aqueous single salt, single molecular solute system. Binary
parameters Weer m and W51 g represent the differences
between the ntéractions of a specific molecular solute with
two unlike salts sharing one common anion or cation. Ternary
molecule-ion virial coefficients are neglected in this study to
simplify the extension.

1t is interesting to note that the molecule-ion
interaction contribution in equation (5) is consistent with the
well-known Setschenow equation. The Setschenow equation is
used to represent the salting-out effect of salts on molecular
nonelectrolyte solutes, when the solubilities of the latter are
small (Gordon, (15)). The Setschenow equation is

InY*n =k mMs (6)

where ks,m is the Setschenow constant (a salt-molecule
interaction parameter) and mg is the molality of the salt.

The D's are equivalent to the Setschenow constants and the w's
are equivalent to differences between Setschenow constants.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



66 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

The third virial coefficients for molecule-molecule
interactions can be taken as zero for aqueous systems
containing molecular solutes at Tow concentration. The
remaining term for the molecule-molecule interaction
contribution is equivalent to the unsymmetric two-suffix
Margules model.

Summarizing the results of this section, an excess Gibbs
free energy model for both ionic and molecular solutes in
aqueous electrolyte systems is obtained by extending the Pitzer
equation in order to account for the presence of molecular
solutes. Model parameters include binary ion-ion interaction
and difference parameters, ternary ion-ion interaction and
difference parameters, salt-molecule interaction parameters or
Setschenow constants, salt-salt difference parameters for
molecular solute salting, and unsymmetric Margules parameters
for molecule-molecule interactions. Like the Pitzer equation,
the model is designed for convenient and accurate representa-
tion of aqueous electrolyte systems, including mixtures with
any number of molecular and ionic solutes.

Application of the Extended Pitzer Equation

To test the validity of the extended Pitzer equation,
correlations of vapor-liquid equilibrium data were carried out
for three systems. Since the extended Pitzer equation reduces
to the Pitzer equation for aqueous strong electrolyte systems,
and is consistent with the Setschenow equation for molecular
non-electrolytes in aqueous electrolyte systems, the main
interest here is aqueous systems with weak electrolytes or
partially dissociated electrolytes. The three systems
considered are: the hydrochloric acid aqueous solution at
298.150K and concentrations up to 18 molal; the NH3-CO2
aqueous solution at 293.150K; and the K2C03-CO2 aqueous
solution of the Hot Carbonate Process. In each case, the
chemical equilibrium between all species has been taken into
account directly as 1iquid phase constraints. Significant
parameters in the model for each system were identified by a
preliminary order of magnitude analysis and adjusted in the
vapor-1liquid equilibrium data correlation. Detailed discusions
and values of physical constants, such as Henry's constants and
chemical equilibrium constants, are given in Chen et al. (11).

T-P-x-y data for hydrochloric acid concentration up to 18
molal were obtained from Vega and Vera (16). The following
reactions occur in the liquid phase.

HCT1 = HY + C1-
HoO 2 H™ + OH~

The least squares data correlation was 8 ried out on HC1 vapor
mole fraction and total pressure with BEC?’ B E?, CHCl’
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DHC1,HCT» AHC1,HC]» and the Henry's constant for hydrogen
chioride as adjustable parameters. Figure 1 shows experimental
data and correlation results. The average percentage deviation
for total pressure is 0.44, and that for HC1 vapor fraction is
0.35. The same data was previously correlated with the same
objective function by Cruz and Renon (7). Their results were
0.99 percent deviation for total pressure and 0.34 percent
deviation for HC1 vapor fraction.

The data reported by van Krevelen, et al. (17) at
293.159¢ were used for data correlation of the NH3-CO»
aqueous solution system. The following reactions occur in the
liquid phase.

NH3 + Ho0 = H4+OH'

€0, _+ Hy0_ + HCO3
HCO3 €03 +

HCO3 = NHZCOO + Ho0
H2 Ht ¥ OH-

The Teast squares data corre1at18n was carried out on partial
prsjsures of NH3 and COp with B )NH4HCO3 B(O)(NH4)2CO3,
NH4NH2C00, DNHg4HCO3,NH3, D(NH4)2C03,NH3,2M9 DNH NH2C00 ,NH3
as adjustable parameters Exper1menta datd and calcutated
results are shown in Figure 2. The average percent deviation
of calculated versus measured partial pressure is 11% for CO2
and 3.9% for NH3. The same system and the same Teast squares
objective function have been studied by Beutier and Renon (9).
Their results, on the same basis, were 16% for CO» and 5% for
NH3. Edwards, et al. (10) also studied vapor-Tiquid
equilibrium of a NH3-CO» aqueous system at 373.150k.
However, the accuracy of the fit was not reported
quantitatively.

The equilibrium data obtained by Tosh and coworkers (18)
were used for data correlation of the KoC03-CO2 aqueous
solution system. The data have a temperature range from
343.159K to 413.15%K and a range from 20 to 40 percent
equivalent concentration of potassium carbonate. The following
reactions occur in the liquid phase.

€O, + Hp0 & HCO3 + H*
HCO3 = C03 + K
Hp0"2 OH-"+ H*

The Teast squares data correlation was carried out on partial

prei ures of ? 3 and Hy0 with appropr1ate we1ght and with
KHCO3 07K2C03, 6HCO3 CO3=, CKHCO3, CkoC03, and

VKt HCOL™ C03‘ as ad3ustab1e parameters The average percent
?

deviatidn of calculated versus measured partial pressure of

C0, at 383.150K is 11.5% and for Hp0 is 10.5%.
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Figure 1. Total vapor pressure and vapor phase HCI mole fraction of the HCl
aqueous solution at 298.15 K (( ) calculated; (O, A) data from Ref. 16)
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Limitations of the Pitzer Equation

The Pitzer equation just presented is subject to all of
the 1imitations of a virial-expansion type equation. The
equation parameters, denoting the short-range interactions
between and among solute species, are arbitrary, highly
temperature-dependent and are characteristic of the solvent.
Binary parameters are expressed as empirical functions of ionic
strength. Different empirical functions are proposed for
different types of electrolytes. Ternary parameters are
required for electrolyte systems at higher ionic strength.
Furthermore, for the industrially important class of mixed
solvent electrolyte systems, the Pitzer equation is not
applicable because its parameters are unknown functions of
solvent composition and because the empirical expressions
required are available only for water. Therefore, although the
Pitzer equation has been shown to be a convenient and accurate
representation of aqueous electrolyte systems, a more versatile
model is needed to cover a wider variety of electrolyte systems.

The Local Composition Model

Nonelectrolyte systems, which are characterized by
short-range forces between molecules, have frequently been
studied using the local composition concept. Models such as
Wilson (19), NRTL (Renon and Prausnitz, (20)), and UNIQUAC
(Abrams and Prausnitz, (21)) have resulted. Such models have
proven to be a great advancement over older models based on
algebraic expansions of mole fraction, such as the Margules
model. In this study the local composition concept is applied
to the short range interaction forces occurring in electrolyte
systems with the hope that a similar advance over the Pitzer
model will result. However, it must be emphasized that the
local composition concept is in no sense rigorous. It is used
to develop correlating expressions, with adjustable parameters,
for experimental data. The purpose in adopting a quasi-
theoretical approach is to develop expressions with a small
number of parameters, that apply over wide concentration
ranges, may be expressed as simple functions of temperature,
and may be used to predict the behavior of multicomponent
systems. The validity of this approach may be determined only
by its empirical success or failure. We believe that the model
to be presented in this study is quite successful by these
criteria, as demonstrated by the examples shown in this paper
and additional work we have done with multicomponent systems
involving weak electrolytes.

A fundamental difference between electrolyte systems and
nonelectrolyte systems is the presence of long range ion-ion
electrostatic forces in electrolyte systems. No attempt was
made to develop a long-range contribution model based on the
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local compostion concept. Instead, the Debye-Huckel formula as
proposed by Fowler and Guggenheim (22) was used without
modification to represent the unsymmetric excess Gibbs energy
contribution arising from the long-range ion-ion electrostatic
forces. Nevertheless, the local composition concept is
consistent with the Debye-Huckel formula in the sense that the
Boltzmann distribution law is assumed in both models. The
Debye-Huckel formula is a function of solvent density,
dielectric constant, and ionic strength. It is known to
correctly account for the ion-ion electrostatic contribution in
the 1imit of infinite dilution. When electrolyte concentration
increases, short-range forces start to play a role and finally
dominate in the region of high electrolyte concentration
(Robinson and Stokes, (13)).

The general approach taken in the present study is as
follows. The Debeye-Huckel formula is used to represent
long-range ion-ion interactions while the local composition
concept is used to represent short range interactions of all
kinds. The local composition model is based on two fundamental
assumptions; 1) that the local composition of anions around
anions is zero, and similarly for cations, which is equivalent
to assuming that repulsive forces between ions of 1ike charge
are large, 2) that the distribution of anions and cations
around solvent molecules is such that the net ionic charge is
zero. The latter assumption we refer to as local
electroneutrality.

The Tocal compostion model is developed as a symmetric
mode1, based on pure solvent and hypothetical pure completely-
dissociated 1iquid electrolyte. This model is then normalized
by infinite dilution activity coefficients in order to obtain
an unsymmetric local composition model. Finally the unsymmetric
Debye-Huckel and local composition expressions are added to
yield the excess Gibbs energy expression proposed in this study.

Development of the Local Composition Model

Among the various models incorporating the local
composition concept for short-range interactions, the NRTL
equation is adopted in this study. Electrolyte systems are
characterized by extraordinarily large heats of mixing.
Compared to the heat of mixing, the nonideal entropy of mixing
is negligible, which is consistent with the basic assumption
behind the NRTL equation. In addition, the NRTL equation is
algebraically simple while applicable to mixtures which exhibit
phase splitting. No specific volume or area data are required.

In the NRTL model, the local mole fractions xji and
xjj of species j and i, respectively, in the immediate
neighborhood of a central molecule of species i are related
by
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Xji/xji =(x3/x{)Gj{ (7)
where

Gji =exp(-a151)
T59 =(954-943)/RT

The quantities gjj and gj; are, respectively, energies of
interaction between j-i and i-i pairs of species, and are
inherently symmetric (gJ =gji). The nonrandomness factor, o,
was fixed at a value of 0.2 in this study.

For convenience in representing other local mole fraction
ratios, we introduce additional notation as follows:

xji/xki =(x3/xc)634, ki (8)
where

Gji,ki =exp(-aTji ki)
Tii,ki ‘(931 9k1)7RT

While the derivation that follows may be generalized to
handle all types of electrolyte systems, for the sake of
simplicity, the derivation will be based on a single
completely-dissociated electrolyte, single solvent system. In
a binary mixture of single completely-dissociated electrolyte
and single solvent, we assume that there are three types of
cells. One type consists of a central solvent molecule with
solvent molecules, anions and cations in the immediate
neighborhood. The other two types have either an anion or
cation as the central species, and an immediate neighborhood
consisting of solvent molecules and oppositely-charged ions,
but no ions of 1ike charge (i.e., X¢c=X353=0). The local
mole fractions are related by:

Xemt X amit Xmn 1 (central solvent cells)
xmc+xac =1 (central cation cells) (9)
Xma*Xca =] (central anion cells)

Among the three types of cells there are four distinct
Tocal mole fraction ratios: xem/Xmms Xam/*mm»
Xme/Xac» and xpa/Xca- It is notable that the
assumption that xcc=x33=0 is equivalent to the assumption
that g¢c and gy5 are much greater than the other
interaction energies.,

By combining equatijons (7), (8) and (9), the following
expressions for the local mole fractions in terms of overall
mole fractions may be derived:
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Xim =XiGin/ (x 36 +Xchm+memn) (i =c, a, m)
Xac ‘xa/zxa+memc ac) (10)
Xca “xc/ (Xc+XmBma . ca)

In order to obtain a sxpr?s§1on for the excess Gibbs
energy, we first define g , and g as the residual
Gibbs energies per mole of ce]]s of centra] anion, central
cation and central solvent molecule, respectively. These Gibbs
energies are related to the local mole fractions as follows:

g(a) = Za(Xmagma+xca9ca)
g(C) = Zc(chgmc+xanaC) .
g(m) = Xam9am**cmIcm Xmm Irm

We then adopt the pure solvent as the reference state for the
solvent, and a hypothetical pure completely-dissociated liquid
electrolyte as the reference state for the electrolyte. The
reference Gibbs energies per mole are then:

(c) .

gzeg - chac

a) _

gE‘ef 'zagca (12)
m) _

Iref gmn

In both equations (11) and (12) the charge number Z. and Z, are
jntroduced to account for the fact that the ratio o? the coord1na-
tion number of central anion cells to that of central cation cells
must be equal to the corresponding ratio of charge numbers.

The molar excess Gibbs energy may now be derived by summing
the changes in residual Gibbs energy resulting when x; moles of
solvent are transfered from the solvent reference state to their
cells in the mixture, and when x; moles of anions and x. moles
of cations are transfered from the electrolyte reference state to
their respective cells in the mixture. The expression is:

6 = x (a™- g™)x (o()-g{)x_(g(*)-gf2)) (13)

Substituting equations (11) and (12) into equation (13) we obtain

ex
9= /RT =xmXcm®em**mXam am

14
+xcXmcZcTme, act*a*malama, ca (14)

The assumption of local electroneutrality applied to the
cells of central solvent molecules may be stated as

(15)

XamZa =Xcmic
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Substituting equation (7) into this relationship leads to the
following equality:

9am =9cm (16)

Since the interaction energies are symmetric, it may be
inferred from this result that:

Tam “Tem “Tea,m (7)
Tmc,ac “Tma,ca ~Tm,ca (18)

The binary parameters Tca m and 1y ca then become the only
two independent adJustable parametérs for a single completely-
dissociated electrolyte, single solvent system.

In order to combine equation (14) with the Debye-Huckel
formula, which accounts for the long-range force contribution,
it is necessary to normalize to the infinite dilution reference
state for the ions:

g&X*/RT =g®%/RT-xc InY® -x41InYg (19)

After employing equation (14) to obtain InY® and InYg and
substituting back into equation (19), the final result is:

gex*/RT =xXm( Xcpi* X am) T ca,m
+XcXmelcTm, catXa¥mal Tn,ca (20)
-xe( ZcT, m,ca*tbemTca, m?
'Xa(ZaTm catGamTca, m

The equations for binary systems just presented can be
generalized to multicomponent systems consisting of any
combination of weak and strong electrolytes, molecular
solvents, and molecular solutes.

Discussion of the Local Composition Model

The Tocal composition model makes it possible to study
electrolyte thermodynamics over a wide range of compositions.
It assumes that the Debye-Huckel formula is adequate to
represent the long-range ion-ion electrostatic contribution and
the Tocal composition model can account for the short-range
interactions among all species. While the validity of the
Debye-Huckel formula at high ionic strength is questionable, it
is hoped that the short-range contribution will dominate at
high jonic strength, so that accounting for the long-range
ion-ion electrostatic contribution accurately is not critical.

Systems with weak electrolytes, or partially dissociated
electrolytes, can be studied if chemical equilibrium among
jonic species and molecular species is considered. Multi-
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solvent systems can be investigated with the knowledge of
mixed-solvent dielectric constant and density which are
required for the Debye-Huckel formula. The hypothetical pure
completely-dissociated 1iquid electrolyte model has nothing to
do with solid salt crystals. However, salt precipitation can
also be studied if solubility product constants are known.

It should be noted that the local composition model is not
consistent with the commonly accepted solvation theory.
According to the solvation theory, ionic species are completely
solvated by solvent molecules. In other words, the local mole
fraction of solvent molecules around a central ion is unity.
This becomes unrealistic when applied to high concentration
electrolyte systems since the number of solvent molecules will
be insufficient to completely solvate ions. With the local
composition model, all ions are, effectively, completely
surrounded by solvent molecules in dilute electrolyte systems
and only partially surrounded by solvent molecules in high
concentration electrolyte systems. Therefore, the local
composition model is believed to be closer to the physical
reality than the solvation theory.

Application of the Local Composition Model

A wide variety of data for mean ionic activity
coefficients, osmotic coefficients, vapor pressure depression,
and vapor-liquid equilibrium of binary and ternary electrolyte
systems have been correlated successfully by the local
composition model. Some results are shown in Table 1 to Table
10 and Figure 3 to Figure 7. In each case, the chemical
equilibrium between the species has been ignored. That is,
complete dissociation of strong electrolytes has been assumed.
This assumption is not required by the local composition model
but has been made here in order to simplify the systems treated.

In general, data are fit quite well with the model. For
example, with only two binary parameters, the average standard
deviation of calculated Iny* versus measured InY* of the 50
uni-univalent aqueous single electrolyte systems listed in
Table 1 is only 0.009. Although the fit is not as good as the
Pitzer equation, which applies only to aqueous electrolyte
systems, with two binary parameters and one ternary parameter
(Pitzer, (5)), it is quite satisfactory and better than that of
Bromley's equation (1).

Data correlation results for single-salt, single-solvent
binary systems are shown in Table 1 to Table 6 and Figure 3 to
Figure 6. There is an obvious trend between Ty ¢4 and
standard deviation of calculated Iny* versus measured Iny*.
When the absolute value of Ty ¢, increases, standard
deviation also increases. This is consistent with the physical
meaning of Ty ca. The larger the absolute value of Ty (a3,
the stronger the interaction between cation and anion.’ In
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76 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

Table 1. Data and Results of Fit for Aqueous Solutions
of uni-univalent electrolyte at 298.15%
- Mean Ionic Activity Coefficient Data

Electrolyte No. of data* molality Ty ca Tca,m  Olny*

Points
AgNO3 23 0.1-6.0 7.295 -3.059 0.012
CsAc 18 0.1-3.5 8.462 -4.500 0.009
CsBr 21 0.1-5.0 8.381 -4.034 0.008
CsCl 23 0.1-6.0 8.368 -4.043 0.009
Csl 17 0.1-3.0 8.280 -3.963 0.007
CsNO3 12 0.1-1.4 8.988 -4.057 0.003
KAc 18 0.1-3.5 8.459 -4.476 0.007
KBr 22 0.1-5.5 7.901 -3.962 0.002
KC1 20 0.1-4.5 7.917 -3.944 0.002
KCNS 21 0.1-5.0 7.319 -3.644 0.001
KF 19 0.1-4.0 8.679 -4.373 0.004
KH malonate 21 0.1-5.0 7.338 -3.462 0.006
KH succinate 20 0.1-4.5 7.982 -3.861 0.002
KH2POg 14 0.1-1.8 8.924 -4.017 0.003
KI 20 0.1-4.5 7.620 -3.892 0.004
KNO3 18 0.1-3.5 7.642 -3.327 0.008
KOH 23 0.1-6.0 9,733 -4.,945 0.019
LiAc 19 0.1-4.0 8.304 -4.278 0.004
LiBr 23 0.1-6.0 10.331 -5.251 0.046
LiCl 23 0.1-6.0 9.900 -5.046 0.036
LiC10g 19 0.1-4.0 9.464 -4.986 0.022
Lil 17 0.1-3.0 9.157 -4.889 0.024
LiNO3 23 0.1-6.0 8.804 -4.562 0.010
LiOH 19 0.1-4.0 8.920 -4.275 0.027
LiTol 20 0.1-4.5 7.396 -3.710 0.012
NaAc 18 0.1-3.5 8.257 -4.356 0.006
NaBr 19 0.1-4.0 8.672 -4.435 0.008
NaBr03 16 0.1-2.5 7.587 -3.589 0.001
Na butyrate 18 0.1-3.5 7.230 -4.104 0.008
NaCl 23 0.1-6.0 8.715 -4.400 0.014
NaC103 18 0.1-3.5 7.128 -3.527 0.004
NaC10g 23 0.1-6.0 7.799 -3.937 0.007
NaCNS 19 0.1-4.0 7.770 -4,078 0.009
NaF 10 0.1-1.0 7.517 -3.677 0.001
Na formate 18 0.1-3.5 7.295 -3.776 0.003
NaH2P0g 23 0.1-6.0 8.138 =3.711 0.002
Nal 18 0.1-3.5 8.752 -4,535 0.009
Na malonate 21 0.1-5.0 7.527 -3.659 0.003
NaN (03 23 0.1-6.0 7.07 -3.381 0.003
NaOH 23 0.1-6.0 9,225 -4.647 0.026
Na propionate 17 0.1-3.0 8.277 -4.435 0.006
Na succinate 21 0.1-5.0 8.075 -3.968 0.002
NHq C1 23 0.1-6.0 7.614 -3.800 0.002

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



4. CHEN ET AL. Activity Coefficient Models

Table 1. Continued

NHaNO3 23 0.1-6.0 7.170 -3.295 0.014
RbAc 18 0.1-3.5 8.602 -4.,545 0.008
RbBr 21 0.1-5.0 7.920 -3.891 0.004
RbC1 21 0.1-5.0 8.086 -3.983 0.003
RbI 21 0.1-5.0 8.052 -3.949 0.004
RbNO3 20 0.1-4.5 7.648 -3.287 0.013
T1Ac 23 0.1-6.0 7.683 -3.618 0.014

*(Robinson and Stokes, (13))

Table 2. Data and Results of Fit for Acids at 298.15%
Assuming Complete Dissociation
- Mean Ionic Activity Coefficient Data

Acid No. of Data* Highest Tm,ca Teca,m Olny*
Points Molality

HBr 17 3.0 9.742 -5.087 0.014

HC1 23 6.0 9.957 -5.106 0.031

HC104 23 6.0 10.488 -5.328 0.058

HI 17 3.0 9.483 -5.059 0.017

HNO3 17 3.0 8.327 -4.341 0.008

*(Robinson and Stokes, (13))

Table 3. Data and Results of Fit for Aqueous Solutions
of Bi-bivalent Electrolytes at 298. 150K
- Mean Jonic Activity Coefficient Data

Electrolyte No. of Data* Molality Tp ca Tea,m O1ny*

Points
BeSOq 18 0.2-4.0 11.728 -6.905 0.049
MgSQq 16 0.2-3.5 11.623 -6.827 0.047
MnSOq 18 0.2-4.0 11.499 -6.732 0.046
NiSOq 15 0.2-2.5 11.704 -6.826 0.042
CuSy 11 0.2-1.4 12.128 -7.043 0.043
InS0q 17 0.2-3.5 11.693 -6.827 0.046
CdSy 17 0.2-3.5 11.481 -6.704 0.053
U02504 22 0.2-6.0 11.316 -6.646 0.078

*(Robinson and Stokes, (13))
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Table 4 Data and Results of Fit for Uni-univalent
Electrolyte Effect on the Vapor Pressure of
Methanol at 298.050K

Electrolyte No. of Data* Highest  Tp ca Tea,m %
Points Molality

Lic1 S 5.3554 11.783 -5.562 0.034
NaBr 9 1.556 10.717 -5.176 0.002
NaOH 9 5.9413 10.372 -5.633 0.019
Nal 16 4.5200 9.716 -5.186 0.0
KI 9 1.1219 10.765 -5.138 0.002

*(Bixon et al., (25))

Table 5 Temperature Effect on Data and Results of Fit
for Aqueous NaCl Solutions
- Mean Ionic Activity Coefficient Data

TOK No. of Data* Molality Tm,ca Tea,m I pry*
Points

273.15 28 -6. 8.831 -4.406  0.018

298.15 28 - 8.744 -4.409  0.014

0.05-6.0

0.05-6.0 .
323.15 28 0.05-6.0 8.629 -4.380 0.011
348.15 28 0.05-6.0 8.510 -4.334 0.008
373.15 28 0.05-6.0 8.420 -4.288 0.005
*smoothed data (Silvester and Pitzer, (23))

Table 6 Temperature Effect on Data and Results of Fit
for Aqueous KBy Solutions
- Mean Ionic Activity Coefficient Data

T No. of Data* Molality Tp,ca Teca,m T py*
Points

333.15 14 0.1-4.0 7.860 -3.994 0.001

343.15 14 0.1-4.0 7.831 -3.989 0.001

353.15 14 0.1-4.0 7.773 -3.970 0.001

363.15 14 0.1-4.0 7.769 -3.971 0.002

373.15 14 0.1-4.0 7.760 -3.969 0.002

*(Robinson and Stokes, (13))
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Table 7. Data and Results of Fit for the Mean Ionic
Activity Coefficients of HCL and HBr in Halide

Solutions at 298.15%K Acid Concentration = 0.0IM

(approximated as 0.01m)

79

Acid Salt No. of Data* Highest Salt  wx nx(=-Tyx,mx) O Tny*

Point Molality
HC1 KC1 13 3.5 -1.633 0.020
HC1 NaCl 9 3.0 -1.129 0.008
HC1 LiCl 11 4.0 -0.106 0.022
HBr  KBr 12 3.0 -1.464 0.009
HBr  NaBr 11 3.0 -1.113 0.007
HBr LiBr 15 3.0 -0.307 0.027

*(Harned and Owen, (14))

Table 8. Data and Results of Fit on Solubility of Carbon
Dioxide in Aqueous Solutions at 298. 150k

Salt No. of Datat Highest Tp ca Tea,m  “ny*,

Points Molality
NaCl 9 5.732  5.733 -4.115 0.014
KC 5 3.942  10.414  -6.109  0.008
§C02,H20 = -1.644917+(0.320488D-1)*(T-273.15)

- T *

H20,C0; = "C0p,Hp0*(2.442172)

(CGZ-HZB binar§’d§ta obtained from Houghton, G., A. M.
McLean, and P. D. Ritchie, (26))

+(Yasunishi, A. and F. Yoshida, (24))
+original data were expressed in terms of molarity and the
Ostwald coefficient
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Table 9. Vapor-Liquid Equilibrium Data Correlation for

>
—

.148
.148
.148
.148
292
.292
.292
.292
.500
.500
.500
.700
.700
.700
.900
.900

COOOCOOCOCOOOOOOOOO0O

NaBr

Methanol-Water-NaBr system at 298. 150K

X! Salt Expt. Data* Calc. Value diff p diff y

Molality —P**  y prx ¥
0.852 1 49.8 0.603 50.4 0.622 +0.6 *0.019
0.852 2 50.1 0.627 52.7 0.655 +2.6 +0.028
0.852 4 51.1 0.675 53.2 0.686 +2.1 +0.011
0.852 7.1 50.4 0.756 47.7 0.693 -2.7 -0.063
0.708 1 68.0 0.742 68.7 0.766 +0.7 +0.024
0.708 2 68.9 0.762 70.9 0.783 +2.0 +0.021
0.708 4 68.6 0.798 69.3 0.792 +0.7 -0.006
0.708 5.7 65.2 0.820 64.2 0.788 -1.0 -0.032
0.500 1 85.1 0.850 86.9 0.859 +1.8 +0.009
0.500 2 84.35 0.860 86.7 0.862 +2.35 +0.002
0.500 4 80.4 0.884 79.9 0.853 -0.5 -0.031
0.300 1 99.5 0.920 100.4 0.916 +0.9 -0.004
0.300 2 95.7 0.926 97.2 0.911 +1.5 -0.015
0.300 2.8 91.4 0.932 92.7 0.906 +1.3 -0.026
0.100 1 114.2 0.977 113.6 0.969 -0.6 -0.008
0.100 1.9 107.3 0.979 107.1 0.966 -0.2 -0.013
mean dev. 1.35 0.0195

a0 NaBr =8.672+0.244*(78.48-D)/ (78.48-32.66)
Hp0  =-4.435+0.244*(78.48-D)/(78.48-32.66)

TCH0H,NaBr =10.717-3.493*(32.66-D)/(78.48-32.66)
CHyOH =-5.176-3.493*(32.66-D)/(78.48-32.66)

TNaBr

THo0, CH30H =0.2944

TCH OH,H,0 =0.1936
%hano%-water binary data obtained from Gmehling, J. and U.
Onken (27))

d =0.9971+(-0.163939D-2)*(x7" )+ (0. 1701563D-5)*(x7" )2
-(0.6285073D-7 ) *(x1* )3

D =78.

48-(0.4233608)*()(]')-(O.33O7047D-3)*(x]')2

-(0.3434429D-7)*(x7" )3

x1'
x2!

xCH30|? (XCH3 0H+XH§ 0)
XH 20 XCH30H*XH 50

* (Ciparis, (28))
**(ynit: mmHg)
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Table 10. Vapor-Liquid Equilibrium Data Correlation for

Methanol-Water-LiCl system at 298. 150K

x1' xo! Salt Expt. Data* Calc. Value diff P diff y
Molality P~ Y1 prx Y1
0.152 0.848 1 47.3 0.605 47.7 0.597 +0.4 -0.008
0.298 0.702 1 65.3 0.765 65.2 0.75] -0.1 -0.014
0.470 0.530 1 80.0 0.860 81.0 0.840 +1.0 -0.020
0.700 0.300 1 96.3 0.930 98.6 0.917 +2.3 -0.013
0.958 0.042 1 115.3 0.993 117.4 0.988 +2.1 -0.005
mean dev. 1.2 0.012
H20 Lic1 =9.900-0.2239*(78.48-D)/(78.48-32.66)
TL1C] H,0 =-5.046-0.2239*(78.48-D)/(78.48-32.66)
CH30H Cict =11.783-1.853*(32.66-D)/(78.48-32.66)
L1C1 ,CH30H =-5.562-1.853*(32.66-D)/(78.48-32.66)
CH30H Ho0 =0.1936
=0.2944
%thangl-water binary data obtained from Gmehling, J. and U.
Onken (27))

d =0.9971+(-0.163939D-2) *(x1' }+(0.17015630D-5)*(x1* )2
-(0.6285073D-7 ) *(

D =78.48-(0.4233608)*(x)
-(0.3434429D-7 ) *(x

x1'
x2'

XCH3O /(XCH30H*XH

xH20

XCH30H+XH20

*(Ciparis, (28))
**(unit: mnHg)

x1')3

')é)-(0.33070470-3)*(x]
1

30)

l)2
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Figure 3. Comparison of the calculated and experimental mean ionic activity co-
efficients of three uni-univalent electrolytes at 298.15 K: ( ) caleulated; (N, O,
[]) data from Ref. 13

Ye
T
|

o
O
)
!

l

Mean Ionic Activity Coefficient

0.01 ! ] ] 1 1 I
0 I 2 3 4 5 6 7
Electrolyte Concentration (Mololity)
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data from Ref. 13
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other words, the ions tend to associate and lack of fit on data
correlation can be related to this ion association. When this
occurs, chemical equilibrium of jon association should be taken
into consideration. Larger standard deviations were found for
several higher valent electrolytes. It also should be noted
that the electrolyte concentration in these systems is very
high and it seems resaonable that association should occur to
some extent.

The interaction parameters are weak, linear functions of
temperature, as shown in Table 5, Table 6 and Figure 6. These
tables and figure show the results of isothermal fits for
activity coefficient data of aqueous NaCl and KBr at various
temperatures. The Pitzer equation parameters are, however,
strongly dependent on temperature (Silvester and Pitzer, (23)).

There can be many different types of ternary electrolyte
systems. The HC1-KC1-H20 system is an example of a two-
electrolyte, one-solvent ternary electrolyte systems. Some
data correlation results for the activity coefficients of salts
in ternary electrolyte systems of this type are shown in Table
7 and Figure 7. MWater-electrolyte binary parameters were
obtained from Table 1.

A second type of ternary electrolyte systems is solvent -
supercritical molecular solute - salt systems. The concentra-
tion of supercritical molecular solutes in these systems is
generally very low. Therefore, the salting out effects are
essentially effects of the presence of salts on the unsymmetric
activity coefficient of molecular solutes at infinite dilution.
The interaction parameters for NaC1-C0p binary pair and
KC1-CO2 binary pair are shown in Table 8. Water-electrolyte
binary parameters were obtained from Table 1. Water-carbon
dioxide binary parameters were correlated assuming dissociation
of carbon dioxide in water is negligible. It is interesting to
note that the Setschenow equation fits only approximately these
two systems (Yasunishi and Yoshida, (24)).

Another type of ternary electrolyte system consists of two
solvents and one salt, such as methanol-water-NaBr. Vapor-
liquid equilibrium of such mixed solvent electrolyte systems
has never been studied with a thermodynamic model that takes
into account the presence of salts explicitly. However, it
should be recognized that the interaction parameters of
solvent-salt binary systems are functions of the mixed solvent
dielectric constant since the jon-molecular electrostatic
interaction energies, gpa and gy, depend on the reciprocal
of the dielectric constant of the solvent (Robinson and Stokes,
(13)). Pure component parameters, such as gmm and gca, are
not functions of dielectric constant. Results of data correla-
tion on vapor-liquid equilibrium of methanol-water-NaBr and
methanol-water-LiC1 at 298.159 are shown in Tables 9 and 10.
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Conclusions

Two activity coefficient models have been developed for
vapor-liquid equilibrium of electrolyte systems. The first
model is an extension of the Pitzer equation and is applicable
to aqueous electrolyte systems containing any number of
molecular and ionic solutes. The validity of the model has
been shown by data correlation studies on three aqueous
electrolyte systems of jndustrial interest. The second model
is based on the local composition concept and is designed to be
applicable to all kinds of electrolyte systems. Preliminary
data correlation results on many binary and ternary electrolyte
systems suggest the validity of the local composition model.

MAbstract

The semi-empirical Pitzer equation for modeling equilibrium
in agqueous electrolyte systems has been extended in a thermo-
dynamically consistent manner to allow for molecular as well as
ionic solutes. Under 1imiting conditions, the extended model
reduces to the well-known Setschenow equation for the salting
out effect of molecular solutes. To test the validity of the
model, correlations of vapor-liquid equilibrium data were
carried out for three systems: the hydrochloric acid aqueous
solution at 298.150K and concentrations up to 18 molal; the
NH3-C0, aqueous solution studied by van Krevelen, et al.

(12) at 293.159K; and the KpC03-C0O» aqueous solution of

the Hot Carbonate Process with temperatures from 343.15%K to
413.150K and concentrations up to 40 weight percent equivalent
potassium carbonate. The success of the correlations suggests
the validity of the model for aqueous electrolyte systems of
industrial interest.

For the industrially important class of mixed solvent,
electrolyte systems, the Pitzer equation is not useful because
its parameters are unknown functions of solvent composition. A
Tocal composition model is developed for these systems which
assumes that the excess Gibbs free energy is the sum of two
contributions, one resulting from long-range forces between
ions and the other from short-range forces between all species.
The long-range term has been satisfactorily described by the
Debye-Huckel formula and is retained. The short-range
contribution is modeled by utilizing the concept of local
compositions in a manner similar to Renon and Prausnitz (20)
but with additional assumptions appropriate for electrolyte
systems. Preliminary results suggest the validity of the model
since good fits to experimental data have been obtained for a
wide range of binary and ternary systems with only binary
parameters.

Acknowledgement

This work was part of the Advanced System for Process
Engineering Project (ASPEN) supported by the U.S. Department of
Energy under contract number E(49-18)-2295, Task No. 9.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



4. CHEN ET AL. Activity Coefficient Models

Notation
A = Debye-Huckel constant for the osmotic coefficient
Bca = binary ion-ion interaction parameter

Cea ternary ion-ion interaction parameter
= binary salt-molecule interaction parameter or
Setschenow constant

dielectric constant

excess Gibbs free energy

jonic strength (=1/212m12%)

pressure

gas constant

temperature (%)

absolute value of ionic charge
density

molar excess Gibbs free energy
molality (g-mole/kg of solvent)
number of kg of the solvent, water
liquid phase mole fraction

vapor phase mole fraction

o
0O
o
M
3

1]
>

]
>

< xiz S AaAaN—ID IO

Greek Letters

B(O), (1) = parameters of the empirical expression of B(I)
activity coefficient

binary ion-ion difference parameter

second virial coefficient of the basic Pitzer equation
third virial coefficient of the basic Pitzer equation
stoichiometric coefficient

standard deviation

binary interaction energy parameter

ternary ion-ion difference parameter

binary salt-molecule difference parameter

E€e1QcCcE >»o<
[T T O (T TR T (R TR

Superscripts

* = unsymmetric convention
© = infinite dilution
Subscripts

a, a' = anion

c, ¢! = cation

ca = salt ca

i, j, k = any solute in the Pitzer equation
any species in the local composition model

m = molecular solute in the Pitzer equation

any molecular species in the local composition model
ref = reference
S = salt
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Chemical Equilibria in Flue Gas Scrubbing
Slurries

CLAYTON P. KERR
Tennessee Technological University, Cookeville, TN 38501

There are several ways for controlling emissions of sulfur
dioxide from coal-fired power plants, but flue gas desulfuriza-
tion is the most highly developed method with about 20,000 mega-
watts of generating capacity equipped with flue gas desulfuriza-
tion equipment and another 20,000 megawatts being constructed or
designed. Within 10-15 years, the total electrical generating
capacity so equipped will exceed 100,000 megawatts. The subject
of this paper is the chemical equilibria of the more prevalent
aqueous scrubbing processes for flue gas desulfurization.
Because the equilibria of the liquids are highly dependent upon
the alkali used and certain design and operating conditions, a
few words of discussion about some of the more prevalent pro-
cesses make the subsequent discussion more easily understood.

Flue gas desulfurization processes can be divided into two
broad categories: 1. throw-away processes where the removal
reagent is not regenerated and a waste product containing sulfur
is created, and 2. regenerative processes where the removal
reagent is regenerated and a salable product containing sulfur
is created. Both categories of processes can be further sub-
divided into wet and dry processes.

The throw-away processes with aqueous slurries of lime or
limestone as the scrubbing media are the most extensively
installed processes. These processes create a waste sludge
containing calcium sulfite, calcium sulfate, fly ash, unreacted
alkali, and other minor dissolved species in the free water
contained in the sludge. Since flue gas contains oxygen, some
of the dissolved sulfur dioxide is oxidized, and calcium sulfate
is formed.

Several power plants have been equipped with dual alkali
processes. These are throw-away processes with two liquid
loops. In one common process, the scrubbing liquid is a clear
solution of sodium sulfite. The absorption of sulfur dioxide
converts the sodium sulfite to sodium bisulfite. In the
regeneration loop, an alkali such as lime slurry is added; the
sodium sulfite solution is regenerated; and a mixture of calcium
sulfite and calcium sulfate is precipitated. The slurry is

0-8412-0569-8/80/47-133-091$05.00/0
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filtered, and the clear liquid is returned to the scrubbing loop.
This process has the advantages of excellent sulfur dioxide
removal and a reduced scaling and plugging tendency because the
scrubbing is performed with a clear liquid solution.

Sodium sulfite scrubbing can be configured as a regenerative
process if the regeneration is performed thermally in an evapora-
tor system. Thermal regeneration removes gaseous sulfur dioxide
with the sodium bisulfite being converted back to sodium sulfite.
The sulfur dioxide is then reduced to elemental sulfur or con-
verted to sulfuric acid.

Several plants have been equipped with processes that use
an aqueous slurry of magnesium sulfite and magnesium oxide as
the scrubbing material. Sulfur dioxide is absorbed, and a mix-
ture of magnesium sulfite and magnesium sulfate is precipitated.
A bleed stream from the absorption part of the process is
dewatered and dried. The crystals of magnesium sulfite and
magnesium sulfate are then calcined; solid magnesium oxide is
returned to the scrubbing process, and sulfur dioxide which is
released with the calcination is then converted into a salable
product such as sulfuric acid.

Coals contain chloride in varying amounts, and the burning
of coal releases the chloride as gaseous hydrogen chloride.
Unless the hydrogen chloride is removed separately, the alka-
line liquid of the scrubber will convert the hydrogen chloride
into very soluble chloride salts. Depending upon the chloride
content of the coal and the amount of water purged from the
process, the chloride content of the liquid can be as high as
20,000 parts per million by weight. The chloride content of
the circulation liquid has considerable effect on the equili-
bria in the liquid. It also is an important factor in the
choice of materials of construction. Some processes such as
magnesium oxide scrubbing require separate removal of chloride.

For various reasons, it is often desirable to perform
equilibrium or quasi-equilibrium calculations in the design or
operation of a flue gas desulfurization facility. In this
paper, equilibrium reactions, formulas for the calculation of
temperature dependent equilibrium constants, and methods of
calculation of activity coefficients of ions and ion-pairs are
presented. Calculation of charged species is based on modified
Debye-Hiickel theory. The equilibrium calculations are almost
always iterative. A way of directing these calculations by
using an optimum seeking method is presented. The method is
easily computer programmed, and if the problem is properly
formulated, machine running time is modest. The method
developed is very general and can be used in a wide variety
of applications. Two examples of equilibrium calculations for
lime or limestone processes are outlined: calculation of
calcium sulfite and calcium sulfate supersaturation ratios
and calculation of dissolved alkalinity.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



5. KERR Flue Gas Scrubbing Slurries 93

Solution Equilibria in Aqueous Flue Gas Desulfurization Processes

Lowell et al. (1) have prepared a general list of the equi-
libria present in aqueous flue gas desulfurization processes.
The relative importance of the dissolved species will be depen-
dent upon the type of process under consideration. For example,
in the magnesium oxide process, magnesium is one of the dominant
species while sodium is one of the dominant species in the
regenerative sodium process. A general list of equilibria is
presented in Table 1. Expressions of the following form have
been developed for the temperature dependent equilibrium
constants (1).

logK=———1,13:—--ClogT-—DT+E (1)

K is the temperature dependent equilibrium constant; T is the
absolute temperature in degrees Kelvin; and B, C, D, and E are
constants. Numerical values of these constants are presented
in Table 2.

Values of the equilibrium constants at 298°K can also be
calculated from tabulated thermodynamic properties. The
standard Gibbs' free energy of the reaction at 298°K is first
calculated, and the equilibrium constant at 298°K is then
determined from the equation

AG® = -RT1lnK (2)

AG® is the standard Gibbs' free energy for the reaction at
298°K; R is the ideal gas constant; and T is 298°K. Since the
actual temperature of most slurries or solutions in flue gas
scrubbing applications usually does not exceed 50°C, the value
of the equilibrium constant can be determined at some tempera-
ture other than 298°K by using the van't Hoff equation

AH® 1 1

Koge®®P (-} (- 35g)) (3)

AH® is the standard heat of reaction at 298°K.

K =

Calculation of Ion and Ion-Pair Activity Coefficients

For the concentrations of dissolved species encountered in
flue gas scrubbing applications, the equilibria must be formu-
lated in terms of activities rather than molalities. The
activities, molalities, and activity coefficients are related
by

. T Y.m. L
a4 =Y ()
where a5 Vg0 and m, are respectively the activity, activity
coeffic1entf and moiality of component 1i.
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Table I. Equilibria Present in Flue Gas Scrubbing
Slurries for the Lime or Limestone Processes

H20= HY + OH- (1) HSO7, = Ht + 503° (2)
H2303;‘ Ht + HSO7 (3) HSO}, = Ht + 807~ (W)
HCO7 = Ht + co3” (5) H,CO, = Ht + HCO (6)
CaOHt & ca*tt + OH™ (7) Cas0g = catt + 503 (8)
Casop = Catt + S07" (9) Cacog = catt + coz” (10)
CaHCO*é: catt + HCO (11) MgoHT = Mg** + OH- (12)
MgSOg = Mgtt + sog‘ (13) Mgso? = Mgtt + 50.” (14)
Mgco;: Mgt + oy (15)  MgHCo} = Mgttt + HCO, (16)
NaOH® = Na' + OH- (17) Naso; = Nat + S (18)
NaCOg;‘ Nat + co3” (19) NaHCOg = Nat + HCOY, (20)
Cas0, * 2H,0 = catt + 80,7 + 2H,,0 (21)

Caso, - 1/2H20\:> catt + 5037 + %H,0 (22)

co,(g) + H20<——‘ H,CO, (23) 50,(g) + H,0 = H,S0, (2u)
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Table II.

KERR Flue Gas Scrubbing Slurries

Expressions for Equilibrium
Constants from Lowell et al. (1)

log K = -B/T -C log T -DT + E
Reaction B C D E
1 4.,4710E 03 0.0000 1.7060E-02 6.0875E 00
2 -6.3384E 02 0.0000 0.0000 -9.3320E 00
3 -8.4367E 02 0.0000 0.0000 -4.7171E 00
4 4,7514E 02 0.0000 1.8222E-02 5.0435E 00
5 2.9024E 03 0.0000 2.3790E-02 6.4980E 00
6 3.4047E 03 0.0000 3.2786E-02 1.4843E 01
7 -2.7300E 02 0.0000 0.0000 -2.2900E 00
8 -5.0480E 02 0.0000 0.0000 -5.0910E 00
9 2.5721E 03 2.3150E 01 0.0000 6.3600E 01
10 -4.7548E 02 0.0000 0.0000 -4,7954E 00
11 -3.0185E 02 0.0000 0.0000 -2.2720E 00
12 -5.1799E 02 0.0000 0.0000 -4,.3223E 00
13 -4,.3250E 02 0.0000 0.0000 -4.3715E 00
14 -1.0579E 03 0.0000 0.0000 -5.7950E 00
15 -5.0480E 02 0.0000 0.0000 -5.0910E 00
16 -2.3508E 02 0.0000 0.0000 -1.7470E 00
17 0.0000 0.0000 0.0000 5.7000E-01
18 -2.4100E 02 0.0000 0.0000 -1.5290E 00
19 -3.0341E 02 0.0000 0.0000 -2.2852E 00
20 0.0000 0.0000 0.0000 2.5000E-01
21 4.,9440E 03 3.7745E 01 0.0000 1.0536E 02
22 0.0000 0.0000 0.0000 -7.0757E 00
23 -1.0150E 03 0.0000 0.0000 -4,8700E 00
24 -1.3700E 03 0.0000 0.0000 -4.5100E 00
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Semi-empirical methods based upon Debye-Huckel theory can
be used to calculate the activity coefficients. The activity
coefficients are dependent upon several variables and among
them is the ionic strength of the liquid. The ionic strength
of the flue gas scrubbing process is highly dependent upon
the type of process and certain parameters such as the chloride
content of the coal, the amount of free water purged from the
process and the addition of soluble additives to the scrubbing
liquid. Some flue gas desulfurization processes such as dual
alkali processes or regenerative sodium scrubbing have inherently
higher ionic strengths because of the soluble nature of the
dissolved species. Processes operating with lime or limestone
slurries have lower ionic strengths because the dissolved
species are less soluble. Lime or limestone processes typi-
cally operate with ionic strengths in the range of 0.1 to 0.2 M.
If the chloride content of the coal is high and the process
has extensive dewatering equipment, the ionic strength might
be as high as 1 M. The addition of magnesium oxide to lime or
limestone slurries to promote the removal of sulfur dioxide will
also increase ionic strength.

The original Debye-Hickel expression for the calculation
of the activity coefficients of ions is

lo = -A 2 Il/2
g Yi - Zi

(5)
Y. is the activity coefficient of the ith ion; A is a constant
dependent upon the solvent and the temperature; z is the charge
of the ith ion; and I is the ionic strength.

I=0.5¢% m,z? (6)
1 1

A derivation of this expression is presented by Daniels and
Alberty (2). Equation 5 is limited to very dilute solutions,
I less than 0.01 M. Equation 5 can be extended to lore con-
centrated solutions by incorporating a term 1 + BeI? in the
denominator of equation 5.

1
Azi 12

log Y; = - (7)
1 + Bel

B is a constant that is dependent upon temperature and the type
of solvent, and e is the mean distance of closest approach of
the ion in solution. Values of e, expressed in angstroms, have
been tabulated by Lowell et al. (1). A somewhat simpler result
is obtained if a typical value is chosen for €, so that Be is a
constant, and a deviation parameter b is incorporated into
equation 7. Choosing unity for Be, equation 7 becomes
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1
2
log v; = Azi {- ——L—jj-+ b.I} (8)
1+ 17 *

Values of the parameters € and b, are listed for several ions

in Table 3. It has been observed that bi for many ions is

about 0.3 (3). With this simplification, equation 8 can be

written as

L

2 I*

log Yy, = Az, {- ———— + 0.3I} (9)
1 1 1+ Ié

Equations 8 and 9 can be used for values of I up to 1. M. The
second term in these equations accounts for the reversal of
slope of activity coefficient versus lonic strength from nega-
tive to positive as ionic strength increases. Equations 8 and 9
have been widely used in the equilibrium calculations of the
lime or limestone processes. With coals of moderate chloride
content and for systems without extensive sludge dewatering,
the ionic strength is well below 1.0 M, and equations 8 and 9
reasonable.

For applications where the ionic strength is as high as
6 M, the ion activity coefficients can be calculated using
expressions developed by Bromley (4). These expressions retain
the first term of equation 9 and additional terms are added. to
improve the fit. The expressions are much more complex than
equation 9 and require the molalities of the dissolved species
to calculate the ion activity coefficients. If all of the
molalities of dissolved species are used to calculate the ion
activity coefficients, then the expressions are quite unwieldy.
However, for the applications discussed in this paper many of
the dissolved species are of low concentration and only the major
dissolved species need be considered in the calculation of ion
activity coefficients. For lime or limestone applications with
a high chloride coal and a tight water balance, calcium chloride
is the dominant dissolved specie. For this situation Kerr (5)
has presented these expressions for the calculation of icn
activity coefficients.

For dual alkali scrubbing, the major dissolved species
are sodium chloride, sodium bisulfite, sodium sulfite, and
sodium sulfate. If a separate prescrubber is provided for the
removal of fly ash and hydrogen chloride before the removal of
sulfur dioxide, then sodium chloride will not be present in
the sulfur dioxide scrubber.

For the regenerative magnesium oxide scrubbing process,
the dominant dissolved species are magnesium sulfite, bisul-
fite, and sulfate. TFor this process, chloride and fly ash
are removed separately to avoid their accumulation in the main
scrubbing loop. For this reason, chloride is not a significant
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Table III. Activity Coefficient Parameters (1)

Species € bi
Ht 6.0 0.4
Nat 5.0 0.1
catt 4.5 0.1

- . 0.0
80 3.0
c1- 4.0 0.0
- b4, 0.0
so3 5
HSOY 4.5 0.0
- 4. 0.0
cog 5
HCOJ, 4.5 0.0

All other charged species: € =

b, =
i

O w
PR
w o
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specie in the main scrubbing loop.

For the regenerative sodium sulfite scrubbing process, the
dominant dissolved species are sodium sulfite, bisulfite, and
sulfate. This process is usually configured so that chloride
and fly ash are removed separately.

The activity coefficients of uncharged species can be
calculated using the expression (6).

log y; = 0.0761 (10)
For most applications, the activity of water may be taken
as unity. A better approximation for the activity of water is

its mole fraction (7).

Computational Methods

Although one can probably find exceptions, most equilibrium
calculations involving flue gas slurries are performed with
temperature as a known variable. With temperature known, the
numerical values of the appropriate equilibrium constants can
be immediately calculated. The remaining unknown variables
to be determined are the activities, activity coefficients,
molalities, and the gas phase partial pressures. The equations
used to determine these variables are formulated from among
the equilibrium expressions presented in Table 1, the expressions
for the activity coefficients, ionic strength, material balance
expressions, and the electroneutrality balance. Although
there are occasionally exceptions, the solution sequence general-
ly is an iterative or cyclic sequence.

Successive substitution is the simplest although generally
the least effective method for performing these calculations.
Values are assumed for one or more of the unknown variables;
other variables are then determined from some of the equations;
new values of the assumed variables are determined from the
remaining equations. The process is repeated until convergence
is obtained. For flue gas desulfurization examples, many of
the variables are highly constrained, and the calculation
sequence can easily move into infeasible regions. The solution
sequence frequently oscillates.

Linearization methods such as the Newton-Raphson algorithm
might be used. The equations are linearized using a first order
Taylor series expansion. Values of the first derivatives are
calculated using assumed values of the variables. The resulting
system of linearized equations is solved using a matrix inver-
sion technique. The process is then repeated until convergence
is obtained. This method is quite tedious to implement. The
calculations can also move into the infeasible region. The
solution sequence often oscillates.

The use of optimum seeking methods to direct the iterative
calculations has been found to be an excellent method of per-
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forming equilibrium calculations described in this paper. Con-
vergence is rapid; computer time is minimal; and the computer
programming is simple. Variables are divided into two cate-
gories: search variables and state variables. Variables mani-
pulated by the optimum seeking method to zero or minimize an
artificial objective function are search variables. Variables
that are solved explicitly from an equation are called state
variables. There are two types of state variables. Iterative
state variables are those calculated from certain equations
each time the optimum seeking method supplies a new set of
search variables. Noniterative state variables are those cal-
culated from certain equations only once: before, after, or in
between searches if more than one search is required. Equations
have two uses. They are used to solve for state variables and
to formulate artificial objective functions. There is a separ-
ate objective function for each search. Most of the applications
of the type described in this paper require only a single search.
Each term in the artificial objective function corresponds to a
specific equation in the statement of the problem. The search
dimensionality equals the number of terms in the objective
function.

An optimum seeking method is a systematic way of manipu-
lating a set of variables to find the values of the variables
to maximize or minimize some criterial. Their most popular
uses have been economic ones such as profitability or costs or
technical criterial such as conversion of raw materials or
product recovery. For the applications described in this paper,
the optimization criterial are the minimization of the squared
deviations from zero of the equations chosen to constitute
the objective function. The equations chosen to formulate the
objective function can be written as

fF(x )=0 (11)

The minimization criteria y can then be expressed as

y = If° (12)

If the equations used in formulating equation 12 are dimensional-
ly dissimilar, then the equations should be written as fractional
deviations from zero, f*. This requires that equation 12 be
rewritten as

y = I(£%)° (13)

The optimum seeking methods which have been found to be
particularly useful are the modified Fibonacci search (search
by golden section) for one-dimensional searches and the Hooke-
Jeeves search for multi-dimensional searches. Beveridge and
Schechter (8) give a complete description of these searches.
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Kuester and Mize (9) have listed computer programs written in
Fortran IV for both of these searches.

If all of the variables appeared in all of the equations,
then the use of optimum seeking methods for the direction of
the calculations would be impractical because the search dimen-
sionality would become excessive. However, the opposite 1s true
for these applications. The system of equations is sparse; only
a few variables are present in each equation. This requires
that only a few variables need to be search variables with the
rest being state variables. Search variables must be chosen
carefully. Generally, the most constrained variables should
be chosen as search variables, and the least constrained vari-
ables chosen as state variables. The opposite choice will often
drive the highly constrained variables into the infeasible
region causing computational difficulties. Also for the appli-
cations illustrated in this paper, minor equilibrium species
should not be chosen as search variables.

With regard to computer programming, the optimum seeking
methods should be written separately and stored as a library
program for repetitive use. The main program reads the input
data, calls the search routine, performs any noniterative
calculations, and handles the output. The calculation of
iterative state variables and the calculation of the objective
function should be performed within function subprograms.

Calculation of Supersaturation Ratios of Flue Gas Scrubbing
Slurries

The scaling tendency of the lime or limestone processes
for flue gas desulfurization is highly dependent upon the
supersaturation ratios of calcium sulfate and calcium sulfite,
particularly calcium sulfate. The supersaturation ratios
cannot be measured directly. They are determined by measuring
experimentally the molalities of dissolved sulfur dioxide,
sulfate, carbon dioxide, chloride, sodium and potassium,
calcium, magnesium, and pH. Then by calculation, the appro-
priate activities are determined, and the supersaturation
ratio is determined. Using the method outlined in Section IV,
the concentrations of all ions and lon-pairs can be readily
determined. The search variables are the molalities of
bisulfite, bicarbonate, calcium, magnesium, and sulfate ions.
The objective function is defined from the mass balance
expressions for dissolved sulfur dioxide, sulfate, carbon
dioxide, calcium, and magnesium. This equation is
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2
y = (m302 S My =My - Mg =My - M)
+ ( -m. -m, - -m, -m )2
msou 6~ M7 7 My T Mo T Mg
* (mc02 Mg T Mg T Mo T Mg T Mg T Moy
-m,, -m, . - )2
22 T Mg T Moy
+ (m. -m m -m.. -m -m_ ~-m )2
ca ™ ™17 M2 T M3 T My T M5 T Mg
+(m, -m _-m_-m _ -m.,. -m. -m )2 (14)

With the search variables listed above, the calculation of the
remaining molalities (iterative state variables) can be easily
performed sequentially by using the equilibrium expressions for
the reaction shown in Table 1 and the calculated activity
coefficients. The equations are used in the order in which
they appear in Table 1. The sequence of calculation of mola-
lities is OH™, SO;7, H,S0,, HSO,, CO7™, H,CO,, CaOH', CaS0§

3 3> Y27V 3’
Cas0g, CaC03, CaHCOY, MgOH', MgS0g, MgSOQ, MgCO3, MgHCOY, NaOHO,

3’° 3 3°
NaSOa, NaCOS, and NaHCO%. For the first function evaluation,
the ionic strength is calculated using only the known mola-
lities. As the search progresses past the first point, ionic
strength is calculated more precisely by using known molalities
and the remaining molalities from the previous point. Like-
wise, on the first cycle of the search, sodium is assumed to be
completely ionized. As the search progresses, a more precise
value of the molality of sodium ion is obtained by subtracting
the sodium ion-pair molalities obtained from the previous point.
When y becomes suitably small, the search is terminated and the
supersaturation ratios are calculated using two remaining
equations of Table 1. The ionic imbalance can also be cal-
culated and used as a guide for assessing the reliability of
the measured compositions. A cdmplete numerical example has
been outlined by Kerr (5).

Calculation of Dissolved Alkalinity

The absorption of sulfur dioxide into flue gas scrubbing
slurries is enhanced considerably because of the reactions of
dissolved sulfur dioxide with various dissolved alkaline
species. The alkaline species of interest are the following

ions and ion-pairs: OH™, sog', HCOE, COS‘, MgS02, MgC0g%,
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MgOHt, MgHcot, caont, CaSO%, Cacog, and Cchog. It is often
desired to calculate the sum of the above molalities for a
specified temperature, carbon dioxide partial pressure, pH,
chloride molality, total molality of dissolved magnesium, and

supersaturation ratio of calcium sulfite and calcium sulfate.
An examination of Table 1 shows that if the molalities

of Mgtt and 805~ are used as search variables, then the activity
coefficients and the remaining molalities can be calculated
sequentially as iterative state variables. The sequence of

molalities is OH™, Catt, 8037, HSOS, stos’ HSO0}, HCOE, COS‘,
CaOH*, CaS0§, Cas0g, Cas03, CaHCOY, MgOH', MgSO3, MgSO], MgCog,

and MgHCOY. The sequence in which the equilibrium expressions
of Table i are used is 1, 21, 22, and 2 through 16. In this
problem formulation sodium was not considered.

The artificial objective function was formulated from the
electroneutrality balance and a mass balance on the total
dissolved magnesium., This result is

_ 2
y = (Zzimi)

t gy = Myg s Mg m Mg m My T My T Myy) (15)
The starting values of the search variables were the total
; s s ++ _
dissolved magnesium molality for mMg and mMg 0.5mCl for msoa_.

The activity coefficients were calculated using equation 8.
At the end of the search, the dissolved alkalinity is calcu-
lated by summing the appropriate molalities.

The computed results are listed in Table 4. Inspection
of this table shows that dissolved alkalinity increases with
increasing concentration of dissolved magnesium and decreases
with increasing concentration of chloride.

Table IV. Calculated Values of Dissolved Alkalinity

Chloride Magnesium Dissolved

Molality Molality Alkalinity Molality
0.0857 0.1250 0.001544
0.1142 0.1250 0.001434
0.1427 0.1250 0.001448
0.0857 0.1666 0.001835
0.1142 0.1666 0.001778
0.1427 0.1666 0.001721
0.0857 0.2082 0.002137
0.1142 0.2082 0.002076
0.1427 0.2082 0.002015

These values are based upon a pH of 5.5, temperature
of 50°C, carbon dioxide partial pressure of 0.12 atm,
calcium sulfite supersaturation ratio of 1.0, and
calcium sulfate supersaturation ratio of 1.25.
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Abstract

The most significant chemical equilibria present in flue
gas scrubbing slurries are outlined. Expressions for tempera-
ture dependent equilibrium constants are presented that are
suitable for the temperature ranges encountered in scrubbing
applications. Expressions for activity coefficients of ions
and ion-pairs are presented that are suitable for the ranges
of ioni¢ strengths encountered for this type of applications.

A novel method of performing equilibrium calculations
based on optimum seeking methods is developed. The method is
easily computer programmed, has good convergence properties,
and requires only modest amounts of machine time. All of the
above polints are illustrated with two examples: calculation
of gypsum supersaturation ratio and calculation of dissolved

THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

alkalinity. Gypsum supersaturation ratio is an important operat-

ing parameter for scale control. The second example will show
how the presence of magnesium increases dissolved alkalinity in
a calcium system and how the presence of chloride decreases
dissolved alkalinity.

Nomenclature
Symbol Definition
A Debye-Huckel constant
B,C,D,E Constants in expressions for equilibrium
constants
AG® Standard Gibbs' energy of reaction
AH® Standard heat of reaction
I Ionic strength
K Equilibrium constant
R Ideal gas constant
T Absolute temperature
a Activity
b Parameter for calculation of activity
coefficients
Algebraic expression or deviation from zero
= Algebraic expression or deviation from zero
(dimensionless)
m Molality
X Variable
y Value of an artificial objective function
Z Ion charge
B,e Parameters for calculation of activity
coefficients
Y Ion activity coefficient
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Component Subscripts

Ca

CO2

Mg
S
%

w
W O N o0 o F W N J:C)

[
o

11
12
13
14
15
16
17
18
19
20
21
22
23
24
25
26
27
28
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Definition

Total calcium

Total dissolved carbon dioxide
Total magnesium

Total dissolved sulfur dioxide
Total dissolved sulfate

Ht

OH™

S0
H O3

SO3

o
H2303

HSO;
SOu
HCO3

CO3

H2CO3

ca0H'
catt

[o]
CaSO3

(o]
CaSOL+

[o]
CaCO3

Cchog
MgOHt

Mg++

MgSO%
MgSOﬁ
MgCO%
MgHCOE
NaOH®
Nat
NaSO;
NaCOg
NaHCO%

c1~
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Correlation of Vapor-Liquid Equilibria of
Aqueous Condensates from Coal Processing

D. M. MASON and R. KAO
Institute of Gas Technology, 3424 South State St., ITT Center, Chicago, IL 60616

Ammonia is produced along with carbon dioxide and hydrogen
sulfide in many coal conversion processes such as hydrogasifi-
cation for the production of substitute natural gas (HYGAS®,
Synthane, etc.), medium- and low-Btu gasification, and lique-
faction. When reactor product gases are cooled, an aqueous
solution is obtained that may contain substantial amounts of
ammonium bicarbonate and hydrosulfide. For example, after letting
the solution down to atmospheric pressure, condensates from the
HYGAS Process Development Unit ranged up to about 2 molar ammonia
concentration accompanied by lesser amounts of bicarbonate and
sulfide.(l) Small amounts of hydrogen cyanide and hydrogen chlo-
ride are also produced in such processes. In auxiliary processing
under more oxidizing conditions, sulfur dioxide may be produced
together with ammonia. This is true for the HYGAS Process when
the feed is bituminous coal, which must be pretreated by reaction
with air under relatively mild conditions to reduce its agglomer-—
ating tendency.

Successive steps of hydrogasification processes in which the
equilibria with bicarbonate and hydrosulfide are involved include
cooling of the raw product gas either indirectly or by quenching
with water, de-pressuring of the condensate or quench water with
evolution of gases, processing of the condensate or quench water
to recover ammonia and hydrogen sulfide, and cleanup of waste
water for disposal. Vapor-liquid equilibria of nonelectrolyte
gases including hydrogen, methane, carbon monoxide, and carbonyl
sulfide are also involved in some of these process steps. Pres-
sures range up to about 90 atmospheres in hydrogasification and
perhaps up to 200 atmospheres in liquefaction. Temperatures of
interest range up to about 230°C in gasification; the maximum is
lower in liquefaction.

Of the problems presented, correlation of the NH3-CO2-H2S5-H:O0
system is most important. Data that might be used for direct
empirical correlation of partial pressures or fugacities with
total concentrations of ammonia, carbon dioxide, and hydrogen
sulfide in the liquid are available for relatively limited ranges

0-8412-0569-8/80,/47-133-107$08.00/0
© 1980 American Chemical Society
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of temperature, composition, and pressure. Thus, analysis in
terms of a model is necessary for extension to areas where data
are not available or are of poor accuracy. In the approach taken
by Prausnitz and co-workers(2, 3), reliance is placed on ion-
ization constants, Henry's law correlations based on binary mix-
tures of each gas with water, and ionic activity coefficients
based on correlations of Bromley(ﬁ) and Pitzer(5). They used
ternary vapor-liquid equilibria data for verification only.
Beutier and Renon(6) have used a similar model but adjusted their
ionic activity coefficient parameters to fit selected ternary
data. Our own approach, initiated before we became aware of the
Prausnitz work, was to analyze the ternary data by modification
of the method of van Krevelen, Hoftijzer, and Huntjens(7) and to
extend its range by use of ionization constants, Henry's law
correlations, and correlations of activity coefficients as needed.
Thus, in many areas we needed the same basic data as in the
Prausnitz or Renon approach.

Solubility of Gases in Water

The solubilities of ammonia, carbon dioxide, and hydrogen
sulfide were obtained from binary data and expressed in terms of
a Henry's constant for infinite dilution and an interaction
parameter:

log v =

Variation of the Henry's constants with temperature are presented
in Figures 1, 3, and 5 for the respective gases, and their inter-
action parameters are presented in Figures 2, 4, and 6. For
carbon dioxide, the interaction parameter in Figure 4 is expressed
on the mole fraction basis, as in the Krichevsky-Ilenskaya equa-
tion. Details of the data reduction and results have been pre-
sented elsewhere(8), except for the recent data of Wells(9) on
ammonia-water and the data of Mather and Lee(10) and Mather(ll)

on hydrogen sulfide-water. Wells reduced his data according

to the methods of Edwards, Maurer, Newman, and Prausnitz (EMNP)(3) .
Mather's data were correlated by Neuburg et al.(1l), according to
the Krichevsky-Ilenskaya equation. They calculated apparent molar
volumes of hydrogen sulfide (invariant with concentration and

thus considered equal to partial molar volumes), from density data
of Murphy and Gaines(12). The molar volumes are presented in
Table I together with data on carbon dioxide and ammonia from
other sources.

The Henry's constant for ammonia at temperatures from 20° to
150°C is admirably represented by the equatlon of EMNP(3). Haas
and Flsher(lB) obtained constants from 150 to 3000C from the data
of Jones (li) on low concentrations of ammonia.
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Figure 1. Henry’s constant for solubility of ammonia in water: (O) Clifford and
Hunter; () Macriss; ([J) Van Krevelen; (V) Frohlich; (¢ ) Wells (9); also see
Ref. 8
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Figure 2. Effect of temperature on the activity coefficient of ammonia in water:
(O) Clifford and Hunter,; ( \) Macriss et al.; () Wells (9); also see Ref. 8
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Figure 3. Henry’s constant for solubility of carbon dioxide in water: (O) int’l.
crit. table; (A) calc. from Takenouchi and Kennedy, and Malinin; (() calc. from
Wiebe and Gaddy, Houghton et al.; (\/ ) Malinin, low pressure; see Ref. 8
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Figure 4. Effect of temperature on Margules constant for carbon dioxide in water:
(O) Gibbs and Van Ness; calculated by Malinin: (\) Houghton et al.; ((]) Wiebe
and Gaddy; (V) Takenouchi and Kennedy; see Ref. 8
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For carbon dioxide, we expressed the Henry's constant in
atm-kg H,0/mole as:

log H_ = 3.822 - 7.8665_x 10 exp (I/100) - 0.04145 (T/100)
- 17.457 (T/100)

for the temperature range of 20° to 300°C. Values from the
equation of EMNP agree within 77%.

We adopted the equation of Clarke and Glew(l5), shown in
Figure 5, for the Henry's constant of hydrogen sulfide in atm-
kg Hy0/mole:

-1
log HS = 102.325 - 4423.11 T - 36.6296 log T + 0.013870 T

It fits the data well from 20° to about 260°C. At temperatures
up to lSOOC, the equation of EMNP(3) is in good agreement.

We fitted the interaction parameters with equations as
represented in the graphs(8) and given in Table II. Values do
not differ significantly from those of the equations of EMNP(3).

Table II. EFFECT OF TEMPERATURE ON THE ACTIVITY
COEFFICIENT OF THE GAS IN BINARY MIXTURE WITH WATER

Gas Equation log Y = bm Temperature Range
NH 3 b,y = 0.0356 - 0.00008 T 20° - 150°C

CO2  bg = -0.767 + 226.7/T 100 - 35%¢

€02 b. = -0.143 + 34.56/T 35, - 325C

H.S bg = -0.143 + 34.56/T 200 - 180°C

Ionization Constants

Equations for the ionization of water(l6) and ammonia(l7),
each incorporating new data extending to 306°C, have appeared
recently (Table III). At temperatures up to 150°C earlier
data selected by Barnes et al(l8) and represented by the equation
of EMNP(3) agree within 2.5% for water and 6% for ammonia. The
first apparent ionization constant of carbon dioxide (COz + H2CQ3i)
was represented by EMNP in an equation based on values selected
by Barnes et al.(18); later experimental data by Kryukov agree
with the equation within 2%(}2). Data on the first ionization
constant of hydrogen sulfide vary more widely, as shown in
Figure 7. Professor H. L. Barnes(20) has recommended the equation
of Naumov(21l), applying to the range of 0° to 350°% (Table III).

Salting Out of Gases

Salting-out Coefficients at 25°C. The effect of an elec-
trolyte on the solubility or activity of a gas dissolved in an
aqueous solution is commonly expressed as a salting out coeffi-
cient:
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Figure 7. First ionization constant of hydrogen sulfide: (O) Barnes et al.; (A)
Ellis and Milestone; () Ellis and Giggenbach; (V) Ellis; () Helgeson; (<)
Tsonoupolos et al.; (>) Sretenskaya; see Ref. 8
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S

log S—O = log Y = kC
Sucii coefficients are needed for the effect of ammonium bicar-
bonate, carbamate, and hydrosulfide salts on the liquid phase
activities of ammonia, carbon dioxide, and hydrogen sulfide.
They cannot be directly measured because of the chemical reactions
of the dissolved molecular components, but must be calculated
theoretically or estimated by correlation. Electrostatic theory
does not predict negative coefficients, which are characteristic
of ammonia with some salts. To us, it appears that scaled par-
ticle theory(22) is probably the best method of calculation,
but the required parameters (polarizability and ion size) are not
available for the salts of interest.

Long and McDevit(23) obtained an expression for prediction
of salting out of nonpolar nonelectrolytes based simply on the
work required to create the volume occupied by the neutral
molecules:

Kk = ¢9(v -¥9)/2.3 RT £
1 s S o]

—o
where k is the salting-out coefficient on a molar basis, Vi 1is

the partial molar volume of the molecular specie at infinite
dilutiog, Vg is the molar volume of the hypothetical liquefied
salt, Vg is the partial molar volume of the salt in water at
infinite dilution, and £ is the compressibility of pure water.

This expression is a limiting law for infinite dilution.
Its physical interpretation is that the contraction in total
volume that occurs on mixing salt and water can be thought of
as a compression of the solvent; this compression makes it more
difficult to insert the molecule of nonelectrolyte. This theory
has been more successful than those based on electrostatic
effects in explaining the variation in salting-out coefficient
from salt to salt, including the occurrence of negative values.
However, coefficients calculated from this equation or from its
alternative expression using experimental compressibility data,
do not always agree well with experiment (22). Instead, we use
the relationship as the basis of an empirical correlation of
the effect of temperature on the salting-out coefficient, as
described later.

Van Krevelen and Hoftijzer developed an empirical corre-
lation in which the coefficient, on an ionic strength basis,
is considered to be the sum of contributions from the cation,
the anion, and the gas(24):

S
o
2= + + x I
log g (xg X g an’
where Xg’ LI and Xn are salting-out contributions from gas,
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cation, and anion, respectively, and I is ionic strength on the
molar basis. Once a contribution has been determined from one

or more combinations, coefficients for unmeasured combinations
can be calculated. However, no data were then available for
bicarbonate or hydrosulfide salts. More recently, Onda and co-
workers (25,26)published a correlation using the same scheme.

They measured the salting out of ethylene by mixed KHCO3-K;CO4
and NaHCO03-NapCOj3 solutions and obtained the contribution of the
bicarbonate ion by difference from their correlated values for
ethylene in K,CO3 and Na;CO3. They give a contribution value for
the hydrosulfide ion also, but do not reference its source. For
a similar correlation, Hikita and co-workers measured the salting
out of nitrous oxide by mixtures of sodium carbonate and sodium
bicarbonate. (27)

Onda found a standard deviation of 0.052%/mol for his com-
plete set of data, including multicharged ions. These correlations
thus provide a coefficient for gases in ammonium bicarbonate that
may be in error by more than 0.05 %/mol: Onda's coefficients for
gases in ammonium hydrosulfide are of unknown origin and accuracy,
and coefficients for ammonium carbamate are not provided. In
short, this type of correlation does not provide the needed infor-
mation.

To establish a data base for correlation and prediction of
salting-out coefficients, we have gathered all the data we could
find in the literature on salting out of ammonia, carbon dioxide,
hydrogen sulfide, and nitrous oxide by ammonium, potassium, and
sodium salts of single- and double-charged anions. Because
molalities are commonly used for expressing concentrations in
vapor-liquid equilibria correlations, we have calculated the
coefficients with salt concentration in gram equivalents per
kilogram of water and gas solubility in amount per kilogram of
water. Except for salts of low solubility such as potassium
sulfate, bromate, and iodate, measurements were usually available
over a range of concentration. When calculated on the molal basis,
the salting-out coefficient for many salts was constant to a few
units in the third decimal, but for others it varied by a maximum
of about 0.02 over a 2 molal concentration range. For this
compilation, we have chosen mostly coefficients obtained at 1 gram
equivalent per kilogram of water. Values obtained are presented
in Table IV.

Table IV shows that potassium and sodium salts have been
studied much more extensively than ammonium salts. However, we
found that, for any one gas, differences in the coefficient between
potassium and ammonium salts of the same anion and between sodium
and ammonium salts of the same anion are nearly constant. For
gases other than carbon dioxide, we have used data on bromides,
chlorides, nitrates, and sulfates from a single investigator to
obtain average differences (Table V). For carbon dioxide, such
data were not available, and we used averages of results on
chlorides, nitrates, and sulfates from different investigators.
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These yielded poorer agreement than was obtained on the other
gases.,

Table V. EFFECT OF CATION ON SALTING-OUT COEFFICIENT

Average Difference

Average Absolute

Kf— NHt Na+;NHq Deviation
——————— kg Hy0/mol
Ammonia 0.055 0.041 0.006
Carbon Dioxide 0.045 0.082 0.017
Hydrogen Sulfide 0.036 0.052 0.009
Nitrous Oxide 0.042 0.072 0.004

We have used these average differences between potassium and
ammonium salt solutions and between sodium and ammonium salt
solutions to calculate average values of salting-out coefficients
for the four gases in ammonium salts from determinations on salts
with the same anion but different cations. A sample calculation
from data on ammonia in bromide solutions is shown in Table VI.

Table VI. SAMPLE CALCULATION

Coefficient, kg H,0/mol

Cation +
Observed Difference NHy Value

Salt Investigator (Table 1IV) (Table V)

NH,Br Dawson and McCrea ~0.052 0.000 -0.052
KBr Abegg and Riesenfeld 0.026 0.055 -0.029
KBr Dawson and McCrea 0.002 0.055 -0.053
NaBr Abegg and Riesenfeld 0.020 0.041 -0.021
NaBr Dawson and McCrea -0.007 0.041 -0.048
Average -0.041

Results thus obtained on single-charged anions and on sulfate
are presented in Table VII. Other salts with double-charged
anions could have been added, but we have not been able to use
the resulting values in correlations for prediction of salting
out by bicarbonate, hydrosulfide, and carbamate salts. Note that
the result for hydroxyl ion is for a hypothetical ammonium
hydroxide that behaves as a strong electrolyte. Also, results
obtained from potassium and/or sodium salts may differ from actual
behavior of ammonium salts because of pairing of ammonium ion with
the anion. For later discussion we have also calculated an average
difference in salting-out coefficient between ammonia and each
other gas.

For correlation of the coefficients we have found two parame-
ters for which values are known for all or most of the single-
charged anions in the data base and also for bicarbonate and
hydrosulfide. These are the entropy of the ion and the thermo-
chemical radius of the ion as calculated by Yatsimirskii(37,38).
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Salting-out coefficients for ammonia in ammonium salts are
plotted in Figure 8 against entropy of the anion based on S of
hydrogen equal to —5.3 entropy units (cal/mol K). This basis
is adopted from Friedman and Krishnan(39), but the entropy
values are taken from a more recent compilation(ég). With some
exceptions, values fall into two groups: one consisting of
chloride, bromide, and iodide, and the other consisting mostly
of oxygenated anions. Fluoride, hydroxide, and cyanide appear
to be intermediate. A similar effect, also showing a difference
between the halides and oxygenated anions of about 20 entropy
units, was found by Bromley on a plot of activity coefficients
of anions(4).

Yatsimirskii's thermochemical radii are obtained from
Kapustinskii's empirical formula for the lattice energy of
crystalline salts. The lattice energy is the heat evolved when
the gaseous cation and anion combine to form the salt:

U, = BH; anion (g) + AH salt (c)

f f f
where U, is the lattice energy in kcal/mol and AH. anion (g),
OHf cation (g), and AHf salt (c) are the respective heats of
formation of gaseous cation, gaseous znion, and crystalline
salt. Kapustinskii's formula for univalent salts is —

U = <574.4 _> <l _0.345 >
o r +r r +r
an ca an ca
where ry, and r., are the respective thermochemical radii of
anion and cation in A. Kapustinskii established his formula
with the use of Goldschmidt radii of monatomic ions. To extend
the scheme to multiatomic anions of unknown radius and heat of
formation of the gaseous anion, the formula is applied to two
salts of the same anion with cations of differing radii. The
two simultaneous equations can then be solved for the radius
and heat of formation of the anion.

The correlation of salting-out coefficients with thermo-
chemical radii of anions from Yatsimirskii is presented in
Figure 9. The bromate ion again shows a higher than expected
salting-out coefficient, which indicates that the coefficient
is erroneous. The coefficient for nitrite lies beneath the
curve. We have recalculated its radius from Kapustinskii's
formula with current thermochemical data on barium, calcium,
potassium, and sodium nitrites(4l,42) to obtain values ranging
from 1.60 to 1.68 8. An average of these values reduces the
disagreement with our correlation, but not sufficiently to
bring the deviation into the range, about *0.02 kg H20/mol,
found for other salts.

In the entropy correlation, the bicarbonate ion should fall
on the oxygenated anion line, and we assume that the hydrosulfide

cation (g) - AH
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ion falls on the halide line. We then obtain the following
coefficients for the salting out of ammonia by ammonium bicar-
bonate and ammonium hydrosulfide at 25 C:

Ion Radius

_ Entropy Correlation Correlation
HCO 4 0.038 0.034
HS ~ ~0.022 -0.022

The two correlations thus agree very well.

The correlation parameters are not well established for the
carbamate ion. The determination of entropy of the aqueous salt
is uncertain because of its tendency to decompose to ammonia and
bicarbonate ions. Entropy of the anion has been estimated by
Wagman and Goldberg of NBS at 22 cal/mol K (S° of H = 0.0). (43)
This yields a salting-out coefficient for ammonia by ammonium
carbamate of 0.036 kg H,0/mol.

From thermochemical data of Bernard and Borel(44) we obtain
1.69 A ag the thermochemical radius of the carbamate ion (instead
of 1.93 A as apparently miscalculated by Bernard and Borel). Our
value gives a salting-out coefficient of 0.024 kg Hp0/mol, in
good agreement with the coefficient obtained from the entropy
of the anion.

Thus, averages from the two correlations yield tentative
values of 0.036, —0.022, and 0.033 kg H,0/mol for the salting
out of ammonia by ammonium bicarbonate, hydrosulfide, and
carbamate solutions, respectively, at 25 C. However, for ammonia
in ammonium hydrosulfide we prefer to use a value from our cor-
relation of the ternary data of Miles and Wilson(45,46), as
discussed later.

The coefficients for the other gases in ammonia salts at
25°C (Table VII), show patterns similar to that of ammonia, but
there are insufficient data to obtain independent correlations.
Instead, we have averaged the differences between each gas and
ammonia in ammonium salts, as shown in Table VII, to obtain
for any given salt solution:

k
c

k
s

1]

k_+ 0.028
a

k + 0.016
a

Effect of Temperature on Salting-Out Coefficients. Long and
McDevit (23) point out that on differentiation of their equation
with respect to temperature, several terms are obtained of which
the dVS/dL one is dominant, and the predicted temperature coeffi-
cient is approximated by the equation:

dk _ i (gxs)
dT 2.3RT B_ 3RT B
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The partial molar volume of carbon dioxide and the product
BoT are essentially constant from O to about 60°C; this suggests
use of the partial molar volume of the salt as the only corre-
lation parameter. The correlation was tested in the form:
-0

kK —k =c (Vo -V)
to tp ¢ Ve t

where ktz ke, are salting-out coefficients on the molal basis
for a given salt at the respective temperatures t; and t;; cis a
correlation coastant; and Vi, and Vg, are partial molar volumes
of the salt at infinite dllutlon at these temperatures. We
tested the relationship with data on carbon dioxide in the tem-
perature range of 0 to 40 C. Markham and Kobe(33) report precise
data at 0.2 25° and 40°C for salting out by a number of salts.
Two additional data points with 15° to 35% temperature intervals
were obtained from data of Yasunishi and Yoshida(34). Partial
molar volumes of salts of infinite dilution were obtained from a
compilation by Millero.(47) Results are presented in Figure 10.
(Note that the salts are listed there in the order of increasing
difference in partial molar volume.) The correlation is sur-
prisingly good, with the constant ¢ equal to —0.0056 kgHZO/cmg.

Ellis and Golding(48) and Malinin and coworkers (49,50) have
obtained data on the salting out of carbon dioxide by aqueous
sodium chloride solutions at still higher temperatures, as shown
in Table VIII. According to these data, the salting-out coef-
ficient has a minimum at about 140 C, whereas the maximum in the
partlal molar volume of aqueous sodium chloride occurs at about
65°C. Malinin's salting-out coefficients for carbon dioxide in
calcium chloride solutions, also reported in Table VIII, show a
minimum at about 60 C, whereas the maximum 1n the partial molar
volume of calcium chloride occurs at about 35 C. The salting out
of methane by sodium chloride solutions, on the other hand, does
show a minimum at about 70°C(51), close to the temperature pre-
dicted by the Long-McDevit equation. Probably the behavior of
carbon dioxide can be rationalized on the basis of the formation
of carbonic acid or of other interaction with water as shown, for
example, by equations of state of water-carbondioxide mixtures (52).
In any case, it appears that uncertainty in the variation of the
coefficient for carbon dioxide in sodium chloride solution is not
more than about 0.01 kg Hy0/mol in the temperature range from 25
to 150°C.

To apply the correlation of Figure 10 for prediction of the
salting out of carbon dioxide by ammonium hydrosulfide and bi-
carbonate solutions we need to correct for the differences of
their partial molar volumes from that of sodium chloride. Partial
molar volumes were obtained fromEllis and McFadden(53). Volume changes
of the hydrosulfide and b1carbonate are equal within .2 cm 3 /mol
at temperatures up to 100°C and differ very little at still higher
temperatures: thus, we assume that the changes with temperature
of the salting-out coefficients of the two salts are equal up to
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about 150°C. We have smoothed the temperature-change data for
salting out of carbon dioxide by sodium chloride and have
adjusted them to account for the difference in partial molar
volume of the ammonium salts to yield changes in the salting-
out coefficient for carbon dioxide in ammonium hydrosulfide

and bicarbonate solutions. Temperature effects with ammonium
carbamate are tentatively assumed to be equal to those of
ammonium bicarbonate. The equations for carbon dioxige in
Table IX represent these changes and the values at 25 C adopted
as described in the previous section.

Table IX. CORRELATION EQUATIONS FOR SALTING-OUT
OF AMMONIA, CARBON DIOXIDE, AND HYDROGEN SULFIDE

Gas Salt Coefficient, kg H 0/mol _
€O, NHLHS 0.1519-6.870 X 10 ¥ T + 0.8318 X 10_° T2
Co, NH,HCO3 0.1949-6.370 X 10°% T + 0.8318 X 10_° T2
oy NEyNH,CO2 0.1919-6.370 X 1074 T + 0.8318 X 10 © T2
NHj NH,HS 0.0802-4.559 X 10™% T + 0.552 X 10_© T2
NH3 NHLHCO3 0.1229-4.559 X 10 * T + 0.552 X 10_® T2
NH; NH,NH,CO, 0.1199-4.559 X 10”% T + 0.552 X 10 © T2
H2S NHyHS 0.1399-6.370 X 10 % T + 0.8318 X 10_6 T2
H,8 NH,HCO 3 0.1829-6.370 X 10°% T + 0.8318 X 10_° T2
HsS NH,NH,CO» 0.1799-6.870 X 10™% T + 0.8318 X 10 © T2

Data on the effect of temperature on salting out of ammonia
are even less satisfactory than those for carbon dioxide. Perman
obtained some data on a potassium sulfate solution at temperatures
of 40° to 59°C and on two ammonium chloride solutions at tempera-
tures from 19° to 58°C.(54). His ammonia concentrations were in
the range of 5 to 13 meolal. His data indicate only small changes
in the salting-out coefficient, but the coefficient for ammonium
chloride increases with temperature, which is contrary to the
effect found with carbon dioxide.

Riesenfeld (55) reported data on ammonia obtained by
Konovalov(56) at 60°C for comparison with his own data at 35°C
and that of Abegg and Riesenfeld(28) at 25°C. Results from the
Abegg and Riedenfeld data at 25°C and the Konovalov data at 60°C
are shown in Figure 11, plotted against change in partial molar
volume of the salt. The dzta show much scatter even aside from
the points for lithium chloride and the hydroxides. Ignoring this
erratic data, we have tentatively adopted the correlation de-
veloped for carbon dioxide, modified to take account of the
difference in the partial molar volumes of the two gases(fable I):
that is, the slope of the correlation line found for carbon
dioxide was multiplied by the factor 25/37.6. The resulting
correlation is shown as the line on Figure 11.

The partial molar volume data of Table I on ammonia was
calculated from density data in Landolt—Bornstein(éZ). The
values of partial molal volume at infinite dilution can be ex-
pressed as:
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V, =15.8+0.030 T

The partial molar volume of hydrogen sulfide is nearly equal
to that of carbon dioxide (Table 1), and we tentatively assume
that changes in its salting-out coefficients with temperature are
the same as those of carbon dioxide.

We believe that the most accurate salting-out coefficient
for ammonia in ammonium hydrosulfide solution is the value,
—0.012 kg Hy,0/mol, that we calculated from Miles and Wilson
vapor~liquid equilibrium data at 80°C(45) With the temperature
change correlation that we have adopted as dlscussed above, this
yields the value —0.0067 kg H,0/mol at 25°C. This is in reason-
able agreement with the value —0.022 kg H,0/mol obtained from
our correlations. For ammonia in bicarbonate and carbamate at
25°C, we adopt the values from the correlations, namely 0.036 and
0.033 kg HpO/mol. As discussed previously, for carbon dioxide
and hydrogen sulfide at 25°C, we adopt values 0.028 and 0.016
higher, respectively, than those for ammonia. Equations incor-
porating these values and the changes with temperature discussed
above are presented in Table IX.

Salting-Out of Other Gases. Gases other than ammonia, carbon
dioxide, and hydrogen sulfide are also commonly present in streams
from the processing of coal, and, thus, their solubilities in
aqueous condensates of the NH3-COp,-HpS-H,0 system are of concern.
In hydrogasification processes such gases include hydrogen, carbon
monoxide, methane, carbonyl sulfide, and hydrogen cyanide.
Nitrogen and argon are, of course, present in low-Btu gases from
gasification with air.

As a data base for correlation of salting-out coefficients
of such gases, we have collected data on salting-out by sodium
chloride solutions at 25° C; more data are available on this salt
for a wide variety of gases than on any other. We found that the
salting-out coefficient can be correlated against Henry's con-
stants for solubility in water at infinite dilution and the
Lennard-Jones force constant ¢ (a collision diameter), as shown
in Figure 12. The gases, in the order of increasing Henry's
constant, are ammonia, hydrogen cyanide, sulfur dioxide, hydrogen
sulfide, chlorine, acetylene, carbon dioxide, nitrous oxide,
phosphine, ethylene, xenon, krypton, ethane, argon, methane,
oxygen, hydrogen, neon, helium, and sulfur hexafluoride. Details
of the parameters are discussed elsewhere(59).

The data for the polar gases, ammonia, hydrogen cyanide, and
sulfur dioxide, show that the correlation does not apply to such
gases but only to non-polar gases. The correlation does allow us
to predict salting-out coefficients for carbon monoxide and
carbonyl sulfide in sodium chloride solutions. Further, by
application of the principles of the correlations we have devel-
oped for the effects of cations and anions, we should be able to
predict salting-out coefficients for methane, oxygen, nitrogen,
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carbon monoxide, and carbonyl sulfide in solutions of the
NH3-C0»-HoS~H50 system.

Analysis of Ternary and Quaternary Data

Equilibrium data for the NH3-H,S-H,0 subsystem have been
reported by van Krevelen et al. at 20°, 40°, and 60°C(7), by
Miles and Wilson at 80° and 120° C(46), and by Ginzburg et al.
at temperatures from 57° to 87°C (obtained at constant ‘total
pressure rather than at constant temperature) (60,61) We cor-
related data having ionic strengths above (0.2 molal in terms
of an equilibrium coefficient Ky:

(NHD) (HST)

Ko = e
ma Ya fS

The effect of concentration of free (molecular) ammonia on_the
activity of the electrolyte was derived mainly from two 80 °C
data points of Miles and Wilson having 16 to 17 molal free
ammonia concentration. Data points below 0.2 ionic strength
were fitted by application of Kielland's estimation of ionic
activity coefficients(62). Details are presented elsewhere(45).
together with graphs giving partial pressures of agmmonia and
hydrogen sulfide for temperatures from 80° to 260°F over a range
of liquid concentration.

Data reported by van Krevelen et al.(7) on che NH3-CO3-H;0
subsystem (including data of Pexton and Badger) and data
of Frohlich(63) were analyzed during an early period of our
investigatidﬁ?(g) We plan to revise our correlation with
use of Meissner 's(64) treatment of ionic activity coefficients,
which is better suited than van Krevelen's for application to
mixtures of three or more electrolyte components.

Conclusions

Vapor-liquid equilibria in the NH3-CO,-H»S-H,0 system is of
importance in the processing of coal for production of gaseous
and liquid fuels. Direct vapor-liquid equilibrium data are
available for only limited ranges of temperature and composi-
tion and must be supplemented by correlation with models
utilizing other data. Data on the solubility of each of the
component gases in water and data on their ionization con-
stants have been reviewed. Correlations for the salting out
of these and other gases by the dissolved electrolytes have
been developed. Work on the NH3-CO-H0 termary and on the
quaternary system is still in progress.

Notation

A = Coefficient expressing the effect of concentration
of gas on its activity coeff1c1ent in binary
solution; In v = A (1-x )/RT
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AR HI RO

Ky

n =

+ —
(NHy),(HS )
T +Tca
an’ 2

Xgs XcasXan

Coefficient expressing the effect of concentration
of gas on its activity coefficient, kg H,0/mole
Coefficient expressing the effect of change of
partial molal volume of electrolyte (with temper-
ature) on the salting-out coefficient, kg H,0/cm3.

= Salt concentration, mol/%
= Fugacity, atm

Henry's constant, atm or atm kg Hy0/mol

= Ionic strength, mol/%.
= Salting-out coefficient, 2/mol

or kg Hy0/mol
Ionization constant, molal
Equilibrium coefficient, mol/kg H,0-atm

Concentration, mol/kg H,0

= Concentration of indicated ion, mol/kg H20 o
= Thermochemical radius of anion and cation, A

Gas constant

= Solubility of gas in salt solution and water,

respectively,

= Temperature, K

Lattice energy of crystalline salt, k cal/mol
Partial molar volume of molecular specie at
infinite dilution, cm3/mol

Molar volume of hypothetical molten salt, em3/mol

= Contribution of gas, cation, aund anion, respect-

ively, to a salting-out coefficient
Greek
Bo = Compressibility of water
Y Activity coefficient
Subscripts
a Ammonia
an = Anion
¢ = Carbon dioxide
ca Cation
g = Gas
s Hydrogen sulfide
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On the Solubility of Volatile Weak Electrolytes
in Aqueous Solutions

G. MAURER

Institut fiir Technische Thermodynamik und Kiltetechnik, Universitdt Karlsruhe (TH),
D-7500 Karlsruhe, Fed. Rep. of Germany

The solubility of gaseous weak electrolytes in
agueous solutions is encountered in many chemical and
petrochemical processes. In comparison to vapor-liquid
equilibria in non reacting systems the solubility of
gaseous weak electrolytes like ammonia, carbondioxide,
hydrogen sulfide and sulfur dioxide in water results
not only from physical (vapor-liquid) equilibrium but
also from chemical equilibrium in the liquid phase.
This interaction between physical and chemical equili-
bria complicates considerably the description of vapor-
liquid equilibria in multicomponent aqueous solutions.
The development of thermodynamic correlations for those
equilibria is also hindered by the limited experimental
material available on that subject.

This contribution describes and compares three pro-
cedures for representing vapor-liquid equilibria in mul-
ticomponent aqueous solutions of volatile weak electro-
lytes. Starting from the basic thermodynamic relations,
the approximations and simplifications applied by van
Krevelen, Hoftijzer and Huntjens (1), Beutier and Renon
(2) and Edwards, Maurer, Newman and Prausnitz (3) are
discussed; the necessary information for using these
correlations is compiled. Results calculated with these
procedures are discussed and compared with literature
data.

Thermodynamics

As shown in figure 1, a volatile weak electrolyte
in water at a given temperature and pressure distri-
butes itself between vapor and liquid phase. Phase e-
quilibrium determines the concentration of the weak
electrolyte in the gaseous phase at a known concentra-
tion of molecular electrolyte in water. But due to

0-8412-0569-8/80/47-133-139$08.50/0
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vVapor Phase

molecular
electrolytes

I}
{1

molecular
electrolytes <—— ions

Liquid Phase

Figure 1. Vapor—liquid equilibrium in an aqueous system of volatile weak
electrolytes
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chemical reactions this concentration of molecular elec-
trolyte in liquid water may be considerably different
from its total concentration, (Total concentration is the
amount of weak electrolyte in liquid phase, if there
would not be dissociation).

In a multicomponent agqueous system encountering am-
monia, carbon dioxide, hydrédgen sulfide and sulfur di-
oxide, the vapor phase contains molecules of only five
different species, e.g. NH3, COp, HyS, SO, and H3O,
while in the liquid phase 15 different species are pre-
sent: besides the molecular species also 10 ionic spe-
cies, e.g. NH}, HCO3, HS™, HSO3, OH™, H*, NH2CO0™, S7,
Co3, S03. For given temperature and total molalities
of the weak electrolytes in the liquid phase a systemof
20 mostly nonlinear equations has to be solved, in order
to find the total pressure of the system and the com-
position of the vapor phase.

These equations include equilibrium-constants Kj (T)
for nine chemical reactions, expressed by activitiesaj:

First dissociations of ammonia (reaction 1), carbon di-
oxide (reaction 2), hydrogen sulfide (reaction 3), sul-
fur dioxide (reaction 4):

a a -
NH,+H70 == NH} + OH™ K4 (T) = _NH]_OH” (1)
3 1 a a
NH3 “w
o ®ncoy %m*
CO3+H20 = HCO3 +H Ky (T) = 3 3 (I1)
CO,y \
dgg- gt
HpS == HS™ + H* K3(T) = — (III)
H,S
_ 2nso3 m*
SO,+H,0 == HSO3 + HY  K4(T) = .——F— (IV)
S0, “w

Second dissociations of carbon dioxide (reaction 5), hy-
drogen sulfide (reaction 6), sulfur dioxide (reaction 7)

_ aco§ aH+
HCO3 == co3 + H*t K5(T) = —/——— (V)
HCO3
_ dg= ay+
HS™ = s~ + Ht Ke (T) = (VL)
a -
HS
_ _ 8so5 %t
HSO; == S03 + Ht Kg(T) = —4———— (VII)
HSO3
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Carbamate reaction (reaction 8)

3NH,C00~ w
- - = ———
NH3+HCO3 = NHZCOO +H20 K8(T) a2 3 - (VIII)
NH3 “HCO3
Dissociation of water (reaction 9)
. aH+ aOH—
—_— - —
H,0 == H" + OH Kg (T) = ———5;——— (IX)

Furthermore, 5 vapor-liquid phase equilibria are
involved, e.g. for molecular NH3, COp, H»S and SO; and
for water. Applying the concept of Henry's constant Hj
for the solution of a gas i in pure water and fugacity-
coefficient ¢; for describing the influence of inter-
molecular forces in the vapor phase, the resulting
equations are:

a; H; =Py, ¥, (X) - ( XIII)
i = NH3, COy, H2S, SO;
and a, fw =P Yy Wy (XIV)

(P, y; and f; designate the total pressure, the mole
fraction of component i in vapor phase and the fugacity
of pure water). The mass balance in the liquid phase
results in four additional equations:

Ttot,NH; ~ NH3T ™wH] T TNH,C00” (XV)
Mtot,co, ~ Mco,* Maco3 t ™mpcoo- T Mco3 (XVI)
Meot,Hy,s - Mupst Mms- * Mg (XVII)
Mtot,s0, ~ Mso,” Mmso3 T Fsoj (XVIII)

(m. designates the molality of species i in liquid
phase). The remaining two equations result from the
condition of bulk electroneutrality in the liquid phase
and the mole balance in the gaseous phase:

Pat ¥ MNpf T Mom- * Mmco; * Mmso3 T Mms~ * MH,c00”
t 2(mg= + Mep + Mgoz) (XIX)

Ynus * Yco, * YH,s t Yso, t Yw T (XX)
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In principle, this system of 20 equations can be
solved provided the equilibrium constants, activities,
Henry-constants and fugacities are available. While
some results for most of these properties are available,
there exists no approved method for calculating activ-
ities in concentrated aqueous solutions of weak elec-
trolytes; therefore, several approximations were de-
veloped.

Method by wvan Krevelen, Hoftijzer and Huntjens (1) (KHH)

This method applies very restrictive approxima-
tions, resulting in a limited applicability. The me-
thod cannot be applied to the complete multicomponent
system described above; it is suitable only for am-
monia rich subsystems of

NH3=CO,~H30 * Mtot,NH3 > Mtot,CO,
NH3=H,S=H50 * Mtot,NHy > Mtot,H,S
and NH3=CO,=HpS=Hp0: Meoe,ny > (Mtot,co,” Mtot, H,s).

As the model is rather simplified, it was based on ex-
perimental results which cover the temperature range
from 20 to 60 OC at the following molalities:

m
< 2.0; 0.2 2%C02 < o 47

- - . <

tot,NHs
m
NH,-H,S-H,0: 0.3 Sm__ .. <3.5;0.17< mt—c’t'—}i25—<o.65
1773 tot,NH3
NH ,=CO,, ~H, §-H,O:
< <
0TS Moy ,nuy <2-3 Meot,co, Mot ,HyS
0.44 - < 0.84.
<
0.1< Meot,co, < 1.4 tot,NHj

The simplified equations are discussed here only for
NH3-CO,-Hp0; for NH3-H2S-H;0 and NH3;-CO,-H)S-H30 they
are given in Appendix I. Van Krevelen et al. neglect
the dissociation of water (eq. IX), thereby reducing
the number of ionic species in liquid phase to NH},
HCO3, CO3, NH,COO~. For given temperature and total mo-
lalities of NH; and COp there remain 10 equations to
determine all iiquid concentrations, the total pressure
and the composition of the vapor. Two purely chemical
equilibria: The carbamate reaction (reaction 8) and
the following combination of reactions 1,5 and 9
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@y} %co3
+ CO? (reaction 10) K1O= A
NH3 “HCO3

3

+
4

== NH

NH3+HCO

The equilibrium constant for the carbamate reaction
(eq.VIII) was simplified by assuming ay,g = 1 and re-
placing all other activities by molalitlfes. Numbers
for Kg(T) at 20, 40 and 60 OC were determined from ex-
perimental results. (Van Krevelen et al. only report
discrete numbers or diagrams for some constants. For
inter- and extrapolation these numbers were replaced by
equations, wherein the dimensions of mjy and T aremoles/
kg H20 and Kelvin, respectively.):

"NH,CO00"
"H3 MHCO3
In the equilibrium constant K activities were re-

placed by molalities. Numbers for Kig were taken from
literature:

Ko (T)

= exp [-5.6 + ZQQQ;Q}'

T (K 1)

"wH;  ™Mco3
K,y(T) = —————= = exp { -18.26 + 4780/T]. (K 2)
10 "WH, ™MHCOT

The combination of a chemical equilibrium with the phase
equilibrium for COp: Reactions 1,2 and 9 were combined
to

NH3 + CO, + Hp0 = NHj + HCO3  (reaction 11)

The appropriate equilibrium constant, combined with eq.
(XI) depends on temperature and ionic strength:

"Nuj MHCO3
1n K:1(T) = 1n v (K 3)
"NH Yco
3 2
= -26.112 + 7040/T + I (-0.564 + 326/T)- 1.05
exp(=-3.7 I)
(P in mm Hg, I = % > mizi2 = ionic strength,
i

Z; = charge number of ion 1i).
Phase equilibria: For NH3 and H,0 egs.(X) and (XIV)
were simplified:

"
"™wHy T PnEg YNHg T (K 4)

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



7. MAURER Solubility of Volatile Weak Electrolytes 145

s -

P, = (1 + 0.018 Zl m) Py, (K 5)
where, when in (K 4) P is in mm Hg,

L -1 -

HNH3 = [-17.13 + 4350 (T/K)~1 ] exp(-0.0576 “Hm3)

and PS is the vapor pressure of pure water. The re-
maining equations are the mass balances for NH,; and COj
(egq. XV and XVI), the condition of bulk electroneutra-
lity (eqg. XIX), the mole balance in the vapor phase
(egq. XX) and the assumption that - as the model should
be applied to ammonia-rich solutions - in the mass ba-
lance molecular carbon dioxide can be neglected. A
very simple numerical iteration procedure to solve
these equations is discussed by van Krevelen et al. (1).

Procedure of Beutier and Renon (2) (BR)

The procedure of Beutier and Renon as well as the
later on described method of Edwards, Maurer, Newman
and Prausnitz (3) is an extension of an earlier work by
Edwards, Newman and Prausnitz (4). Beutier and Renon
restrict their procedure to ternary systems NH3-CO2-H70,
NH3~H7S-H,0 and NH3-SO,-H20; but it may be expected
that it is also useful for the complete multisolute
system built up with these substances. The concentra-
tion range should be limited to mole fractions of water
Xy = 0.7; a temperature range from O to 100 ©C is re-
commended. Equilibrium constants for chemical react-
ions 1 to 9 are taken from literature (cf. Appendix II).
Henry's constants are assumed to be independent of
pressure; numerical values were determined from solu-
bility data of pure gaseous electrolytes in water (cf.
Appendix II). The vapor phase is considered to behave
like an ideal gas. The fugacity of pure water is re-
placed by the vapor pressure. For any molecular or
ionic species i, except for water, the activity is ex-
pressed on the scale of molality mj

a; =m, Y - (B 1)

Activity coefficients 7Y¥; are normalized:

all solutes - 0O

The activity of water is expressed on the scale ofmole

fraction Kyt

a_ = x Yy (B 3)
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with the normalization lim v _ = 1.0. (B 4)
x -+ W
W
Activity coefficients of solute species are calculated
from
ln v. = 9 (GE/RT) . (B 5)
1 anl p,T, nj = 1

where nj stands for the mole number of species i and GE
for the Gibbs excess energy of the liquid mixture. The
Gibbs energy G of the ionic solution is

(r,pny) = &*NTpn)  + GT(T,p.my) (B 6)

with the Gibbs energy of an ideal solution

id
GT(T,p/n;) =n, [pVOV(T,p) + RT 1n xw]
+znl Tp)+RT lnmi] (B 7)
where pg represents the chemical potential of k in the

reference state. The excess Gibbs energy is assumed to
result from three different parts:

E _ E E E
G = Gij + Gia + Gaa (B 8)
representing ion-ion interactions - ng -, ion-mole-
cule interactions - GE_ - and moleculéZmolecule inter-
actions - Gga -. Pitzer's proposal (5) was used for
GE.: -
1]
G, :
= £(I)+ 3 Amm +3Y Y ¥ My 1p M1 My Mp
0.018 anT 1 klk 1 r 1 & h
(k,1,h represent ionic species only). (B 9)
£(1) = - 2L 1n(1+1.2 VI, (B 10)

0.9

A is a Debye-Hiickel parameter (cf. Appendix II) and I
is the ionic strength. Pitzer found that binary inter-
action parameter A depends on ionic strength and may
conveniently be expressed as:

_ (o) (1) 1 -
Aep = By + By’ 5 11-(142 VT ) exp( -2V )1 @ 11)
while for given klh My is a constant, representing
ternary ion-ion interactions. As coulombic forces bet-
ween ions of like charge do not allow those ions to
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approach one another, binary and ternary interactions
between those ions are neglected:

(o) _ (1) _ =
Bx1 = Bx1 = Map =0 (B 12)

whenever k,1,h represent ions of like charge.

(o) gl

B'x1 and -numbers for unlike charged ionic species
k and 1 were determined from correlations for strong
electrolytes. E ,

Contributions to Gj4 from ternary interactions are
only important when cOncentrations of both acid
and base are large, then the predominant ions are
NHZ, HCO3, NH,COO~, HS~, HSO3, S~ and SO3. Mg1p-numbers
are assumed to differ from zero only if all three spe-
cies k, 1 and h are members of that group of predominant
ions. Four of those ternary parameters were adjusted to
experimental results, one was estimated from results for
strong electrolytes; the remaining parameters were de-
termined using empirical mixing rules (cf. Appendix II).

Molecule-ion interaction contribution G?a is esti-
mated from the work necessary to transfer ions from a
solution which does not contain any neutral solute mo-
lecule to the real ionic solution. The expression for
G?a based on the Debye-McAulay electrostatic theory is
given in Appendix II.

Molecule-molecule interaction contribution Gga is
considered to result only from interactions between like
neutral solutes. A Margules-type expression is used for

E .
G353

GE
aa _ 2 3
0.018 n__ RT Z (7‘aa my + Mjaa M3 ) (B 13)
all neutral
solute species

where n,,, 1s a pseudoternary parameter, determined
from binary parameter A ,:
= - 1
Raaa = 55.5 ( Maa ¥ T66.5) (B 14)
Binary interaction parameters Aa5 are assumed to be
constants and were determined from solubility data for
gaseous species a in water.
Using these equations for the excess Gibbs energy
and the wellknown relation

E
G
——===1na_ -1lnx_+ 0.018 Y my ln Y. (B 15)
anT W w all solute +
species

American Chemical
Society Library
1155 16th St. N. W.
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the activity of water, ay, is calculated. (For more de-
tailed information on the procedure of Beutier and Renon
cf. Appendix II).

Procedure of Edwards, Maurer, Newman and Prausnitz (3)
(EMNP)

This method is applicable to the complete multi-
solute aqueous solution described before. It is esti-
mated that total solute concentrations up to 10 or 20
molal may be handled. The limitation on temperature
results mainly from the limited temperature range for
which experimental results for equilibrium constants
and Henry's constants are available (cf. Appendix TII
and tables I and II). Although for some constants this
range only extends up to 60 ©°C, it is expected that by
an appropriate extrapolation the method may be used
also at temperatures up to 170 ©C.

To calculate the multicomponent vapor-liquid equi-
librium, equilibrium constants for chemical reactions
1-9 are taken from literature; in comparison to the
original publication, in the present work different
numerical values for the second dissociations of hydro-
gen sulfide and sulfur dioxide were chosen (cf. Appen-
dix III). Henry's constants are evaluated from single
solute solubility data without neglecting Poynting cor-
rections:

- s
vy (P Pw)

s
H, = H (T,p) = Hy (T,p = P )e€Xp ——fgy ¢ (E 1)

1 1

where V; stands for the partial molal volume of compo-
nent i in water at infinite dilution (cf. Appendix III).
Fugacity coefficients are calculated from the equation
of state by Nakamura, Breedveld and Prausnitz (6). For
pure water the fugacity is replaced by
v_ (P-P5)

= ps exp 4 W
w w RT '
where v, stands for the specific volume of pure liquid
water. Activities of all liquid components are ex-
pressed by Pitzer's equation (eg. B 9 ). This equa-
tion was adopted to describe not only the influence of
ion-ion interactions, but of intermolecular forces bet-
ween all solute species. Furthermore, ternary inter-
actions are neglected. The resulting equation for the
activity coefficient of any solute species i is:

(E 2)
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2

A

Invy, = - -4 [ VI + — In(1+1.2 VI )] (E 3)
1 1+1.2 VI 0.6

(1)
B..
+2 ¥ {pl0) 4+ 11 [1-(1+2 VT') exp(-2 VT )] m,
Y l] J
3 21

2

- ﬁ— [1-(1+2\[?+ 2I) exp(=2+V T )] )X ha ngll)mjmk
412 j k

where j and k designate all species in liquid phase ex-
cept water, The acitivity of water is calculated ana-
logously to eqg. BI15.

(o)

Parameters Bi. - for interactions between like
molecules were evaiuated from single solute solubility
data in water. These parameters proved to depend on
temperature (cf. Appendix III). Parameters B(gl for
interactions between different neutral solute spgcies i
and j were estimated by:

(o) _ 1 [ (o) (o)
B'i3 =37 [Bii + By ] (8 4)
Ion-ion interaction parameters were set equal to zero

whenever i and j are ions with charges of the same
sign:

(o) _ (1) _
8 ij = B iy = 0. (E 5)

For ionic §pecies i and j with charges of different
signs Bio'-numbers were estimated from Pitzer's re-
sults for-strong electrolytes using a method proposed
by Bromley (7); B£1)—numbers were determined from an
empirical correlatidén suggested by Pitzer and Mayorga
(8):

(1) _ (o)
Bij = 0.018 + 3.06 Bij . (E 6)

Due to very limited experimental data, ion-ion inter-
action-parameters had to be assumed to be independent
oflt?mperature. Ion-molecule interaction parameters
B 4%’} were estimated from experimental results on salt-
ing=out effects, while B_f were set equal zero.

In the present work most of the original B -num-
bers were accepted, only a few were changed: B (?l-
numbers for NH3-HS™, NH -NHZCOO‘,NHX—$§O_ and NH3-

NHX, NH3~HCO3,NH3-HS™ as well as B {J -3numbers for
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NH3-NH}, NH3-HCO3 and NH3-HS™ were fitted to 68 select-
ed ternary data points (partial pressures of weak elec-
trolytes) measured by Otsuka et al. for NH3-CO2-H30 at
40, 60, 80 and 100 ©°C (9) and Ginzburg et al. for NHj3-
H35-H20 at temperatures between about 40 and 90 ©C (10).
While with the original @ -numbers the mean deviations
(= 100 | ZN P 2/ p? 1/2

iy ( i,exp Pi,calc) /(Pi,exp (N 1))] )
in the partial pressure amount to 26 per cent for ammo-
nia, 42 per cent for carbon dioxide and 15 per cent for
hydrogen sulfide, the corresponding numbers using the
fitted B -values are 19, 36 and 13 per cent; thus in-
dicating a small improvement. Similarly , 14 selected
data points by Boublik et al. (11) for NH3-SO2-H,0 at
50 and 90 OC were used to fit B (0)and B(1) for “NHE-
HSO3, resulting in a considerable improvement for sul-
fur “dioxide (75 to 28 per cent) and a slight change for
the partial pressure of ammonia. All B-numbers - fit-
ted as well as accepted ones - are compiled in Appendix
III.

Comparison with Experimental Results

System NH3-CO,-H20: Experimental VLE data for
NH3-CO,~H,0 are compared with calculated results in £i-
gures 2 and 3 and in tables I to IV. At temperatures
between 20 and 60 OC partial pressures of ammecnia cal-
culated from different methods agree well with each
other; there is also a good agreement with experimen-
tal results by van Krevelen et al. (1) (cf. table I) and
Pexton and Badger (12) (cf. table IT). For molalities
Mot ,NH < 2 and mtot,C02<:1'4 the deviations amount to

between 5 and 15 per cent. With increasing concentra-
tions the deviations between calculated and measured
partial pressures of ammonia increase, as can be seen
from the comparison with experimental results by Otsuka
et al. (9) (cf. table III). At temperatures between 20
and 60 OC in ammonia-rich solutions with total solute
molalities up to about 15 molal, partial pressures of
ammonia calculated with different procedures agree with-
in about 10 to 20 per cent, but deviate from the expe-
rimental results by Otsuka et al. by up to about 50 per
cent. Some data points are reproduced well, some rather
badly, indicating a scattering of the experimental re-
sults. At higher temperatures the KHH-method tends to
overestimate the partial pressure of ammonia; the de-
viations are still rather small at low concentrations
(cf. table IV), but increase rapidly with increasing
solute concentration (cf. table III). In that region
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Figure 3. Comparison of calculated and experimental partial pressures of %(;;
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at 20°C; (O) Pexton and Badger exp.; () van Krevelen et al. exp.; (
calc.; (-—-) BR calc.; (— - — -) EMNP calc
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the BR~- and EMNP-procedures yield remarkable improve-
ments over the correlation of van Krevelen et al..

In comparison to ammonia, for carbon dioxide cal-
culated partial pressures deviate more from the expe-
rimental results. At temperatures up to about 60 OC
and total solute molalities up to about 3.5 molal the
mean deviation to the experimental results by van Kre-
velen et al. and Pexton and Badger is about 30 per cent
for the KHH-method, 15 per cent for the EMNP-procedure
and rises to more than 80 per cent for the procedure of
Beutier and Renon. Again at higher temperatures and
higher concentrations the deviations are still larger.
As is shown in table III, in that region the EMNP-pro-
cedure yields the best agreement with the experimental
results.

System NH,-H,S-H,0: Van Krevelen et al. reported
partial pressures of hydrogen sulfide over aqueous sol-
utions containing up to 3.5 moles NH3 and up to 2 moles
H,S per kg H20 at temperatures between 20 to 60 ©C. As
is shown in table V, the KHH-method gives the best a-
greement with these experimental results; the devia-
tions are about 2.5 times less than those from the BR-
and EMNP-procedures. Ginzburg et al. (10) investigated
ammonia-rich NH3~HS-H,0 solutions at 600 and 760 mm Hg
in the temperature range between about 60 and 90 ©C at
mtot,NH3 < 7.3 and mtot,st < 3.3. For 40 data points

the mean deviations between measured and calculated
partial pressures are given in table VI. (Some data
points were neglected, because the measured hydrogen
sulfide vapor pressures are obviously wrong.) Van Kre-
velen's procedure yields the best agreement for NH3,
while the EMNP-method is best for H2S. Oratovskii et
al. (14) reported compositions of saturated vapor over
ammonium sulfide solutions at temperatures between 70
and 90 ©C and liquid molalities Mot , NH <7 and

tot HoS < 3.6. In table VI the H3 mean devia-

tions between these results and calculated data

are compiled. While for the BR- and EMNP-models the
mean deviations are nearly independent of temperature,
for the van Krevelen procedure they increase with tem-
Perature, indicating the difficulties in extrapolating
the KHH-method to higher temperatures.

Table VII shows a comparison with experimental
data by Leyko and Piatkiewicz (15) at 80 to 110 ©C. At
high temperatures partial pressures calculated from the
BR- and EMNP-methods deviate by up to 20 per cent from
the experimental results, whereas van Krevelen's method
- extrapolated to 110 ©C - yields partial pressures of
hydrogen sulfide which are only about 1/4 to 1/5 of the
measured values.
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Table IV. Comparison of calculated partial pressure of
NH3 with experimental results by Badger and
Wilson for NH3-CO,-H20 at 90 ©C
Yy P/mm Hg
?(313{ BR EMNP
m exp.
mNH3 CO, P
1.090 0.0050 193 200 157 157
0.635 0.0349 103 105 84 86
1.260 0.1147 192 201 159 162
0.380 0.0509 51 56 45 47
1.700 0.3298 205 223 177 185
1.430 0.3647 152 165 132 142
1.200 0.3204 128 136 109 118
mean deviation/per cent 7 16 13
Table V. Mean deviations between calculated partial
pressures of H2S and experimental results by
van Krevelen et al. for NH3-H2S-H,0
o frel,Hzo /per cent
t/~C KHH BR EMNP
20 11 36 32
40 7 17 15
60 12 24 15
Table VI. Mean deviations between calculated and ex-
perimental results for NH3-H,S-H0
mean deviation to partial pressures measured
by Ginzburg et al.
frel/per cent
KHH BR EMNP
NH3 12 18 20
H2S 27 93 21
mean deviation to mole fractions is vapor
phase measured by Oratovskii et al.
frel/per cent
KHH BR EMNP
NH3 20 27 10
HpS 39 23 28
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Table VIII comprehends a comparison with experi-
mental data by Wilson and Miles as cited in (2) for
80 OC. These results are represented best by the EMNP-
procedure.

System NH3-CO,-H,S~H,O: The partial pressure of
hydrogen sulfide over this quaternary solution was mea-
sured by van Krevelen et al. at 20, 40 and 60 ©C at to-
tal solute concentrations up to 4 molal. The mean de-
viations between measured and calculated results are
9 per cent for KHH, 10 per cent for EMNP and 59 per cent
for BR. Calculated numbers using EMNP are mostly too
small, while results from the method of Beutier and
Renon are always too large and results using van Kreve-
len's procedure scatter around the experimental results.

System NH,;-S02-H50: For comparison with calculat-
ed data only the experimental results of Johnstone (16)
and Boublik et al. (11) were used. (Boublik et al. in-
vestigated the system NH3-S0,-S03-H20; only some of
their results with very low S03/S0; ratios were used for
comparison with calculated data). Experimental results
by other authors mostly cover very high solute concen-
trations in the liquid phase (20 molal and more) and
are, therefore, not suitable for comparison with the
models discussed here. As van Krevelen's method cannot
be used for this system, the comparison is limited to
the other procedures. Partial pressures of ammonia
calculated from the BR-model are generally too large;
the calculated values exceed the experimental results
mostly by a factor larger than 5. The EMNP method gen-
erally yields partial pressures which are only about
half as large as the measured ones. The calculated
partial pressures of SO, are always too small, for tem-
peratures between 50 and 90 ©C the mean deviations a-
mount from 20 to 40 per cent for the EMNP-model and
from 40 to 70 per cent for the BR-model.

Conclusion

The comparison between measured and calculated re-
sults for vapor-liquid equilibria in aqueous systems of
weak electrolytes confirms the applicability of van Kre-
velen's method for moderate temperatures and concen-
trations. The comparison also indicates that the pro-
cedure of Edwards, Maurer, Newman and Prausnitz yields
reliable results also at temperatures around 100 ©C;
therefore, it may be expected that it is also useful at
higher temperatures where experimental material, ne-
cessary for checking that procedure, is not available
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in the literature. The excellent agreement between
measured and calculated vapor-liquid equilibrium re-
ported in a publication by Beutier and Renon could not
be reproduced in all cases; whereas for example for
the system NH3-CO,-H,0 results for the method of Beu-
tier and Renon calculated in this work were confirmed
by independent calculations (17). Further improvements
of the procedures described here seem possible, but
they obviouskly require more and better experimental data
for high temperature equilibria constants, Henry's con-
stants and multicomponent vapor liquid equilibria in
agueous solutions of weak electrolytes.

APPENDIX TI:

Procedure of van Krevelen et al. for calculating VLE

A. System NH3-H,S-H3O. The dissociation of water (re-
action 9) and the second dissociation of H2S (reaction
6) are neglected; at given temperature and total mola-
lities of NH3 and H,S there remain four unknown molali-
ties in the ilquld phase (e.g. NH3, NH4%, HS and HS™),
the composition of the vapor phase and the total pres-
sure, which are calculated from 8 equations: The dis-
sociation constants of ammonia and hydrogen sulfide
(egqs.I and III) together with the phase equilibrium for
hydrogen sulfide (eq. XII) are combined resulting in a
equilibrium constant Kj,

K¥ =
12 < (mNHj mHS')/(mNH3 YH,s P) (A I.1)

Numbers for K#z were derived by van Krevelen et al. from
experimental VLE data and can be summarized by the fol-
lowing equations (when p is in mm Hg):
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*
log1OK12 = -kx + 0.089 mtot,st + ky . s (A I.Ja)
in kx = -11.09 + 8920/T - 1.653* 10/T (A I.1b)
and ky = 0. (A L1c)

The remaining equations are: phase equilibria for am-
monia (eq. K4) and water (eq. K5), mass balances for
ammonia (eq. XV) and hydrogen sulfide (eqg. XVII), the
condition of bulk electroneutrality (eqg. XIX), the mole
balance in the vapor phase (eq. XX), and the assumption
that, for the ammonia-rich systems considered exclusive-
ly, in the mass balance for the liquid hydrogen sulfide
may be neglected. The system of eight equations can
easily be solved:

y P = (m -m JHY (A I.2)

NH3 tOt,NH3 tOt,st) NH3

Y, o P = m2 /((m - m )K¥.) (A I.3

H,S tot,H,S tot, NH, tot,H,s'*12 -3)
P = p° + 0.

Yy P,/ (1 +0 O18(mtot,NH3 + mtot,st) (A I.4)

B. System NH;-COp-H,S-H,0: This quaternary system is
dealt combining the equations and assumptions used to
describe the ternary systems NH3-COp-Hp,0 and NH3-H)S-
H>0. 1In the mass balances for the liquid phase mole-
cular COp and H3S are neglected. At given temperature
and total liquid molalities there are eleven unknown

properties, e.qg. mNH3’ mNHZ’ mNH2COO” mcog, Myg=—+ the
total pressure and the composition of the vapor. The
corresponding eleven equations are K1, K2, K3, K4, K5,
A I.1, the mass balances (egs. XV to XVII), the con-
dition of bulk electroneutrality (eq. XIX) and the mole
balance for the vapor (eqg. XX). Only equation A I.lc
is changed by setting

ky = (1.932 - 540/T) m

tot,COz'
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APPENDIX II

On the method of Beutier and Renon used for the calcul-
ations of the present work

The temperature dependency of eguilibrium constants
and of Henry's constants are compiled in tables A II.I
and A II.IT.

For the calculations described here the vapor pres-
sure of pure water was approximated by

7362.7 T
s = - A = -
ln(pw/atm) 70.435 T/K + 0.006952 g 9.0 1n(T/K)
(A ITI.1)
The ion-molecule contribution to GE is:
Gt D 1+Y_./2  1+Y./2
SO R T|5 Ty, Ty | | & b3 m| BT
: W S £ i T 33
Dw = 41tEoE:w = absolute dielectric constant of pure
water;
Eo = dielectric constant of water;
Ew = relative dielectric constant of water.
The following equations for e€,, were used:
t/O9C < 100.0
€, = 78.54(1-4.579 t* + 11.9 tx2+ 28 t*3);
t*= (t/9C-25)/1000 (A II.3a)

£/9C 2 100.0 -3 5
€. = 5321/(T/K) + 233.76-0.92951 T/K + 1.417%10" (T/K)
-8.292%x10-7(T/K) 3 (A II.3b)

Ma7_ absolute dielectric
= a—:
D Py [1 * 2 ay ] constant of the real
neutral "a . ‘th
solutes solution without
ions (A II.4 )

w

a_ = dielectric coefficient of neutral
solute a

V. =v + ¥ myT; = volume of the solution
neutral containing 1 kg H0 (A II.5 )
solutes and neutral solutes

v. = volume of 1 kg liquid water

Va = partial molar volume of solute a

4 NA.1O-27 3

Y, = §n'_“_—_""“ 7 ry m, = volume fraction of
J

Vi ionic cavities (A II.6 )

ionic
species
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NA = Avogadro's number
— = yvolume of the solut-
Vy = Va ¥ z MiVi ion without neutral
ionic solute molecules (A I1.7)
species
- Vi
Yf = Yi T (A II.8)

f
Ve =V, o+ 5 mka = volume of the sol-
all solute ution with neutral
species and ionic species (A II.9)

For the present calculations the specific density
Qw = 1/vy of liquid water was approximated by:

9,/kg dm=3 = 0.12365 + 509.65/(T/K) — 74146.2/(T/K)?

(A II.10)
Ly includes properties of ionic species j:
2 2
es¢ 7.
J 8
L: = ———=—— +» 10 (A IT.11)
J 2r4 kT Dy

e = the charge of an electron

k = Boltzmann's constant

Z5= number of charge of ion J.
Numbers for &5, Vi and ry given by Beutier and Renon are
compiled in table A II. I}I

Table A II.III. Physical data for dielectric effects

Vk/dm3 mol=-1 aa/dm3 mol-" rj/A
NH3 0.030 -0.0235
CO, 0.037 -0.037
HyS 0.034 -0.031
SOy 0.045 -0.037
NH4* 0.0134 2.5
HCO3 0.0288 2.7
HS~ 0.0232 2.3
co3 0.0065 4.0
s= -0.0037 3.3
gt -0.0047 3.8
OH™ 0.0005 3.5
NH2C00~ 0.0459 2.7
HSO3 0.0375 2.7
S03 0.0197 2.8
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For the Debye-Hlickel parameter A in this work the
following equation was used:

t/°c < 100.0:

A = 3.7323 - 1354.21/(T/K) + 176349/ (T/K)% (A II.12)

t/°C >100.0:

A = 4.2051%10% x,1/2 [ew(T/K)]‘3/2 (A II.13)
X, = 0.5771 + 142.81/(T/K) (A II.14)

Parameters for binary molecule-molecule ( A,,;) and

ion-ion interactions ( Biq) and B{%)) are given in tab-
les A II.IV and A II.V.

Ternary parameters Mp1p are given in table A II.VI,
Mk1h 1s set equal zero, whenever at least one of k, 1
and h is not an ion mentioned in table A II.VI. Fur-
thermore, the following assumptions are made:

- 1 _
Mgin = 3 [“kll * Penn] 04 By T R AOITW19)

Complete expressions for activity coefficients:
Molecular species a

In vg = (1n Yalag + (In vg)ia

(InYa)ag = 2 Xaa Ma + 3 Maaa mg
(ln'Y ) =ﬁ —E!.?&+E—D_SZ§LE§£__ *
a
P Pe Yy Vao Pr Ve (1452
Y -

idnic L:| my (A II.16)
species

with Df= DS(1—Yf)/(1 + 0.5 Yf) (A I1.17)

Ionic species i

Iny; = (In v3)i4 + (In v;)ij

Dw Dw D“', Dw
(Iny;)ig =Ly -5) +|—5d; - — 4d '
i’ia i'd; Dy Dj2 1 Dpg2 f ) m3Ly

ionic
species
(A II.18)

Di = Dw(1-Yi)/(1 + 0.5 Yi) (A II.19)
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_ 1.5 1 [_4_ -27 3 =
d; = -D, T v L3Ne10Y ri Yi] (A II.20)
(1+—2 1
2
= —p —1.2 1 [i 27 3_3
de = -D T v L3 ar107Y ri-v, Yf] (A II.21)
(1+-—-2 f
2
2
-Z. A _\/—'
I 1
(In v,),. = — + In(1+1.2VT) 2 T A, . m
L 3 1+1.2 VI 0.6 3 1373
z,2 N

- [1-(1+2 VI+2I)exp (-2 ﬁ)] Z ZB](k mmy
41

+3 2 Xk Mijk mymy
J (A II.22)
(J and k designate ionic species only).

Table A II.IV. Binary molecule-molecule interaction
parameters X g5

a NH3 COZ st SOZ

0.017 0.010 0.005 -0.05
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Table A II.V. Binary ion-ion interaction parameters
(o) (1)
Bij and Bij

3 - _ - -
. HS HCO3 NH,COO HSO3
ut g(o) 0.18 0.126 0.085 -0.06
gt 0.32 0.294 0.255 ~0.54
pto) 0.055 -0.054 0.0 0.0
+
NH
6(1) 0.193 0.594 0.5 0.45
] OH™ s= co3 S03
. 3 3
1
, 8°) 0.04 0.0 0.0 0.12
H
gt 0.12 0.0 0.0 1.08
plo) 0.115 0.041 0.041 0.041
N . . . .
NHg ()
B 0.345 0.659 0.659 0.659

Table A II.VI. Ternary interaction parameters pkkl*103

!l HS~ HCO3 NH,COO~  HSO3 s= 03

NH} | -1/6 =10/6 -1 1.6/6 25+2 /9 2.2v2 /9
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APPENDIX III
On the method of Edwards et al.

The temperature dependency of equilibrium as well
as of Henry's constants is given in tables A II.I and
A II.II (cf. Appendix II). In comparison with the ori-
ginal publication for the equilibrium constants of the
second dissociations of hydrogen sulfide and sulfur di-
oxide (reactions 6 and 7) numbers derived from Cobble
(18) and Arkhipova et al. (19) were used.

Partial molar volumes at infinite dilution were
adopted from the correlation of Brelvi and O'Connell
(20) . (In the pressure range regarded here (p <<.100 atm)
Poynting corrections are very small and can be neglect-
ed for all electrolytes as well as for water (egs. E1,
E2)).

Most available experimental results for vapor-1li-
quid equilibria of aqueous solutions are low pressure
data. As in that region the fugacity coefficients do
not deviate remarkably from unity, one may set ¥ ;= 1.0
without causing an important error.

The vapor pressure of pure water and the Debye-
Hlickel parameter A are expressed by eqs. A II.1, AII.12
and A II.13 (cf. Appendix II).

Coefficients B{? for interactions between mole-
cular solute species were expressed by

(0)

=E, + F./T (T in Kelvin)
11 i i

Numbers of Ej and Fj are given in table A III.I.

Table A III.I. Parameters E; and Fj

-1 -1
Ei/(kg HZO) mol Fi/(kg HZO) K mol

NH, -0.0260 12.29
co; -0.4922 149.2
HpS -0.2106 61.56
SO, +0.0275 0

Numbers for ion-ion-interaction parameters B(O)
are given in table A III.II. +J
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Table A III.II. Binary ion-ion parameters Bé?)
] _ _ -
i HCO3 NH2COO HS HSO3
NHZ -0.0435% 0.0505% 0.0638% -0.0466%
Ht 0.071 0.198 0.194 0.085
j _ _ _ -
OH CO3 S SO3
i
NHZ 0.06 -0.062 -0.021 -0.045
Y 0.208 0.086 0.127 0.103
*
= fitted to experimental results
(1) F_ = . (1) _
Bij for NH4 CO3 was set equal zero: Bij = 0.0
BST) for NHT-HSO was fitted: 351) = 0.0876;
ij 4 3 ij

all other Bé;)—values were calculated from
(o)

ij

(1) _
Bjj =0.018 + 3.06 B

All ion-molecule interaction parameters ng) which are
not zero are given in table A III.III. J
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Table A III.III. B.. -parameters for interactions bet-
*J ween molecular and ionic species

: (o)

Molecule-ion Bij

NH3~-NHZ 0.0117*

NH3-HCO3 -0.0816%

NH3-CO3 0.068

NH3-HS~ -0.0449%

NH3~-S< 0.032

NH3~HSO3 -0.038

NH3-S03 -0.044

NH3-H't 0.015

NH3-OH~ 0.227 - 1.47 * 1073 T + 2.6 * 1076 T2

CO,-NH} 0.037 - 2.38 * 104 T + 3.83 * 10-7 T2

CO5-S= 0.053

CO,-HSO3 -0.03

C0O,-503 0.068

CO,~NH5C00~ 0.017

CO5-OH= 0.26 - 1.62 * 10-3 T + 2.89 * 10~6 T2

CO,-H+ 0.033

HyS~NHJ 0.120 - 2.46 * 10=4 T + 3.99 * 10-7 T2

HyS=-HCOJ -0.037

H3S=-CO% 0.077

HS-HSO3 -0.045

HyS-50% 0.051

HpS-NH,C00~ ~-0.032

HyS~-Ht 0.017

H3S-OH™ 0.26 — 1.72 * 10-3 T + 3.07 * 10~6 T2

SO, -NHJ -0.05

S0,~-HCO3 -0.86

S03-C03 0.94

SO,-HS= -0.58

S0,-8= 0.28

S0,-NH,CO0™ -0.79

S05—0H™ 0.08

NH3-NHj ** -0.020

NH3-HCO3 ** 0.4829

NH3~HS™~ *% 0.406

* = fitted, ** = f3 ;;)
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Representation of NH:-H.S-H.0, NH;-SO:-
H:0, and NH;-CO.-H:O Vapor-Liquid Equilibria

H. RENON

Group Commun Reacteurs et Processus, ENSTA-Ecole Des Mines,
60, Boulevard St. Michel, 75006 Paris, France

A renewed interest in the behavior of volatile electrolyte
solutions appeared around 1975. It was raised by the need of bet-—-
ter design of industrial processes , especially pollution control
processes, elimination of acid gases from natural gas, removal of
sulfur from liquid and solid fuels and more recently coal conver-
sion processes.

VAN AKEN et al. (1) and EDWARDS et al. (2) made clear that
two sets of fundamental parameters are useful in describing vapor-
liquid equilibria of volatile weak electrolytes, (1) the dissocia-
tion constant(s) K of acids, bases and water, and (2) the Henry's
constants H of undissociated volatile molecules. A thermodynamic
model can be built incorporating the definitions of these parame-
ters and appropriate equations for mass balance and electric neu-
trality. It is complete if deviations to ideality are taken into
account. The basic framework developped by EDWARDS, NEWMAN and
PRAUSNITZ (2) (table 1) was used by authors who worked on volatile
electrolyte systems : the difference among their models are in the
choice of parameters and in the representation of deviations to
ideality.

Table 1. Thermodynamic Framework of Representation
of Vapor-Liquid Equilibria of Weak Electrolytes

Vapor-Liquid Equilibrium
Dissocliation Balances
Mass Balances
Electroneutrality
Deviations to Ideality

An application to one binary mixture of a volatile electroly-
te and water will illustrate the choice of parameters H and K, an
approach is proposed to represent the vapor-liquid equilibrium in
the whole range of concentration. Ternary mixtures with one acid
and one base lead to the formation of salts and high ionic strengths
can be reached. There, it was found useful to take into account

0-8412-0569-8/80/47-133-173$05.00/0
© 1980 American Chemical Society
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ternary parameters in PITZER'S (3) development and improved results
using original BEUTIER' S ideas are presented.

Acetic Acid-Water Mixture. CRUZ (4) chose this example to
illustrate his method of representation of vapor-liquid equilibria
of volatile weak electrolyte and to show how to obtain simply from
experimental vapor-liquid equilibrium data the significant parame-
ters.

He uses the dissociation constant given in the litterature to
represent the distribution of acetic acid in dilute solution from
his own measurements (mole fraction of acetic acid between 10~3
and 1077). Equation (1) where x, is the measured apparent mole
fraction of acid in the liquid phase gives H by plotting Py, vs.oxy

2 H 1 1

PyA= (OLxA) X }E ﬁ (1)

the dissociation coefficient a is obtained from equation (2)
a XA 1

ES 0= (o, 7D H,

(2)

¢X » the fugacity coefficient of acetic in the vapor phase is ta-
ken from NOTHNAGEL et al. (5) correlation and the activity coef-
ficients of true species in the mole fraction scale are taken e-
qual to unity.

Another way to obtain HENRY'S constant H of undissociated
acid is from high concentration vapor-liquid equilibria where dis-
sociation is negligible. Using NRTL equation for the representa-
tion of the data of BROWN and EWALD (6) at high concentration in
acetic acid (1072 < x4< 1), he finds the limiting activity coeffi-
cient of undissociated acid at 100°C

= E o
£

where £° is the reference fugacity (pure acetic acid). Both value
of HENRY'S constant are in agreement within one per cent (455.2

or 457.7 torr respectively). Therefore it would be possible to ob-
tain K and H from the analysis of dilute and concentrated vapor-
liquid data. The lower limit of concentration for the application
of the dilute solution treatment is related to the dissociation

of water. Below this limit the ionization constant of water Ky
should be taken into account to obtain o from x,.

CRUZ (7) equation for gE of binary electro?yte solution which
incorporates a DEBYE - HUCKEL term, a BORN - DEBYE -~ MAC. AULAY
contribution for electric work, and NRTL equation, can be used to
represent the vapor-liquid equilibria of volatile electrolyte in
the whole range of concentration.

NHs - Acid gases — Water Systems. The same type of treatment
could be applied to other volatile acids or base like NH3 - S0, -
CO2 and SH2 but limitations in the determination of constants can
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arise because on unsufficient data base.

BEUTIER (8) did not use CRUZ model because he started his
work earlier and that an extension of PITZER'S semi-empirical des—
cription of deviations to ideality as proposed by FDWARDS (2) see-
med sufficient to represent NH,Z - CO, - H20, NH3 - st - H20 and
NH3 - 80, - H,0 vapor-liquid equilibria.

The“ion-Ton electrostatic interaction contribétion is kept as
proposed by PITZER. BEUTIER estimates the ion - undissociated mo-
lecules interactions from BORN — DEBYE - MAC. AULAY electric work
contribution, he correlates B(O)and 8(]) parameters in PITZER'S
treatment with ionic standard entropies following BROMLEY'S (9)
approach and finally he fits a very limited (one or two) number
of ternary parameters on ternary vapor-liquid equilibrium data.

Because a few errors were found in the original article com-
plete expressions for activity coefficients are given in the ap-
pendix. BEUTIER took H, K, A,, parameter from the earlier EDWARDS
et al. (2) work. A new treatment of ternary data is presented u-
sing H, X, A4, Parameters from the newer EDWARDS et al. (10) work.
All parameters necessary in the calculation are listed in tables
2. a, b, c. Numerical results and comparison of calculated and ex~
perimental partial pressures are given in tables 3. a, b for a
few typical data sets. In this work deviations to ideality in the
vapor phase are calculated according to NOTHNAGEL et al. (5).
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Table 2. a. Temperature Sensitive Parameters,

HENRY'S Constants H, Equilibrium Constants K
and EDWARDS Constants A,

c, c, Cy c,
(NH,) -149.006 - 157.552{ 28.1001 | -0.049227
(SH,) 342.595 -13236.8 -55.0551 { 0.0595651
(co,) 94.4914 | - 6789.04 | -11.4519 | -0.010454
(s0,) 60.538 - 5160.4 - 7.61 0.
(NH3) (I) 2.76080 | - 3335.71 1.4971 {-0.0370566
K (H,5) (ID 218.5989 | -12995.40 | -33.5471 | O.
K (HS')  (III) -114.45 - 2048.99 15.65 0.
(co,) (I 235.482 -12092.1 -36.7816 § O.
(HCO4=) (III) 220.067 -12431.7 -35.4819 | 0.
(s0,) (1D 122.53 - 3768. -20. 0.
(SOSH_) (111) - 21.274 1333.4 0. 0.
K (NH3COO_) (1IV) - 8.6 2900. 0. 0.
#,0) (V) 140.932 13455.9 22.4773 | 0.
aa - 0.0260 12.29
Xa - 0.2106 61.56
A - 0.4922 149.20
Aaa - 0.05 0.
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Table 2. b. Parameters for Dielectric Effects
Species v_ or V. o r.
a 3 a j
NH, 0.0245 -0.019
H,S 0.0349 -0.032
co, 0.035 -0.035
S0, 0.036 -0.030
Ng, " 0.0134 2.5
us 0.018 2.3
s -0.0037 3.3
HCO 0.0288 2.7
co3= 0.0065 4.0
HSO,, 0.035 2.7
so3= 0.0197 2.8
NH, coo 0.0459 2.7
+
H -0.0047 3.8
OH 0.0005 3.5
Table 2. c¢. PITZER Ionic Interaction Parameters
HS S HCO,™ | CO,” | HSO, 50, NH,CO0 | OH
, S |0.248] 0.70 0.54]0.7 0.45 |0.7 0.5 0.46
NH," Q 0.22 | 0.059 |-0.1 |0.059| O. 0.059 _ | 0. 0.25
@ lo.002{ 0.0255%-0.08|0. 0.0014 |0.0045% |-0.006 | O.
., S lo.50 |o. 0.42]0. -0.6 1.2 0.34 0.16
H qQ |0.36 | o. 0.3 lo. 0.1 0.1 0.25 0.25
@ lo. 0. 0. . 0. 0. 0. 0.
* e t.sT, 8T = 0.004 Yxu, *,50.7,80.7 = 0.0007
4 *° e 4 *°Y3 *°3 ’
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Appendix. Formalism of BEUTIER'S Model of Volatile Weak
Electrolytes Vapor—-Liquid Equilibria

It is shownwith the example of a ternary mixture of one Base
(B), one Acid (A) with two ionizing steps (A™ and A) and water
(W) . See nomenclature at end of Appendix for symbols and additio-
nal equations.

Vapor-Liquid Equilibrium (2 equations)

Va0, P < m, Y By P, ()
Y, ¢w P=a T, ¢W(S) Pw (4)

Dissociation Equilibrium (5 equations)

(I) B + H20 s BY 4+ on type of dissociation (I), (II) or
_ . (I11) is reported in table 2. a.
(I1) AS$A +H for acids and base.

11 A~ 35 A" + 5

(IV) B+A 5 BA + H, O, for example, formation of carbamate

2
V) HOZ u* + oH
TYimy . T
K= _%T—Y = i, components on the left side of dissociation
I R equilibrium, j , components on the right side of

the same. (5)

Mass Balance (2 equations)

B=mp +ompd +omp,” (6)

A=m, + m= M= +mp, - N
Electroneutrality

mpt tmyt T mym t2mys gy (#)

Given (P, T, A, B), the 10 equations (3) to (8) yield the ten
t'mknown (m,m,m-,mA= > Mo+, M~ ,mH+ » W™ Yy 0 Vg
if the expressions of ¢i » Yi > a are known.

)

Deviations to Ideality

Vapor Phase. The fugacity coefficients are taken for NOTHNAGEL
et al. (5) correlation.
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Liquid Phase. Y and a are derived from the following expres-
sion of the excess Gibbs energy.

¢f = 6P (pr1zER) + GF (BORN) + GP (EDWARDS)

Interactions Between Ions.

E
" (PITZER)_ : .
Moo RT - DTG N M ™ Y nia P T e ™y (o1 done) (9

Electric Work of Charge.
Ve 40,5V D V. +0,5V,
) £ & w _r @ ¢ (j ioms) (10)
Vf

-V D V. =V
c n c
Interaction Between Neutral Species.

" (BORN) _ (1. m
M n RT V7D
w w 1

E
G (EDWARDS) 2 2
T RT - :Za Aaa m + g Mana T (a neutral solute) (1
wow
Activity Coefficients of Ions (molality scale)
E
3 G
In Y. = (— '—)
J onj RT noos Mo m,
2% o 7 !
In Y., = —. &L LA S B
" oA iR ™t ok i e ™
X
3 T ™™
+ L. Dy I a; Vi * Vc/2 157, v,
15" da"a| TV Vi Ve T Wi- Vo (V- V)
. \‘IC. - - . -G -
f 2 (2 Y2 Ye TtV ¥ VitV Y
2 k™| D 2 , 2
(Vg = Vo) (Vi = Vo)
Activity Coefficients of Neutral Solutes
oy, - (2 &)
Ya on -R—T n n n '
2 vkl %y V. + 0.5V
1ny=(ZLmk)& _l.SVa C‘*<f . c)(DW}
k -
a _ k _ Dn Vg - VC)2 Vf Vc Dp
v v, ta, D
(__%-___.__a 4 —w)+2}\ m +3U m2 (13)
Vn Vn D, aa a aaa a

Activity of Vater
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A
df 2 hk
= - Z - Z - _— = Z ( — m
lna P%;( W T P ED Ty TR Ve YT ) e Tk
- m
T Y
5 o 2 V.+0.5V 1.5V
'(E Ly mk) -2 a2m (;?L) ( 5 = c)+ : 2
dw Vn n £V dw(vf—vc)
D 1.5V 3
_Dy— - _———_C—Z - g Aaa maz -2 g uaaa ma (]4)
n dw(Vi—Vc)

List of Symbols

a activity in solution
A  apparent molality of acid (mole/kg of water)
ADH DEBYE - HUCKEL constant
2mr N d _\1/2 2 3/2
- (____v_v) (__e_) 15)
ADH 1000 DW kT (
b=1.2

B  apparent molality of base (mole/ kg water)

C1 to C4 coefficients in equations (20) (22) (29)

c®

MK PITZER ternary interaction parameter for salt MX

dW density of water (kg/dm3)
Dn dielectric constant of neutral solution (without ions)
~ O_ m
D =D (1 + _jL_iL) (16)
n w a Va
Dw dielectric constant of water
Dw = 305.7 exp (-exp (-12.741 + 0.01875 T) - T/219) (17)
-10

e charge of electron (4,8029 . 10 esu)
f° reference fugacity
£()= - f%ﬂ- S PR U S (18)
2 A 1/2
& - 3DH[ —77 +3 o 0 +b1”2>] (19)
1 + bl

¢E  excess GIBBS energy in the definition of electrochemists by
reference to the "ideal" solution in molality scale. -1
H Henry's constant of undissociated acid or base (atm. kg/mole ')

1n H = c] + CZ/T + c3 In T + C, T (20)
I  ionic strengh
] 2
I== & m z£ (21)
2 3 7373

k  BOLTZMANN'S constant k = 1.38045 . 107 '® erg k!
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equilibrium constant in molality scale
= + T 22)
1n K CI+C2/T+C31nT <, (
L]

dimensionless constant (rj en A)

.2
e z
L= 2”108 (23)
J 2r. kTD
] w
fiolecular weight of water 0.018 kg/mole
molality, mol/kg
number of mole 23 -1
AVOGADRO' S number N = 6.0232 . 107" mol
pressure (atm)
Combination of PITZER binary ionic interaction parameter
Q = 8(0)/(8(0)+ g (1))
POYNTING correction o
ionic cavity radius (A)

gas constant 0) . (1)
sum of PITZER binary ionic interaction parameters Q=R ~+8
temperature (K)

partial molar volume, dm3 /mol

volume of ionic cavities for ion j per equ1valent(dm /mol)

r. en A
J

vty 3. 107% (24)
] 3 ]

volume of all ionic cavities (dm3/kg of water)

v =2y m, (25)
c J 1] J
volume of real solution (dm3/kg water)
_ 1 z T -
Vo=— +%m v, +¢m ¥ (26)
£ dW 33 3 a a a
volume of ionic solution excluding neutral solutes (dm3 /kg waten)

V.= +Im 7, (27)
i dw I

volume of neutral solution excluding ions (dm3/kg of water)

R
Yo T T

w
mole fraction in vapor phase

number of charges of ion j

+Zm v (28)
a a a

=2
a dielectric coefficient (dm3/mol—l)

(0) ( )
jk '8 jk

parameters in PITZER binary term for interaction bet-
ween ions of opposite sign j and k obtained from S and Q.
activity coefficient (molality scale)
EDWARDS extended PITZER blnary coefficient for 1nteract10n
of neutral species (Ba in EDWARDS(10) (kg/mol_ )
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Zaa = C] + C2/T

A, PITZER binary interaction coefficient for ioms j.k. of dif-
ferent signs (kg/mol !

e @ 2 [ aswn] oo
a7

X, 2(1) _ 2
dik _ aka - -1 +e a/I(l + /I + %— I) (31)

I
all other A k are zero.

U, ., extended PI%ZER ternary coefficient
1 1

Yaaa = 7 55.5 (Aaa * 166.5)

(32)
. . . . 2 -2
uhkl PITZER ternary interaction coefficients (kg™ mol 7)
= Wyyxx - ;E_‘ for 1-1 salts MX (33)
G2 2 sal (34
Mo = Mvxx 9 or 1 salts MX )
1
ey~ 7 Chax vy (35)

all other | are zero

My

u

Ll vapor pressure of water

w
1668.21

T T<45.15 (36)

= Q
1og]0 m 7.96681
¢ fugacity coefficient ¢ osmotic coefficient
Subscripts
a neutral solute
hijkl ionic species
w water

Superscript

® infinite dilution
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Sour Water Equilibria

Ammonia Volatility down to PPM Levels; pH vs. Composition;
and Effect of Electrolytes on Ammonia Volatility

GRANT M. WILSON, RICHARD S. OWENS, and MARSHALL W. ROE
Wilco Research Company, 488 South 500 West, Provo, Utah 84601

Undesirable sulfur, nitrogen, and oxygen compounds are often
encountered in commercial gas production and gas treating facili-
ties relating either to natural sources or to synthetic processes.
Water also occurs as condensate in these gas streams or water is
brought in contact with gas streams in various processing steps.
As a result aqueous waste streams are produced in which undesir-
able sulfur, nitrogen, and oxygen compounds are present. Their
concentrations in the aqueous waste streams depend on their equi-
1ibrium concentrations in gas streams from which the aqueous
streams are derived. Present and future environmental control
restrictions dictate that the concentrations of these undesirable
compounds be maintained at very low levels before the streams can
be released to the environment. Thus, methods must be developed
for controlling these concentrations. One method used in refin-
eries for controlling the concentrations of undesirable compounds
in aqueous waste streams is by means of a steam stripper called
a sour water stripper where these trace compounds are steam dis-
tilled and then condensed as a concentrated product in the con-
denser of the stripping column. The principal components in
these strippers are hydrogen sulfide, carbon dioxijde, and ammonia.
This concentrated product stream is then further processed for
removal of these undesirable compounds. Similar processes un-
doubtedly will be necessary in existing and new gas production or
gas treating facilities. The design of these processes requires
data regarding the equilibrium concentrations of undesirable com-
pounds absorbed into various aqueous waste streams, and then
equilibrium data are required relating to the removal of these
compounds from aqueous waste streams.

This paper reports on measurements made in three areas per-
taining to the processing of aqueous waste streams as follows.

A. Vapor-liquid equilibrium measurements on NH3-H20 mixtures
at 80 and 120°C

B. pH of NH -Hp5-C0,-H,0 mixtures at 25 and 80°C
C. Effect-of sodium hyéroxide and sodium acetate on NHj
volatility at 80°C
0-8412-0569-8/80/47-133-187$10.00/0
© 1980 American Chemical Society
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Measurement Apparatus

A flow-type vapor-liquid equilibrium apparatus shown schema-
tically in Figure 1 was used for the vapor-liquid equilibrium
measurements on NH3-Hp0. The method involves the analysis of an
equilibrium nitrogen stream for NH., after equilibration with a
NH3-H,0 mixture contained in cy]ingers 1 and 2 of Figure 1. The
partial pressure of NHy is then calculated from the vapor mole
fraction of NHy times the total pressure of the system. Two
cylinders were used to saturate the nitrogen stream in order to
minimize 1iquid depletion effects and to insure equilibrium be-
tween the gas and liquid phases. Vapor phase analyses were made
by absorbing the NH3 into an aqueous HC1 solution which was sub-
sequently titrated and by measuring the amount of nitrogen in the
sample by use of a calibrated wet test meter accurate to + 1%.
Pressures were measured by means of calibrated pressure gauges
accurate to + 0.1%, and temperatures were measured by means of
calibrated thermocouples accurate to + 0.05°C. The composition
of both the vapor and the liquid samples were determined by
potentiometric titration by addition of standardized NaOH solu-
tion to samples which initially contained a slight excess of HCl.
This method worked very well even at the ppm levels studied in
some of the runs. The same titrating solution was used for analy-
zing both the vapor and the liquid samples of each run thus mini-
mizing errors produced in standardizing the NaOH solution.

Figure 2 gives a schematic of the apparatus used for pH
measurements at 25 and 80°C. It consisted of a stoppered Erlen-
meyer flask submerged in a temperature bath regulated at either
25 or 80°C. The contents of the flask were stirred by means of
a magnetic stirrer coupled to a motor beneath the bath. A pH
probe and thermometer were inserted through the stopper at the
top of the flask and another hole was stoppered for use in pi-
peting solution into or out of the flask.

Measurements were made by first calibrating the pH probe
using two buffer solutions at pH's of 7 and 10 supplied by Van
Labs of Van Waters and Rogers Equipment Company . These solutions
have been certified by the National Bureau of Standards to be
accurate to + 0.01 pH unit at 25°C. This pH calibration was made
with the probe inserted in buffer solution at the same tempera-
ture as the pH measurements were made.

After calibration the probe was inserted into the flask
shown in Figure 2. A concentrated solution of NH3-H;S-CO —H20
of measured density was then pipeted into the flask and after
temperature and pH equilibration the pH was read. This normally
took a period of five minutes for the equilibration process.
After reading the pH, the solutjon was diluted with water by
first removing by pipet a portion of the solution in the flask
and by subsequent addition of water to replace the solution
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removed. Boiled distilled water was used for both the solution
preparation and dilution stages of the experiment. After each
dilution, the pH was again read.

The concentrated solutions were prepared by bubbling acid
gas into a solution of ammonia and water. No gas was allowed to
escape so that the increase in the weight of the solution repre-
sented the amount of H,S or CO, added. No problems were encoun-
tered when adding H S Ey this method but CO, is absorbed very
sTowly and long per1ods of agitation of the solution in contact
with gaseous C0, were necessary to achieve the desired levels.

At the higher l1oadings of acid gas to ammonia, problems were en-
countered when these solutions were heated to 80°C because the
absorbed gases tended to be driven off. This problem was solved
by connecting the absorption train composed of diglycolamine
(DGA) on sand shown in Figure 2. By this method, any components
discharged from the cell were absorbed in these scrubber tubes.
The tubes were then weighed and a correction was made in the com-
position of the solution in the Erlenmeyer flask.

Some problems were encountered with the pH probes used in
the pH measurements because the reference electrode is saturated
-with AgCl. Hydrogen sulfide can react with the AgCl in solution,
thus precipitating AgS at the KC1 junction between the reference
electrode and the solution. In this regard it was found that
certain probes work better than others. Our observations are as
follows.

1. Some reference electrodes have an exposed filling hole
for adding AgCl-saturated KC1. The hole is located on
the side of the probe where HpS can readily enter and
contaminate the solution. These electrodes proved
entirely unsatisfactory.

2. Some electrodes have the KC1 solution in a gel form.
These electrodes work fairly well but eventually the gel
becomes contaminated with silver sulfide and the probe
must be replaced. This type of probe was used for the
measurements given in this report. Two probes were
actually used for the entire set of measurements.

3. There are also electrodes available which have a ground
glass junction between the reference electrode and the
solution being measured. These probes would probably
be most suitable because they can be dismantled and
cleaned. A probe arrived as our measurements were being
completed so this type of probe has not yet been tested
in our laboratory.

The effects of sodium acetate and sodium hydroxide on NHg
volatility at 80°C were studied by two methods. Data on the
effect of sodium acetate were measured in the same apparatus used
to measure the NH3-Ho0 data shown in Figure 1. In this case,
sodium acetate was a?so added to the Tiquid phase with subsequent
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NHy partial pressure measurements made in the same manner used
for the NH3-H,0 measurements.

Data on the effect of sodium hydroxide were measured by
means of an NH3 probe supplied by Orion Research Company which
operates in a manner analogous to a pH probe except that a mem-
brane is used through which only the NH3 permeates. Thus the
response of the probe is proportional to the activity (or partial
pressure) of ammonia.

E.m.f. data on the effect of sodium hydroxide were converted
to ammonia partial pressure data using the following equation.

mv - my"ef.
= gref. T
fNrg = fig 10 8 (1)
where fNH3 = fugacity of NHj

f;ﬁ;' fugacity of NH3 in a reference solution of NH3-H20

mv = e.m.f. output of NH, electrode in millivolts
myref.- output of NH3 electrode in the reference solution
BT = millivolts per decade, at 80°C T = 70.1 mv/decade

At low pressures the fugacity of a component can be replaced by
its partial pressure so that Equation 1 can be approximated as
follows.

ot - mvref.

One problem encountered with the NH3 probe was that its cali-
bration drifted with time, thus requiring frequent recalibration
of the probe. For this reason the probe was abandoned when the
measurements with sodium acetate were made.

Measurement Results

Vapor-Liquid Equilibrium Data. Vapor-liquid equilibrium
measurements on NH3-H,0 mixtures at 80 and 120°C are summarized
in Tables 1 and 2, respectively. At each condition, several
vapor and 1iquid samples were removed for analysis before pro-
ceeding to the next condition. These tables summarize the analy-
ses of these samples at each condition and then give an average
value for each run condition. The charge analyses are based on
analyses of the solution charged to the measurement apparatus at
the beginning of each run and liquid analyses are based on sam-
ples removed from the apparatus during the run. A comp arisonof
these analyses shows that the liquid analyses are all slightly
Tower than the charge analysis and that the liquid analyses de-
crease slightly with each sample. This effect is due to loss of
ammonia to the vapor phase in sampling the vapor and thus
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average

average

average

average

average

TABLE 1. Ammonia-Water Vapor-Liquid Equilibrium
Measurements at 80°C by Flow Cell Method

wt % NHy Partial Total Volatility Ratio
in in Pressure, psia, Pressure, PNHA/WE %
charge liquid N 529?) psia__ TUncorr.  Corr.®

4.97 4.94 6.88 6.51 13.39 1.39 1.24
4.90 6.86 6.51 13.37 1.40 1.25

4.86 6.65 6.51 13.16 1.37 1.22

........ 4.90 6.80 6.51 13.31 1.39 1.24
1.000 994 1.240 6.80 8.04 1.25 1.23

.974 1.250 6.80 8.05 1.28 1.26

.950 1.247 6.80 8.05 1.31 1.29

........ .973 1.246 6.80 8.05 1.28 1.26
.0993 .0991 .122 6.86 6.98 1.23 1.25

.0983 119 6.86 6.98 1.21 1.23

. 0965 119 6.86 6.98 1.23 1.25

........ .0980 120 6.86 6.98 1.23 1.25
100.0 ppm 99.2 ppm .01 6.87 6.88 1.12 1.18
97.7 .0113 6.87 6.88 1.16 1.22

96.0 .02 6.87 6.88 1.17 1.23

94.3 .0110 6.87 6.88 1.17 1.23

........ 96.8 L0112 6.87 6.88 1.16 1.22
10.09 ppm  10.08 ppm .00108 6.87 6.87 1.07 1.26
10.04 .00108 6.87 6.87 1.08 1.27

9.93 .00107 6.87 6.87 1.08 1.27

........ 10.02 .00108 6.87 6.87 1.08 1.27

a)Actual measurements were made under nitrogen pressure according to
conditions summarized in Table 4. The partial pressure of water as
given here is based on Raoult's Law which applies at the low NH; con
centrations given here. By this method the partial pressure o
water is given as follows.

P

0’ Pﬁ 0= vapor pressure of pure water
2 2

X
H20

= P2 4 X
H,0 H,0 "H
= water mole fraction in liquid

The vapor pressure of water was taken from the CRC Handbook, 52nd Ed.,

page D-147,

b)See text for corrections applied.
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TABLE 2. Ammonia-Water Vapor-Liquid Equilibrium
Measurements at 120°C by Flow Cell Method

wt % NH3 Partial
in in Pressure, psia
charge 1iquid NH, H.0
4.83 4.75 19.0 27.35
4.68 4.60 18.5 27.39
4.45 18.2 27.44
average . . . ., . . . . 4.60 18.6 27.39
905 .900 3.59 28.52
889 .880 3.55 28.53
867 .850 3.48 28.54
average . . . . . . . . .877 3.54 28.53
.0955 .0940 .342 28.77
.0914 .341 28.77
. 0898 .0878 .329 28.77
. 0856 . 0840 .315 28.77
average , ., . ., . . . .0893 .332 28.77
93.4 ppm 92.2 ppm .0332 28.79
90.0 .0332 28.79
87.8 .0326 28.79
84.8 .0317 28.79
average ., ., . . . . . . 88.7 .0327 28.79
9.83 ppm 9.72 ppm .00358  28.80
9.44 .00368 28.80
9.12 .00367 28.80
average . . . . ., .. 9.43 .00364 28.80

Total
) Pressure,

psia

46.
45,
45.
46.

32.
32.
32.
32.

29.
29.
29.
29.
29.

28.
28.
28.
28.
28,

28.
28.
28.
28.

2)See footnote ' at the bottom of Table 2.

b)

See text for corrections applied.

—_———— OOV

—_— e —

Q0 00 00 o 00 o 00 00 0o

Volatility Ratio
/wt %
Corr.

__PnH
Uncorr3.

e W B =

W Wwwww

W W w

LW W W W

.00
.02
.09
.04

.99
.03
.09
.04

.64
.73
.75
.75
.72

60
69
71

.74

69

.68
.90
.02
.86

W W W w w

-~ Y

S bW W W W W

W W W ww

81

.83

89
85

97

.01

07
02

69

.78
.80

80

77

77
.86
.88
.91
.86

.24
.49
.63
.45

b)

appear
high
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represents slight depletion of the liquid with each vapor sample.
The 1iquid analyses in these tables are averages of analyses made
before and after sampling the vapor so the concentrations given
represent the average liquid composition during the vapor sam-
pling process.

The ammonia partial pressures given in Tables 1 and 2 are
based on the concentration of ammonia found in the vapor stream
times the total pressure. The actual pressures applied at each
run condition are summarized in Table 3 where the pressures
varied from 15 psia at 80°C to 90 psia at 120°C. Because nitro-
gen was used as a pressurizing fluid, the partial pressure of
water and the total pressure excluding nitrogen have been compu-
ted in Tables 1 and 2 based on Raoult's law for water as noted at
the bottom of Table 1. Raoult's law applies for the partial pres-
sure of water because the activity coefficient of water is vir-
tually unity at the Tow levels of ammonia used in the liquid
phase. Minor effects due to vapor non- ideality have not been
applied.

The last two columns of Tables 1 and 2 give equilibrium
volatility ratios of ammonia partial pressure divided by the
weight percent of ammonia in the 1liquid phase. The column la-
beled "Uncorr." gives the volatility ratio computed simply as
the partial pressure of ammonia divided by the total weight per-
cent of ammonia in solution. The second column gives a corrected
volatility ratio based on the dissociation of ammonia at low con-
centrations and extrapolation to zero concentration of ammonia.
The dissociation correction was applied by dividing the uncorrec-
ted volatility ratio by the computed ratio of free ammonia over
total ammonia in solution. The ratio of free ammonia over total
ammonia was computed from the dissociation constant of ammonia
given by Edwards and Prausnitz (1) as follows.

NHzOH—> NHy ™ + OH-

Temperature °C Dissociation Constant
25 1.78 x 1075
80 1.66 x 10-5
120 1.19 x 1075

With no other ions present the concentration of free ammonia
over total ammonia present is given by the following equation:

(NH3)free 2k
—== =1 - (1 4C/k - 1 3
(NHB)tota1 4c ( " ) ¥

where k = dissociation constant of NH
C = total concentration of NHy %o]es/Kg water

In addition to this correction the volatility ratio of ammonia

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE 3. Measurement Pressures for Ammonia-Water
Vapor-Liquid Equilibrium Runs

Measurement

Temp. NH NaAc Pressure.with N2
°C wt % wt % psia
80 5 0 30
1 0 20
1 0 15
100 ppm 0 15
10 ppm 0 15
T wty 25 20
1 15 20
1 5 20
120 5 e 90
1 0 60
1 0 60
100 ppm o} 60
10 ppm 0 60

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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varies due to the solvent effect of free ammonia according to the
following equation given in Table 1 of reference 2.

1n(HNH3) = 1n(HﬁH3) + SCNH3 (4)

where H° = volatility ratio at zero concentration of free ammonia

CNH3 = effect of free ammonia on the volatility
B8~ = temperature dependent constant; B8 = 131.4/T°R - .1682
CNH3 = concentration of free ammonia, moles/Kg water
Solving for 1n(HﬁH3) gives the following equation.
1n(HﬁH3) = 1n(HNH3) - BCNH3 (5)
or HﬁH3 = HNH3EXP (-BCNH3) (6)

Equations 2 and 5 can be combined to give a total correction as
follows.

P ° (P, /wt % NH,) exp(-8¢C,, ., )
NH3 = NHj 3 Uncorr. NH3 (7)
W Corr.

t % NH3 [Ny )7, 7]
free total

Thus the last column in Tables 1 and 2 corresponds to the vola-
tility ratio of ammonia based on free ammonia and extrapolated to
zero concentration of free ammonia. This number should be inde-
pendent of the concentrations studied at a given temperature, and
any variation represents errors in either the measured data or in
the applied corrections. The following is a comparison of the
averages from each run.

(P, /wt %)°

NH, NH3 Corr.
Concentration 80°C 120°C
5wt 3 1.24 3.85
1wt % 1.26 4.02
d wt % 1.25 3.77
100 ppm 1.22 3.86

10 ppm 1.27 4.45 (appears high)

Average (Excluding 10
ppm point at 120°C) 1.25 + 2% 3.88 + 4%

This agreement is considered to be quite good when allowance is
made for the fact that these are independently measured runs at
concentrations varying by a ratio of 5000 to 1! The 10 ppm run
at 120°C is probably in error due to a trace contaminant in the
vapor samples observed in the potentiometric titration curve.
This problem was not observed at 80°C.

The favorable comparison given above shows that the ammonia

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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volatility ratio can be reliably extrapolated to low concentra-
tions without Toss of accuracy. This is important because the

bulk of published literature data on the volatility of ammonia

are at concentrations of 1% NH, or higher.

A comparison of this new Volatility ratio with measured 1i-
terature data is given in Figure 3 where deviation ratios of
PNH3(meas)/PNH3(ca1c) are plotted versus temperature where com-
parison is made with the SWEQ calculation model of reference 2.
This plot shows that these new data are in fair agreement with
the calculated values with ratios of about 1.05 at both 80 and
120°C. Fortunately for the authors these data also agree quite
?e§1 with previously measured data rep orted by Milesand Wilson

3).

In summary the following can be concluded from the data

given in Tables 1 and 2.

1. The volatility of ammonia at ppm Tevels can be calcula-
ted from the ionization constant of ammonia combined
with volatility data measured at higher concentrations
of ammonia.

2. The volatility of ammonia at 80 and 120°C is about 5%
higher than is now predicted by the SWEQ model. This
means that the SWEQ model will predict slightly more
steam for a given separation, all other effects being
equal, than will actually be required.

pH of NH3:ﬂ25—C09:ﬂ20 Mixtures. pH measurements on NHs- HoS-
C0p-Ho0 mixtures have been made at 25°C and 80°C as outlined in
Part B of the Measurement Program. The results of these measure-
ments are given in Tables 4 to 22. Each table gives the composi-
tion of each solution at various dilutions and measured and cor-
related pH data at each composition. The SWEQ computer program
(2) does not accurately predict these pH data, so an empirical
correlation of the data was made in order to give comparisons
between the data and a smoothing function. This smoothing func-
tion is based on the following equilibrium which is assumed to
be a function of the concentration of the components in solution.

NH3 + H*—>NH,* (8)

_ (NHg*)
At (9)

In Equation 9, the hydrogen ion concentration is given by the pH
measurements; and the ratio of NH3/NH4+ can be approximated from
the moles of acid gas per mole of NH3 assuming all of the acid
gas reacts as follows.

NHy + HA—>NH4+ +A
MNH3 -¢ o -a «a a

, AT = HCO§ or HS™ (10)

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Figure 3. Ammonia mean ratio of measured over calculated partial pressures
based on SWEQ correlation (®) new data; see Figure 2 of Ref. 1 for the following:
(O) Miles & Wilson, ([J) Clifford; (/\) Van Krevelen NH,—~CO,; (V) Cardon &

Wilson; (M) Badger & Silver; ( © ) Breitenback & Perman)
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TABLE 4. Measured and Correlated pH of Water-Ammonia
Mixtures with no Acid Gas Present, 25°C

Armonia®) N T pH
Wt % (3uEo Weas. Correl. OiFT
.00103 2.82 9.491 9.606 -5
.00308 5.19 9.807 9.875 -.068
00925 9.34 10.123 10.137 -.014
.0277 16.5 10.369 10.397 -.028
AN 33.4 10.726 10.733 -.007
.335 58.6 1.014 11.021 -.007
1.01 102 11.283 11.337 -.054
3.05 177 11.597 11.709 -2
6.17 254 11.883 11.997 -4
8.30 293 12.066 12.130 -.064
n.21 339 12.272 12.276 -.004
15.20 391 12.588 12.436 152

a)

Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE 5. Measured and Correlated pH of Water-Ammonia
Mixtures with 0.253 Mole of HZS/Mo1e of NH3,

25°C
Ammonia®) HZSa) NHRa/tlﬂ]}? + pH
Wt % wt % (3ueo’ Meas. Correl. DIFF.
.00135 .00068 1.69 9.303 9.385 -.082
.00404 . 00205 2.26 9.414 9.517 -.103
012 .00612 2.66 9.495 9.604 -.109
.0364 .0184 2.85 9.567 9.643 -.076
.109 . 0552 2.9 9.669 9.680 -.01
.328 .166 2.94 9.772 9.732 .040
.985 .499 2.95 9.896 9.818 .078
2.96 1.50 2.95 9.996 9.963 .033
5.97 3.02 2.96 10.083 10.108 -.025
8.90 4.50 2.96 10.155 10.216 -.061
10.50 5.3 2.96 10.196 10.267 -.071
14.11 7.14 2.96 10.230 10.370 -.140

a)

Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE6. Measured and Correlated pH of Water-Ammonia
Mixtures with 0.491 Mole of HZS/Mole of NH3,
25°C

Ammonia®) Hys?) NHRa/tIJ}-(I) + pH
wt % wt % { wEgl)‘ Meas. Correl. Dif.
.00407 .00400 .952 9.040 9.143 -.103
.0122 .0120 1.01 9.080 9.178 -.098
.0366 .0359 1.03 9.174 9.204 -.030
.10 .108 1.04 9.290 9.239 .051
.330 .324 1.04 9.405 9.292 .13
.990 .971 1.04 9.497 9.383 114
2.97 2.91 1.05 9.599 9.546 .053
5.94 5.83 1.04 9.649 9.697 -.048
9.92 9.73 1.04 9.758 9.852 -.094
13.23 12.98 1.04 9.734 9.958 -.224

a)Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE 7. Measured and Correlated pH of Water-
Ammonia Mixtures with 0.251 Mole of €0,/
Mole of NH3, 25°C

A . a) ) Ratio .

mmonia co NH45/NHg pH

Twta Wt % (3uEQ) eas., Torrel. i
.00180 .00117 1.66 9.343 9.379 -.036
. 00457 .00296 1.98 9.438 9.461 -.023
.0116 .00750 2.18 9.463 9.512 -.049
. 0295 L0191 2.27 9.509 9.543 -.034
.0748 .0485 2.29 9.573 9.569 .004
.190 123 2.29 9.606 9.605 .001
.481 .312 2.25 9.644 9.653 -.009

1.22 9 2.19 9.735 9.731 .004

1.75 1.13 2.17 9.768 9.775 -.007

5.72 3.7 2.07 10.005 9.988 .017

7.60 4.92 2.06 10. 095 10.065 .030

10.1 6.53 2.04 10.210 10.153 .057

13.4 8.65 2.03 10.379 10.256 J123

a)

Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE 8. Measured and Correlated pH of Water-
Ammonia Mixtures with 0.520 Mole of COZ/

Mole of NH3, 25°C
Ammoniaa) COga) Nﬁiﬁﬂ&+ pH
Wt Wt % (uEQ) Feas: Torrel. TIFF.
. 000297 .000400 .452 8.579 8.810 -.231
.000754 .00102 .592 8.789 8.929 -.140
.00191 .00257 .695 8.951 9.003 -.052
. 00486 . 00654 .746 9.028 9.040 -.012
.0123 .0166 .761 9.074 9.060 .014
.0313 . 0421 .768 9.096 9.080 .016
.0794 .107 .748 9.105 9.096 .009
.201 .2Nn .704 9.127 9.112 .015
.661 .890 .597 9.138 9.133 .005
1.31 1.77 .507 9.162 9.146 .016
1.74 2.35 .466 9.163 9.154 .009
2.31 3.1 .428 9.176 9.168 .008
3.06 4.12 .388 9.189 9.184 .005
4.04 5.44 .349 9.210 9.204 . 006
5.32 7.16 .314 9.240 9.233 .no7
6.97 9.38 .280 9.277 9.268 .009
9.10 12.25 .248 9.329 9.311 .018
11.81 15.89 .220 9.430 9.366 . 064
a)

Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Ammonia?
wt %

.00238
. 00579
.0141
.0342
.0828
.201
.486

2.31
4.50

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

TABLE 9.
Mole of NHs,
0 /g
Wt % (SuEq)
.00463 .278
L0113 .283
.0274 .289
. 0664 . 285
.161 2N
.391 .244
.944 .201
2.27 .145
4.49 .0990
8.74 .0632
11.46 .0513

a)

Sour Water Equilibria

Balance is water

25°C

Measured and Correlated pH of Water-
Ammonia Mixtures with .755 Mole of C02/

pH
Meas. Correl. Diff.
8.629 8.608 .021
8.679 8.623 056
8.709 8.644 .065
8.716 8.657 .059
8.725 8. 664 .061
8.718 8.664 .054
8.698 8.650 .048
8.641 8.616 .025
8.577 8.574 .003
8.500 8.549 -.049
8.472 8.545 -.073

ACS Symposium Series; American Chemical Society: Washington, DC, 1980.
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TABLE 10. Measured and Correlated pH of Water-
Ammonia Mixtures with 0.886 Mole of COZ/
Mole of NH3, 25°C

Ratio

Anmonia®) c0,?) NH3/NHg* pH
Wt % wt % (SWEQ Meas. Correl. DIff
.000902 .00207 .110 8.265 8.200 .065
.00219 .00501 .19 8.345 8.239 .106
.00532 L0122 119 8.393 8.247 .146
.0129 .0295 122 8.400 8.270 .130
.0314 .0719 .8 8.391 8.274 17
L0761 174 113 8.400 8.285 15
.185 .423 .0996 8.382 8.276 .106
.446 1.02 .0789 8.335 8.245 .090
1.07 2.46 L0521 8.233 8.174 .059
2.1 4.83 .0346 8.131 8.120 .01
2.78 6.37 .0281 8.084 8.093 -.009

a)

Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Ammoniaa)
wt %
0.00298
0.00724
0.0176
0.0427
0.104
0.252
0.612
1.49
3.61
7.24
9.67
12.91

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

TABLE T11.

0.
0.
0.
0.

Sour Water Equilibria

c0,?)
wt'%
000954
00232
00563
0137

.0332
.0806
.196
.476

.32
.09

a)

Measured and Correlated pH of Water-

Ammonia Mixtures with .124 Mole of CO,

and .124 Mole of HoS per Hole of NH

25°C

Hos?)
Wy (3

0.000737

o

.00179
0.0435
0.0106
0.0256
0.0623
0.151
0.367
0.893
1.79
2.39
3.19

Balance is water

2.
2.
2.

Ratio
/NHat
WEQ

003
3n
494

.568
.623
.622
.613
.603
.562
.556
.560
.554

3

pH
Meas.  Correl.  Diff.
9.248 9.463 -0.215
9.435 9.531 -0.096
9.489 9.574 -0.085
9.476 9.601 -0.125
9.546 9.634 -0.088
9.631 9.670 -0.039
9.733 9.724 0.009
9.845 9.811 0.034
9.975 9.941 0.034
10.116 10.100 0.016
10.194 10.185 0.009
10.298 10.281 0.017
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TABLE 12. Measured and Correlated pH of Water-
Ammonia Mixtures with .277 Mole of CO
and .277 Mole of H,S per Mole of NH

25°C 2 ¥

Ammoniaa) COga) sta) ngvauz+ pH

wt % wt % wt % (SWEQ) ~ Meas.  Correl.  Diff.
0.00136 0.000964 0.000753 0.635 8.576 8.961 -0.385
0.00363 0. 00257 0. 00201 0.704 8.745 9.0 -0.266
0.00967 0.00686 0.00535 0.732 8.877 9.036 -0.159
0.0258 0.0183 0.0143 0.740 8.934 9.055 -0.121
0.0687 0.0488 0.0382 0.730 9.002 9.072 -0.070
0.183 0.130 0.102 0.706 9.085 9.095 -0.010
0.408 0.346 0.2N1 0.682 9.150 9.127 -0.023
1.296 0.919 0.720 0.587 9.209 9.177 0.032
3.422 2.428 1.900 0.499 9.293 9.273 0.020
6.443 4.571 3.577 0.447 9.376 9.388 -0.012
8.380 £.03 4.653 0.417 9.416 9.443 -0.027
10.87 7.800 6.035 0.399 9.479 9.519 -0.040

a .
)Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Nnnoniaa)
wt 2

.00280

. 00680

.0165

o O o O

.0401
0.0973
0.0236

3.30
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Sour Water Equilibria

TABLE 13 .
25°C
co,*) Hps?)
wt % wt %
0.00269  0.00210
0.00653  0.00509
0.0159  0.0124
0.0385  0.0300
0.093  0.0729
0.227 0.177
0.549 0.428
1.33 1.034
3.17 2.47
5.69 4.42
7.27 5.67

0.
0.
0.

o

a)Balance is water

o o o O

3074
3176
3155

.3183
.3091
. 2886
.2573

2055

.1514

1145
1003

Measured and Correlated pH of Water-
Ammonia Mixtures with 0.375 Mole of H,S
and 0.372 Mole of CO2 per Mole of NH

3

__pH
8.542 8.650 -0.108
8.598 8.671 -0.073
8.643 8.679 -0.036
8.686 8.700 -0.014
8.732 8.714 0.018
8.768 8.647 0.121
8.774 8.617 0.157
8.764 8.746 0.018
8.740 8.772 -0.032
8.719 8.805 -0.086
8.715 8.827 -0.112
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TABLE 14. Measured and Correlated pH of Water-
Ammonia Mixtures with No Acid-Gas
Present, 80°C

Ammon1 aa) NHRa/tNiHo[;+ pH b)
wt % (3WED) Meas. Correl. Diff.
0.00202 4.4484 8.077 8.138 -.061
0.0121 11.565 8.432 8.636 -.204
0.0273 17.572 8.636 8.881 -.245
0.0614 26.638 8.826 9.143 -.317
0.221 51.020 9.156 9.597 -.441
0.887 102.43 9.526 10.127 -.601
1.79 145.48 9.717 10.396 -.679
3.61 208.46 9.865 10. 662 -.797

a)Balance is water

b)These differences indicate that the NH /NH4+
ratio from the SWEQ computer program ate
too high.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Ammonia
wt %
0.00292
0.00709
0.0172
0.0418
0.102
0.246
0.600

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

Sour Water Equilibria

TABLE 15. Measured and Correlated pH of Water-
Ammonia Mixtures with 0.258 Mole of H2$/
Mole of NHg, 80°C
Hps?) NHF;a/tNLZ* pH
wt % (SWEQ) Meas. Correl. Diff.
0.00151 2.150 7.805 7.840 -.035
0.00366 2.504 7.966 7.950 .016
0.00889 2.709 8.057 8.045 .012
0.0216 2.818 8.208 8.147 . 061
0.0524 2.869 8.323 8.265 .058
0.127 2.891 8.470 8.400 .070
0.309 2.898 8.575 8.550 .025
0.756 2.894 8.675 8.699 -.024
1.85 2.891 8.777 8.836 -.059
a)Ba1ance is water
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TABLE 16 . Measured and Correlated pH of Water-
Ammonia Mixtures with 0.480 Mole of H,5/
Mole of NH3, 80°C

Ratlo

Amonia®) sta) NH-/NH pH

wt % wt % gwEQ? Meas. Correl. Dift.
0.00185 0.00178 .948 7.511 7.472 .039
0.00468 0.00451 1.081 7.618 7.553 .065
0.0119 0.0114 1.085 7.724 7.631 .093
0.0302 0.0291 1.105 7.863 7.722 141
0.0767 0.0738 1.113 7.952 7.836 116
0.195 0.187 1.115 8.062 7.975 .087
0.494 0.477 1.1 8.152 8.128 .024
1.26 1.22 1.107 8.235 8.283 -.048
3.21 3.12 1.096 8.324 8.422 -.098

a)Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Sour Water Equilibria

TABLE 17 .

Ammoniaa) HZSa)
wt % wt %
.0935 .104
.187 .208
.375 416
.752 .834
1.55 1.70
3.07 3.89

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

Measured and Correlated pH of Water-

Ammonia Mixtures with .555 Mole of HZS/

Mole of NH3, 80°C

Ratio
NHa/NH.*
( wsgi
0.8439
0.8453
0.8453
0.8453

0.8628
0.6293

a)Ba’lance is water

pH
Meas. Correl. Dift.
7.809 7.750 .059
7.853 7.855 -.002
7.874 7.970 -.096
7.916 8.088 -.172
7.985 8.215 -.230
8.094 8.187 -.093
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TABLE 18. Measured and Correlated pH of Water-
Ammonia Mixtures with .315 Mole of CO,/
Mole of NH3, 80°C

Ammoniaa) co a) N;§3%31+ pH

wt % wt % (SWEQ) Meas. Correl. Diff.
0.00175 0.00142 1.572 7.830 7.687 .143
0.00425 0.00346 1.845 7.927 7.792 .135
0.0103 0.00840 2.0 8.048 7.880 .168
0.0878 0.0714 2.108 8.272 8.118 .154
0.213 0.173 2.075 8.405 8.242 .163
0.515 0.420 1.989 8.496 8.37 .125
1.25 1.02 1.853 8.591 8.491 .100
3.0 2.46 1.665 8.692 8.584 .108
5.98 4,95 1.487 8.830 8.630 .200

a)Balance is water

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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Ammonia?
wt %

0.00244

(=]

.00548

o

L0123
0.0278

(=]
p—
[=4)
(=2}
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TABLE 19. Measured and Correlated pH of Water-
Ammonia Mixture with .429 Mole of C0,/
Mole of NH3, 80°C
a) Ratio
co NH3/NH pH
wt { NEQ§ Meas. Correl. Diff.
0.00269 1.164 7.557 7.57 -.013
0.00605 1.260 7.601 7.643 -.042
0.0136 1.309 7.654 7.72 -.058
0.0306 1.327 7.742 7.789 -.047
0.183 1.297 7.950 8.011 -.061
0.412 1.243 8.039 8.125 -.086
1.46 1.079 8.141 8.282 -.141
2.96 .908 8.210 8.316 -.106
6.08 .690 8.308 8.293 .015
a)Balance is water

Sour Water Equilibria
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TABLE 20. Measured and Correlated pH of Water-
Ammonia Mixtures with .121 Mole of HZS
and .126 Mole of CO2 per Mole of NH3,

80°C
Amonia®)  co,?) Hps?) N pH

Wt % wt % wly (e} Weas.Cerrel. Diff.
0.00178  0.000581  0.000430 1.962  7.737  7.783  -.046
0.00401  0.00131  0.000968  2.051  7.794  7.834  -.041
0.00902  0.00294  0.00218  2.675  7.816  7.992  -.176
0.0542 0.0176  0.0131 2,954 8.124  8.196  -.072
0.122 0.0397 0.0295 2.977  8.264  8.306 .02
0.275 0.0895 0.0664 2.067  8.416  8.429  -.013
0.765 0.252 0.185 2.889  8.609  8.589 .020
2.78 0.925 0.670 2780  8.787  8.777 .010
5.70 1.90 1.39 2.622  8.901  8.858 .083

a .
)Balance is water
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Ammoniaa)
wt %
0.00439
0.00988
0.0593
0.133
0.300
1.08
2.16

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

TABLE 21 .

co,?)

0.00236
0.00530
0.0318
0.0716
0.161
0.581
1.26
2.56

a)

Sour Water Equilibria

Measured and Correlated pH of Water-
Ammonia Mixtures with .188 Mole of H,S

and .225 Mole of CO2 per Mole of NH3,

80°C

a
Hys?)
wt %

0.00165

(=)

.00372

(=)

.0223
. 0502
.13
.406

o o o o

.813

—

.65
3.50

Ratio

NH3/NHg "
(SWEQ)

1
1

Balance is water

.481
.573
.635
.643
.608
.522
.214
.097
.933

pH
7.579 7.700 -.120
7.607 7.773 -.166
7.833 7.962 -.129
8.020 8.074 -.054
8.158 8.193 -.035
8.336 8.387 -.051
8.408 8.406 .002
8.465 8.463 .002
8.596 8.480 116
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TABLE 22. Measured and Correlated pH of Water-
Ammonia Mixtures with .363 Mole of HZS
and .328 Mole of C02 per Mole of NH3,

80°C
Ratio
amonia®)  co,?) M) g/ pH
wt % wt % wt % (§wgq Meas. Correl.  Diff.
0.988 0.838 0.717 .4244 7.903 7.851 .052
1.97 1.71 1.45 .3584 7.926 7.889 .037
3.92 3.45 2.93 .2903 7.970 7.897 .073

a)Beﬂance is water
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free NH3 = ”NH3 - o

HE =
N 4 o o
free NHy _ MNH3 = O - B nNﬂg (1)
Nt o o
4 NNH3
NH3 :1 _R’
——=— "’ R =—"—=moles acid gas per mole NH3 (12)

NH4+ R nNH3

This estimated ratio can be improved by using the SWEQ computer
program which takes the jonization of NH, into account at low con-
centrations. For example in Table 5, Eguation 12 gives a NH /NH
ratio of 2.95. This agrees with the SWEQ program at high concen—
trations, but at low concentrations the ratio decreases due to
the ionization of ammonia. In order to take this ionization
effect into account, the SWEQ computer program has been used to
calculate the NH /NH ratios in each table for use in the
smooth1ng funct18 These calculated ratios are therefore given
in each table, and the smoothing function now involves a correla-
tion of the equilibrium constant given by Equation 9 as a func-
tion of the concentrations of the components. The resulting
equations are the following.

BT+ R)( wt % NA3)

10970(k) = A+ C 0T+ R)(wt % W)
where A, B, C, and D = constants
R =4 £rom SWEQ program

+
NH4 + NH3

R = moles acid gas/mole NH,
wt % NH3 = total weight percent of ammonia in soln.

(13)

Values of the parameters were found to be as follows.

Temp. Parameter
°C A B T o
25 9.15 .178 1 0
80 7.42 1.36 .9 1

The first parameter, A, is the pK of NH3 which can be compared
with literature data; the compar1son is as follows.

Temp. pK.,
°C Meas. ~  Lit.(2,4) Difference
25 9.15 9.25 -.10
80 7.42 7.84 -.42
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From this comparison the agreement is quite good at 25°C. At
80°C the agreement is not as good, but the larger difference is
not surprising because both the measurements reported here and
measurements in the literature suffer from measurement problems
at higher temperatures. However, it would be surprising if the
data reported here are off by 0.4 unit because NBS recommended
buffer solutions accurate to + 0.01 pH unit over the temperature
range to 80°C were used. If the data given here are right, it
probably means that the dissociation constant of ammonia at 80°C
is about 0.65 x 10-5 rather than 1.66 x 10-5 computed from the
equation of Edwards and Prausnitz (1).

Differences between measured and correlated pH data are
given in each of Tables 4 to 22. No attempt was made to do a
least-square fit of the data so in some cases deviations between
the correlation and the data can be rather large without any
significant error in the measured data. Nevertheless, most of
the deviations are less than + 0.1 pH unit. One exception is
data in Table 14 on the pH of NH3-H,0 at 80°C with no acid gas
present; in this case the ca1cu1ateg pH data depend heavily on
the NH3/NH4+ ratio given by the SWEQ model. Differences up to
0.797 pH unit indicate the magnitude of error in the SWEQ model
at 80°C. Similar data at 25°C in Table 3 are better predicted.

The data in Tables 4 to 13 at 25°C plot nearly as vertical
1ines independent of the wt % NH3 in solution except for pure
ammonia. At Tow concentrations the curves tend to deviate be-
cause of the jonization of NHy and water. If the amount of am-
monia in solution is approximately known, these curves can be
used to estimate the moles of acid gas per mole of NHy with
fairly good accuracy. At 80°C the curves tend to slant more so
the amount of ammonia in solution would have to be known more
accurately before an estimate of the ratio of acid gas to ammonia
could be made. Also we do not recommend the use of a pH probe at
80°C as a control indicator because the response of the probe is
more erratic, and precise data are difficult to obtain. The use
of an indicator probe at 25°C seems more logical because the out-
put is more stable.

One observation that can be made from the pH data in Tables
4 to 22 is that the pH appears to be affected about equally by
either HpS or C0p. This result can be seen from an examination
of the plots given in Figures 4 and 5. In these figures the pH
is plotted versus the moles of acid gas per mole of NHj at a
fixed concentration of 1.0 wt % NH3. The curves in Figure 4
correspond to results at 25°C, and the plot in Figure 5 corres-
ponds to results at 80°C. The points plotted in these two fig-
ures represent smoothed values obtained from Tables 4 to 22.
Data at 25°C in Figure 4 clearly separate into three distinct
curves although the curves are close together. This shows that
there is some difference between the acid gases, but not a large
difference. The points in Figure 5 at 80°C do not resolve into
separate curves because there is some scatter in the points.
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Figure 4. The pH of 1.0 wt % H,S5-CO;—NH ,—H,0 mixtures vs. acid gas loading
at 25°C (smoothed points: (\) 100% CO,; ([J) 100% H,S; (O) 50:50 H,S/CO,)

o

pH at 1.0 wt % NHq, 80°C

©

moles acid gas/mole NH3

Figure 5. The pH of 1.0 wt % H,S—CO,—NH ,—H,O mixtures vs. acid gas loading
at 80°C ((A\) 100% CO,; (1) 100% H,S; (C) 50:50 H,S/CO,)
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Within this scatter, the three types of data appear to be corre-
lated by a single curve; thus showing that there is not a great
difference in the effect of the acid gases at 80°C.

In summary the following can be concluded regarding the pH
data in Tables 4 to 22.

1. The data can be correlated using an equilibrium constant
approach with most deviations being less than + 0.1 pH
unit.

2. The pKy of ammonia derived from these data agrees with
literature data within 0.1 pH unit at 25°C and 0.42 pH
unit at 80°C.

3. The molar ratios of HyS/NH, or C0,/NH3 have about equal
effects on the pH. At 25°C, 002 appears to have a
slightly greater effect. A similar conclusion at 80°C
can be made except that no distinction between the acid
gases is visible because of some scatter in the data.

4. The pH probe is more stable at 25°C than at 80°C. For
this reason it is recommended that if a pH probe is used
as a control sensor in a process that it be used at 25°C
so that the response will tend to be more accurate.

5. pH data at 25°C in Tables 4 to 13 can be used to esti-
mate the moles of acid gas per moles of NH3 in solution
with only an approximate knowledge of the total amount
of NH3 in solution.

Sodium Hydroxide and Sodium Acetate Effect on NH: Volatility.
Ammonia volatility measurements at various concentrations of so-
dium hydroxide and sodium acetate at 80°C are given in Tables 23
and 24 respectively. Data on the effect of sodium hydroxide were
measured using an ammonia probe from Orion Research Company.
These measurements were reduced to NH, partial pressure measure-
ments using Equation 2 given above. ?n this case, the reference
solution is the composition reached at zero salt concentration at
the bottom of Table 23. The ammonia partial pressure above this
solution can be inferred from Table 1 where Pyy3/wt % NH3 at 0.1
wt % NH3 has a value of 1.23. This information gives the fol-
lowing values for Pﬁﬁg- and mvref.

ref.
pNﬁ3

ref.
v

0.1005 x 1.23 = 0.124 psia

m -57.3 mv

These values and the probe output data in Table 23 were substitu-
ted into Equation 1 to give the partial pressure data given in
Table 23.

The data in Table 24 on the effect of sodium acetate were
measured in the same manner as data in Tables 1 and 2, so no as-
sumptions about the ammonia probe behavior were necessary. This
was done because readings from the NH3 probe became erratic after
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TABLE 23. Effect of Sodium Hydroxide Electrolyte
on Ammonia Yo]ati]ity at 80°C from Ammonia
Probe Data?

NH3 Probe
wt % in Liquid Output PNH3 PNHg/Wt %
NH4 NaOH my psia psia
.0800 22.5 -57.1 .123 1.54
.0891 12.7 -57.5 125 1.40
.0944 6.82 -57.3 124 1.31
.0974 3.60 -57.2 124 1.27
.0995 1.27 -57.3 124 1.25
.1005 0 m"ef-57.30)  p ref. 120) 1.23

Hy

a)

b)

Orion Research Company

This value of -57.3 mv was not directly measured, but is a
value obtained by extrapolating mv vs wt % NaOH to zero wt %
NaOH.

c)This partial pressure for NH, was obtained from the NH4
partial pressure data in Tab?e 2 at 0.1 wt % ilH,. The
same ratio of Pyyy/wt % NH3, uncorr. was used at .1005 wt %
NH3 to give Pyyy as follows.

pNH3 = 1.23 x .1005 = .124 psia
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TABLE 24. Effect of Sodium Acetate Electrolyte
on Ammonia Volatility at 80°C from
Flow Cell Data

NH3 in a)
charge, wt % Liquid Phi3 .
NH, NaAc wt % psia NH/Wt %
.802 25 .781 1.838 2.35
.734 1.778 2.42
.684 1.712 2.50
.644 1.620 2.51
average AR 1.737 2.45
.931 15 .992 1.812 1.83
.975 1.817 1.86
.959 1.796 1.87
.942 1.756 1.86
average .967 1.795 1.86
.931 5 .995 1.381 1.39
.985 1.411 1.43
.974 1.405 1.44
.964 1.380 1.43
average .980 1.394 1.42
1.00 0 .973 1.246 1.28 average from

Table 2

a)Samp1ed at 20 psia
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the measurements at 80°C on the effect of sodium hydroxide.
These data were measured at about 1 wt % NH, in the liquid phase
instead of 0.1 wt % NH, used for the NaOH meéasurements. For this
reason they do not extrapolate to the same volatility ratio at
zero concentration of electrolyte. When correction is made for
ionization and solvent effects of ammonia, then the two inter-
cepts agree.

From the data in Tables 23 and 24, the following can be con-
¢luded.

1. The volatility of ammonia can be significantely affected
by high concentrations of dissolved ions in the liquid
phase. In sodium acetate the volatility dncreases by a
factor of 1.9 at 25 wt % of salt. In sodium hydroxide
the volatility is enhanced to a lesser degree with an
increase of 1.25 at 22.5 wt % NaOH. Both electrolytes
produce ions with only one electronic charge, but their
effects on the volatility of ammonia are significantly
different. Thus the effects of various ionic components
must be studied individually in order to determine their
effect on the volatility of NHj.

2. At the Tow ionic concentrations encountered in sour wa-
ter strippers, the effect of dissolved ions is probably
small. Thus at a 1% concentration of sodium acetate the
volatility of ammonia only increases about 2.5% due to
the salt. This is within the prediction accuracy of the
ammonia volatility data and no correction is therefore
required. However significant jonic effects could exist
in the condenser where high concentrations of the ionic
components could exist.

Summary and Conclusions

Ammonia partial pressure data have been determined at con-
centrations from 10 ppm up to 5 wt % in water at temperatures of
80 and 120°C. The pH of NH -HpS-C05-Hy0 mixtures have also been
measured at 25 and 80°C. ?so the effects of sodium hydroxide
and sodium acetate on ammonia volatility data have been measured
at 80°C. Various conclusions made from the data are as follows.

T. The volatility of NHy at ppm levels can be calculated
from the jonization constant of ammonia combined with
volatility data measured at higher concentrations of
ammonia.

2. The volatility of ammonia at 80 and 120°C is about 5%
higher than is now predicted by the SWEQ model.

3. The volatility of ammonia can be significantly affected
by high concentrations of dissolved ions in the liquid
phase. Unfortunately the effect varies depending on the
types of ions in solution. Sodium acetate produces a
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much larger enhancement in the volatility than is pro-
duced by sodium hydroxide.

4. At the low ionic concentrations encountered in sour wa-
ter strippers, the effect of dissolved ions is probably
small. A 1% concentration of sodium acetate only en-
hances the volatility of ammonia by about 2.5%. High
jonic concentrations in the condenser may produce bigger
effects.

5. Measured pH data on NH3-H,S-C0,- H,Omixtures can be cor-
related using an equilibrium constant approach with most
deviations being less than + 0.1 pHunit.

6. The pK; of ammonia derived from the pH data agrees with
11terature data within 0.1 pH unit at 25°C. At 80°C the
agreement is not as good with a difference of 0.42 pH
unit

7. S and €O, have about equal effects on the pH of H,S-
Ca -NH, Hza mixtures with CO, showing a slightly greater
effect at 25°C.

8. pH measurements at 25°C tend to be more reliable than
data at higher temperatures because the output from the
probe is more stable at 25°C. For this reason it is
recommended that if a pH probe is used as a control sen-
sor in a process that it be used at 25°C.

9. Measured pH data on H,S-CO -NH3- H20m1xtures at 25°C can
be used to estimate the moTes of acid gas per mole of
ammonia in solution with only an approximate knowledge
of the total amount of ammonia in solution.

10. Certain types of reference electrodes are found to be
more suitable than others when determining the pH of
solutions containing HpS. Recommendatians regarding
various electrodes are given in the text of the paper.
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Predicting Vapor-Liquid-Solid Equilibria in
Multicomponent Aqueous Solutions of
Electrolytes

JOSEPH F. ZEMAITIS, JR.
OLI Systems, Inc., 15 James Street, Morristown, NJ 07960

It is evident from the title of this symposium that as a
result of recent requirements to reduce pollutant levels in
process wastewater streams, improved techniques for predicting
the vapor-liquid-solid equilibria of multicomponent aqueous
solutions of strong and/or weak electrolytes are needed. In
addition to the thermodynamic models necessary for such
predictions, tools have to be developed so that the engineer or
scientist can use these thermodynamic models correctly and with
relative ease.

Within the past few years the advances made in hydrocarbon
thermodynamics combined wtih increased sophistication in computer
software and hardware have made it quite simple for engineers to
predict phase equilibria or simulate complex fractionation towers
to a high degree of accuracy through software systems such as
SSI's PROCESS, Monsanto's FLOWTRAN, and Chemshare's DISTILL among
others. This has not beem the case for electrolyte systems.

For processes involving electrolytes either directly or
indirectly, the techniques used have relied heavily on
correlations of limited data which are often embedded into design
techniques where inexact extrapolations are the rule rather than
the exception. Hampering the improvement of design tools to a
level comparable to that for hydrocarbons have been several
restrictions such as:

o The lack of good simple data for strong and/or weak
electrolytes.

o Until recently, there was no need to reduce pollutant
levels to the ppm range.

o A lack of understanding of electrolyte thermodynamics
with regards to the need to satisfy the ionic equili-
bria and electroneutrality expressions for the particu-
lar set of species of interest. This one point has
negated many design approaches proposed in the past.

0-8412-0569-8/80/47-133-227$05.00/0
© 1980 American Chemical Society
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o The lack of a suitable thermodynamic framework for
electrolytes over a wide range of concentrations and
temperatures.

o Mistaken approaches to data gathering, leading to the
collection of considerable data in doped solutions to
hold ionic strength constant.

Recognizing these problems while forseeing the need for a
new tool useful for aqueous systems by users in a wide variety of
applications we began in 1974 to forge the proper tools. We were
fortunate to start at that time and not five years sooner since
it was during the early 1970's when a resurgence in work in the
area of electrolyte thermodynamics started being published by
several of our symposium's distinguished participants.

In this paper I will discuss the tools we have developed and
are continuing to develop and enhance. In particular, I will
describe the basic thermodynamic framework which we have
synthesized 2nd how this framework is implemented into a computer
software system that:

o Predicts the vapor-liquid-solid equilibrium of multi-
component aqueous systems.

o Allows the user to expand the system's data bank through
a series of programs to reduce raw data and regress to
fit the thermodynamic framework of the system.

0 Allows the user to further exnand the data available
through a series of estimating and/or extrapolating
programs when little or no data are available.

o Solves complex systems and predicts results as a function
of temperature or concentrations in order to develop
phase diagrams or study the effects of various levels of
certain constituents.

o Incorporates the thermodynamic framework and associated
data estimation techniques into multistage multicomponent
fractionation tower software for the design and/or
simulation of sour water strippers, nitric acid towers,
amine scrubbers or any other tower where ionic equilibria
and/or reactions occur.

To illustrate the power of the general purpose tools we have
developed, I will describe the application of our software to two
systems. First, since most of the participants in this session
are using it as an example, and because it is important, I will
give some of our results for the NH3~C09~HoO system. Secondly,
to illustrate the prediction of combined vapor-liquid-solid
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equilibria and the effect of high ioni¢ strengths, I will present
some of our results for an interesting system, that of
FeCl,-HC1-H,0.

In referring to the computer software system which I
developed, the acronym ECES will be used. ECES signifies the
Equilibrium Composition of Electrolyte Systems.

Thermodynamic Framework

In developing the thermodynamic framework for ECES, we
attempted to synthesize computer software that would correctly
predict the vapor-liquid-solid equilibria over a wide range of
conditions for multicomponent systems. To do this we needed a
good basis which would make evident to the user the chemical and
ionic equilibria present in aqueous systems. We chose as our
cornerstone the law of mass action which simply stated says: '"The
product of the activities of the reaction products, each raised
to the power indicated by its numerical coefficient, divided by
the product of the activities of the reactants, each raised to a
corresponding power, is a constant at a given temperature."

If the user writes a simple mass balance for the solubility
equilibrium or ionic equilibrium such as - the reaction of b
moles of B with ¢ moles of C has come to equilibrium with the
product of d moles of D and e moles of E, then the mass balance
is given by

bB + ¢C = dD + eE (1)

and the law of mass action states at equilibrium

ag ag / ag ag =K 2)
where K is the thermodynamic equilibrium constant for the
temperature of interest. The thermodynamic equilibrium constant
can be readily calculated at any temperature if we can evaluate
the standard free energy of formation for the reaction expressed
by equation (1) at the temperature desired.

Such computations can be done rather easily if we have
available information on the standard free energy of formationm,
the heat of formation, and standard heat capacities for each of
the constituents of our equilibrium equation. A considerable
amount of this type of data is available in compilations
published by the National Bureau of Standards (1) and others.
Such information has been stored within a database in the ECES
system. Then, using user input in the form of equation (1), ECES
writes the expression for computing the thermodynamic equilibrium
constant as a function of temperature to a file where it will
eventually become part of a program to solve the many equilibria
that might describe a complex system.

In order to describe fully the system, methods for
evaluating the activities of the various species in equation (2)
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must be used. For an electrolyte solution the activity of an
individual ionic species is given by

[T Y™ (3)

where the activity of the species is based on the hypothetical
ideal solution of unit molality. The molality of the ion i is
defined by mj equal to the number of gram-moles of ion in 1000
grams of water.

For a pure salt dissolved in water it is not feasible to
determine the activity coefficient,"fi, for the cation and
anion separately so that the mean activity coefficient concept
has been defined for a salt's cation-anion pair as

1
VRN AV S )

The mean activity coefficient is the standard form of
expressing electrolyte data either in compilations of evaluated
experimental data such as Hamer and Wu (2) or in predictions
based on extensions to the Debye-Huckel model of electrolyte
behavior. Recently several advances in the prediction and
correlation of mean activity coefficients have been presented in
a series of papers starting in 1972 by Pitzer (3), Meissner (4),
and Bromley (5) among others. - -

As the basis for predicting ionic activity coefficients we
chose to adopt an empirical modification of Bromley's (5)
extension of the Debye-Huckel model. The mean activity
coefficient of a pure salt in water is given by
-A Rt /2
+ I1/2

+ -
, (0.06+0.68) 2"z |, oo, o2, 03 (5)
1.51 2

logy + =

1 (1 +

where A is the Debye-Huckel parameter, a function of temperature,
and B, C, D are empirical coefficients which are functions of
temperature and of the salt in question. We chose the Bromley
form due to the fact that Bromley's version of equation (5) which
neglected the polynomial terms established a basis for predicting
the coefficient B for salts where no data was available that
would give reasonable results to ionic strengths, I, of about 6
mol=l,

The typical system for which the equilibrium composition is
desired however does not contain a single salt in solution but
more usually the equivalent of several salts in solution. In
addition, the activities required in equilibrium expressions
arising from the law of mass action are single ion activities or
in general, single ion activity coefficients. And, we are
interested in the ionic activity coefficeint of each species in a
multicomponent system.
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As our basis we chose the Bronsted-Guggenheim (6) equation
for the mean activity coefficient YR x of the electrolyte
in a solution of several electrolytes hav1ng cation R and anion
X. The mean activity coefficient ¥ R,X is given by

+ -1 1/2
-Alz z lI
logY R.X . v+ S18 g g1 M
1+I1/2 R A ’
(6)
+ ._L__ T B m

V+4+ /- R! RLix! R!

If we take the logarithm of equation (4) and apply the rules of
logs we obtain
+ -

(V/* +V/7) logyR,x = / log R+ ¢ logy x (n

Which if we combine with equation (6) we can develop a definition
of the activity coefficient of a single ion in a multi-ion

solution as
- 2% 112

1/2

log R +L; B_ 1 ma (8)

1+1

A common failing of earlier work on multicomponent solutions was
to consider the BR,x to be a constant for each salt. As Bromley
(5) pointed out, the equations developed from the
Bronsted-Guggenheim approach to multicomponent equations are only
exact if B3R,x is constant, the basic equations are reasonable
exact if BR,x is a slowly varying function of concentration and
Harned's Rule (7) for mixed electrolytes through an empirical
correlation does show such of an effect.

For ECES as our basis of developing a concentration dependence
for the interaction coefficient we equated equation (5) to the
alternate expression . - 1/2

~HNzzZ |1

].Og v = +

1 (9)
Rx
1+ I1/2

Brx

and developed the following expression for the interaction
coefficient of a cation-anion pair:

+ -
_(0.06 + 0.6B) z =z 2 (10)
= | | + BRx‘ + CRxI +D_ I

B
Rx Rx
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which is used ir Bromley's form of the Bronsted-Guggenheim
equation

10g ‘YRx = A 'Z+Z ' L H2 + A—_ le %l x1 ZR x1 2 mx1
1 +1 1/2 VR * /X ’ ,
+ ______:9&___ z
/R +/x %3 Rl,x Rl,x2 le (1)
IZR + sz
where zg 4 = 2 . This is our basic expression

3 » - I3 . . 3 13
for the activity coefficient of an ion in a multicomponent
solution, the result for the activity coefficient of a cation is
given by

—A|ZZ|11/2
logY = R g B8 z 2 m
8T L +1 172 x! "Rr,x! ZR,x! "x! (12)

where theP R,x! are given by equation (10) and are functions
of concentration and temperature.

The activity of the solvent (water) in a solution of pure
electrolyte dissolved in water can be computed by application of
the Gibbs-Duhem equation:

-55.51 d(lnay) = (/4 +/Im d(ln (ym)) (13)

which can be integrated upon substitution of equation (5) to
give:

-55.51 1n (aw) .21 4.606 -4 2t l[(1+11/2)
lZ—Z+I |Z+Z—|
2 (1 +1 M - ya s 1Y)+ 0206 + .68) 1 22|
0.75
1+31/(22 ) CIn (1 + 151422 |)
(1 + 1.51/( 22" 2 1.514 22 |
+B1°/2 + 2¢ 1°/3 + 3D 1%/4 (14)

For multicomponent salt solutions, the integration of
equation (13) can be quite horrendous and Meissner and Kusik (8)
proposed a simplication which is exact for solutions containing
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ions of the same charge magnitude and is a first order
approximation for solutions of ions of various charge magnitude.
This formulation was adopted into the ECES framework particularly
after evaluations of various expressions by Sangster and Lenzi
(9) showed the suitability of this approach. Meissner and
Kusik's (8) expression for the computation of the activity of
water as adopted for use in our thermodynamic framework becomes

1
ln(a ) . = X

- 1 T 1 1
w omi 171 § Rx ln(aw)Rxl + ? R'x ln(aw) R'x

where 2

= I13% 1 = 1
X gz gl mp and Y1 %1 z° 1 m (15)
For non-electrolytes in solutions of electrolytes the
prediction of activity coefficients for these species is not
nearly as advanced. Most predictions are variations of the

well-known Setschenow equation. gi°

log ¥, = log Si = K¢Cg (16)

where Si° is the solubility of the non electrolyte in pure water,
Si the solubility in the salt solution, Kg; is a parameter which
is dependent on the particular salt and Cg is the salt solution
concentration. Since little information is available for the
prediction of Ky, except for recent attempts using scaled
particle theory or empirical data as summarized in the review
article by Long and McDevit (10), or for multicomponent effects,
attempts to develop correlations or predictions of the activity
coefficient of a non-electrolyte in a multicomponent system
follow approaches similar to those outlined by Edwards, Newman
and Prausnitz (11).

Within the ECES framework the activity coefficient of a
non—-electrolyte is given by the following expression:

In (Yi) = B; T+ 2% B, m
where B; is an empirical molecule interaction parameter and

Bx is an empirical ion interaction parameter. These parameters
are found by either data evaluation or proprietary correlations.
At present no temperature or concentration dependencies are
incorporated into these interaction parameters as they are into
similar ion-ion interaction parameters.

I have outlined the basic thermodynamic framework we adopted
and in many cases where we have extended the work of several of
the researchers present at this svmposium. The particular
structure was chosen for several reasons including the
following:

o In most cases, state of the art techniques are used.

o The particular structure is well-sui*ed for imbedding
into a sophisticated tool which will be easy to use.
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o Using the activity coefficient concept makes the
resulting model for a particular system easy for an
engineer or scientist to understand.

o Particular formulations were chosen since data regression
where required will be relatively straight forward.

o The formulations chosen also enabled the development of
parameter estimating techniques for the usual case of
insufficient pure salt data.

Certain weaknesses are obvious, these inclnde:

o For ion interactions, application of the Bronsted
assumption, that is only interactions between oppositely
charged ions.

o For ion activity coefficients, currently no effects of
non electrolytes on the ion activity coefficients.

o For ion activity coefficients, no high order
interactions.

o For water activity predictions in multicomponent
solutions, the same objections as applied to ions as well
as a first order approximation to unsymmetrical
electrolytes.

o For non electrolytes, a simple temperature independent
first order effect with respect to ion-molecule
interactions only.

Despite these apparent weaknesses, within the context of a
general purpose system for predicting the vapor-liquid-solid
equilibria of multicomponent aqueous solutions, ECES as a tool
succeeds remarkably well as will be seen in a few illustrations
after the following description of the software structure and
use.

Overall Structure of the ECES System

In developing a tool for describing electrolyte equilibria
we defined as our objectives those given in the introduction to
this paper and summarized as:

o The ability to expand the databank through experimental
data analysis and regression

o The ability to estimate data and build a suitable
databank when little or no experimental data is
available
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o The ability to solve complex systems for specific
parameter studies (phase diagrams)

o The ability to predict vapor-liquid-solid equilibria in
multistage multicomponent systems (i e., strippers,
etc.)

All of these objectives are to be met in a computer software
system that is user oriented.
To do this, we developed a computer software system composed

of several major program blocks. These programs and their
functions are:

Program Builder - This block of programs takes the user
description of the multicompconent system including all
chemical and ionic equilibria of interest and either:

a) writes a complete model description suitable for
solving a single stage flash where the user species
inlet concentrations of species and temperature and
pressure.

b) writes a complete set of subroutines for linking to a

fractionator program designed to handle electrolyte
systems.

Which ever path is followed, the thermodynamic framework
which I earlier described is used as the basis along with
data obtained from a large data-base created by using the
Data Regression Program Block or Data Estimation Block, to
finally describe the system.

Program Generator (ASAP) - This block of programs utilizes
the complete model description created by the program
generator to automatically write and compile a FORTRAN
program to solve various forms of single stage flash
problems or parameter study problems.

Case Run Block - This program group is used to solve the
resulting program for the Program Generator. Imbedded in it
are heuristics to take user input data and solve the complex
models by a sophisticated Newton-Raphson technique.

FRACHEM Block - This block of programs is linked to the
subroutine created by the Program Generator to solve
multistage electrolyte towers which are not limited to being
in complete chemical equilibria. The FRACHEM Block and
applications are described separately in a recent paper (12).
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Data Entry Block — This group of programs is used to
evaluate and regress experimental data into the form
suitable for use by the Program Builder Block.

Data Estimation Block - This group of programs allows the
user to create species entries for electrolyte species where
little or mo data is available. Unfortunately, for many
experimental systems of interest there is often little or no
suitable data on the pure salt and its behavior in aqueous
solution. Within this block we have incorporated several
proprietary correlations that draw on and extend parameter
estimating procedures as proposed by Bromley (5), Edwards,
Newman and Prausnitz (11), Meissner and Kusik TE), Criss and
Cobble (13). These programs range from estimate procedures
for Bromley B interaction parameters, through temperature
dependence estimations and extrapolation techniques
incorporating the work of Meissner and Kusik (8).

In the next section of this paper, I have looked at the
application of ECES system to two problems and briefly describe
the user input and ECES results.

Using the ECES System to Predict Vapor Liquid Equilibria

(NH3-C0,-H50)

An important system in industrial pollution control is the

NH3-CO9-H,0 system. This equilibria represents a good test
for the ECES system because data is available on the vapor
pressures of NH3 and CO, over various compositions for a
range of temperatures. Furthermore, there is a lack of data on
some of the pure salts that are inherent in this system and data
estimates are necessary. To complete this test, this system
involves both weak and strong electrolytes.

To use the ECES Program Builder, the user creates
computer input as shown in Figure 1. The input consists of
three parts: The names of the components in the inlet
stream to the flash unit, the names of the species present
in all the outlet streams - vapor, aqueous, or solids, and
the chemical and/or ionic equilibria of interest. From this
input the Program Builder Block using the imbedded
thermodynamic framework described earlier writes the model
description as given in Figure 2.

Upon examining this model which is written in
essentially textbook notation, the following equations may
be found:
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Model Eq.

1 - Expression for Bgpy referred to in
activity coefficient equations as SE(1l,x)
where x is a code number for a particular
cation—anion pair.

2 - Expression for In(aw)gy, referred to in
eq. 8 as SE(z,x)

3 - Expression for X1, referred to in eq. 8 as
SE(3)

4 - Expression for Yj
5 - Expression for Debye-Huckel term

6 - Summation of Bim; for use in activity
coefficient of non-electrolytes

7,9,10,11,15,19, and 21 - Equilibrium expressions
developed from user input of mass law balance
expressions

8 - Expression to calculate activity of water

12,13,16,17,20, and 22 - Expressions for
predicting the activity coefficients of

individual ions.

14 and 18 - Expressions for predicting the activity
coefficients of the molecules in solution

24 -Definition of ionic strength
25 -Definition of Electroneutrality

26 and 27 - Elemental balances written automatically
until phase rule satisfied

28 -Balance on gas phase - low pressure version
ideal gas behavior assumed

These expressions were developed automatically from the
user input and the embedded thermodynamic framework. In addition
a separate routine was written to compute the equilibrium
constants as a function of tremperature and the B,C, and D
coefficients for each salt pair. If in the associated ECES
database, certain species were not already present, a message

such as

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



238 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

NH4NH2CO2PPT NOT IN DATABASE
HNH2CO2PPT NOT IN DATABASE

would be printed as indeed was the case during the first attempt
to create this model. This message indicates that there is no
prediction of the activity coefficient of pure NH4NH2CO2 in
water, for example. The user has two options — either to
continue in which case the gy for these salt pairs will be
computed by the expression

0.06
2
(1+1.51)

or to either obtain data or use the Estimation Block to obtain
parameter estimates to be stored in the data bank. The latter
was adopted here.

After the model is built, the program can be generated and
compiled. At execution time, the user has considerable
flexibility and we chose to predict the bubble point pressure for
a fixed temperature and specified total svstem composition in
order to compare some of our results with the data of Otsuku
(14). Figure 3 presents the results for a system composed of
10.14 wt% CO5 and NHy at a temperature of 80° where the
%ZC0y in the CO; and NH3 was varied.

Of considerable interest would be the ECES results at the
35% CO9 point in which we can see the predicted activity
coefficients of the species and the concentrations of the species
on solution.

alculate
ncentrat1ons (molality)

NH4 0.9269

ut 3.514 x 1079
OH~ 1.560 x 1074
HCO4™ .2072

o3 .01923
NH3aq 2.672

C0jaq 4.672 x 1074

Activity Coefficients

NH3aq 1.094
COzaq 1.116
NH,* .4986
0): .6521
H* .6764
HCO3~ .5005
NH,C0, ™~ 4874
c0472 .1460
Activity
Hy0 0.9738
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Figure 1.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.

INPUT

H201IN

NH3IN

CO21IN

SPECIES

H20VAP

NH3VAP

CO2VAP

NH3AQ

C02AQ

NH4ION

OHION

HION

HCO3ION

CO3ION

NH2CO2ION

EQUILIBRIUM

H20VAP = H20

NH3VAP = NH3AQ

CO2VAP = C02AQ

NH3AQ + H20 = NH4ION + OHION
CO2AQ + H20 = HION + HVO3ION
HCO3ION = HION + CO3ION
NH2CO2ION + H20 = NH3AQ + HCO3ION
H20 = HION + OHION

Input to ECES to describe NHs—COy—H ;0 problem

239
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1 (.06+0.6*B(I1))*Z(I1)/(1+1.5/Z(11)*T1)**2+B(11)+C(I1)*I+D(I1*I*
*2

2 -1/55.51%(2%1/2(11)+4.606/Z(11)*(-CON1*Z(I1)*((1+I**0.5)-2*ALOG

(1+1*%0.5)-./(1+I%*0.5))+(0.06+0.6*B(I1))*I*Z(11)*((1+3*1/Z(I

1))/CC 1+41.5%1/Z(11))*%2)-(ALOG(1.5*T/Z(I1)+1))/(1.5*1/Z(11)))

/0.75+ B(I1)*(I*%2)/2+42%C(I1)*(T11)*(I**3)/3+3*D(I11)*(1%%4)/4))

1*NH4 TON+1*HION

1*OHION+1*HCO3ION+4*CO3ION+1*NH2C0O2ION

—CON1*I#**0.5/(1+I%%0,5)

0.01132*NH4ION-0.0388*HION+0.09425%*0OHION+0.02616*HCO3ION+0.1252

8%CO 3ION+0.04492*%NH2CO2ION

KH20VAP-AH20/PH20=0

8 ALOG(AH20)-1/(SE(3)*SE(4))*(NH4ION*OHION*SE(2,1)+NH4ION*HCO3ION
*SE(2,2) +NH4ION*4*CO3ION*SE(2,3) +NH4ION*NH2CO2ION*¥SE(2,4 ) +HION
*HCO 3ION*SE(2,5))-1/(SE(3)*SE(4))*(HION*4*CO3ION*SE(2,6)+HION
*NH2C O02ION *SE(2 ,7))=0

9 KNH3VAP-ANH3AQ*NH3AQ/PNH3=0

10 KCO2VAP-ACO2AQ*C02AQ/PC0O2=0

11 KNH3AQ-1/(AH20(*ANH4ION*NH4ION*AOHION*OHION/ (ANH3AQ*NH3AQ)=0

12 ALOG1O(ANH4TION)—(1)*%2*SE(5)-(SE(1,1)*OHION+SE(1,2)*HCO3ION N+S
E(A+SE( 1,3) *CO3ION*3%*2/4+SE(1,4)*NH2CO2ION)=0

13 ALOG10(AOHION)-(1)#**2*SE(5)-(SE(1,1)*NH4ION)=0

14 ALOG(ANH3AQ)+.0084*I-2%*SE(6)=0

15 KCO02AQ-1/(AH20)*AHION*HION*AHCO3ION*HCO3ION/(ACO2AQ*C02AQ)=0

16 ALOG10(AHION)-(1)**2%*SE(5)-(SE(1,5)*HCO3ION+SE(],6)*CO3ION*3%*2
/4+8 E(1,7)*NH2CO2I0N)=0

17 ALOG10(AHCO3ION)-(1)*%2%SE(5)-(SE(1,2)*NH4ION+SE(1,5)*HION)+0

18 ALOG(ACO2AQ)-0.01300*I-2*SE(6)=0

19 KHCO3ION-ACO3ION*AHION/AHCO3ION*CO3ION*HION/HCO3ION=0

20 ALOG10(ACO3ION)—-(2)**2%SE(5)-(SE(1,3)*NH4ION*3%*2/4+SE(1,6)*
HION*3%%2/4)=0

21 KNH2CO2ION-1/(AH20)*ANH3AQ*NH3AQ*AHCO3ION*HCO3ION/{ANH2CO2ION*N
H2CO2I0N)=0

22 ALOG10(ANH2CO2ION)~(1)**2%SE(5)-(SE(1,4)*NH4ION+SE(1,7)*HION)=0

23 KH20-AOHION*AHION*OHION*HION/AH20=0

24 1-0.5*%(SE(3)+SE(4))=0 N*HION/AH20=0

25 NH4ION+HION-OHION-HCO3ION-2*CO3ION-NH2CO2ION=0

26 3*H20IN+4*NH3IN+3*CO2IN-H2)/55.5% (4*NH3AQ+3*%C0O2AQ+5*NH4 ION+2*0H
ION+H ON+5%HCO3ION+4*CO3ION+6*NH2CO2I0N)~V/PT*(3*PH20+4*PNH3+3
*PCO2 )-3* H20=0

27 2*H20IN-2%*H20+3*NH3IN-H20/55. 5% (3%NH3AQ+4*NH4ION+OHION+HION+HCO
3ION +2*NH2CO2ION)-V/PT*(2%PH20+3%PNH3)=0

28 PT-PH20-PNH3-PC02=0

29 (HCO3ION+C02AQ+CO3ION+NH2ION)*H20/55.5V/PT*PCO2-CO2IN=0

o NNV, i S B OV)

~

Figure 2. Model summary for single stage flash of NH;—CO,—H,0 system (low
pressure)

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



10. zEMAITIS Multicomponent Aqueous Electrolyte Solutions 241

500 x
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Pressure

in mm Hg 300
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0 10 20 30 40 50 60

% CO2 in (CO2 + NH3)

Figure 3. Comparison of ECES prediction (X) vs. data of Otsuku
(O) (NH—COy—H,0 equilibrium at 80°C, 10.14 wt % (CO, +
NH,))
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This illustrates that the CO, in solution is predominately
in the form of carbamate ion and as CO, concentration is
increased we finally reach a point where sufficient aqueous COy
is present for the CO, vapor pressure to increase markedly with
fraction of total COy in solution. Similar input can be used
to create subroutines for a fractionator program and this system
is described for such a case in a recent paper (12).

Using the ECES System for Vapor-Liquid~Solid Equilibria
(FeCl,-HC1-H,0)

As an example of a different form of problem more common to
the ba-~ic chemical industry, let us consider the case where
concentrated solutions of ferrous chloride are the by-products of
an industrial process. In this particular example at different
points of the process cycle, two questions arose: the first
being a need to know the vapor pressure of hydrochloric acid over
mixtures of FeClyp~HC1-H0 and the second, the solubility of
FeCly as a function of HC! concentration.

To use the ECES system, activity coefficient data for
FeCly had to be developed. A recent paper by Susarev et al
(15) presented experimental results of the vapor pressure of
water over ferrous chloride solutions for temperatures from 25 to
100°C and concentrations of 1 to 4.84 molal. This data was
entered into the ECES system in the Data Preparation Block with a
routine VAPOR designed to regress such data and develop the
interaction coefficients B, C, D of our model. These results
replaced an earlier entry which was based on more limited data.
All other data for studying the equilibria in the
FeCl,-HC1-H50 system was already contained within the ECES
system.

To develop the ECES model the following input was entered
by the user:

INPUT

H20IN

FEIICL2

HCLIN

SPECIES

H20VAP

HCLVAP

FEIICL2.4H20

HION

CLION

FEIIION

EQILIBRIUM

H20VAP = H20

HCLVAP = HION + CLION
FEIICL2.4H20 = FEIIION + 2CLION + 4H20
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Since the basic model generated by the Program Builder Block
looks similar in many ways to the previously illustrated model,
we have not shown it here. One difference in this case is that
we have an expression for solid-liquid equilibria which is
written from the last mass balance expression entered by the user
and is then written by the Program Builder as:

KFEIICL2.4H20 — AFEIIION*FEIITON*ACLION#**2%*CLION#*%*2AH20%**4 = 0

For convenience within ECES the ferrous species is designated
FEII while the ferric species is designated FEIII, which at times
results in having up to four i's in a row. 1In testing the ECES
model, solubility data of FeCl,.2H20 as a function of HCL
concentration were available in a paper by Schemmel (16).

Typical results of the ECES prediction compared to the
experimentally determined solubility at 40°C are:

FeCly — HCL-H50 @ 40°C solid nhase FeClj.4H90

HCl molality Measured FeCl2 molaltity ECES predicted FeCl2

molality
0.0 5.415 5.420
2.328 4.197 4,088
4,522 2.966 2.921

As can be seen less than 2% error in this multicomponent
system occurred when using ECES. This system is quite different
than the NH3-C09-H70 system since we are dealing only with
strong electrolytes. For example, the second datum point
predicted by ECES give the following results for the
concentrations, activity coefficients and water activity in the
aqueous phase.

Concentrations

Ionic Strength 14.59 molal
FEITION 4,088
HION 2.328
CLION 10.504

Activity Coefficients

H* 7.739
Ccl~ 3.693
FE** 1.319
Activity
ay20 0.549
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Within the Parameter Study Block, the algorithm is designed to
test whether solubility has been exceeded or not. As a result
the same model generated by ECES can be used to predict HCl vapor
pressures over unsaturated solutions of FeCl2-HC1-H20 without
modifying the basic program created by ECES. 1In a paper by Chen
(17) some limited experimental data was presented on the vapor
pressure of HCl over ferrous chloride system.

HC1 Conc FeCl2 Conc Temp PHC1 (EXP) PHC1 (ECES)
Moles/liter Moles/liter °C mm Hg mm Hg
5.43 1.50 60 14.6 15.8
5.43 1.50 70 25.9 29.2
5.43 1.50 80 32.1 51.6
5.43 1.50 90 79.6 80.2

A large discrepancy appears at the 80°C datum point. However,
this appears to be an error in the published data since some
recent experimental work (unpublished) to resolve this difference
measured a vapor pressure of approximately 47 mm Hg which is
close to the ECES prediction. These results for the
FeCl2-HC1-H20 system were just a subset of a more complex model
involving several additional species. Because of the proprietary
nature of the work, we cannot disclose the results at this time,
but needless to say, the performance of the ECES thermodynamic
framework was excellent in predicting multicomponent phase
equilibria over a wide range of operating temperatures with ionic
strengths up to approximately 30 molal for the extensions of the
FeCl12-HC1-H20 system.

Conclusions and Significance

With the current advances made in our understanding of
electrolyte systems, as illustrated by the papers and discussions
of this symposium, a complete design tool can be synthesized with
a consistent thermodynamic framework which gives to the engineer
or scientist capabilities similar to those that have been
available for many years in the hydrocarbon processing industry.
There are tremendous data gaps however when working with
electrolyte solutions and as a result many estimation techniques
need to be developed to temporarily fill in the holes.
Additionally, our thermodynamic framework does not have the total
strength it needs yet. This symposium hopefully will show
directions to be pursued to strengthen that framework.

Besides the difference in the expressions for activity
coefficients and other thermodynamic properties from those
published and used by the hydrocarbon processing industries, it
is more important to realize the need to describe the ionic and
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chemical equilibria that are to be satisfied in aqueous systems.
Most of our participants in this symposium have presented results
as good as if not better than those predicted by ECES, however in
order to obtain such predictions, detailed models have to be
written and coded.

Our fundamental contribution is the marrying of several
different technologies to develop a general purpose software
system capable of predicting vapor-liquid-solid equilibrium in
both single and multistaged systems over a wide range of
conditions. We have combined concepts of automatic program
generation, advanced numerical techniques, a generalized
thermodynamic framework, data analysis and estimation routines
into a software system that can be used to answer many of the
industrial problems arising concerning electrolytes. Currently
the ECES system is being used in such diverse areas as food
processing, petroleum production, pollution control, and of
course in the design and simulation of aqueous based chemical
processes. Furthermore the system is evolving towards a more
comprehensive and easier to use tool as a result of the feedback
from its users as more and more applications are tried.
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Effects of Aqueous Chemical Equilibria on Wet
Scrubbing of Sulfur Dioxide With Magnesia-

Enhanced Limestone

CLYDE H. ROWLAND, ABDUL H. ABDULSATTAR, and
DEWEY A. BURBANK

Bechtel National, Inc., P.O. Box 3965, San Francisco, CA 94119

In wet scrubbing of SO, from boiler flue gas by limestone
slurry, the concentration og dissolved species in the scrubbing
liquor that can react with incoming SO, gas is very low, about
one to two m-mole/1. This is far below the S0, make-per-pass
in the scrubber, typically about 10 m-mole of EO absorbed per
1iter of liquor for one pass through the scrubber. Therefore,
the SO, absorption rate is largely dependent upon the slow rate
of Timeéstone dissolution into the 1iquor passing through the
scrubber.

Addition of magnesia to the scrubbing liquor increases the
concentration of two dissolved sulfite species, 503 and MgSO3
with Casog remaining constant. This increase in dissolved sul-
fite concentration makes-the SO, absorption rate more dependent
on the very fast Tiquid phase reactions of the basic sulfite
species with the strong dibasic acid SO,(aq):

base + dibasic acid ——— 5 monobasic acid
S03 + SO0p(aq) + H)0 ——— > 2 HS03

MgSO§ + SOp(aq) + Hy0 ——— 2 HSO3 + Mg™*
Cas0§ + SOy(aq) + H)0 ————————» 2 HS03 + Ca*?

Conversion of SO,( to HSO3 by the above reactions in
the scrubber fac111ta%es the absorpt1on of more S0,(g) into
the liquor as SO,(aq), thus increasing S0, removal.

A chemical mode1 for magnesia wet scrubbing of S0, was
previously verified with experimental data for aqueous solu-
tions of magnesium, S0o, and sulfate over the temperature range
15-60°C for dissolved magnes1um concentrations as high as 1200
m-mole/1 (1). The present chemical model for limestone wet
scrubbing with magnesia enhancement is applicable for Tiquors
containing dissolved magnesium, calcium, SO,, sulfate, and
chloride, where the molality of chloride is less than twice
that of magnesium. The Timestone/magnesia scrubbing model

0-8412- 05A6merican7[:hemicg'05 25/0
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consists of the thermodynamic equilibria among the important
chemical species, the mass balances for total magnesium and
chloride species, the electroneutrality relationship, and

equations for calculating significant activity coefficients.

Formulation and Verification of Chemical Model

Specified and Calculated Variables. The variables that
are specified*as input to the limestone/magnesia chemical
model are the scrubber temperature, the liquor pH, the total
dissolved magnesium concentration, the total dissolved chloride
concentration, and the fractional degree of saturation of the
liquor with calcium sulfite (CaSO3e1/2 Hy0) and gypsum (CaSO4e
2H 0) solids. An equilibrium computer program containing the
equat1ons in the model calculates the equilibrium 502 partial
pressure; the total dissolved concentratjons of calcium,
sulfite, SO, species (sulfite plus bisulfite), and sulfate;
and the concentrations of the individual species.

The 12 individual species that are calculated_by use of
the chemjcal model are: 502(93’ S0, ( aq), HS03, S03, SOz,

, Ca**, cas09 MgSO MgS0z, Ca 0 , and C? ?he ]1quor
pH is used to degerm1ne the rat1os of the activities of SOZ(aq),
HSO3 and S03, but the hydronium ion (H*) and hydroxide ion
(0H™) concentrations are neg]1g1b]y small, and can be excluded
from the ionic balance. As in previous work (2,3), chloride is
assumed not to form complexes, so that all chloride is present
as chloride ion, C17. Other species, such as bicarbonate ion,
bisulfate ion, and the calcium and magnesium complexes of
bicarbonate and hydroxide, have negligibly small concentrations
in limestone/magnesia scrubbing liquors.

Equilibria, Mass Balances, and Activity Coefficients. Nine
aqueous thermodynam1c equilibria apply, one each for the forma-
tion of S0,(g), SO,(aq), HSO3, Mgsog, MgS0F, Cas08, CaSO03,
CaS03e1/2 ﬁ s), and CaSOge H20(s) These equilibria are
shown be]ow. The constants for these equilibria at 25°C and 1
atmosphere total pressure are given in Table I. The temperature
dependence of these constants was presented previously (3).
Limestone wet scrubbers operate at essentially ambient pressure,
50 that no pressure co;rection of the constants is required.

The value of 3.5 x 107/ for the solubility product of CaSO,e1/2
H20(s) was derived from 1limestone/magnesia scrubber inlet Tiquor
analyses obtained at the Environmental Protection Agency (EPA)
Shawnee test facility (9), and may include kinetic, as well as
thermodynamic, interaction between slurry solids and liquor.
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Table I

Equilibrium Constants at 25 °C and 1 Atmosphere

Species Formed Equilibrium Constant Reference
S05(g) 1.23* (4)
S0,(aq) 0.0130 (4)
HS03 6.24 x 1078 (5)
Mgs0$ 1.2 x 1073 (3)
MgS0g 5.6 x 1073 (6)
Cas08 4.0 x 107% (3)
Cas0§ 4.9 x 1073 (7)
CaS03°1/2 Hy0(s) 3.5 x 1077 xx
CaS04e2H,0(s) 2.4 x 107° (8)

* Henry's constant for SO, is the inverse of this value, or
0.813 atm/ (g-mole/1).

** Derived from limestone/magnesia scrubber inlet 1iquor analyses
obtained during 1976 at the EPA Shawnee Alkali Scrubbing Test
Facility.
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S0, (aq) <~ S0,(9)

HS03 + H' ——= S0,(aq) + Hy0
S03 + HY = HsO03

Mgt + S03 Z=—= Mgs03

Mg*t + S03 === Mgs03

Ca*™ + 503 T=—= Cas0%

Ca** + 507 Z— Caso0}

++
Ca

+

S03 + 1/2 Hy,0 == Cas03"1/2 Hy0(s)

Ca*™  + 507 + 2 Ho0 == CaS04°2H,0(s)

Excluding activity coefficients, three relationships are
required in addition to the nine thermodynamic equilibria in
order to calculate concentrations of the 12 unknown species.
These relationships are the mass balances for magnesium and
chloride, and the electroneutrality equation.

The activity coefficients that are significant in determin-
ing the concentrations of the unknown species are the activity
coefficients of Mgi*, Ca™*, 503, S0z, and HS03. The actjyity
coefficient of Ca’ " is assumed to be equal to that of Mg, and
that of S03 equal to that of SOg. The method for calculating
the activigy coefficients of Mg * SO0z, and HSO3 was pre-
sented previously (1). The activity coefficients of the neutral
dissolved species and the fugacity coefficient of SOp(g) are
assumed equal to unity, as in (1).

Verification of Model for Solutions Containing Calcium and
Chloride. The abiTity of the chemical model to predict equili-
brium SO, partial pressure and the relationship of liquor pH
to liquor composition was previously verified for solutions
containing magnesium, S0,, and sulfate (1). In order to test
the model for liquors also containing calcium and chloride,
measured and predicted values of dissolved calcium concentra-
tion have been compared for 39 experimental data points, as
shown in Figure 1. Of these data, 26 are for Shawnee (9) 1ime-
stone/magnesia scrubber inlet liquors in contact with calcium
sulfite and gypsum slurry solids at 50°C, and the remaining
13 are laboratory (10) data for aqueous magnesium sulfate and
chloride solutions saturated with gypsum at 25°C in the absence
of sulfite. The data cover a magnesium concentration range
of 6-650 m-mole/1, a chloride range of 0-470 m-mole/1, and a
chloride-to-magnesium range of 0-1.4 mole/mole. The chemical
model explains 72 percent of the variation in the calcium data
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Figure 1. Predicted vs. measured calcium concentration ((O) Shawnee (9) proto-
type scrubber data, 50°C; ( ¢ ) laboratory (10) MgSO,/gypsum data, 25°C)
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(correlation coefficient of 0.85) with a standard error of
estimate of 3.1 m-mole/1 of calcium.

Correlations for Equ111br1um S0, Partial Pressure and Liquor
Composition

In order to facilitate calculations and increase the use-
fulness of the chemical model, the computerized model has been
used to obtain simplified correlations suitable for hand calcu-
lations. These correlations predict equilibrium SO, partial
pressure and 1iquor composition as functions of liquor pH and
the total dissolved concentrations of magnesium and chloride.
The correlations apply for:

Typical scrubbing temperature of 50 °C

Liquor saturated with both calcium sulfite and gypsum
Liquor pH range of 4.5-6.0

Dissolved magnesium concentration range of 80-1200
m-mole/1

Dissolved chloride range of 0-400 m-mole/1

e Dissolved chloride molarity less than 1.4 times that of
magnesium

The correlations, Equations 1-4, are used with the mass
balances, Equations 5-6, to calculate the SO, partial pressure
and the total dissolved concentrations of su?fite, bisulfite,
calcium, SO, (sulfite plus bisulfite), and sulfate.

Correlations:

log pS0, = 10.44 - 2 pH + 0.33 Tog Mg - 0.39 C1/Mg + 0.76 C (1)
Sulfite = 1.22 + 0.0349 C (Mg - 0.44 C1) (2)
log (bisulfite) = 4.96 -pH +0.47 log Mg -0.37 C1/Mg +0.75 C  (3)
= 4.3 + 9.1 (4)

T (T - C1/2 Mg)

where C=1- (6-pH)2 (0.242 -0.062 Tog Mg)

Mass Balances:

S0, = sulfite + bisulfite (5)

S03 = Mg + Ca - sulfite - (1/2) (bisulfite + C1) (6)
where Mg, Ca, S0,, , and C1 are the total dissolved concen-
trations (m-mole 1 ; magnesium, calcium, sulfur dioxide

(including su1f1te and bisulfite), sulfate, and chloride species,
respect1ve1y, agd pSO, is the equilibrium partial pressure of
S0, in ppm ( atm).

D1sso1ved sulfite concentrations predicted from Equation 2
agree with the computerized chemical model to within a relative
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standard error of 0.5 percent. Equations 1, 3, and 4 have
relative standard errors of less than three percent for predic-
tion of SO, partial pressure, bisulfite (HSO3) concentration,
and total calcium concentration, respectively.

Figure 2 is a plot of the correction parameter C as a
function of magnesium concentration and pH. Note that for the
typical range of 1imestone scrubber inlet liquor pH, 5.2 to
6.0, C has a narrow range of 0.92-1.00. This narrow range for
C justifies the use of a constant value, C = 0.97, in Equations
1-4 for pH values between 5.2 and 6.0.

Equilibrium S0, Partial Pressure. Figure 3 is a plot of
Equation 1 for zero chloride concentration, showing the very
strong effect of pH and the relatively weak effect of magnesium
concentration on the equilibrium SO, partial pressure, pSO;.

To a first approx1mat1on, pS0, is proport1ona1 to the square of
the hydronium ion H ) concen%rat1on, so that pSO, increases by
a factor of near]y 100 (actually about 80) as the pH decreases
by one unit.

An increase in magnesium concentration from 100 to 1000
m-mole/1 increases pSO, by about a factor of two. Most lime-
stone scrubbing systems with magnesium enhancement would operate
midway between these magnesium concentrations, about 200-400
m-mole/1.

The main purpose of magnesia addition to a l1imestone wet
scrubbing system is to facilitate high SO, removal. For a wet
scrubber that cleans flue gas from a utility coal-fired boiler,
the scrubber inlet gas SO, concentration is typically about 700
ppm by volume per one weight percent sulfur in the fired coal.
For sub-bituminous coal having only 0.7 weight percent sulfur
content, the inlet S0, concentration is about 500 ppm, and, for
example, the outlet 56 has to be less than 50 ppm to achieve
90 percent removal. In order to avoid serious inhibition of
mass transfer because of SO, back-pressure, the equilibrium
S0, partial pressure should be about four or more times lower
than the actual SO, partial pressure in the gas. Thus, Figure
3 indicates that for this low-sulfur coal system, the scrubber
inlet pH should be at least 5.5, and the outlet pH at least
5.0. These conditions require a moderate-to-high limestone
stoichiometry, about 1.3 mole of limestone added to the scrubber
system per mole of SO, absorbed, for a well-designed scrubber
system (9).

For high-sulfur bituminous coal containing 4.0 weight
percent sulfur, the scrubber inlet S0, concentration is about
2800 ppm, and the required outlet SO, for 90 percent removal
is 280 ppm. 502 back-pressure sh0u1d not be a limiting factor
for a scrubber inlet pH of at least 5.0 with an outlet pH of at
least 4.6. Thus, limestone stoichiometries as low as 1.1 are
feasible with high-sulfur coal and a well-designed scrubber
system.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



254 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

1.00 —r .

0.95

o
©°
o

0.80

CORRECTION PARAMETER, C
o
®
a

0.75

070 L1 1 IS S N T NN T O S OO T Y
80 100 200 300 400 600 800 1000 1200
MAGNESIUM CONCENTRATION, m-mole/liter

Figure 2. Correction parameter C as a function of magnesium concentration and
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Figure 3. Equilibrium SO; partial pressure as a function of pH and magnesium
concentration for liquors saturated with calcium sulfite and gypsum at 50°C with
no chloride
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Dissolved Sulfite Concentration. Figure 4 is a plot of
Equation 2 for a pH of 5.5 presenting the effects of dissolved
magges1um and chloride concentrations on the dissolved sulfite

, Mgso$ CaSO concentration. Dissolved sulfite is
1mportant gecause it is the base that converts the strong
dibasic acid SO, (aq) to the weaker monobasic acid HS03,
thus fac111tat1ng SO absorption.

In the absence of chloride, the dissolved sulfite increases
linearly with magnesium concentrat1on from 1.2 m-mole/1 of sul-
fite without magnesium additive to 15 m-mole/1 at 400 m-mole/1
dissolved magnesium, and to more than 40 m-mole/1 of sulfite at
1200 m-mole/1 magnesium concentration. For a 1imestone wet
scrubber, each liter of 1liquor absorbs about 10 m-mole of S0,
in one pass through the scrubber. For a typical magnesium
concentration of 200-400 m-mole/1, the corresponding sulfite
concentration is 8-15 m-mole/1, so that the reactant stoich-
iometry is about one mole of dissolved sulfite in the liquor
entering the scrubber per mole of S0, absorbed.

The negative linear effect of chloride on sulfite concen-
tration causes magnesium chloride, MgCl,, to be largely inef-
fective in scrubbing SO A negative coeff1c1ent of 0.50,
rather than 0.44, for tﬁe chloride-to-magnesium ratio in
Equation 2 would correspond to no effect of MgCl, concentration
on dissolved sulfite and hence no effect on scrugber 1iquor
reactivity with SO,. This approximation is suff1c1ent1y
accurate that effect1ve magnesium, defined as magnesium
concentration minus half the chloride concentration, has been
successfully used as a dependent variable for corre]ation of
S0, removal by limestone wet scrubbing (9,11).

Dissolved Concentrations of Calcium and SO, Species. The
equilibrium dissolved concentrations of total calcium and S0,
(sulfite plus bisulfite) species are important because compa-
rison of these equilibrium concentrations with actual measured
values determines the degree of gypsum saturation, and hence the
potential for gypsum scale formation in the scrubber. As a
first approximation, the fraction gypsum saturation of a scrub-
ber liquor, having specified pH and specified concentrations
of magnesium and chloride, is proportional to the measured cal-
cium concentration, and inversely proportional to the measured
S0, concentration.

Figure 5 is a plot of Equation 4 for a pH of 5.5 show1ng
the increase in equilibrium calcium concentration with increas-
ing chloride-to-magnesium ratio. For a liquor saturated with
gypsum and calcium sulfite, the dissolved calcium concentration
increases from 12 m-mole/1 without chloride to 17 m-mole/1 for
a molar chloride-to-magnesium ratio of 0.5, and to 35 m-mole/l
of calcium for a chloride-to-magnesium ratio of 1.4. For a given
magnesium concentration, an increase in chloride decreases the
other major anions, the S0, and sulfate species, thus increasing
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Figure 4. Dissolved sulfite concentration as a function of magnesium concentra-
tion and chloride-to-magnesium ratio for liquors saturated with calcium sulfite and
gypsum at pH 5.5 and 50°C
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calcium concentration according to the solubility products for
calcium sulfite and gypsum.

Figure 6 presents the strong effects of both pH and magne-
sium concentration on the equilibrium concentration of dissolved
S0, species, where chloride is absent. The figure is derived
from Equations 2, 3, and 5.

The dissolved SO, concentration decreases by a factor of
about two for a pH increase of 0.5. This results from a strong
decrease in bisulfite concentration with increasing pH; the
sulfite species increase slightly as pH rises.

Dissolved SO, increases by about a factor of two as magne-
sjum increases from 100 to 300 m-mole/1, and by a factor of
four as magnesium increases from 100 to 1000 m-mole/1.

Equations for Calculating the Degree of Gypsum Saturation

For a liquor of known pH and magnesium and chloride concen-
trations, the degree of gypsum saturation can be determined by
measurement of either the total dissolved calcium or the total
dissolved SO, (sulfite plus bisulfite). The chemical model has
been used to obtain correlations for gypsum saturation, presented
below. The correlations, Equations 7 and 9, are valid for a
typical scrubbing temperature of 50 °C, and for the same ranges
of pH, magnesium, and chloride as for Equations 1-4.

Gypsum Saturatijon From Measurements of Dissolved Calcium.

Equation 7 below can be used with Equation 4 to calculate gypsum
saturation from measurements of total dissolved calcium.

1+ (1.12/C) [(Ca)y/Ca - 1] (7)

Fraction gypsum
saturation

where (Ca)M is the measured total concentration of dissolved
calcium species (m-mole/1), and Ca is the total dissolved cal-
cium concentration for a liquor saturated with gypsum, obtained
from Equation 4. Calculation of fraction gypsum saturation by
use of Equations 4 and 7 gives results that agree with the
chemical model to within a standard error of estimate of 0.05
fraction saturation for saturations between 0.5 and 2.0.

For a typical limestone scrubber inlet liquor pH range of
5.2-6.0, and for liquors having a chloride-to-magnesium ratio
of 0.2 mole/mole or less, the following simplified equation can
be used to determine gypsum saturation from calcium measurements:

Fraction gypsum = (Ca)y . 0.13 (8)
saturation 12.4

Equation 8 has a standard error of estimate of 0.07 fraction
gypsum saturation over the saturation range of 0.5-2.0. The
equation is useful for monitoring the actual gypsum saturation
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Figure 6. Dissolved SO, concentration as a function of pH and magnesium con-
centration for liquors saturated with calcium sulfite and gypsum at 50°C with no
chloride
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for an operating unit where computational resources are limited.

Gypsum Saturation from Measurements of Dissolved SO,. Use
of measurements of dissolved calcium to determine gypsum satu-
ration is relatively easy from a computational standpoint; use
of measurements of dissolved SO, is more difficult. However,
wet chemical analyses for calcium are frequently subject to
interference by high concentrations of magnesium. For instal-
lations where a quick and reliable analysis for calcium is not
available, the use of dissolved SO, is preferred, and the
following correlation applies:

Fraction gypsum = R (1 + D log R) (9)
saturation

where D =5.92 - 3.98 C - 0.62 log (Mg - 1/2 C1)

and R = ratio of calculated (Equations 2, 3, and 5) total dis-
solved SO, for a saturated liquor to measured total dissolved
SO, in the actual liquor.

Use of Equations 2, 3, 5, and 9 to determine gypsum satu-
ration gives results that agree with the chemical model to
within a standard error of estimate of 0.04 fraction gypsum
saturation for saturations of 0.5-2.0.

Enhancement Effect of Magnesia-Induced Dissolved Sulfite on SO,
Removal

The chemical model has been used to correlate the enhance-
ment effect of magnesia-induced dissolved sulfite on SO, removal
by limestone wet scrubbing. The correlated data were obtained
at the 10-MW equivalent EPA Alkali Scrubbing Test Facility
during 1976 (9), using a Turbulent Contact Absorber, or TCA
(12). The TCA contained three beds of 1.5-inch diameter nitrile
foam spheres, held in place by four retaining grids having
about 70 percent open area. Slurry was distributed over the
beds, countercurrent to the gas flow, by low~pressure (about 3
psig) nozzles located above the top bed. The action of gas and
liquid partially fluidized the sphere beds, thus improving
gas-liquid contacting and enhancing mass transfer.

A total of 81 tests were conducted, 44 without magnesia
addition, and 37 with magnesia. The tests were designed to
evaluate the effects of magnesia addition, slurry flow rate %o
the scrubber, scrubber inlet liquor pH, and total height of
spheres on SO, removal. Gas velocity has no significant effect
on SO, remova? for the range tested.
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The operating conditions were:

Dissolved sulfite concentration = 1.2 (no magnesium), 7-9,
or 12-16 m-mole/1
Magnesium concentration = 0-600 m-mole/1
Chloride concentration = 50-500 m-mole/1
Chloride-to-magnesium ratio
with magnesia additive = 0.1-1.2 mo]eémo]e
Slurry flow rate = 20, 30, or 40 gpm/ft

Gas velocity through scrubber = 8-12 ft/sec

Scrubber inlet Tiquor pH = 5.0-6.1

Total height of spheres = zero or 15 inches

Scrubber inlet gas SO, concentration = 2200-3600 ppm

The following correlation for prediction of SO, removal
fits the experimental data:

Fraction S0, = 1 - exp [~ 7.4 x 10-4 10.80
Removal exp (0.035 H + 0.76 pH + 0.053 S)] (10)

where S is the dissolved sulfite concentration (S03 MgSO
CaSO ) in m-mole/1 calculated by quaf1on 2, L is %he s]urry
f]ow rate to the scrubber in gpm/ft®, H is the total height of
spheres in inches and the pH is that of the scrubber inlet
Tiquor.

Equation 10 explains 95 percent of the variation in the
data for SO, removal with a standard error of estimate of 3.2
percent SO remova] Values of SO, removal predicted by
Equation 16 are plotted against the corresponding measured
values in Figure 7.

The effect of the concentration of dissolved sulfite, the
reactive base, on SO, removal in Equation 10 can be represented
as:

N e exp (0.053 S) (1)
where

N

number of mass transfer units

1n 1
1-fraction 502 removal

The coefficient of 0.053 on dissolved sulfite concentration
has a standard error of 0.0025; j.e., the t-test value for the
coefficient is 0.053/0.0025 =

Figure 8 shows the effects of dissolved sulfite concen-
tration and slurry flow rate on SO, removal as predicted by
Equation 10 for the TCA with 15 inches of spheres and a scrubber
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Figure 7. Predicted (Equation 10) vs. measured SO, removal for the Shawnee (9)
10-MW turbulent contact absorber
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Figure 8. SO, removal as a function of dissolved sulfite concentration and slurry
flow rate for the Shawnee (9) TCA with 15 in. of spheres at an inlet liquor pH of 5.5
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inlet liquor pH of 5.5. For a slurry flow rate of 30 gpm/ftz,
an increase in dissolved sulfite concentration from 1.2 m-mole/1
to 10 m-mole/1 increases SO, removal from 73 to 87 percent, thus
reducing SO, emission by a factor of two. A further sulfite
increase to 16 m-mole/1 increases S0, removal to 94 percent,
decreasing SO, emission by an additional factor of two.

In the ansence of chloride, these sulfite concentrations
of 1.2, 10, and 16 m-mole/1 are achieved for dissolved magnesium
concentrations of zero, 250, and 450 m-mole/1, respectively (see
Figure 4).

Figure 8 indicates that the addition of 10-12 m-mole/1 of
dissolved sulfite to the liquor has an enhancement effect equi-
valent to a doubling of the slurry flow rate. According to
Equation 10, such an increase in dissolved sulfite is also equi-
valent to the addition of 15 inches of spheres, or to a scrubber
inlet liquor pH increase of 0.7 units, nearly the entire allow-
able pH range.

An advantage of expressing the magnesia enhancement effect
on SO, removal in terms of dissolved sulfite concentration is
that the sulfite species are the basic species that react with
incoming SO, gas. This allows a comparison of the scrubbing
abilities of sulfite/sulfate liquors containing different dis-
solved cations, such as calcium, magnesium, and sodium, in terms
of the sulfite concentration obtainable with each cation. A
limestone wet scrubbing system with calcium-based 1iquor has
only about 1.2 m-mole/1 of dissolved sulfite. This calcium
system requires a liquid-to-gas ratio (L/G) of about 50 gallons
peE thousand actual cubic feet at 50 °C, equivalent to 30 gpm/
ft© of slurry flow rate at a gas velocity of 10 ft/sec, to
achieve 70-75 percent SO, removal at 2000-3000 ppm inlet SO,
(see Figure 8). A magnesia-enhanced limestone system having
about 15 m-mole/1 of dissolved sulfite achieves 90-95 percent
S0> removal at the same L/G of 50 gal/mcf. A concentrated
dual alkali system using sodium sulfite/sulfate scrubbing liquor
containing about 150 m-mole/1 of dissolved sulfite obtains
90-95 percent SO, removal at a much Tower L/G of 10 gal/mcf
(13,14). The ac%ua] selection of scrubber system chemistry and
mechanical design is, however, very site specific and dependent
upon complex economic considerations.

Summary and Conclusions

¢ A chemical model has been developed that predicts equilibria
for wet scrubbing of SO, by Timestone slurry, with magnesia
additive to enhance S0, removal. The model is implemented
by an equilibrium computer program.

¢ Simplified correlations, derived from the computerized model
and applicable for a typical scrubber temperature of 50 °C,
can be used to facilitate calculations. For specified pH,
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magnesium concentration, and chloride concentration, the
correlations determine equilibrium SO, partial pressure

and equilibrium concentrations of calcium, sulfite, bisulfite,
and sulfate. For actual scrubbing liquors, the correlations
also determine the degree of gypsum saturation. The corre-
lations agree with the chemical model to within a relative
standard error of estimate of less than three percent.

The enhancement effect of magnesia on SO, removal is caused
by increased concentrations of basic su]%ite species, SO§
and MgSOS, that react with the strong acid SO,(aq) to form
bisulfite ion, HSO3.

The concentration of basic sulfite species increases linearly
with magnesium and decreases linearly with chloride. Magne-
sjum chloride, MgCl,, is almost completely ineffective in
increasing the sulfite concentration.

S0, removal is strongly correlated with the concentration of
dissolved basic sulfite species in the scrubbing Tliquor. The
enhancement effect of sulfite on the number of mass transfer
units in a scrubber is expressed by a simple exponential
relationship.

Dissolved sulfite concentration is a convenient basis for
comparing limestone/magnesia scrubbing to other types of flue
gas wet scrubbing systems.

S0, partial pressure has a strong negative relationship to pH,
increasing by about a factor of 59 as the pH decreases by one
unit. This relationship of SO, partial pressure to pH should
be considered in the design of installations where Tow-sulfur
coal is burned.

The degree of gypsum saturation of a limestone/magnesia
scrubbing Tiquor can be calculated from either dissolved
calcium or dissolved SO, (sulfite plus bisulfite) analyses.
Use of dissolved calcium permits the use of simpler corre-
lations, but the accuracy of calcium measurements in the
presence of magnesium is dependent upon the analytical method
used.

Abstract

A chemical model previously developed for magnesia wet

scrubbing of SO, has been extended to magnesia-enhanced Time-
stone scrubbing of S0,. These magnesia-enhanced 1imestone
systems use scrubbing slurry containing magnesium-based 1iquor
and calcium solids. For such systems at 50°C having dissolved
magnesium concentrations of up to 1.2 M, the chemical model has
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been used to develop correlations for prediction of equilibrium
S0, partial pressure, equilibrium concentration of dissolved
su?fite species that react with SO,, and the degree of gypsum
saturation of actual scrubbing liquors.

Data for magnesia-enhanced limestone scrubbing of SO, by
a Turbulent Contact Absorber were obtained from the 10-MW
equivalent EPA Alkali Scrubbing Test Facility. These data and
the chemical model have been used to predict the enhancement
effect of magnesia-induced dissolved sulfite concentration on
S0, removal.

For liquors saturated with both calcium sulfite and gypsum,
the concentration of dissolved sulfite species increases linearly
with dissolved magnesium concentration, decreases linearly with
dissolved chloride concentration, and is only weakly affected
by pH.

Scrubber inlet Tiquor pH should be maintained at 5.5 or
higher for low-sulfur coal to avoid excessively high SO, back-
pressure.
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Sulfur Dioxide Vapor Pressure and pH
of Sodium Citrate Buffer Solutions with
Dissolved Sulfur Dioxide

GARY T. ROCHELLE

Department of Chemical Engineering, University of Texas at Austin, Austin, TX 78712

Aqueous scrubbing followed by steam stripping is a
potentially attractive method of desulfurizing stack gas with the
production of concentrated S0; (1, 2). S0, is absorbed from
stack gas containing 500 to 5000 ppm SO, by an aqueous solution
at 30° to 60°C. The solution is regenerated by stripping with
steam at 80° to 150°C. Liquid water is easily condensed from the
stripper overhead vapor, leaving concentrated SO,. This process
has not received commercial acceptance because it generally re-
quires an excessive amount of steam for stripping.

Sodium citrate was recognized as a potential aqueous absor-
bent for absorption/stripping as early as 1934 (3, 4). It has
recently reappeared in work by the U. S. Bureau of Mines (5), in
process development sponsored by Peabody, Inc., and in a process
offered by Flakt, Inc. (6). This paper reports on work which is
part of a development program on absorption/stripping sponsored
by the Electric Power Research Institute.

Buffers in the pH range of 3.5 to 5.5 provide for reversible
S0, absorption as bisulfite (HSO3) by the acid/base reaction:

+
O &==H + HSO,

SOz(g) + H2

In a perfectly-buffered solution the SOg vapor pressure will be
directly proportional to the total concentration of SO, and bi-
sulfite, giving a linear equilibrium relationship. In simple
alkali sulfite solution without added buffer, the equilibrium
relationship is highly nonlinear, because H' accumulates as S0,
is absorbed. Under these conditions is it not possible to carry
out reversible SO, absorption/stripping in a simple system, re-
sulting in greater steam requirements than expected with a linear
equilibrium relationship. Weak acid buffers such as sodium ci-
trate have been proposed to "straighten" the equilibrium relation-
ship and thereby reduce ultimate steam requirements (1, 2, 7).
Citrate buffer is attractive because it is effective over a wide
range, from pH 2.5 to pH 5.5 in concentrated solutions.
Johnstone, et al, (2) found that the ratio of SO, vapor

0-8412-0569-8/80/47-133-269$05.75/0
© 1980 American Chemical Society
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pressure to H90 vapor pressure (PSOZ/PH 0) over weak acid buffer
solutions was generally independent “of gemperature. The reaction
of HSO03 with H§ to give gaseous SOy has an enthalpy change of
about 10.8 kcal/g-mole (8). The extraction of Ht from a weak acid
usually requires negligible enthalpy change. Therefore the net
enthalpy change for desorption of gaseous S0y from a weak acid is
about 10.8 kcal/g-mole, almost equal to the enthalpy of water
vaporization:

HSO; + H+ »—SOz(g) + H20(1) AH = 10.8 kcal/g-mole
HA“’H++A- A= O
HSO; + HA *'502(8) + H20(l) + A AH = 10.8 kcal/g-mole

It is expected that sodium citrate solution will behave as a
typical weak ad¢id buffer. Both solution pH and PSOZ/PHZO should
be independent of temperature. Under these conditions, the steam
requirements will generally be independent of the stripper oper-
ating pressure and temperature (1, 2).

This work was carried out to confirm minimal temperature de-
pendence of Pgy,/Py,0 over sodium citrate solutions and to deter-
mine the dependénce of Pgo /PH,0 on solution composition. Mea-
surements of pH as a functIon Gf temperature and solution compo-
sition have been performed in order to separate the effects of
the specific buffer on PSOZ/PHZO- Design calculations are pre~
sented to estimate the stedm requirements on typical applications.

Experimental Methods

Solution Preparation. Solutions were prepared from reagent
grade citric acid monohydrate, sodium citrate dihydrate, NaHSO3,
NaS04, NaCl, and standardized NaOH solution. Hydroquinone (0.1
wt %) was added to inhibit oxidation of solutions with NaHSO3.

The NaHS05 was analyzed by iodine titration and was typically
97-98% of the expected S0, content. Several of the solutions used
for vapor/liquid equilibrium experiments were analyzed for total
802 and found to contain 5 to 10% less than the nominal concen-
tration. Nominal concentrations were used in presenting and
analyzing the data, unless noted otherwise. Therefore, correlated
values of Pso2 may be 5 to 10% low for a given solution compo-
sition.

pH Measurements. A Ag/AgCl combination electrode was used
for all measurements at 25°C. A thalamid combination electrode
was used at 55° and 95°C. It was conditioned in pH 4.00 buffer
at 55° or 95°C for at least 24 hours before use. The electrodes
were standardized at the measurement temperature by phthalate
buffer at pH 4.00 and phosphate buffer at pH 7.00. Response of
the electrodes to citrate buffers required 15 to 30 minutes for
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a stable reading. In later experiments secondary citrate buffers
were used to standardize the electrodes and thereby reduce equili-
brium time.

Dynamic Saturation. Dynamic saturation was the primary
method used for vapor-liquid equilibrium (VLE) determinations.
Typical apparatus is shown in figure 1. N, gas was sparged
through a solution of known, relatively constant composition,
then analyzed for S50p. Typically 1 to 5 liters of Ny or N2/S09
was sparged through a coarse, fritted-glass dispersion tube sub-
merged 7 to 15 cm in 125 to 300 ml of solution in a single-stage
glass or stainless steel saturator. Gas leaving the saturator
was assumed to be in equilibrium with the solution. Comparable
results were obtained in experiments using three saturators in
series and in experiments using SOp absorption rather than de-
sorption. The saturator was maintained * 1°C. Most data at 25°
to 55°C were taken at atmospheric pressure. Data at 55° to 150°C
were taken at 4.4 to 12 atm.

S0, content of the gas was determined by sparging into a
125 ml gas washing bottle containing a known amount of Iy in
acetate buffer at pH 4-5.5 with a starch indicator. N, flow
was measured by a wet test meter.

Water content of the gas leaving the saturator was estimated
using a modified Raoult's law. Constants for vapor pressure
lowering were obtained from Weast (8). Constants for NaHaCitrate,
NagHCitrate, NajCitrate, and NaHSO3 were assumed to be equal to
those for NaH2PO,, NajHPO4, Na3PO4, and NaCl, respectively. The
activity of water was assumed to be independent of temperature
and is given by: (1)

(1 - aH20)760 = 30.0 [Na3Cit] + 23.5 [NazHCit] + 21.0 [NaH201t]

+ 25.2 ([NaHSO3] + [NaCl])

+ 25.0 ([NaZSO4] + [Na28203])

The lowest water activity encountered in these experiments
was about 0.88 (2 M Citrate). The vapor pressure of water over
the solution is given by:

Py = P>
H,0 aHZO H,0

where Pfj, g is the vapor pressure of pure water at the saturator
temperature.

Assuming that the vapor leaving the saturator is an ideal
gas the SO2 vapor pressure is given by:
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nSO2

P = ——————(P_ - P
+

SO2 nso2 nN2 T HZO

)

where ngo, and ny, are the moles of S0, and N, and Pt is the total
pressure.” Under most conditions PH,p was less than 107 of Pr.
Therefore, PSO2 is relatively insensitive to errors in PH20-

S09 Electrode. A gas—sensing SO2 electrode marketed by
Ionics, Inc. was used to provide additional VLE data at 25°C as a
function of composition. Aqueous S0, equilibrates across a poly-
meric membrane with a filling solution containing about 0.1 M
Nal50;. Tonic species do not diffuse across the membrane. A
small combination glass electrode measures the pH of the filling
solution. The SO activity (Pgp,) is proportional to the activity
of HT (lO‘pH), because the bisul%ite activity is constant:

-— +-A
HSO,  + H e=50,(g) + H,0

P =K a,,a -
+
502 H HSO3

The S0, electrode has a linear response to PSO2 as low as 10_5

atm.

Water also diffuses across the polymer membrane to a limited
extent. Therefore the electrode response is unstable and unreli-
able if there is a significant difference between the osmotic
pressure of the filling solution and the unknown solution. To
partially alleviate this problem,data were taken with filling
solutions containing 0, 1.0, and 2.0 M additional KCl.

The response of the SO; electrode is actually read as vol-
tage, (mV). Two constants are needed to convert this to PSO :

2

\
log P + -
og ¢ty

SO2

We have used the theoretical value of d at 25°C which is 59.16 mV.
The constant c¢c must be determined by measurement of a known
solution each day the electrode is used. Alternatively, the
electrode can be used to provide relative P for a series of

SO
measurements. 2

pH Behavior

A semiempirical correlation of pH measurements with 156
solutions gave the following relationship:
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- . 0.5
PH = a; + azf + a3[An10n]T (1)

a, = 2.77 £ 0.05
a, = 3.60 £ 0.05
a, = -0.53 £ 0.03

The total concentration of anions is given by:

[Anion]T = [Citrate] + [NaZSOA] + [NaCl] + [NaHSO3]

+ .
Neglecting H and assuming that SO, is present as bisulfite, the
fraction neutralization is defined™as:

+ - =
. - [Na ] - [SOZ] -[c1] - 2[SO4 ]

3[Citrate]

This correlation includes solutions over the following range of
conditions:

£ =10.20 - 0.833

[Citrate] = 0.05 - 2.0 M

[Na2304] 0-1.5M

[NaHSO,] = 0 - 1.0 M

[NaCl] =0 - 1.9 M

The standard deviation of pH prediction is 0.12 pH units.

In these solutions pH is more strongly correlated with total
anion concentration than with ionic strength. Thus 1 M Na,;SO4
and 1 M NaCl have about the same effect on the pH of a solution
at a given fraction neutralization. Figure 2 shows pH at 507
neutralization as a function of anion concentration in the solu-
tions which are primarily citrate, NagSO4, or NaCl, as well as in
mixed solutions.

The effect of solution anionic concentration is probably
related to effects on activity coefficients and ion pair form-
ation of more highly charged buffer species. In more concentrated
solutions, the activity of the highly charged species is reduced
by both ionic strength and ion pair formation. The effect on
less charged, acidic species is less. Therefore, as solutions
become more concentrated, the activity of basic species is re-
duced relative to that of acidic species, and at a given fraction
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Figure 1. Apparatus for dynamic saturation
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Figure 2. Dependence of pH on total anion concentration ((®) infinite dilution;
(O) NaCl; () Na.SO,; (\) sodium citrate; (\/ ) mixed solution)
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neutralization the pH decreases. In concentrated solutions poly-
valent anions such as SO; and citrate~ probably form ion pairs
such as NaS04~ and Nazcitrate+. Therefore the effective ionic
strength and Nat concentration available for ion pair formation
varies with total anion concentration rather than ionic strength.

The effect of fraction neutralization on pH is illustrated
in figure 3 for a solution of constant anionic concentration.
This corresponds to titrating citric acid with NaOH. The titra-
tion curve is very nearly linear from pH 2.2 to about pH 5.5 with
a slope of 3.60. The effects of the three functional buffer
groups of citric acid are smeared so that no S-shape or inflec-
tion points are apparent.

As shown in figure 4, titration with HCl or absorption
of S0 as bisulfite results in a different dependence of pH on
fraction neutralization because the total anion concentration is
increased. The slope of pH versus f is typically greater than
4.0 and is modeled by equation (1).

As shown in Table I, the AH values of the buffer reactions
corresponding roughly to Kzi, Kz2, and Ky3 (16.7, 50.0, and 83.3%
neutralization, respectively) all have absolute values less than
2.0 kcal/g-mole. The reactions corresponding to K7 and Ky3,
which are most relevant for SO, absorption/stripping, had AH
values of -0.7 and +0.1 kcal/g-mole, respectively. The careful
data of Bates and Pinching (9) in dilute citrate solutions give AH
values between 25° and 50°C of -0.01, -0.002, and +0.03 kcal/g-
mole, respectively for Kal, Ki», and K;3. Because overall tem—
perature effects in S0, absorption/stripping are on the order of
10 kcal/g-mole, we can neglect the enthalpy change of the buffer
reaction.

S0, Vapor Pressure
£4
S02 vapor pressure was determined in eight series of experi-
ments (Tables II and III) with a total of about 80 solutions
over the following range of conditions:

f =0.40 - 0.80

[Citrate] = 0.2 - 2,0 M

[NaHS0,] = 0.025 ~ 1.0 M

[Na,50,] =0 - 1M
[Na28203] =0-0.6M
T = 25 - 168°C

A semiempirical correlation of the data gives:
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Figure 3. Dependence of pH on fraction neutralization—Ltitration with NaOH
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Table I: Heat of Reaction of H+ with Concentrated
Sodium Citrate Buffers

Solution d
Fraction® compgsition AH
neutralization (M) (kcal/g-mole)
0.167 0.30 NaCl - 1.6
1.50 + 0.2
0.60 Citrate - 2.8
3.00 - 3.8¢
Mean - 2.0 x1.7
0.500 0.30 NaCl - 0.9
1.50 - 0.4
0.50 NapSO4 + 0.2
0.15 Citrate - 0.7
0.50 - 1.5¢
0.75 - 0.1
1.00 - 1.0¢
2.00 - 0.9¢
Mean - 0.7 £0.5
0.833 0.30 NaCl + 0.7
1.50 + 0.3
0.50 Naj3S0, + 0.4
0.0667 Citrate + 0.7
0.333 - 0.1
0.50 - 0.2¢
1.00 - 0.4¢
2.00 - 0.9¢
Mean + 0.1 £0.6
+ - =
[Na ] - [Cc1] - 2[SO4 1

fractioll neutrallzatloﬂ = Py
3] Cltratel

bChloride and sulfate solutions contain 0.00667 M Citrate.
All solutions contain NaOH as indicated by fraction neutraliza-
tion

©AH calculated from pH values at 25° and 95°C

dAH calculated from pH values at 25° and 55°C unless noted
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Table II: S0y Vapor Pressure Obtained by
Dynamic Saturation at 25° to 158°C, Series 1

Solution Composition
M) P. /P Calec P
SO2 HZO SO2
. T 3 Meas P
Citrate 802 b3 (°c) x 10 802
0.5 0.20 0.533 27 14.8
55 12.1
55 14.7
75 14.2
95 14.0
95 12.4
115 14.3
135 13.2
mean 13.7 + 1.0 1.26
1.0 0.25 0.583 24 14.6
55 18.8
75 16.3
95 16.5
115 17.1
135 15.7
mean 16.5 + 1.4 1.06
2.0 0.80 0.700 55 31.7
75 34.8
95 36.6
115 33.6
135 35.9
mean 34.5 * 1.9 0.93
0.5% 0.20  0.533 25 22.2
168 19.0
mean 20.6 * 2.3 0.85
1.0 0.164° 0.612 % 8.7
51 10.6
92 10.8
117 11.4
148 10.6
mean 10.4 £ 1.0 0.86

%0.05 M NaZSZO3 was also added to the solution

As analyzed by iodine titration, nominal SO2 concentration was
0.2 M
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Table ITI: SO, Vapor Pressure at 25°C Obtained by Dynamic
Saturation or the SO2 Electrode
Solution Composition P /P
() so./"H,0  cCalc P
2 2 SO2
. 3
Citrate SO, £ pH aHZO x 10 Meas PSO2
Series 2, Dynamic Saturation
0.5 0.20 a 0.533 4.60 0.970 14.5 1.27
2.0 1.00 0.667 4.38 0.910 77.6 0.69
1.0 0.50 0.667 4.32 0.968 25.0 0.79
2.0 0.60 0.567 4.01 0.923 70.7 0.90
1.0 0.30 0.567 4.04 0.961 26.6 0.90
0.5 0.15 0.567 4.22  0.980 8.9 1.10
2.0 0.20 0.467 3.85 0.938 38.7 1.07
1.0 0.10 0.467 3.90 0.968 17.7 0.91
0.5 0.05 0.467 3.94 0.984 7.0 0.96
2.0 0.20 0.800 5.12 0.922 3.2 1.07
1.0 0.10 0.800 5.11 0.961 1.1 1.18
2.0 0.30 0.617 4.39 0.930 22.9 0.90
1.0 0.15 0.617 4.37 0.965 7.8 1.02
0.5 0.075 0.617 4.45 0.982 4.3 0.76
mean 0.97 + 0.16
Series 3, Dynamic Saturation
2.0 0.2 0.52 4.24 20.7 1.35
1.0 0.1 0.52 4.22 7.3 1.48
0.5 0.05 0.52 4.33 3.01 1.49
1.0 0.9 0.52 4,17 83.8 1.41
1.0 0.1 £ 0.52 4.22 9.88 1.39
1.0 0.1b 0.52 4.15 9.06 1.38
2.0 0.2 0.74 4.99 3.15 1.68
1.0 0.1 0.74 4.96 1.31 1.56
0.5 0.05 0.74 4.99 0.76 1.10
1.0 0.90 0.74 4.83 14.9 1.51
1.0 0.10 £ 0.74 4.90 2.42 1.07
1.0 0.10 b 0.74 4.89 1.53 1.56
mean 1.42 + 0.18
... continued
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Table III: Continued

Solution Composition

) 502 HZO Calc Pso2
Citrate 502 f pH aHZO X 103 Meas PSO2
Series 4, 302 Electrode with 1 M KC1

0.50 0.40 0.400 3.81 97.1 1.03
0.50 0.20 0.533 4.33 16.1 1.07
0.50 0.10 0.600 4.60 4.7 1.06
0.50 0.05 0.633 4.73 1.93 0.99
0.50 0.025 0.650 4.83 0.95 0.87
1.00 0.40 0.533 4.09 37.6 1.13
1.00 0.20 0.600 4.34 11.1 1.09
1.00 0.10 0.633  4.47 4.5 1.03
1.00 0.05 0.650 4.53 2.0 0.98
1.00 0.025 0.658 4.57 1.0 0.91
mean 1.02 + 0.08
Series 5, 302 Electrode with 2 M KC1
2.0 1.0 0.667 4.38 55.2 0.97
1.0 0.5 0.667 4.32 22.4 0.88
2.0 0.6 0.567 4.01 60.5 1.05
1.0 0.3 0.567 4.04 24.4 0.98
2.0 0.20 0.467 3.85 35.4 1.18
1.0 0.10 0.467 3.90 15.8 1.02
1.0 0.10 0.800 5.11 1.3 1.00
2.0 0.30 0.617 4.39 21.0 0.98
1.0 0.15 0.617 4.37 8.4 0.94
mean 1.00 * 0.08
Series 6, 302 Electrode with 2 M KC1
1.0 0.02 0.493 4.00 2.72 0.95
1.0 0.065 0.478 3.94 10.2 0.93
1.0 0.11 0.463 3.85 16.3 1.14
1.0 0.155 0.448 3.80 27.9 1.04
1.0 0.20 0.438 3.71 43.9 0.97
1.0 0.05 0.650  4.47 2.14 0.93
1.0 0.1625 0.613  4.37 10.0 0.88
1.0 0.275 0.575 4.16 22.0 0.93
1.0 0.3875 0.538 4.08 39.3 1.00
1.0 0.500 0.500 3.90 65.9 1.05
1.0 0.05 0.650 4.35 2.47 1.03
... continued
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Table III: Continued
Solution Composition P /P
65)) so,’"H,0 ale P
— 2 2 O2
. a 3
Citrate 802 f pH H20 x 10 Meas PSO2
Series 6, continued
1.0 0.05 0.650 4.40 2.34 0.97
1.0 0.275 0.575 4,12 22.0 0.93
1.0 0.08 0.807 4.99 1.03 0.96
1.0 0.26 0.747 4.75 5.38 0.98
1.0 0.44 0.687 4,51 14.5 1.02
1.0 0.62 0.627 4,27 33.0 1.03
1.0 0.80 0.567 4.01 65.0 1.11
mean 0.99 + 0.07
Series 7, Dynamic Saturation, 17 experiments
1.0 0.45 ¢ 0.483 58.0 + 4.1 1.22 + 0.09
Series 8, Dynamic Saturation, SO2 analyzer
1.6 0.17 1 0.506 3.92 36.3 0.67
1.0 0.17 0.510 3.84 30.1 0.67
0.4 0.17 0.525 3.81 25.4 0.60
0.2 0.17 0.550 3.82 22.7 0.50
1.0 0.17 £ 0.510 3.82 39.3 0.65
1.0 0.17 d 0.510 3.81 33.9 0.68
1.0 0.17 0.510 3.72 40.3 0.63
0.2 0.17 0.550 3.83 36.2 0.49
mean 0.61 * 0.08
a +0.2 M NaZSZO3 e +0.6 M N 4
b +0.6 M NaZSZOB f +1.0M N 4
c +0.05 M NaZSO4 g +1.5 M Na SO4
d +0.5 M NaZSO4 h +1.0 M NaCl
i Determined by iodine titration. Nominal concentration

was 0.2 M 80O

2°
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= . 0.5
log KC =a, + an + a6[An10n]T (2)
a, = 0.46 + 0.075
a5 = -3.27 * 0.12
a6 = 0.26 + 0.04
where
PSO
. T
¢ PHZO[SOZ]T

The correlation includes temperature dependence as the calculated
value of water vapor pressure over the solution (Py,qg).

For the entire set of data, the standard deviagion for pre-
diction of log K. is 0.011 or about 27% of K.. However, there
is evidence of systematic error in series 3 and series 8, and from
run to run in series 1. This error does not appear to be asso-
ciated with variables such as solution composition or temperature.
It may have resulted from errors in standardization of iodine
solution or in calibration of the SO analyzer (for series 8).
This systematic error affects the usefulness of these series in
determining the constant a4, but they still provide valuable data
for use in determining dependence of the equilibrium on tempera-
ture, fraction neutralization, and total anion concentration.

The first series of data includes five solutions with mea-
surements by dynamic saturation at 25° to 168°C. As shown in
Table II the ratio PSOZ/PH o0 1s essentially independent of temp-
erature. Yet from 25°“to E50°C, Pgp, increases a factor of 150.
For any given solution the standard geviation of Pgo /PH20 over
the temperature range was generally less than 10Z. ﬁowever, the
error of estimate of K. by equation (2) is as high as 26%, sug-
gesting systematic errors from one experiment to the next.

Series 2 by dynamic saturation and series 3, 4, and 5 by the
S02 electrode were intended primarily to show the effect of frac-~
tion neutralization. Data collected by the SO; electrode have
been calibrated by the correlation (equation (2)) so that they
contribute to as and ag, the slope terms, but not to aj;, the
intercept. Figure 5 shows the ratio of calculated and measured
values of Pgp, as a function of the fraction neutralization.
There is no consistent trend with fraction neutralization, so the
correlating equation is adequate. However, series 3 is high and
series 8 is low, suggesting systematic errors. Each of series 2
through 8 are internally consistent, with standard deviations
around a mean error less than 17%.
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Figure 5. Relative error of Pgo, prediction vs. fraction neutralization (series:
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Series 7 included 17 experiments with a single solution
composition but with a variable number of saturators and absorbers
in the dynamic saturation apparatus. The results had a standard
deviation of about 8%.

Series 8 in combination with earlier series was intended to
provide data on the effects of total anion concentration. The
results are internally consistant with the correlation, having
a standard deviation of about 157 around the mean error. However
the measured values of Pgp, were about 407% lower than the general
correlation. An SOy analyzer, rather than iodine titration, was
used to determine SO, gas concentration from the saturator., The
analyzer was calibrated with dry SOz/Nz span gas. In later ex-
periments it was shown that humid gas gives a lower analyzer re-
sponse. With constant fraction neutralization increased anionic
concentration increases Pgp., because pH decreases faster than
effective bisulfite activity.

Equations (1) and (2) can be combined to give an explicit
prediction of PSO2 as a function of pH:

. 0.5
log Kc = (al + a4) + (a2 + as)f + (a3 + a6) [Anlon]T - pH

a, +a, = 3.23

1 4
a, + ag = 0.33
ay + ag = -0.27

The dependence on fraction neutralization and total anion concen-
tration should reflect the extent to which the bisulfite activity
is not proportional to total dissolved SO3. As expected, the
dependence on f is quite small, since dissolved 507 is present
primarily as bisulfite at pH 3.5 to 5.0. The effect of anion
concentration is in the direction expected since bisulfite ac-
tivity would be reduced by ion pairing in more concentrated
solutions.

Design Calculations for Absorption/Stripping

The primary characteristic of an acid/base buffer affecting
steam requirements is the temperature dependence of Pgp /PHZO'
Since Pg0.,/PH,0 of the citrate system is independent of tempera-
ture, the“idedl minimum steam requirement (moles H20/moles S02)
of a simple stripper is equal to the ratio, Pg0,/PHy0» Of the
humidified inlet stack gas (1). This steam requirement is in-
dependent of the stripper temperature, but assumes that the strip-
per feed is preheated to its boiling point, that there are an
infinite number of stages in the absorber and stripper, and that
the equilibrium curve is linear.
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The second characteristic of equilibrium data affecting
steam requirements is the nonlinearity of Pggp /PH o versus [S502].
That nonlinearity is quantified primarily by éependence of
K. on f. Figure 6 shows predicted and measured values of Pgq,/
PHﬁO versus [S05] for 1 M citrate solutions with 1.5,2.0,and”2.5

Performance of a simple absorption/stripping system can be
determined by use of a McCabe-Thiele diagram. Equilibrium for
both stripper and absorber can be represented as a single line
when plotting PSO /Py,0 versus [S03]. Material balance gives
operating lines for tﬁe absorber and stripper. The slope of the
absorber operating line is the ratio of liters of circulating
solution to moles of H70 in the saturated stack gas. The slope
of the stripper operating line is the ratio of liters of circu-
lating solution to moles of steam. The steam requirement in
moles per mole of S0, absorbed is equal to the inverse of the
ratio, Psoz/PH 0, at the top of the stripper.

Figuré 7 Illustrates how minimum steam requirements can be
estimated for 1 M citrate with 2.0 molar Nat in a simple absorp-
tion/stripping system to remove 90% of the SO from stack
gas at 55°C containing 3000 ppm §0,. The operating lines for
the absorber and stripper are straight, assuming that the H0
vapor rate is constant throughout the absorber and throughout
the stripper. With an infinite number of stages the absorber is
pinched at the top and bottom. Using live steam, the stripper
pinches in the middle because of the nonlinearity of the equilib-
rium curve. The gas leaving the stripper would have Pgg /PH 0
equal to 0.0173, giving a minimum steam requirement of 5; 8 moles
HyO/mole SOy (16.3 kg/kg). If the equilibrium were linear the
minimum steam requirement would be 50 moles HZO/mole 805. Thus,
nonlinearity increases the steam requirement by a factor of 1.16.

Figure 8 illustrates the performance of a system with three
equilibrium stages in the absorber and six in the stripper. The
actual steam requirement is 147 moles/mole SO; (41.3 kg/kg) . The
use of a finite number of stages increases the steam requirement
a factor of 2.5 from the case of infinite stages with a non-
linear equilibrium.

Table IV gives minimum steam requirement (infinite stages)
at several different solution capacities. The factor attribu-
able to equilibrium nonlinearity increases as more S0) is
absorbed, because the buffer capacity is consumed to a greater
extent. Any capacity for 80, absorption can be achieved by
varying Na concentration (pH) in the solution. At low pH
([Na] = 1.5 M) the solution capacity for SO, absorption is small,
but the nonlinearity factor is also small (1.05). Solution
capacity can be increased by operating at higher pH ([Na] = 2.5
M), but nonlinearity is more severe (1.32).

As shown by case 3 in Table IV, the minimum steam require-
ment in an optimized system is not sensitive to the magnitude of
PSO2 over the solution, but only to its dependence on temperature
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and SO2 solution concentration. If the constant a, in the
equation for K, is 0.30 rather than 0.46, the minimum steam re-
quirement increases by only 3%.

Table IV: Minimum steam requirement, inlet
Pgo /PH%O = 0.02, 90% SO, removal,

1nf1n te stages, 1.0 M Citrate
Steam Requirement Nonlinearity Capacity
[Nal(M) Moles H90/Mole SO9 Factor Moles SOj/liter
1.5 52.4 1.05 0.103
2.0 57.8 1.16 0.173
2.08 59.5 1.19 0.262
2.5 65.8 1.32 0.368

#Value of a, taken to be 0,30 rather than 0.46.
Conclusions

1. Temperature dependence of pH and Pgp /PHZO over sodium
citrate buffer solutions is insignificant.

2. Composition dependence of pH and PSOZ/PHZO can be rep-
resented as a function of fraction neutralization and
total anion concentration.

3. Actual steam requirement with typical stack gas should
be about 41 kg/kg SO,.

4, Optimized steam requirement is relatively insensitive
to solution pH. Solution capacity for SO2 absorption
can reasonably vary from 0.1 to 0.4 g-moles SOZ/liter.

5. The SOy gas sensing electrode is an effective tool for
vapor/liquid equilibrium at room temperature.

Nomenclature

a Activity

al, a2, a4, a5 Constants in correlation of pH and PSO

a3z, ag Constants with anionic concegtratlon in cor-
relation of pH and Pgq,, g °

c Intercept for calibratIon of SO, electrode.

[Citrate] Total concentration of citric acid and its
anions, M

d Slope for calibration of SO, electrode, mV

f Fraction neutralization

K Equilibrium constant for SO absorption as

bisulfite, atm M~

Ka1» Ka2, K3  Equilibrium constants for dissociation of
citric acid, M

Ke Dependent variable in correlation of SOZ
vapor pressure, gfl
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M Molarity, gmol/liter
n Number of g-moles
P Pressure or partial pressure, atm
P502 Vapor or partial pressure of SO, atm
Pﬁzo Vapor pressure of pure water, atm
Py,0 Vapor or partial pressure of Hy0, atm
[862] Total concentration of S* species (mostly
bisulfite), M
[] Concentration, M
Abstract

SOy vapor pressure (P 0 ) was measured by dynamic saturation
and by a gas-sensing SO, electrode over solutions containing 0.5
to 2.0 M sodium citrate at pH 3.5 to 5 with up to 1 M NaHSO3,
NaS04, and NaCl. Pgg, was measured at 25° to 168°C; pH at 25°
to 95°C. Both pH and“the vapor pressure ratio PSOZ/PHZO were
independent of temperature. The composition and témperature de-
pendence of the data are correlated by the semiempirical expres-
sions:

pH = 2,77 + 3.60 £ - 0.53 [Anion]g,'5

P
802

[so,]
PH20 2°T

log = 0.46 - 3.27 £ + 0.26 [Anion]?"5

where f is the fraction neutralization of the citrate buffer.
The steam requirement for simple absorption/stripping with 90%
removal of S0, from stack gas containing 3000 ppm SOy at 55°C
was estimated to be about 40 kg/kg SOZ'
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Principles of Coal Conversion

JOSEPH F. McMAHON
Foster Wheeler Energy Corporation, Livingston, NJ 07039

Direct use of coal as a primary fuel is often the most effi-
cient and economic method of utilizing this important energy re-
source. In many cases, however, certain undesirable properties
of coal make direct utilization difficult. Coal is a solid and
requires more effort to handle, measure and control than gases or
liquids. Coal is usually contaminated with ash and other unde-
sirable components and has widely variable chemical and physical
properties. As a result, there is often a need to convert coal
into more convenient and cleaner forms of energy and products.
Before considering the basic principles of coal conversion, some
important characteristics of fossil fuels will be reviewed.

Fossil Fuel Characteristics

Carbon and hydrogen are the two elements in fossil fuels of
primary importance with respect to energy and chemical products.
The hydrogen to carbon ratios (H/C) of light hydrocarbon gases,
petroleum liquids and coal are compared in Figure 1. Methane, the
principal component of natural gas, has the highest H/C ratio of
the hydrocarbon series. Petroleum fractions have H/C ratios
ranging from about 2.3 for naphtha through 1.5 for distillate
0oils. Coal has the lowest H/C ratio, ranging from about 0.8 for
bituminous coal to about 0.4 or lower for anthracite coal and
cokes.

The chemical energy content of fossil fuels generally paral-
lels the H/C ratio as shown in Table 1. Methane has the highest
heating value of the hydrocarbon series, corresponding to its
high H/C ratio while coal has the lowest heating value. The
normal physical state of fossil fuels also parallels the H/C
ratio. Methane is a gas at ambient temperature and pressure
conditions. Petroleum fractions are mobile liquids except for
the heaviest fraction which can be solid at ambient temperature.
Coal is a solid material.

0-8412-0569-8/80/47-133-295$05.00/0
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Table 1
Heating Values Of Selected Fossil Fuels
Fuel kd/kg

Methane 53,800
Naphtha 46 ,500-48 ,800
Crude 0il 44 ,200-46,500
Resid 39,500-41,900
Coal#* 27,900-32, 600
*maf

Methane (natural gas) and petroleum are clearly more conveni-
ent to handle and use than coal. This situation led to widespread
industrial use of these fuels for electric power production, in-
dustrial and residential fuel requirements and chemicals produc-
tion. Recently, however, it has become apparent that more use
must be made of coal to conserve supplies of natural gas and
petroleum despite the difficulties in handling and use. There
are large reserves of coal in many parts of the world, many near
centers of population and industrial activity.

Basic Methods of Coal Conversion

Conversion of coal to more desirable forms of energy such as:

- pipeline gas

- synthesis gas

- fuel gas

- liquid hydrocarbons
- chemicals

generally requires considerable technical effort. There are many
variations in technical processes that have been developed for
converting coal to secondary fuels. These processes, however,
all have the common objective of either removing carbon from or
adding hydrogen to coal to improve its original H/C ratio. The
choice of method and the extent of improvement in H/C ratio de-
pends on the type of product required and considerations of cost.
Removal of carbon can be accomplished by

- pyrolysis
- gasification
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while processes for hydrogen addition include

- liquefaction
- hydrogasification

Carbon Removal Processes

Pyrolysis. Conversion of coal by pyrolysis involves heating
coal to a temperature of 500 to 700°C. Gases and liquids are
evolved from the coal at these temperatures, leaving char which
has a lower H/C ratio than the original coal:

coal mgas + liquid + char

Pyrolysis processes differ primarily in the means used to supply
the required heat to the coal. Invariably, the heat is generated
by burning a portion of the coal with an oxygen-containing gas.
In some cases, a circulating stream of char is used to carry the
heat to the fresh coal. Alternately, an inert solid is used as
heat carrier although, in this case, means must be provided to
separate heat carrier from product char.

Gasification. The extent of carbon removal from coal by py-
rolysis is relatively limited. As a result, the yields of second-
ary fuels having increased H/C ratio are not large. Essentially
complete control of the amount of carbon removed can be achieved,
however, by complete gasification of coal with an oxygen-contain-
ing gas and steam:

coal + 02 + H20 -—DHZ + CO + CHu + CO2

Major components of the gaseous product are hydrogen, carbon
monoxide and variable amounts of methane and light hydrocarbons,
as well as carbon dioxide. Carbon is removed from the system by
separating carbon dioxide from the gas by well known gas scrub-
bing processes. Some additional hydrogen over that contained in
the original coal is introduced by reaction of steam with the
coal. The result is a hydrogen-carbon monoxide gas mixture hav-
ing an effective H/C ratio of two or higher. This gas mixture,
often referred to as snythesis gas, can be further processed to
pipeline gas, liquid hydrocarbons, or chemicals such as methanol
and ammonia.

The common feature of coal gasification processes is that coal
is contacted in a gasifier with an oxxgen-containing gas and
steam at a temperature of at least 700°C. The main types of
gasifiers are:

- moving bed (Figure 2)
- fluidized bed (Figure 3)
- entrained flow (Figure 4)
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In the moving bed gasifier, lump size coal flows downward
through the gasifier, countercurrent to ascending hot gases.
Coal flows successively through drying, devolatilization, gasifi-
cation and combustion zones, each zone operating at increasingly
higher temperatures up to and beyond the melting point of the ash.
Ash is withdrawn from the bottom of the gasifier. Oxygen or air,
together with steam, are introduced into the gasification zone
and flow upward through the gasifier.

In the fluidized bed gasifier, crushed coal is introduced into
a fluidized bed of char together with oxygen or air and steam.
Coal undergoes drying, devolatilization, gasification and combus-
tion at essentially constant temperature of about 1000°C because
of the rapid mixing characteristics of fluidized beds.

In the entrained flow gasifier, pulverized coal flows cocur-
rently with oxygen and steam through a reaction zone at tempera-
tures up to 1800°C. The coal is entrained as a dilute suspension
in the flowing gases. Coal drying, devolatilization, gasifica-
tion and combustion occur very rapidly in the high temperature
reaction zone. Entrained flow gasifiers may be single stage or
two stage, the latter involving introduction of coal into a first
stage where it is rapidly devolatilized by hot gases from a second
stage. Char is recovered from the first stage and gasified with
steam and oxygen or air in the second stage.

The overall process of coal gasification is endothermic and
heat must be supplied to the system. Up to 40% of the heating
value of the coal may be used for this purpose, depending on the
specific gasification process and coal used. Countercurrent
processes usually produce the highest ratio of chemical to sensi-
ble heat in the product gas because of relatively low gas outlet
temperature. Cocurrent single stage entrained flow processes
produce the lowest ratio of chemical to sensible heat in the
product gas; fluidized bed processes are intermediate in this
respect. Heat is usually supplied by partial combustion of char
in the gasifier with oxygen or air.

The properties of coal ash, particularly softening tempera-
ture, have an important effect on gasification processes. Ash
can be discharged in "dry" form, in which case the maximum temper-
ature in the gasifier cannot exceed the ash softening point. In
moving bed processes, the maximum temperature occurs in the com-
bustion zone and steam is added for temperature control. Higher
temperatures can be allowed if the ash is removed as sintered
agglomerates or as a liquid. In these cases, increased gas pro-
duction and a greater extent of gasification can be achieved
compared to dry ash operation.

Hydrogen Addition Processes

Liquefaction. (Figure 5) Coal liquefaction involves addition
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of hydrogen to coal to produce secondary fuels of increased H/C
ratio. It has been known for many years that heating a mixture of
coal and hydrogen donor solvent to temperatures of 400 to 500°C
results in the production of liquids of increased H/C ratio com-
pared to the original coal. Hydrogen donor solvents are com-
pounds such as tetralin or mixtures of similar compounds contain-
ing labile hydrogen atoms. At elevated temperatures, these hy-
drogen atoms of the solvent react with coal, breaking down the
three dimensional coal structure into fragments which dissolve in
the solvent. The molecular weight of these fragments decreases
as the amount of hydrogen reacted increases. Contaminants such
as sulfur, nitrogen and oxygen are eliminated as hydrogen sul-
fide, ammonia and water.

The principle of donor hydrogen reaction with coal has been
applied in various ways in processes for coal liquefaction. In
one application, hydrogen donor solvent is generated from the
coal itself. The solvent, usually a distillate fraction of the
coal liquid product, is hydrogenated and recycled to the coal
liquefaction reaction.

In a variation of this technique, molecular hydrogen is added
to the liguefaction reactor together with the solvent. Hydrogen
uptake is usually limited to about two weight percent of the coal
and the liquefied coal product has a melting point of about 150 to
200°C. In a further variation, a portion of the high boiling
liquid product is recycled to the reactor. The ash contained in
this stream exerts a catalytic effect on the hydrogen donor reac-
tion. Hydrogen uptake is increased and a full boiling range
liquid produect is produced containing naphtha, gas oil and heavy
fuel o0il fractions.

Catalytic coal liquefaction processes do not specifically use
hydrogen donor solvents although coal is introduced into the
liquefaction reactor as a slurry in a recycle liquid stream.
Catalyst is used as a powder or as granules such as pellets or
extrudates. If powdered catalyst is used, it is mixed with the
coal/liquid stream entering the reactor. Pelleted catalyst can
be used in fixed bed reactors if precautions are taken to avoid
plugging with solids or in fluidized bed reactors. In the latter
case, the reacting system is actually a three phase fluidized
bed, that 1is, catalyst particles and coal solids, as well as
liquid, are fluidized by gas.

Hydrogenation of coal is a highly exothermic reaction corres-
ponding to a heat evolution of about 15 kilojoules per cubiec metre
of hydrogen reacted. Means must be provided to remove this heat
from the reaction zone so that the reaction temperature can be
maintained in the optimum range. This is usually accomplished by
injecting coal liquid as quench into various sections of the
reactor.
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Hydrogasification. Hydrogasification of coal involves reac-
tion of hydrogen with coal carried out at elevated temperatures
under high partial pressure of hydrogen. The objective is to add
sufficient hydrogen to coal to produce methane as the major prod-
uct. It has been found that many types of coal can be hydrogasi-
fied if the coal is heated rapidly to reaction temperatures. Even
under favorable conditions, however, conversion to methane is not
complete and aromatics such as benzene are made as by-products.

Hydrogasification of coal is also a very exothermic reaction.
One means of absorbing the heat of reaction is to use a fluidized
bed reactor and inject hydrogen and coal reactants at sufficient-
ly low temperature so that the sensible heat required to heat coal
and hydrogen to reaction temperature is equivalent to the heat of
reaction.

Efficiency Considerations

Heat recovery efficiency is a consideration of major impor-
tance in the conversion of coal to secondary fuels. This param-
eter is defined as the percent of the heating value of the coal
used which is recovered as heating value in the desired secondary
fuel. Heat recovery efficiency which can be attained in a coal
conversion process depends firstly on the theoretical chemical
and thermodynamic requirements of the process, and secondly on
the practical realization of the process. The first factor de-
termines the theoretical maximum heat recovery efficiency that
can be obtained under ideal circumstances. The second factor
determines the extent to which the practical process approaches
the theoretical ideal.

Several aspects of the concept of theoretical heat recovery
efficiency can be understood by considering an idealized conver-
sion of coal to a secondary fuel having a high H/C ratio, such as
methane. In the following discussion, it is assumed that the
conversion reactions proceed to completion at a temperature of
15°C and a pressure of 1 atmosphere although, of course, this
cannot be realized in practice. Coal is assumed to have the
idealized chemical formula of C,. Hgp.

Several important chemical reactions for the conversion of
coal to methane are shown in Table 2. Steam conversion involves
the reaction of coal with steam to produce hydrogen and carbon
monoxide. Hydrogen conversion is a reaction in which coal and
hydrogen react to form methane. Oxygen conversion produces hy-
drogen and carbon monoxide by partial oxidation of coal. Methan-
ation involves a reaction in which methane and water are produced
from carbon monoxide and hydrogen. The water gas shift reaction
between carbon monoxide and steam produces carbon dioxide and
hydrogen.

Several of these reactions can occur simultaneously or can be
used consecutively to produce methane from coal. Methanation and
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water gas shift reactions occur simultaneously in varying degrees
with steam and oxygen conversion reactions. Hydrogen required
for hydrogen conversion can be produced by steam or oxygen gasi-
fication.

Table 2
Coal Conversion Chemical Reaction

Steam Conversion
C10 HB + 10 H20 —> 10 CO + 14 H2

Hydrogen Conversion
C10 HB + 16 H2—>10 CO + 4 HU

Oxygen Conversion
C10 H8+502—>10 CO+14H2

Methanation
CO+3H2 —_—> CHu+H2O

Water Gas Shift
CO + H20 —_— CO2 + H2

The potential of these reactions for methane production can be
compared in terms of theoretical yields and heat recovery effi-
ciencies. Theoretical methane yield is defined by the chemical
equations. Theoretical heat recovery efficiency is defined as
the percent of the higher heating value of the coal which is
recovered in the form of methane product. These idealized param-
eters provide a measure of the ultimate capability of conversion
systems and are useful for evaluating actual conversion proces-
ses.

Table 3 shows the theoretical methane yields and heat recovery
efficiencies for

- steam conversion-methanation
- hydrogen conversion
- oxygen conversion-methanation
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Table 3
Theoretical Methane Yield and Heat Recovery Efficiency

CH Heat

H:C Y'e?d Recovery
Feedstock Wt. Ratio m>/kg Efficiency %
Steam Conversion - Methanation
C.. Hy (coal) 0.067 1.11 100
10 78
Hydrogen Conversion
C10 HB 0.067 1.84 92
Hydrogen Conversion - H2 Supply by Oxygen Conversion
C,,H 0.067 0.86 81
10 8
Oxygen Conversion - Methanation
C10 HB 0.067 0.65 61

Steam conversion/methanation has a theoretical heat recovery
efficiency of 100%. Hydrogen conversion has a theoretical effi-
ciency of about 90%; if the production of hydrogen by steam con-
version is taken into account, however, the theoretical effi-
ciency drops to 81%. Oxygen conversion/methanation has a theo-
retical efficiency of only 61% which is the lowest of the conver-
sion systems.

Practical conversion processes can only approach the theoreti-
cal efficiencies shown in Table 3. The coal conversion reactions
do not proceed to completion at ambient temperatures within prac-
tical time limitations. As a result, a portion of the coal
feedstock must be burned to supply heat so that the reactions can
be carried out at elevated temperatures and pressure where the
rates of conversion are rapid. In practical systems, this addi-
tional heat can only be partially recovered. Consequently, prac-
tical conversion processes have actual heat recovery efficiencies
of about 60-70% for production of high H/C ratio products. Pro-
duction of secondary fuels having somewhat lower H/C ratio, i.e.
about 2.0, permits attainment of heat recovery efficiencies of 70
to 80%.

Although conversion processes result in the loss of a signifi-
cant part of the chemical heat energy of the original coal, sec-
ondary fuels are produced which are clean and are more convenient
to handle. The favorable characteristics of these clean second-
ary fuels justify in many cases the cost of plant and energy
required for conversion.

RECEIVED February 14, 1980.
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Thermodynamic Data for Synthesis Gas and
Related Systems

Prediction, Development, Evaluation, and Correlation

GRANT M. WILSON
Wilco Research Company, 488 South 500 West, Provo, UT 84601

The problems associated with new synthesis gas processes are
far greater than problems associated with gas processing plants
or refineries because of water, salt, sludge, ammonia, and cre-
sols present in the process streams. These problems need to be
resolved rapidly if we are to meet our energy needs of the next
decade. For this reason we cannot wait for data on one plant to
be used in designing another one as has been done in refinery
development. Therefore we must use available basic data, pilot
plant data, and our capabilities involving mathematical tools and
computers to develop reliable processes without having to Tearn
from the failures of prior processes. When basic mathematical
models predict pilot plant results, then one has considerable
faith in using the model to predict full-scale plant operation.
The advantages of the mathematical models are that the effects of
varying stream rates, temperatures, and pressures can be predicted
with considerable reliability by simply establishing that existing
pilot plant data agree with the models. This means that when dif-
ferences between pilot plant data and the models exist that they
have to be reconciled. In general, the cost of developing the
necessary basic data and models is considerably less than the cost
of operation of pilot plants or the cost associated with ineffi-
ciency of operation of full-scale plants. Unfortunately the de-
-velopment of basic data and mathematical models takes time, so
full scale plants have to be built in situations where the neces-
sary basic data are not adequate. When this occurs, enough inef-
ficient over-design has to be built into the process to compensate
for uncertainties in the basic data. In these situations, the
process of development of new basic data should continue because
the results will be useful when operating problems occur in the
new plant or when designing additional plants. Thus our immediate
and long range needs are for basic data which can be used in
mathematical model developments. If this information is developed
rapidly, the overall cost to our economy will be considerably less
than if the data are developed slowly. Subsequent sections of
this paper discuss the magnitude of work that needs to be done,
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how this is to be accomplished, and identifies some of the areas
requiring development.

The Magnitude of Work to be Done

Existing processes for producing oil and gas products have
required the development of phase behavior and other thermodynamic
data on light hydrocarbons, heavy hydrocarbons, and the acid gases
C0, and HyS. For this reason a lot of basic data are available on
these sys%ems; but there is still a lot we don't know such as how
to characterize the behavior of hydrocarbon fractions containing
numerous paraffin, naphthene, and aromatic components. Additional
basic data on these systems would help to improve the efficiency
of these existing processes.

The picture becomes considerably more complicated when the
additional components of synthesis gas processes are added. The
various types of components involved are portrayed in Figure 1
where each type of component is indicated by a circle. The com-
ponents of existing oil and gas processes, shown on the right-hand
portion of the figure, primarily involve the 1ight hydrocarbons
C1, Css C3, C,, and Cs; the oil fractions: Cs+; and the acid gas
components: éomposed primarily of H,S and CO05.

The development of basic modeling data involves the develop-
ment of interaction data between components in each type and in-
teraction data between types. In the case of oil and gas compo-
nents these involve interactions between three different types of
compounds or three interactions between types of groups. The work
required to develop data on these systems has been very large and
has involved a time span of many years. But the work has been
necessary, and much could have been saved in plant costs and
operating efficiency if the data had been developed faster.

Three additional circles have been added at the left of Figure 1
to represent the additional components involved in the production
of synthesis gas. These involve the light gases: Hy and CO,
with Na, 05, and Ar as minor components; water and ammonia with
amines as minor components; and cresols and other organic compo-
nents. These three additional types of components produce a to-
tal of 15 combinations of interactions between the various types
of components or 12 additional interactions. Thus the additional
work to be done could be as much as four to five times the amount
already done on oil and gas components.

Some examples of new problems encountered in synthesis gas
production are the following.

1. Ammonia. Ammonia interferes with existing acid gas
removal processes because it can pass on through the
scrubbers and then solidify on cyrogenic surfaces or
it can go with the acid gases and poison the sulfur
conversion catalysts. If ammonia is absorbed into
an aqueous stream, then this aqueous stream must be
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further processed to remove the ammonia in order to
avoid its release as an aqueous waste-stream pollutant.
2. Cresol-Type Components. Large amounts of cresol-type
components are produced in synthesis gas processes.
These components concentrate in aqueous streams and
represent a serious pollution threat because of their
toxicity. For this reason they must be recovered
from any aqueous waste stream before leaving a plant.
3. Water. Water is a major component in synthesis gas
processes as it is the main source of hydrogen. Thus
the phase behavior of water with H,, ¢0, 1ight hydro-
carbons, heavy hydrocarbons, etc. needs to be known
in order to design processes which will handle streams
containing significant amounts of water. Since water
is an extremely polar component this presents new
problems in predicting the thermodynamic properties
of mixtures. Existing equations of state are not
adequate so new methods to handle these mixtures
must be developed.

The solution of these problems will involve additional pro-
cessing which would not be encountered in existing oil and gas
processes; thus data for all three classes of components men-
tioned above are essential to the successful development of syn-
thesis gas and other coal conversion processes. Additional prob-
lems which are equally as serious may appear as these processes
are further developed, thus considerable thought must be given to
the orderly development of data relating to these new processes.

Methods of Data Development

The orderly development of basic data involves a research
cycle shown schematically in Figure 2. This cycle involves four
stages as follows.

1. Plan new measurements; predict or guess order of
magnitude of experimental result.

2. Make measurements

3. Evaluate data

4. Correlate data

This cycle will be most successful when each of the stages are
carefully carried out. Failure in any one stage can negate the
results of subsequent stages, thus causing errors and ineffi-
ciency. The final product, useful for process design, are the
correlations produced as a reult of the research cycle. The

rapid development of these correlations thus requires that atten-
tion be given to each of the stages of the research cycle. In
some situations it has appeared that much work has been spent on
only one or two stages without much attention to the other stages.
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For example, much effort can be spent correlating existing data
when in reality more basic data measurements are needed. This
lack of emphasis on certain stages produces inefficiency in the
research process which impedes the development of improved corre-
lations; thus attention must be given to each stage.

The first stage of the research cycle is the planning and
predicting stage. Planned measurements must be coordinated with
industry needs so that correlations can be produced in areas of
need. After the measurements are planned, and the better one can
predict resultss the more successful the measurements will be.
This occurs because predicted data help to identify possible
areas of measurement problems. For example, a different analyti-
cal procedure might be used to determine the concentration of a
trace component than for a major component. Predicted data help
to identify when this will occur. Generally speaking, the more
that is known--the more successful will be the experiment. Infor-
mation useful in predicting data can be found in existing physical
property compilations, data books, equations of state, group con-
tribution methods, correlations, etc. In many cases, interactions
between the components have to be "guessed" in order to make a
prediction; but this is better than no estimate at all.

The second stage of the research cycle is the measurement
stage. This is probably the most difficult stage because a suc-
cessful experiment involves the simultaneous operation of many
different types of measurement and control equipment. The fail-
ure of just one part negates the results of the entire experiment.
The probability of this happening is quite high because a mal-
function in the apparatus can re-occur or new malfunctions can
appear. In some cases, these malfunctions can go undetected
until an examination of the results shows that they are entirely
inconsistent with predicted data.

The third stage of the research cycle is the evaluation
stage. It is important that this stage be done by the same
group doing the measurements so that any differences between mea-
sured and predicted data can be reconciled. Too often data are
measured and reported without being evaluated. When this occurs,
the effort of an entire research cycle can be lost. But when im-
mediate evaluation is made, it is easy to go back and modify the
experiment in order to confirm or remedy the data; thus signifi-
cantly improving the efficiency of the research cycle.

The fourth and most useful stage of the research cycle is
the correlation stage because this is where results appear that
can be used in process design calculations. Because of their im-
mediate utility, there is a tendency on the part of individual
companies to over-emphasize the correlation stage without enough
emphasis on the other stages of the research cycle. Thus data
tend to be over correlated with the same basic problems in all of
the correlations due to lTack of input data. Nevertheless, corre-
lations are a necessary and important stage of the research
cycle.
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When possible, new data should be integrated into existing
correlations; thus making it possible to immediately use the re-
sults in process calculations. New correlation methods present
problems even though they may be more accurate because the new
correlation must be added to the design calculation procedure be-
fore it can be used. This usually causes a time lag which often
prevents the new correlation from being used for long time
periods. Thus new methods should only be used when old methods
simply are not suitable. When this occurs, it is helpful to try
to anticipate the needs of industry so that useful correlation
methods capable of a wide range of problems can be adopted.

Mixtures with Polar Components

Rather than attempt to discuss all areas where data are
needed, only the problem of predicting the thermodynamic proper-
ties of mixtures containing polar components will be discussed
here. Existing methods based on equations of state appear to be
adequate for engineering purposes when only non-polar and
slightly polar components are present. Various versions of the
Red1lich-Kwong equation, BWR equation, and variations of these
equations such as the Peng-Robinson equation of state are now in
use. These equations of state have proved to be very useful for
predicting phase behavior and thermodynamic data on hydrocarbon
systems. Unfortunately these equations of state appear incapable
of correlating the behavior of water-hydrocarbon systems without
using separate interaction coefficients for the aqueous and hydro-
carbon phases. The use of separate interaction coefficients re-
presents an immediate solution to the problem for current process
calculations when only water is present, but it does not repre-
sent a long-range solution to handle situations where significant
concentrations of water-soluble components are also present in-
cluding regions near the upper consolute temperature of water-
hydrocarbon systems. When this occurs, the same interaction
coefficients must apply over the entire composition range.

The basic features of equations of state are not complicated
when they are expressed as PV/RT versus density. Figure 3 is a
sample plot for methanol. These curves are characteristic of all
fluids, and equations of state only differ in their ability to
accurately predict these curves. The actual curves are relatively
simple and they change only slightly from one material to another;
for this reason, simple equations of state such as the Redlich-
Kwong equation have been about as successful as the BWR equation.
The simplicity of the actual curves is often hidden because the
data are not usually plotted as PV/RT versus density. More often
the data are plotted as PV/RT versus pressure shown in Figure 4,
or pressure versus volume shown in Figure 5. Both of these plots
obscure the real simplicity shown in Figure 3.

The real problem with equations of state is in the accurate
prediction of mixture behavior. This is somewhat analogous to
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the problem of predicting activity coefficients of non-ideal
mixtures. If this problem were solved, the rest would be rela-
tively easy.

To illustrate the problem with mixtures, the Redlich-Kwong
equation has been used to correlate literature data on three
types of mixtures as follows.

Type of Mixtures Components
Nonpolar-Nonpolar benzene/n-heptane
Polar-Polar ethanol/water
Nonpolar-Polar n-hexane/methanol

In each case pure component parameters were chosen to fit the
pure component vapor pressure and liquid density, and a binary
interaction parameter was chosen to fit the total pressure curve
at the 50:50 mole percent composition in the liquid phase. If
the equation of state is adequate for representing these mix-
tures, then this should be sufficient information for predicting
data at other compositions. The results are given in Figures 6
to 8. Figure 6 shows that data on nonpolar-nonpolar benzene/n-
heptane are fairly well represented by the Redlich-Kwong equa-
tion. This isn't surprising because the Redlich-Kwong equation
is widely used for mixtures of this type. Figure 7 shows that
data on polar-polar ethanol-water are predicted with some degree
of accuracy. This result is a bit surprising and suggests that
the equation may be suitable for correlating mixture data when
the components only differ slightly in polarity; regardless of
whether the components are polar or nonpolar. Figure 8 shows
that data on nonpolar-polar n-hexane/methanol are not predicted
very well at all. Thus the most serious problems occur with
mixtures of nonpolar and polar components. One generality can

be drawn from examining Figures 7 and 8; namely that the activity
coefficient of the polar component at low concentrations is
higher than predicted and the activity coefficient of the nonpo-
lar component is lower than predicted. One can show by examin-
ing other mixtures that this trend consistently occurs; thus this
gives a clue that adequate equations can be developed which will
compensate for the systematic prediction error of the Redlich-
Kwong equation. This systematic nature of the main error tends
to indicate that only minor changes in the Redlich-Kwong equation
might be necessary to yield accurate predictions for these sys-
tems. In addition, it may be possible to develop other rela-
tively simple equations of state which will predict this beha-
vior. This discussion shows that there are tests which can be
applied in order to determine the adequacy or inadequacy of
equations of state when components of differing polarity are pre-
sent in a mixture. However no attempt is made here to suggest
what changes may be necessary in order to adequately modify the
equations of state or to develop new equations of state.
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Figure 7. Redlich—-Kwong correlation of polar—polar ethanol-water mixture at
150°C (data of F. Barr-David and B. F. Dodge, J. Chem. Eng. Data, 4, 107 (1959))
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Figure 8. Redlich—-Kwong correlation of nonpolar—polar n-hexane-methanol mix-
ture at 45°C (data of J. B. Ferguson, Z. Phys. Chem., 36, 1123 (1932))
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One area not discussed so far is the problem of thermodyna-
mic properties of mixtures containing both electrolyte and non-
electrolyte components. It is the belief of the author that this
problem will not be completely resolved until equations of state
are developed to handle these systems. We will only make pro-
gress in this direction when we recognize this as a problem and
work toward solving the problem. Anything short of this also
falls short in solving the ultimate problems of these mixtures.

Summary

This discussion can probably be best summarized by saying
that the magnitude of work necessary for the development of
thermodynamic data on synthesis gas processes is very large be-
cause six different types of compounds are involved rather than
three types involved in oil and gas processes. These additional
types introduce twelve new interactions between the various types
of compounds compared with three for oil and gas systems. Thus
the amount of work could be as much as five times as much as work
already done on oil and gas systems.

In order to develop the necessary data rapidly it will be
necessary for all research groups to cooperate.

Abstract

The problems associated with new synthesis gas processes
are far greater than problems associated with gas processing
plants or refineries because of water, salt, sludge, ammonia, and
cresols present in the process streams. This paper attempts to
identify the magnitude of the problems and methods for solving
these problems. The problem of predicting the thermodynamic
properties of nonpolar-polar mixtures by means of equations of
state is also identified as an area needing study.

REeceivep February 26, 1980.
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The Gas Processors Association Research on
Substitute Gas Thermodynamics

M. A. ALBRIGHT—Phillips Petroleum Company, Trailer #2, Bartlesville, OK 74004
D. A. FORBES—Continental Oil Company, P.O. Box 1267, Ponca City, OK 74601

L. D. WIENER—Mobil Research and Development Corporation, Box 900,
Dallas, TX 75221

Since 1974, The Gas Processors Association (GPA) has been
sponsoring research on substitute gas thermodynamics and other
water containing systems. GPA is an unincorporated trade associa-
tion with 156 corporate members. A1l of the members either pro-
cess natural gas or are studying and/or producing substitute gas
or both. GPA's thermodynamics research budget averages about
$250,000 per year. About one third of that is presently directed
towards systems involving water. Research areas involving water
include substitute gas, sour water stripping, sour gas treating,
and gas-solid hydrate equilibria.

Processes Involved

A. In the substitute gas area, there are three processing
steps involving water. They are the reaction step, the quench
step, and the water treating step. The system involved and the
data needed for process design in each step are:

1. Reaction Step

Temperature: 640-1925 K (700-3000 F)

Pressure: 100-17,250 kPa {1-170 Atm)

Needed Properties: Enthalpies, P-V-T relationships,
free energies of formation

Compounds of Concern: H20, Hpz, CO, CO2, CHg, N2

2. Quench Step

Temperature: 310-640 K (100-700 F)

Pressure: 100-17,250 kPa (1-170 Atm)

Needed Properties: Enthalpies, P-V-T relationships,
L-L-V phase equilibria (water-
hydrocarbon-gas), and dew points

Compounds of Concern: H20, Hz, CO, CO2, N2, CHg,

HoS, trace (NH3, HCN, COS, CS2,
phenols, aromatics, fatty acids,
tars, oxides of nitrogen and
sulfur)

0-8412-0569-8/80/47-133-317%$05.00/0
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3. Water Treating Step

Temperature: 280-590 K (60-600 F)

Pressure: 100-7,100 kPa (1-70 Atm)

Needed Properties: Solubilities, L-V phase equilibria,

enthalpies, heats of adsorption

Compounds of Concern: H20, NH3, CO2, CO, aromatics,
phenol, fatty acids, H2S, COS,
€S2, HCN, oxides of nitrogen
and sulfur

B. Sour gas treating involves the removal of the acid gas
components CO2 and H2S from natural gas. Most ways of doing this
involve water solutions. Treating is normally at near ambient tem-
peratures and at pressures to 7100 kPa (70 Atm). The treating of
high acid gas content natural gas is becoming more important as
the value of natural gas increases.

C. Sour water treating is found in natural gas processing,
refining, and the substitute fuel processes. Cmmpounds present
normally include a few to all those listed in A. 3. above. In
addition, the water pH is normally controlled with caustic soda
or other salt. In the past, processing has been near ambient
temperatures and pressures. Future operations may, however, be at
elevated temperatures and pressures.

D. Gas-solid hydrate may occur in high pressure gas pipe-
lines and processing facilities. They occur at temperatures below
285 K (55 F) and phase boundary pressures near 4100 kPa (40 Atm).

GPA Projects Involving Water

GPA research is proposed, financed, and conducted on an in-
dividual project basis. The GPA research strategy is normally to
measure only sufficient data to allow parameter determination in
models. GPA seldom attempts definitive system studies. GPA re-
search is directed by an Enthalpy Steering Committee and a Phase
Equilibrium Committee. Dr, L. D. Wiener chairs the Enthalpy Com-
mittee. Dr. K, H. Kilgren chairs the Equilibrium Committee. Both
committees are divisions of Technical Section F chaired by M. A.
Albright.

Completed and current GPA research areas include:

A. Enthalpy Projects
Project 742

“Calorimetric Determination of Enthalpies of Binary and
Multicomponent Mixtures of Components Encountered in SNG
Processes”
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1. Systems: H2-CHa; H2-CO (1)
Temperature: 283-477 K (50-400 F)
Pressure: 100-17,300 kPa (1-170 Atm)
Investigator: J. M, Berryman (P-V-T, Inc.)

2. System: NH3, H20, H2S, CO2
Temperature: 283-477 K (50-400 F)
Pressure: 100-17,300 kPa (1-170 Atm)
Investigator: John Cunningham (BYU)

Project 772

"Experimental Determination of Enthalpy Departures of
Well Defined Simulated Natural Gas/Water Mixtures.” In
addition, densities and dew points are being measured.

1. Systems: Natural gas - 1.5, 5, and 10% water
Sour Natural gas - 1.5, 5, and 10% water.
Gas phase measurements only
Temperatures: 283-477 K (50-400 F)
Pressures: 100-34,500 kPa (1-340 Atm)
Investigator: Toby Eubank (Texas A&M)

Project 773

"Calorimetric Enthalpy Data for Binary Syngas Mixtures"

1. Systems: CHg, CO, Hy, COp, Ny binaries with H,0
Temperature: 310-1090 K %100—1500 F)
Pressure: 100-20,700 kPa (1-205 Atm)
Investigator: John Cunningham (BYU)

Project 791

"Extension of the Peturbed Hard Chain Correlation (Statis-
tical Mechanical Theory of Fluids)" (2, 5). Extend the
PHC program under development to include additional com-
pounds including water. This work is an attempt to com-
bine good correlations for phase equilibrium, enthalpy,
entropy, and density into a single model.

B. Phase Equilibria
Project 758
"Phase Equilibria and Modeling for Gaseous Components
With Water"

1. Bibliography and Data Compilation (4)
Investigator: John Erbar (Oklahoma State)
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2. System: Hp-Hy0 (3)
Temperature: 365 590 K (200-600 F)
Pressure: 1378-11,035 kPa (13.6-108.9 Atm)
Investigator: Will Devaney (P-V-T, Inc.)

3. System: NH3-C02-H2S-H20 with and without salts (6)
Temperature: 298-393 K (77-248 F)
Pressure: Saturation
Investigator: Grant Wilson (Wilco Co.)

4. Systems: CO-Ho0; N2-Hp0; HpS-H20
Includes phase densities
HWork 1in Progress
Investigator: Dick Hall (Texas A&M)

5. System: CHg-C0,-H2S-Ho0
Work in Progress
Investigator: Don Robinson (Alberta)

6. System: Hp-CO-H)0
Work in Progress
Investigator: Grant Wilson (Wilco Co.)

Project 775

"Allowable Water Content of Low Temperature Gas Streams
and NGL"

1. Systems: Natural gas and its constituents with water
hydrate
Temperature: Below 273 K (32 F)
Pressures: Phase Boundaries (psuedo)
Investigator: Riki Kobayashi (Rice)

When all of the above multi-year projects are completed, the
estimated cost is $752,000.

Future Plans

Planned experimental work involving water systems include phase
equilibria on sour water streams at higher temperatures and pres-
sures. This work will be applicable to gas-water separations in
natural gas, substitute gas, and refinery processes.

Also planned are enthalpy measurements on selected multicom-
ponent systems which will include water in some cases.

Other Work

In addition to the projects involving water mentioned above,
GPA has several projects involving phase equilibria and enthalpies
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of the other substitute gas constituents with the natural gas com-
ponents.

The API Subcommittee for Technical Data is sponsoring phase
equilibria work by Grant Wilson (Wilco Co.) on water non-hydrocarbon/
hydrocarbon systems. The first system will be n-octane, ethylben-
zene, and ethylcyclohexane as binaries with water and as ternaries
with hydrogen sulfide as the third component.

ABSTRACT

Since 1974, The Gas Processors Association (GPA) has been
sponsoring research on substitute gas thermodynamics. Enthalpy
and vapor-liquid-equilibrium data required for the process design
of all types of substitute gas are being measured. Known proper-
ties must be extended to much higher pressures and temperatures
than previously found in commercial processes. Technically, the
problem has been the addition of new compounds to the natural gas
compounds whose pure and mixture properties are well known. These
new compounds include water, hydrogen, carbon monoxide, polycyclic
aromatics, undefined heavy mixtures, and trace compounds. Among
the trace compounds are ammonia, hydrogen cyanide, the gaseous
oxides of sulfur and nitrogen, hydrogen sulfide, and many others.
The GPA program is carefully integrated with other programs (Amer-
jcan Petroleum Institute, Electric Power Research Institute, etc.)
to avoid duplication of effort,
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Overview
Gas Supply Research Program at the Gas Research Institute

A. FLOWERS and J. C. SHARER
American Gas Association, 1515 Wilson Blvd., Arlington, VA 22209

The paper deals briefly with the Gas Research Institute and
its research in alternative sources of gas. As a not-for-profit
organization, the Gas Research Institute plans, finances, and
manages applied and basic research and technological development
programs associated with gaseous fuels. These programs are in
the general areas of production, transportation, storage, utili-
zation and conservation of natural and manufactured gases and
related products. Research results, whether experimental or
analytical, are evaluated and publicly disseminated.

Since the proved reserves of conventional natural gas have
declined in recent years, the need for new supply options was
of primary importance in the 1979 research program. Forty-four
projects are being undertaken this year to further the develop-
ment of four new sources of gas supply. They are:

o Unconventional Natural Gas

o Substitute Natural Gas from Fossil Fuels
o Substitute Natural Gas from Biomass

o Nonfossil Hydrogen

GRI'S HISTORY

Until the organization of the Gas Research Institute,
almost all cooperative research in the gas industry was carried
out under the auspices of the American Gas Association (A.G.A.),
the trade association of a wide cross secttion of the regulated
gas distribution and transmission companies.

With the 1973-74 o0il embargo, the gas industry realized
that a major national effort would be needed to assure adequate,
secure, and environmentally acceptable supplies of all forms of
energy.

The concept of GRI was based on the recommendation of an
ad hoc committee of the Boards of A.G.A. and the Interstate
Natural Gas Association of America (INGAA), the trade associa-
tion of the interstate pipeline companies. GRI was incorporated
in Illinois as a not-for-profit scientific research corporation

0-8412-0569-8/80/47-133-323$05.00/0
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on July 8, 1976, following the approval of these recommendations
by the A.G.A., and INGAA Boards. At the beginning of 1977, GRI
began recruiting charter members. Charter membership dues and
contributions by A.G.A. and INGAA provided initial funds, and
committees composed of gas industry executives and consultants
from outside the gas industry assisted in organizing GRI.

GRI's progress was given great impetus when the former
Federal Power Commission (FPC) proposed a rule change that would
allow advance approval of R&D programs developed under a set of
carefully drawn guidelines by organizations which derive finan-
cial support from companies under FPC jurisdiction. The proposed
regulations were adopted by the FPC in June 1977, and GRI has
since been operating under them, as promulgated by FPC's
successor, the Federal Energy Regulatory Commission (FERC).

To provide an objective basis for its program, GRI estab-
lished an effective planning methodology which integrates cost-
benefit and state-of-the-art studies of relevant technologies
with the expert judgment of four advisory bodies appointed by and
reporting to the Board of Directors. Members of these advisory
bodies participate directly in the planning process, and are
especially sensitive to the broad national interest. The culmin-
ation of the planning process is the five-year plan and annual
program that is submitted yearly to the FERC for approval. Most
simply stated, GRI's program is designed to identify and pursue
those scientific and technological opportunities that best meet
the needs of the gas consumers served by the nation's regulated
pipeline and distribution companies.

THE OVERALL GRI R&D PROGRAM

In 1978, GRI administered about 60 contracts comprising
most of the former research programs of the A.G.A. These were
the utility research program, funded at $9.7 million, and the
coal gasification program, funded in the past at an annual rate
of $10 million by the gas industry and $20 million by the DOE.
A.G.A. continued to raise funds from its members during all of
1978 for utility research and for the first half of 1978 for
coal gasification research. GRI raised or obtained commitments
from the former coal gasification subscribers to cover the
approximately $5 million gas industry share for the second half
of 1978.

With approval by the FERC of the 1978 R&D program, GRI began
to negotiate and let contracts for a supplemental program,
largely in the areas of unconventional natural gas supply and
gas conservation. Since the FERC funding mechanism did not
become effective until June 1l and cash flow from interstate sales
and transportation services did not start until late summer,

GRI received only approximately $6 million for the FERC approved
1978 R&D program and was not able to place contracts for all of
its intended program during the 1978 calendar year.
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In 1979, GRI will administer over approximately 150 con-
tracts, all of which are being funded by the FERC funding
mechanism. The total GRI R&D budget is about $36 million and can
be broken down by percentage among the 5 operating divisions as
shown in Table I.

TABLE I — PERCENTAGES OF GRI R&D BUDGET BY DIVISION

1979 1980
Gas Supply 56% 457
Efficient Utilization 277 327
Planning (Economic & Systems Analysis) 6% 6%
Environment and Safety 6% 9%
Basic Research 5% 8%

100% 1007

GRI sumbitted its 1980 Program to FERC on June 4, 1979.
This plan is in the approval process at the time this paper was
written. The total R&D budget request was about $50 million and
can be broken down amongst the operating divisions as shown in
Table I.

THE GAS SUPPLY PROGRAM

The proven reserves of so called "conventional natural gas
have declined in recent years and the need for additional
supplies and new supply options have been identified as a high
priority requirement to benefit the gas consumers. Therefore,
the GRI Gas Supply Program has been established to identify,
evaluate, and develop new gas supplies that will guarantee
abundant quantities of gaseous fuels for gas consumers in the
future. To fulfill this objective the GRI Gas Supply Program
has been divided into the following subprograms:

o Unconventional Natural Gas
SNG from Coal
SNG from 0il Shale
SNG from Biomass
Hydrogen

These subprograms have been developed to provide for near,
mid~ and long-term gas options. It is essential that a well-
conceived, properly managed, gas supply program having a high
priority and a high funding level, be maintained such that
multiple gas options can be adequately investigated. Prioritiza-
tion to a "single gas supply option" at this time will not yield
a cost effective research program and will not be in the best
interest of the gas consumer.

Near term options include primarily the unconventional
natural gas resources (Western tight gas sands, Eastern Devonian
gas shales, geopressured aquifers, and methane from coal de-
posits). Mid-term options include coal gasification (peat

0O 0 0 O
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included), in-situ coal gasification and biomass. Long-term
options include hydrogen. In evaluating and prioritizing these
programs, options that do not make technical or economic sense
are eliminated. For example, SNG from 0il Shale will not
receive funding in 1980 because no real advantages have been
identified in oil shale gasification over coal. 1In a similar
manner, budget allocations have been determined by not only im-
pacts on gas supplies but also on the funding requirements for
developing these options in a cost effective manner.

To maximize the output from our program and to fulfull our
stated objectives in the most timely and cost effective manner,
it is essential to be informed with respect to the DOE and indus-
try programs, coordinate with these programs where possible, and
co-fund and co-manage projects that will satisfy the needs of the
GRI program. GRI has attempted to coordinate all subprograms
within the Gas Supply Division through discussion with appropriate
DOE personnel. GRI believes that our program planning with DOE
has produced a well conceived coordinated effort from both the
GRI and DOE standpoint.

1.1 UNCONVENTIONAL NATURAL GAS

Research to date has shown that a significant resource base
exists in what is commonly called Unconventional Natural Gas
Resources. These resources differ in geological formation and
geographical location and are typically categorized as follows:

o Western Tight Gas Sands

o Eastern Devonian Gas Shales
0 Methane from Coal Deposits
o Geopressured Aquifers

o Gas Hydrates.

Potential resource bases and the economic benefits of using
the resource are being determined for unconventional natural gas
sources. Numerous assessments have been performed by DOE, the
gas industry, and other groups. The ranges of resource estimates
from these assessments are summarized below.

UNCONVENTIONAL GAS RESOURCE ESTIMATES

RESOURCE ESTIMATED TOTAL RECOVERABLE

RESOURCE IN-PLACE RESOURCE

TCF* TCF*

Western Gas Sands 50 - 600 23 - 313
Eastern Gas Shales 75 - 700 10 - 504
Methane from Coal Deposits 72 - 860 15 - 487
Geopressured Methane 3,000 - 50,000 150 - 2,000
Gas Hydrates 450 - 30 X 106%% ?

* Trillion Cubic Feet
**Represents possible total world supply
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There is considerable disagreement oyer both the amount of
the resources in place and the economics of their recovery.
However, there is general agreement that;

o There are considerable quantities of gas to be recoyered
even at conservative estimates.
0 The differences in resource estimates and the uncertain-

ties in the economics of recovery show the need for R&D.

We have initiated projects in 1979 that are coordinated with
DOE. 1In 1979, GRI will complete the development of detailed
subprogram plans including specification of those tasks that will
be co-funded with DOE. Core samples, stimulation, and production
data will be collected from wells in western tight sand formations
and geopressured zones. Laboratory data on the effects of gas
fracturing on specific Devonian shale formations will be col~
lected. These data collection activities will better characterize
the geologic structure of gas-containing formations and will
define the extent to which new technology development is neces-—
sary. Specific technology developments initiated in 1979 include
testing of diagnostic techniques to determine stimulation effects,
determination of flow and corrosion properties of geopressured
brines, and evaluation of turbodrill hardware for use in coal
seams,

1.2 SNG FROM COAL

The production of synthetic natural gas (SNG) from coal is
considered one of the major alternatives for augmenting the
tightening supplies of natural gas in the United States. Coal
(bituminous, sub-bituminous, lignite and peat) represents 70% to
80% of the remaining fossil fuel reserves in the United States
and is, therefore, the most logical material for conversion to
SNG. Of course, it has long been possible to manufacture SNG
from coal by a proven commercial process (Lurgi), but significant
improvements are possible. This subprogram aims to develop
modern coal gasification processes with dramatic improvements in
either technical simplicity, higher efficiency, or lower cost.

The SNG from coal subprogram is broken down into three
project areas:

o] Gasification Processes
o Associated Technologies
o) In-Situ Gasification

A large pilot-plant research program was started in 1971 to
develop several coal gasification concepts which utilize modern
engineering techniques. This effort was funded by DOE (ERDA, OCR)
and GRI (A.G.A.) on a 2/3 to 1/3 basis, respectively. It in-
cluded several coal gasification processes that were ready for
pilot plant scale testing at that time. This joint program has
completed its eighth year of operations, and all the gasification
processes in the original Joint Program starting in 1971, except
two, have been terminated or successfully completed. The two
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remaining processes are BI-GAS and HYGAS. BI-GAS, because of
technical problems and lack of good economic potential, was
dropped at the end of 1978 from the Joint Program at the request
of GRI. HYGAS Steam/Oxygen has been the most successful of the
processes in the Joint Program. The HYGAS Pilot Plant will be
operated through 1980 to support a demonstration plant design
effort funded by DOE.

The continuing search for technical and economic improvements
in the coal gasification areas has provided incentives to develop
newer process concepts starting in 1979. The Joint Program for
1979 includes processes in the Process Development Unit (PDU)
stage of development which promise technical and/or economic
improvements. Gasification processes included in the 1979
program are:

a. HYGAS Steam/Oxygen

b. PEATGAS Process

c. Exxon Catalytic Process

d. Westinghouse Fluid Bed Process

e. Rockwell Hydrogasification Process

f. Bell Aerospace High Mass Flux Process

The HYGAS project was dropped from the Joint Program on
June 30, 1979. The remaining processes received several indepen-
dent critical evaluations during 1979. These evaluations pointed
out that the Rockwell process cannot claim distinct advantages
over earlier technology. Therefore, it will not be included in
our 1980 program.

In critical review of the SNG from Coal subprogram, it
became evident that research efforts directed to the operations
upstream and downstream of the gasifier must be substantially
increased to achieve optimization of the overall coal gasification
plant and to achieve maximum cost reductions.

The present state-of-the-art technology for the conversion
of raw gas exiting the gasifier into pipeline quality SNG is not
very satisfactory. Enormous volumes of gas are cooled, reheated,
cooled again, reheated again, and cooled for a third time. Steam
is added to the gas, and condensate is subtracted twice (earlier
and later). This series of operations is complex and costly.
This area offers lots of opportunity for spectacular process
improvement with the potential of high economic payoff.

Materials of construction are becoming more critical with
development of the newer processes and unit operations. There-
fore, an expanded materials research program is essential to the
successful development of a coal gasification industry.

Engineering evaluation has become extremely important to the
SNG from Coal subprogram because of the need to critically assess
the technical and/or economic impacts of the research projects
being funded. In order to select processes having a greater
potential for technical and/or economic advantages over other
processes at the earliest possible time and to maximize prioriti-
zation within the SNG from Coal subprogram, increased efforts in
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engineering evaluations was deemed essential.

In-situ coal gasification appears to have the potential of
producing SNG at a lower cost than above-the-ground processing.
For the first time, a process is being developed that has shown
some potential of being developed into a workable process.
Therefore, this process deserves further development to determine
if large-scale underground coal gasification is technically
feasible and to develop sufficient data for a good economic
evaluation.

The Lawrence Livermore Laboratory in-situ coal gasification
project has the objective of producing synthesis gas that can be
upgraded to SNG. An initial two-day oxygen burn during 1978
indicated that oxygen gasification appeared feasible. The work
plan for 1979 will develop additional data with a longer duration
oxygen burn in a shallow coal bed using directional drilling to
assure a positive connection between the injection and production
wells. If the 1979 effort is successful, the next step in this
development is to verify the 1979 results in a deep coal bed.

1.3 SNG FROM OIL SHALE

01l Shale is second to coal as the most abundant potential
source of raw material for supplemental gas supplies. The DOE
development program on oil shale is focused on the production
of liquids by thermal retorting, either by above-ground or
in-situ processing. GRI has been funding the development of a
hydrogasification process that can handle both Eastern and
Western shales to produce a range of gaseous or high-grade liquid
fuels depending on the operating conditions selected. The PDU
program is now nearing completion and the next step would be the
pilot plant testing where a substantial amount of funding is
required.

GRI considers SNG from 0il Shale to have lower priority then
coal since coal is far advanced in the development cycle. In
reviewing developments to date, no real advantages have been
determined in oil shale gasification over coal. Therefore, GRI
decided that SNG from 0il Shale will be held at the PDU level
until the coal program is fully developed or whenever the resump-
tion of development of the shale program is warranted.

1.4 SNG FROM BIOMASS

A very promising long-range solution to the problem of
fossil-fuel depletion is to convert a major source of continuously
renewable carbon to SNG. The greatest potential sources of this
carbon are water— and land-based biomass produced from ambient
carbon dioxide and solar energy by photosynthesis. Biomass is
defined as all growing organic matter (such as plants, trees,
algae, and organic wastes) and, it is perpetually renewable.

The production of SNG from low-cash-value, high-fuel-value biomass
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would offer a major, controllable, nonpolluting, storable resource

of fossil-fuel substitutes.
The SNG from Biomass subprogram is broken down into three
project areas:

o) Land-Based Biomass
o) Water-Based Biomass
o Wastes.

Land-based biomass has a potential of proyiding from 7 to 11
quads/year of SNG if all ayailable marginal land suitable for the
growing of crops could be utilized. Howeyer, the doubtful
availability of land and water for growing land-based biomass
specifically for SNG production gives this supply option a lower
priority than water-based biomass. The initial stage of the pro-
ject concentrates on identifying natural species that will pro-
duce a maximum quantity of gas.

The Marine Biomass Program has the overall objective of
developing an integrated system for the production of methane
gas from marine biomass on a commercial scale that will provide
a major contribution to the nation's gas supply. Giant brown
kelp grows naturally along the coast of California. It is
commercially harvested by two chemical companies for use as a
food additive and animal feed supplement. In the Marine Biomass
Program, sponsored by the Gas Research Institute, Department of
Energy, and New York State ERDA, the kelp will be grown and
cultivated in the open ocean on an artificial structure with
fertilizer being supplied by mechanically upwelled, nutrient-rich,
deep ocean water. The kelp is then mechanically harvested and
converted to methane by the anaerobic digestion process.

A test farm has been deployed about 5 miles off the coast of
California and has been in operation for about 9 months. Labora-
tory experiments are also underway involving kelp pretreatment,
post-treatment and conversion to methane utilizing both sewage
based and marine based inocula.

The upper limit of energy potentially capable of being
produced from a marine or ocean based biomass has not yet been
determined, but it is estimated that the potential contribution
to the long-term U.S. energy supply could be at least equal to
today's natural gas consumption or 20 quads per year.

Our enthusiasm for the program is based on the following
assessments:

1. A virtually unlimited potential exists for growing a

huge biomass resource in the ocean.

2. No scientific breakthroughs are required to commercial-

ize this concept.

3. Preliminary studies indicate gas costs could be competi-

tive with other SNG sources.

4. The biomass is a renewable resource with no apparent

negative environmental impacts.

Another source of non-fossil carbon that can be used to pro~
duce SNG is organic wastes. The growing environmental and
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pollution problems caused by the generation of organic wastes in
the United States provide an opportunity to combine waste recovery
with the production of SNG. Considering the amount of organic
solids economically available for conversion, a potential of about
1 to 1.5 quads of SNG per year could be produced. Industry and
government have been funding R&D efforts in this area for several
years. GRI has given this supply option a low priority.

1.5 HYDROGEN

Hydrogen is of interest as a means to deliver gaseous fuel
from non-fossil primary energy resources such as nuclear reactors,
or high temperature solar collectors. It is believed that hydro-
gen may phase into the energy market at such a time when fossil-
based fuels either become too expensive or environmentally
unsatisfactory. Hydrogen and biomass are the only two potentially
visible options at the present time for the gas industry if that
does take place.

Hydrogen is used today as a unique industrial chemical in
petroleum processing and in the synthesis of ammonia and methanol,
and other organic chemicals. The world wide production of
hydrogen has increased by three orders of magnitude in the last
four decades. At present, the amount of U.S. energy consumed to
produce industrial hydrogen is about 1.4 quads/year which is
more than 1% of the total national energy use and is expected to
increase to about 5 quads/year by the year 2000. Most of this
hydrogen is produced by steam reforming natural gas or light oils.

Hydrogen can be considered an insurance policy for the gas
industry. The time frame for which hydrogen becomes economically
viable, is, at this stage, unknown. Long range research programs,
at low funding levels can identify the viability of hydrogen
producing schemes. At this stage of research, GRI is only inter-
ested in the production of hydrogen. The uncertainty of the
economics of producing hydrogen from water is the key problem to
the implementation of utilizing hydrogen as a gaseous fuel.

Other areas such as transportation, storage, distribution and
utilization are not being investigated by GRI. Research in
these areas should be delayed until large-scale, economical,
production techniques appear feasible.

The Hydrogen subprogram has been d#vided in two project
areas:

o Thermochemical Hydrogen

o Electrolytic Hydrogen

Thermochemical Hydrogen is concerned with the production of
hydrogen as a gaseous fuel through a closed loop thermochemical
process for water-splitting. There are two ongoing projects in
this area.

The second project area involves the optimization of water
electrolysis technology.

RECEIVED January 31, 1980.
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Application of the PFGC-MES Equation of State
to Synthetic and Natural Gas Systems

M. MOSHFEGHIAN, A. SHARIAT, and J. H. ERBAR
School of Chemical Engineering, Oklahoma State University, Stillwater, OK 74078

The need for methods of accurately describing the thermo-
dynamic behavior of natural and synthetic gas systems has been
well established. Of the numerous equations of state available,
three--the Soave-Redlich-Kwong (SRK) (19), the Peng-Robinson
(PR) (18) and the Starling version of the Benedict-Webb-Rubin
(BWRS) (13, 20)--have satisfied this need for many hydrocarbon
systems. These equations can be readily extended to describe
the behavior of synthetic gas systems. At least two of the
equations (SRK and PR) have been further extended to describe
the thermodynamic properties of water-light hydrocarbon systems.

All of these equations suffer from at least one common de-
ficiency--they require that the critical properties of all com-
ponents in the system be defined. This requirement extends to
any undefined component (Cg+, crude oil, heavy tar fractions,
etc.) which may be present in the system. Prediction of the
critical properties of these compounds is at best an art.
Changing the critical temperature of an undefined fraction pre-
sent in quantities less than one mol percent by 10°C can change
the predicted dew point of a natural gas system by 35 bar.
Would anyone pretend that our current (or future methods) of
estimating the critical properties of an undefined component are
accurate to 10°C?

Since most synthetic and natural gas systems will contain
some amount (however small) of heavy undefined components, we
have been searching for improved methods of predicting critical
properties and an equation of state which does not use critical
constants (or quasi critical constants) to determine the param-
eters for the equation. Development of improved critical prop-
erty prediction methods appears to be a waste of time. Wilson
and Cunningham (6) have presented an equation--the Parameters
From Group Contributions (PFGC) equation of state which satis-
fies our needs. As the name implies, the parameters in this
equation of state are estimated by group contribution rather

0-8412-0569-8/80/47-133-333$06.75/0
© 1980 American Chemical Society
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than relying on the critical properties. This ability offers a
real advantage when dealing with undefined compounds. The
groups (fragments) in these compounds can be determined by ad-
vanced analytical methods such as C!3NMR spectroscopy. Reduced
reliance on the less refined but standard analytical procedures,
i.e., specific gravity, average boiling point, UOPK, etc., will
surely result in improved predictions of the thermodynamic prop-
erties of synthetic and natural gas systems.

Our recent research efforts have been directed to develop-
ing an improved and extended set of parameters for the various
groups used in the PFGC equation of state (16). We have dubbed
our version of this equation the PFGC-MES. A thorough evalua-
tion of the ability of this equation to predict the thermodynam-
ic properties of hydrocarbon systems has been a part of this
development process. A companion project has been the extension
of the equation to describe the behavior of hydrocarbon-water-
alcohol-nonhydrocarbon systems. This paper gives some of the
results of our work on hydrocarbon-water-methanol systems. We
also report some of our work on extending the SRK equation of
state to hydrocarbon water systems.

Theory

The basic equations used to predict the thermodynamic prop-
erties of systems for the SRK and PFGC-MES are given in Tables
I and II, respectively. As can be seen, the PFGC-MES equation
of state relies only on group contributions--critical properties,
etc., are not required. Conversely, the SRK, as all Redlich-
Kwong based equations of states, relies on using the critical
properties to estimate the parameters required for solution.

Wilson and Cunningham developed the PFGC equation of state
on the basis of the following definition of the Helmholtz free
energy

A PFGC=_1£}}{ A W

T RT ' RT

Using the modified hole theory and the appropriate mathematical
manipulations, the set of equations shown in Table II resulted.
Application of either equation of state to the prediction
of the thermodynamic properties of hydrocarbon systems is
straightforward once the appropriate parameters are available.
The ability of the SRK to describe the phase behavior of light
hydrocarbons is well known. Moshfeghian, et al. (16) have
reported that the PFGC-MES equation of state gives similar
results for these systems except in the critical region.

While not immediately apparent, the PFGC-MES equation of
state for the compressibility factor, z, cubic in behavior.
Because of the complexity of the formulation an iterative solu-
tion procedure is used to determine the appropriate root for the
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TABLE I
SOAVE REDLICH KWONG EQUATIONS
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PFGC EQUATIONS
g
Pv _ S b-b3 YnTnk
Bz (8 onfg)$ (2 )

V'b"b%‘i’n"'nk
Li-s (" )n(l v) —&[%ln(l—£>+l}

<in(EL). L)[i[ mabyin (X b+0% va tin ]

bH V Tyk

+b |: ‘b M mmbnrkn >]
v-b+ bz “’n Tkn

(]

9 dn
_an
AH ) 8 2 %% dT)
bl vl g P
H k V b*bZ‘I/nTkn
b=§IX‘lb‘| b;=§£mikbk S =§iXiS; s;=}:jm;ksk
Ty = € Ekn’T Ekn = Kin [Ex+En] 720

.- €0 22 ep el |

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



17. MOSHFEGHIAN ET AL. PFGC-MES Equation of State 337

equation of state. Once the proper root (liquid or vapor) has
been determined, solution of the remaining equations for chemi-
cal potential and isothermal effect of pressure on enthalpy is
straight forward.

The parameters b, s, and t appearing in the equations are
group dependent parameters. Standard linear mixing rules are
used to calculate the b and s terms. The t term is also a func-
tion of temperature; a group interaction parameter is used to
account for non-ideal group interactions. Parameters for the
various groups are not reported here since these parameters are
not yet finalized. Checking and adjustment of the parameters is
being continued to assure that the best possible results are
achieved over the broadest possible temperature-pressure-compo-
sition ranges. Values of the group parameters will be published
when the final '"polishing' of the parameters is completed.

The mixing rules of both equations of state had to be modi-
fied to predict the phase behavior of water hydrocarbon systems.
This modification consisted mainly of defining different binary
interaction parameters for the various phases present--i.e., one
interaction parameter per binary pair for the vapor phase and
hydrocarbon rich liquid; another binary interaction parameter
was defined for the water rich liquid phase. In addition, water
phase binary interaction parameter usually had to be temperature
dependent to achieve good agreement between predicted and exper-
imental hydrocarbon solubilities in the water rich phase. The
temperature dependence of the water phase binary interaction
parameter k$,, appears to be nearly linear with temperature for
most systems. A typical set of SRK based k%;'s of the methane-
water system are shown in Figure 1. This kind of temperature
dependence was observed for all binary pairs when using the SRK
equation of state. ghe PEGC-MES equation of state required tem-
perature dgpendent k{i's for only a few groups (molecules). The
PFGC-MES kjj's were aiso linear in temperature.

For ternary and higher order mixtures, we have usually as-
sumed that the interaction parameters for the non-water binary
pairs in the water rich phase are identical to the vapor (hydro-
carbon rich liquid phase) interaction parameters. Some work has
been done on changing all water phase interaction parameters; we
concluded that predicted results were not improved enough to
warrant the expenditure of time required to develop the addi-
tional parameters. A third interaction parameter for the hydro-
carbon rich liquid could also be determined. Again, our work
indicated that little improvement resulted from using this third
parameter. Additional work is being done on both points.

The experimental data for water hydrocarbon systems are
relatively limited. Consequently, a generalized correlation was
dgveloped to estimate the equation for the temperature dependent
kij term for those compounds for which no data are available.
This generalized correlation was developed only for the JRK
equation of state. The variation in the slopes of the kij
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Figure 1. Effect of temperature on methane k%;
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equation for the various homologous hydrocarbon series and se-
lected specific properties are considered. The quality of this
correlation is unknown--no data are available to evaluate it.

Note that a similar correlation did not have to be devel-
oped for the PFGC-MES equation of state. Adequate data were
available to develop (or estimate) group parameters for all the
molecules considered in this work. The predicted water solubil-
ities of the higher molecular weight components appear to be
reasonable, but no data are available to check the quality of
the predictions.

A similar strategy was used to develop the PFGC-MES equa-
tion of state parameters for describing the behavior of methanol
hydrocarbon acid gas water systems. Multiple phase binary in-
teraction parameters were used as required. Again, these second
phase binary interaction parameters were usually not temperature
dependent.

Model Validation

The parameters for both equations of state were developed
using the available binary water data. The quality of agreement
between predicted and experimental results should be good to ex-
cellent for these systems. Results for the methane-water system
are shown in Figure 2; these results are typical of the results
for the hydrocarbon systems. For pressures up to 350 bars both
the SRK and PFGC-MES give excellent predictions of the concen-
trations of the various phases including the water rich and
hydrocarbon rich liquid phase. 1In fact, the predictions from
both equations of state are coincident for all temperatures
except 38 and 71°C. At pressures above 350 bars, the SRK con-
tinues to perform well, while the quality of PFGC-MES predic-
tions are not very good. Similar results were noted for all
systems except the CO,-water and H,S-water systems. At temper-
atures below about 100°C and pressures greater than 70 bars sig-
nificant errors in the predicted values were observed for these
systems. At other conditions, excluding this region, agreement
commensurate with the hydrocarbon results was found.

After the available binary data had been used to determine
the various parameters, the available multicomponent (ternary
and higher order systems) were used to validate both equations
of state. Some of the results of the validation are given in
Tables III through V and Figure 3. The hydrocarbon compositions
are summarized in Table IV. Again, the available data are
skimpy and some are of doubtful quality. As a general rule,
both equations of state give excellent agreement with the exper-
imental values up to 350 bars. Above this pressure limit, the
SRK is superior to the PFGC-MES equation.

Validation of the PFGC-MES on methanol-water-hydrocarbon-
acid gas systems was practically impossible. Many investigators
have reported data for the Cs - Cg paraffin aromatic naphthenic
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TABLE IV

EXPERIMENTAL MULTICOMPONENT
MIXTURE COMPOSITIONS
(From Reference 2)

System

1 2 3 4

N, - .0100 .148 -
C, .8851 .9436 .7379 .8690
CO, - .0060 .003 .0210
C, .0602 .0264 .066 .0740
Cs .0318 .0096 .039 .0220
iCy .0046 - .0035 .0051
nCy - .0044 .0048 .0043

iCs .0098 - - -
nCs .0085 - - .0025
nCq - - - .0018
nC; - - - .0013
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TABLE V

COMPARISON OF PREDICTED AND
EXPERIMENTAL WATER CONTENTS OF

MULTICOMPONENT SYSTEMS
(From Reference 2)

343

Absolute Avg Error

System Temperature Pressure in Predicted Water
No. Range, °C Range Bars Content of Vapor Phase
SRK PFGC-MES*
1 37.8/65,6 68.95/137.90 4.25 4.03
2 37.8 68.95/137.90 7.32 4.18
3 104.6 71.71/680.17 2.01 5.70
4 104.6 70.88/689.13 1.18 2.22

* pressure limited to 350 bars
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range hydrocarbon-methanol systems; the data available for light-
er hydrocarbons is sparse. The binary data for MeOH-other com-
ponent systems is generally well represented; some of these re-
sults have been reported earlier (16). The results for two
binary systems are reported here-- CH,0H-CO2 and CH40H-H,S (Figures
4 and 5). The predicted bubble pressures agree with the ex-
perimental values within about 5%. Unfortunately, only one set
of experimental vapor phase compositions was available (Katayama.
The absolute average error in the predicted vapor phase composi-
tion for carbon dioxide was less than 1%. Predicted and experi-
mental bubble point pressures for a four component system--
nitrogen, carbon dioxide, hydrogen sulfide and methanol--are
reported in Table VI. The average error in the predicted bubble
point pressures is about 5%. Though not shown, the absolute
average error in the nitrogen vapor phase concentration is about
8%. Similar evaluations have been made for hydrocarbon systems
when possible. Most of these evaluations are based on proprie-
tary data--results very similar to the values shown here have
been obtained.

Predictions of the vapor volume and enthalpy departure for
a water containing natural gases were compared with data being
generated by Hall and coworkers at Texas AGM under GPA sponsor-
ship (10). Both equations of state performed well; the average
error in the predicted volume was less than one percent (abs)
and the absolute average error in the predicted enthalpy depar-
ture was about four KJ/kg.

Based on our evaluations, we believe that the SRK equation
of state gives reasonable predictions of water hydrocarbon be-
havior at any pressure up to about 700 bars and over the temper-
ature range 0°C to 300°C. The upper pressure limit of the
PFGC-MES appears to be about 350 bars while the valid tempera-
ture range is about the same as the SRK.

Sample Problems

A sample calculation has been made to illustrate the prac-
tical application of the PFGC-MES equation of state.

The problem is a typical pipeline transporting a water
saturated natural gas. The pipeline conditions are such that
hydrates could form in the pipeline. Methanol will be used to
depress the hydrate formation temperature to an acceptable level
(a 15°C hydrate depression was used).

Three different approaches to this problem can be developed.
These are:

1. Conventional pipeline calculations in which 'dry"
hydrocarbon flashes are performed to determine the
hydrocarbon liquid formation; the liquid water con-
densed is estimated using one of the available natural
gas water content charts (1, 15), and the Hammerschmidt
equation (11) and a graphical correlation are used to
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TABLE VI

COMPARISON OF PREDICTED AND EXPERIMENTAL
BUBBLE POINT PRESSURE FOR THE NITROGEN-CARBON DIOXIDE,
HYDROGEN SULFIDE, METHANOL SYSTEM AT -15°C

{(From Reference 9)

Experimental
Bubble Point

Experimental Values

Liquid Phase Mol Fraction

Predicted Bubble
Point Pressure

Pressure, bars N, @0, H, S MeOH bars
9.49 .003  .069 .001 .927 10.28
9.88 .003  .067 .001 .929 10.17
20.16 .007  .083 .001 .909 20.31
28.27 .010  .070 .001 .919 26.71
35,06 .013  .065 .002 .920 33.95

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



17. MOSHFEGHIAN ET AL. PFGC-MES Equation of State 347

estimate the methanol requirements (4).

2. Perform "wet" hydrocarbon flashes to estimate the hydro-
carbon and water liquid formation and estimate the
methanol requirements using the above approach.

3. Perform '"wet'-methanol-hydrocarbon flashes to estimate
the liquid water plus methanol and hydrocarbon phases;
the methanol concentration is adjusted to satisfy the
Hammerschmidt equation prediction for the desired hy-
drate formation temperature depression.

Calculations for all three cases have been performed for
the system described in Tables VII and VIII and Figure 6. In
this case the raw feed gas was flashed at 66°C and 138 bars with
sufficient water to assure that the gas leaving the separator
was water saturated. Each of the calculational philosophies
described above was used to predict the phase behavior of the
systems at each pressure temperature point in the pipeline. The
results of these calculations are sumarized in Tables IX through
XI and Figures 7 through 10.

Several factors become immediately apparent after analysis
of these results:

1. The type of flash calculation--"dry'", 'wet" or "wet"
plus methanol--has no practical effect on the predicted
hydrocarbon liquid formation.

2. The conventional technology of pipeline calculations
does not normally predict the carbon dioxide or hydro-
carbon content of the water rich phase. These can be
estimated by other graphical correlations.

3. Both "wet" flash calculations predict a higher concen-
tration of water in the vapor phase than the graphical
correlations. The presence of methanol reduces the
predicted water content of the vapor phase.

4. The presence of methanol in the liquid water phase
substantially increases the predicted carbon dioxide
solubility in that phase.

5. Methanol has little effect on the predicted solubility
of hydrocarbons in the liquid water phase.

6. All three approaches predict about the same methanol
requirements to give the specific hydrate formation
temperature depression.

Most of these effects were expected; three deserve further

comment.

Most of the available water content charts are applicable
only to sweet lean natural gases, Moore, et al, (15) have de-
veloped a set of charts which are based on the Heidemann (8, 12)
version of the SRK water prediction. The system used in this
study contains nearly 6.0% carbon dioxide. The acid gases cause
increased water solubility in the vapor phase. Our calculations
simply verify these observations.

The ''wet''-methanol-hydrocarbon flash predicts the complete
phase distribution of methanol at each point in the system.

American Chemical
Society Library
1155 16th St. N. W.
In Thermodynamics of Aque(“MﬂUhﬂad&rialzm&i ons; Newman, S., et a.;
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TABLE VII
FEED COMPOSITION

Component Mol Percent
N, 2.76
CH, 76.95
€0, 5.30
C,Hg 4.06
C3Hg 1.94
iCyH; g 0.43
nCyH; o 0.76
iCgH; 5 0.39
nCsH; » 0.33
Lt. Aromatics (CgHg) 0.42
C7+ (nCypHz2) 3.75
H,0 2.91

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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TABLE VIII

PROCESS/PIPELINE CONDITIONS

Primary Separator at 66°C and 138.00 Bars

Pipeline Pressure Temperature Profile

P, Bars T, C

Inlet from separator 138.00 66
124.00 38
110.00 27
96.50 21
82.70 16
Discharge from pipeline 68.95 16

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.
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Figure 6. Diagram of process
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Figure 7. Vapor phase water concentration profile ((O) conventional technology;
(/\) wet hydrocarbon flash; (N ) wet methanol hydrocarbon flash)
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wet hydrocarbon flash; (V) wet methano! hydrocarbon flash)
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Anomolous pressure-temperature profiles in a pipeline can cause
unusual behavior of the water condensation profile in the line.
If this happens, the methanol requirements predicted on the
basis of terminal pipeline conditions could be low.

Probably the most important feature of the 'wet' methanol
hydrocarbon flash results in the enhanced carbon dioxide solu-
bility in the 1iquid water phase. This would probably mean
potentially more severe corrosion problems in the pipeline and
associated equipment. The design and operation of the corrosion
prevention system and program can be substantially improved.

Current and Future Work

We believe that the SRK equation of state has been pushed
to its 1limits. Some improvements in its ability to describe the
behavior of hydrocarbon water-other components systems can prob-
ably be made. Some of our earlier work indicated that the vapor
liquid behavior of selected organic water systems could be rea-
sonably well described (7, 23). Unfortunately, the results of
this work could not be extended beyond the range of data used in
the fitting process.

Our major efforts are being devoted to extension of the
capabilities of the PFGC-MES equation of state. We are or soon
will be developing parameters for:

1. The glycols used in natural/synthetic gas dehydration

processes.

2. The physical absorbents for acid gas removal from natu-
ral and synthetic gases.

3. The aromatic molecules which contain nitrogen, sulfur
and oxygen that commonly occur in coal liquefaction
processes.

4. - The sulfur containing components which occur in coal
gasification/liquefaction systems such as, carbonyl
sulfide, methyl and ethyl mercaptans, etc.

5. The halogenated refrigerants.

6. Other organic chemicals.

In addition, we are evaluating the ability of the equation of
state to predict the vapor liquid equilibria for systems appro-
priate to each group of compounds. We recognize that these
objectives represent a very ambitious project; we hesitate to
speculate about the completion date or quality of the final
results.

Summary

The ability of the SRK equation of state to reliably pre-
dict the vapor phase water content of natural and synthetic gas
systems has been demonstrated. In addition, the ability of the
PFGC-MES equation to describe the phase behavior of hydrocarbon,
acid gas, methanol, water systems has been described. Both

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
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equations of state appear to give predictions of the phase be-
havior of the subject systems that are completely adequate for
routine engineering design/evaluation work provided the limits
of the correlation are not exceeded.

We believe that the PFGC equation of state approach will be
the most fruitful new route to predicting phase behavior of the
diverse systems encountered in the natural gas/petroleum/coal
liquefaction gasification process industry. We commend it to
your attention.
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Nomenclature List

A - parameter in SRK equation of state
ac - parameter in SRK equation of state
aca - mixture parameter in SRK equation of state

a - parameter in SRK equation of state

B - parameter in SRK equation of state

B - term in SRK equation of state based enthalpy departure
equation

b - parameter in SRK or PFGC-MES equation of state
c/by- arbitrary constant in PFGC equation of state
AH - isothermal effect of pressure on enthalpy

AS - isothermal effect of pressure on entropy

E - parameter in PFGC-MES equation of state

k - binary interaction parameter for SRK or PFGC-MES equation
of state

K - vapor liquid K value = y/x

m - component characteristic parameter for SRK equation of
state or number of groups in molecule i

P - pressure, absolute units

P° - reference pressure for entropy calculations, absolute units

Pc - critical pressure, absolute units

¥ - volume fraction of group

R - gas law constant

T - temperature, absolute units

T - parameter in PFGC-MES equation of state

Tc - critical temperature, absolute units

v - molar volume

X - liquid phase (or phase} mol fraction

y - vapor mol fraction

z - compressibility factor
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subscripts
i - any component
k - any group
n - any group
superscripts
2 - second phase binary interation parameter
(0) - coefficient of T9
(1) - coefficient of T!
(2) - coefficient of T2

Summation counters

k - number of groups in systems or molecule
¢ - number of components
n - number of components in SRK equation of state

&

[0, 75}
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Considerations Affecting Observation of
Interaction Second Virial Coefficients by
Chromatography

K. N. ROGERS, S. H. TEDDER!, J. C. HOLSTE, P. T. EUBANK, and
K. R. HALL

Chemical Engineering Department, Texas A&M University, College Station, TX 77843

Its precise basis in statistical mechanics makes the virial
equation of state a powerful tool for prediction and correlation
of thermodynamic properties involving fluids and fluid mixtures.
Within the study of mixtures, the interaction second virial coef-
ficient occupies an important position because of its relation-
ship to the interaction potential between unlike molecules. On
a more practical basis, this coefficient is useful in developing
predictive correlations for mixture properties.

Several techniques are available for measuring values of
interaction second virial coefficients. The primary methods are:
reduction of mixture virial coefficients determined from PpT
data; reduction of vapor-liquid equilibrium data; the differen-
tial pressure technique of Knobler et al.(1959); the Burnett-
isochoric method of Hall and Fubank (1973); and reduction of gas
chromatography data as originally proposed by Desty et al.(1962).
The latter procedure is by far the most rapid, although it is
probably the least accurate.

Besides speed, the chromatography experiment has the advan-
tage that relatively '"nasty" systems present minimal problems.
Coal chemicals in light carrier gases or H,S systems are good
examples. Such considerations led us to dévelop a chromatography
apparatus with the specific goal of obtaining interaction second
virial coefficients. A vast literature was available to guide
us in this effort. The more noteable references include the
book by Littlewood (1970) and review articles by Conder (1968),
Locke (1976) and Kobayashi et al.(1967). Papers which specifi-
cally address determination of the interaction virial coeffi-
cient, among other properties, include those by Everett (1965),
Laub and Pecsok (1974), Young and coworkers (1966, 1967, 1968,
1968, 1969). Conder and Purnell (1968, 1968, 1969, 1969) provide
an excellent overview of the total experiment.

We have chosen the water - carbon dioxide system for this
study for several reasons. Relatively little literature exists
for this important system. This mixture is important in combus-

! Current address: AMOCO Production Company, Tulsa, OK

0-8412-0569-8/80/47-133-361$05.00/0
© 1980 American Chemical Society
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tion studies, ordinance design, and tertiary oil recovery. Fi-
nally, it is a difficult system to study and we reasoned that it
would demonstrate equipment capability and inadequacy.

Analysis of Experiment

The analysis providing interaction second virial coeffi-
cients from chromatography rests upon three principal assump-
tions: 1) vapor-liquid equilibrium exists in the column; 2) the
solute (component 1) is soluble in both the carrier gas (compo-
nent 2) and the stationary liquid phase (component 3); 3) the
carrier gas and stationary liquid are insoluble. Under assump-
tion #1, we can write

AV A?;
f1 = f4 e8]

where f; is the fugacity of component i in a solution and the
superscripts indicate vapor and liquid. Taking the vapor side
of the equation, we write

A

V A
£, = y1Pd; (2)

ysere y, is the vapor-phase composition, P is the pressure, and
¢; is the vapor-phase fugacity coefficient of component i. This
equation also serves to define ¢¥. Standard thermodynamic deri-
vations, such as those of Smith “and Van Ness (1975), provide
the relationship

A ® d(nV)
[ =.[ % a(n2) - 1% - fnZ
+ Vv Bn T,nV, nJ (a?) (3)

where nV is the total volume, n; is number of moles of component
i and Z is the compressibility factor. Note that assumption #3
forces the vapor (and the liquid) to be binary mixtures. From
the virial equation, we obtain

~ 2 2 3
Z =14 9By + 7By + 295,81 /V + (31Cyyy +
2
4
3y1y2 12t 3y1y2 122 7Y, 222)/V AR )

where Bij and Cijk are the second and third virial coefficients.

Using Equation 4 multiplied by n, we obtain by differentiation

2
d(nZ - 1=
[ gz ) ] 1 (zlell + yzBlz)/V + 3(ylclll +
T, nV,n

>2
2

291958012 * V2 122)/V e G

Substituting Equation 5 into 3 and integrating provides
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AV
ln¢l = 2(y1Bll + yZBlz)/V + l.5(lelll + 2y1y20112 +
2
which, in turn, we substitute into Equation 2.

Next, we examine the liquid side of Equation 1 and write

as a definition 9
A% IS AP ~9 p v
= =7 £ % = 1

f1 = xfyyy = B (/70 = £y, exp sPr rTF 7

where y% is the activity coefficient of component i and subscript
r denotds a reference state. In this case, we take the reference
pressure, P _, to be the vapor pressure of the stationary liquid
at the colufin temperature (in most cases, including this one,

Pr ~ 0). Now, we further define

8 = B4/ P ®)
where x. is the liquid phase composition and PP is the vapor

pressuré of the solute. Therefore, substitutinig Equation 8
into 7 we obtain

A/Q, P ‘/qz
£, =% ‘{ap <b1 exp Vi ap (9)
RT
P
r

and, upon substitution of Equations 2 and 9 into 1, we have
P

dp

2, <

vap ,f
Pl ¢1 exp

Kl = yl/xl = =
P(‘bl

For the experiment we propose to use, we may further assume
that the solute is present at infinite dilution in both the
liquid and vapor phase. As a result, Equation 9 becomes

P
vap ,,f\® SP (v%)mdP
P TT(9]) exp r RT

K =

Using Equation 6, we obtain at infinite dilution
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AV 1lim
(e o] _ Av _ _
(¢1)’ = v, q;l = exp (ZBlz/V2 + 1.5 C122/v§ + ...
!LnZz) an

which, in combination with Equation 10, becomes

) P
fF Af @
o\ —=5) = e + F-
z,p P p_ RT
2°1 T
2
P P
2Blz(z RT) - l"E’Clzz(z RT)
2 2
(12)
Now, recalling that Pr = P\:;ap ~ (0, we can approximate the
partial molar volume by
=2
-0 —9 o 3V
o~ r
CANERUONE S Il | RO 1%
T
or for Equation 12
2\ oo
) H e
1 gp=-_1 (V) 2
=T — P +1/2 Ur | p% 4 ... 14)
RT T —
JP T
Finally, we obtain
[oe]
K, P 2B
1 ~f o o 12
fnf—— | = + \Y - P\ +1/2
" 7 p'2P In(91) {( % z, ] (ﬂ)
21
=R 2
(Vv
[i} e (BN,
aP 22 RT (15)

2
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A plot of %n(KTP/ZZP Vap, vs (P/RT) will produce 1n($f)w

1
as the intercept, (Vi)w - 2B_,/Z. as the slope and so forth.
In practice, experimengal précision will mask any curvature

and the effect of 22 on the slope, and our working equation is

)
(Vl)r - slope

B, = —— (16)

Also, at infinite dilution, the Henry's law constant for
solute 1 in solvent j is

2B
_ v © NG P_ 12 P
H, = (£/y)) = 0P z exp =z (ﬁ) + ...4an
L
R ©  _vap af® Lo (P 'I
Hy = <fi/xl) =P (¢l) exp Evl)r <RT> +...- (18)

To utilize the analysis we must resolve three difficulties:
1) defining P (we assume constant pressure but therg is a
pressure drop acgoss the column), 2) establishing , and 3)
determining (V%) . We can use an average pressure for the
experiment, bu% %e must choose between distance and time aver-
ages. Current wisdom favors a time average based upon

out J: (19)

where Poutis the outlet pressure for the column and

e, /2 " 1

in’ out

y
]
313

n n
<Pin/P0ut) -1 (20)

where P, is the column inlet pressure. For our experiment

we would obtain the following corrections for Pout

distance average = 1.121

J = 1.125

A

J3 = 1.129
or 1.125 + 0.004 which is within our experimental error so we
use J;.
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To obtain K:, inspect Figure 1 which plots the flowing

phase concentration against the stationary phase concentration
of component 1. In the infinite dilution limit, we have

00 [eo]

Cig = BCg (21)

and using the overall phase concentrations

00

Ce

/cf) cf = B(cls/cs)cS (22)

which is by definition
(2]

= 2
v, Ce = Bx C (23)
and the distribution coefficient is

00 (2]

K = (yl/xl) = BCS/Cf (24)
Analysis of chromatography experiments reveals that

(Bcs/cf)(nf/ns) = tinert/ (tsolute - tinert) (25)

where tin is the time required to detect an air peak in

ert
the column and t - t, is the retention time.
© solute inert
Kl then becomes
a_ .a
Kl = asa
BV (tsolute - tinert) (26)

where m is the mass and MW the molecular weight of the
stationary phase, v is the observed volumetric flowrate

(from a bubble column, for example), and superscript a
denotes ambient conditions. We should note that usually

MW, is unknown so all the definitions change slightly to

3

reflect a mass rather than a mole basis.

Finally, we come to the "Achilles heel" of the experiment,

- .

(Vl)r_ The common assumption for this variable is to use
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the volume of saturated liquid solute (assume an ideal solu-
tion). This assumption can be ridiculous when Mw3>>MW1 as 1is
the usual case. Figure 2 illustrates this assertion. A more
realistic approach is to use statistical mechanics to provide
an approximator as suggested by Flory et al.(1964), Flory (1965)
and Abe and Flory (1965).

We suggest a third alternative. This procedure requires
fiduciary data for Blu’ the interaction second virial coeffi-
cient for solute 1 and an unspecified carrier gas (a good choice
would be helium). The B1u should come from a precise experi-
ment such as the Burnett-mixing or pressure change method men-
tioned in the introduction. Running the l-u system through
the chromatograph would allow use of Equation 16 in rearranged
form

L.
(Vl)r = 2B1u + slope @27

e A . X
The value of (Vl)r is independent of carrier gas so it can
be used in Equation 16 with component 2 or any other carrier

gas. This should provide the most accurate value of (Vi):

for use in this experiment.

Experimental Procedure. Figure 3 presents a schematic

diagram of the apparatus. The chromatograph is a Varian
Aerograph Series 1400 with a thermal conductivity detector
and an associated Varian CDS 111 Chromatography Data System
(integrator). We modified the chromatograph in two ways:

1) we installed a fine-adjust for temperature, and 2) we
replaced the 2% flow controller supplied with the instrument
with an Analabs HGS-187 Flow Controller which has 0.3%
precision. The temperature adjustment was necessary to permit
satisfactory reproducibility, i_0.02°C. An error analysis of
the experiment indicated that accuracy was especially sensitive
to flow control so we obtained the better controller to bring

this measurement in line with our other observables.
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ir /

Figure 1. Representative adsorption isotherm
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Figure 2. Relationship between saturated liquid volume and partial molar volume
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We measured flow rate with a Varian P/N 29-000086-00 Soap
Bubble Meter. The pressure gauges were Heise bourdon-tube
type with 0.1 psia divisions. The column was 16 feet of 1/4
inch copper tubing packed with Carbowax 20M loaded to 20% on
Fluoropak 90.

The experimental procedure is approximately standard
chromatography. First, we set the desired column temperature
and adjust the detector and injector temperatures to values
about 30°C higher. Next we adjust the inlet and outlet pres-
sure and measure the flow rate. Then, we set the detector
current and attenuation to give maximum sensitivity with an
acceptable baseline (typically the current is 50 mA with an
attenuation of 1). For injections, we draw 1/2 the desired
air into the syringe followed by the sample followed by the
remaining 1/2 of the desired air. We establish the desired
amount of air by trial and error to obtain a proper peak size.
We also vary the sample size (from 1 to 2 ul) between runs at
a given P and T. This allows extrapolation of peak areas to
zero sample size as shown in Figure 4. The flow rate within
the column must be constant for an isotherm. We record the
following parameters: ambient pressure and temperature, inlet
pressure, outlet pressure, column temperature, retention time
for both air and water, water peak area, ambient flow rate,
regulator pressure, sample sizes, detector current and temper-
ature, injector temperature, and attenuation.

We collected data for at least five outlet pressures along
each isotherm to improve the statistical analysis of the data.
The outlet pressures ranged from O to 32 psig, but a wider range
would have reduced scatter considerably. We varied the inlet
pressure to achieve an approximately constant flowrate (20 cc/
min) in the column. This flowrate resulted from a compromise
between speed and accuracy. The higher the flowrate, the
faster the experiment, but too fast a flowrate and the system
did not approach equilibrium. We selected 20 cc/min by testing
flowrates varying from 10 cc/min to 50 cc/min; rates from 10 cc/
min to 20 cc/min gave essentially identical results while rates
above 25 cc/min showed significant deviationms.

Finally, we must be certain we are observing vapor-liquid
equilibrium in the column not vapor-solid equilibrium. Braun
and Guillet (1976) reported that a discontinuity in a plot of
2n (VS) vs 1/T (where V) is the retention volume at 273.15 K)
indic%ted a phase transition. We calculated Vg from the follow-
ing relationship

Va(t -t )
v = solute inert {.PaZ9TO (28)
g m 3 a_a
3 J2 Pout Z'T
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Figure 4. Extrapolation to zero peak area (operating conditions: T ~ 150°C;
Pou == 30 psig)
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where superscript o indicates 273.15K values. Figure 5 indi-
cates that a phase transition occured in our experiment between
75°C and 125°C.

Results. Our experimental observations appear in Table I
and Figure 6. We have defined Y as K{P/ZpP1V3P. The slopes
from Figure 6 inserted into Equation 16 provide values for B .
Infortunately, we were ggtmable to find the fiduciary data
necessary to evaluate (Vl) and must leave the calculation un-
finished. The ideal solutlion assumption is totally inadequate
in this particular experiment.

We were able to determine a surface fit for the data using
the expression.

0 ¥ = (A + BT?) + C exp (DT%) [p/rT] (29)

Figures 7 and 8 illustrate the behavior of the intercepts and
slopes from Figure 6 corresponding to the functional forms of
Equation 29. The error bars on Figures 7 and 8 represent one
standard deviation as determined from isothermal fits. The
intercepts have deviations on the order of 0.5% which is con-
sistent with an apparatus analysis. The slopes, however, have
much larger uncertainties ranging up to 15%Z. Increasing the
pressure range would greatly reduce this large and important
error.

Table IT presents our final results. We only report the
four isotherms which were definitely vapor-liquid and we present
both isothermal analysis and surface analysis values.

Conclusions. Our work indicates that it may be possible
to obtain good values of B,, by chromatography, but only with
painstaking attention to evéry detail. It is clear from our
experience why values measured by this technique are generally
regarded as not top quality.

It is essential to verify experimentally each assumption.
In this experiment, we used five different flowrates to assure
ourselves that the column did approach equilibrium: 20 cc/min
was satisfactory, 25 cc/min was already questionable. The
solute was soluble in both phases as evidenced by peak separa-
tion on the chromatogram. The stationary liquid was not solu-
ble in the carrier gas as evidenced by no long time peak on
the chromatogram. The carrier gas was slightly soluble in the
stationary liquid. We checked this by injecting CO, into the
carrier and we did obtain a peak-however, analysis Showed that
KCOZ = 70,000 therefore the CO2 concentration in the station-
ary liquid was insignificant. We assure infinite dilution
values by performing multiple injections and extrapolating to
zero peak area. This procedure is also essential in the ex-
periment.
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Figure 5. Phase transition indicator
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Table I. Calculated Values of 1In(¥) and P/RT
Avg.  Avg. Infinite Avg.
Avg. T, Fc’ Pogt’ Dilution Weighting P/RT x 10 ,
K ce/min  psig In(Y) Factor g-mole/cc
398.16 10.61 0.00 6.2587 172.45 3.2640
14.99 0.00 6.2535 951.25 3.3678
20.09 0.00 6.2475 1303.32 3.4842
20.11 10.32 6.2898 3106.94 5.6470
20.26 14.00 6.3114 164.60 6.4115
19.97 19.80 6.3217 1012.60 7.6162
20.67 29.30 6.3452 534.89 9.6155
423,40 17.04 0.00 6.1578 458.94 3.2212
19.86 7.20 6.1958 88.57 4.7240
19.33 15.21 6.2030 64.58 6.2567
20.53 21.33 6.2344 527.72 7.5164
21,12 28.22 6.2350 1483.59 8.8571
448.24 17.21 0.00 6.0759 253.84 3.1032
20.10 7.10 6.1096 115.01 4.4916
19.36 15.10 6.1249 46.87 5.9501
20.94 21.75 6.1169 62.79 7.2335
20.82 29.50 6.1380 52.20 8.6619
473.21 20.53 0.00 5.9826 103.46 3.0627
21.41 7.55 6.0266 11.76 4,0112
25.92 15.90 6.0388 70.37 5.9837
20.51 23,56 6.0184 61.58 7.2002
20.90 31.24 6.0295 31.23 8.5602
Table II. Values of the Slope and Intercept
Predicted for each Isotherm
Slope, cma/g—mole Intercept
Average
Temperature, Isotherm Surface Isotherm Surface
K Fit Fit Fit Fit
398.16 1607 1611 6.198 6.197
423,43 1342 1300 6.120 6.124
448.24 1115 1040 6.046 6.048
473.21 928 820 5.962 5.967
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Figure 6. Experimental data for determining slopes (( ) isotherm fit; (———)
surface fit; surface fit indistinguishable at T ~ 125°C)
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A preliminary experimental error analysis indicated that
the flowrate control and, to a lesser degree, the temperature
control would be critical. It is necessary to change the off-
the-shelf flow controllers for commercial chromatographs and
desirable to change the temperature controller.

The value used for (V%): is crucial for final result

accuracy. The ideal solution assumption will range from bad to
ridiculous. For polar sysEegs, such as the present one, the
major effect comes from (\71)r in the slope and, unless a very

precise value is available, the experiment_iswworthless! We
have proposed a new method for obtaining (Vl)r using fiducial

data which should produce acceptable values of this quantity.
Using this procedure could reduce the B., error in simple
systems by one order-of-magnitude and in complex systems by

many orders-of-magnitude. Certainly (V%): can be determined to

about 1 % using the new technique.

It is essential to use at least five injections spaced over
as wide a range as possible to obtain each value of ¥. It is
also essential to observe the values of ¥ over as wide a
pressure range as possible. These precautions will greatly re-
duce scatter in the slope required by Equation 16.

Finally, we have presented a new analysis which is not
found in the literature. This analysis is more sensitive to
the various effects discussed above and therefore should produce
better values in the long run.

Acknowledgements. Financial support for this project came
in part from the National Science Foundation (Grants ENG 77-
01070 and 76-00692), the Petroleum Research Fund (Grant 10057-
AC7-C), The Gas Research Institute (Grant 5014-363-0118), The
Texas Engineering Experiment Station and the Gas Processors
Association (Projects 772 and 758). We gratefully acknowledge
their assistance.

Literature Cited

Abe, A.; Flory, P.J.,; '"The Thermodynamic Properties of Mixtures
of Small, Nonpolar Molecules," JACS, 87, 1838(1965).

Braun, J.M.; Guillet, J.E.; "Study of Polymers by Inverse Gas
Chromatography,” Adv. Poly. Sci., 21, 107(1976).

Conder, Jr.; Purnell, J.H.; "Gas Chromatography at Finite Concen-
tration," Pt. 1: Trans Far. Soc., 64, 1505(1968)/ Pt. 2:
Trans. Far. Soc., 64, 3100(1968)/ Pt. 3: Trans. Far. Soc.,

65, 824(1969); Pt. 4: Trans. Far. Soc., 65, 839(1969).

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



378 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

Conder, J.R.; "Physical Measurement by Gas Chromatography," Adv.
Anal. Chem. Instrum., 6, 209(1968).

Desty, D.H./ Goldup, A.; Luckhurst, G.R.; Swanton, W.T.; '"The
Effect of Carrier Gas and Column Pressure on Solute Reten-
tion," Gas Chromatography 1962, Butterworths (London),
67(1962).

Everett, D.H.; "Effect of Gas Imperfections on G.L.C. Measure-
ments,'" Trans. Far. Soc., 61, 1637(1965).

Flory, P.J./ Statistical Thermodynamics of Liquid Mixtures,"
JACS, 87, 1833(1965).

Flory, P.J.; Orwoll, R.A.; Vrij, A.; "Statistical Thermodynamics
of Chain Molecule Liquids," JACS, 86, 3515(1964).

Hall, K.R.; Eubank, P.T.; "Experimental Technique for Direct
Measurement of Interaction Second Virial Coefficients,"

J. Chem. Phys., 59, 709(1973).

Knobler, C.M.; Beenakker, J.J.M.; Knapp, H.E.P.; "The Second
Virial Coefficient of Gaseous Mixtures at 90K," Physica,
25, 909(1959).

Kobayashi, R./ Chappelear, P.S.; Deans, H.A.; "Physico-Chemical
Measurements by Gas Chromatography,” I&EC, 59, 63(1967).

Laub, R.J.; Pecsok, R.L.; "Determination of Second-Interaction
Virial Coefficients by Gas-Liquid Chromatography,” J.
Chrom., 98, 511(1974).

Littlewood, A.B.; Gas Chromatography, Academia Press (London),
2nd ed. (1970).

Locke, D.C.; "Physicochemical Measurements Using Chromatography,"
Adv. Chrom., 14, 87(1976).

Tsonopoulous, C.; "Second Virial Cross Coefficients: Correla-
tion and Prediction of k,,," Adv. in Chem., in press(1979).

Young, C.L.; Cruickshank, A.K%%.; Windsor, M.L.; The Use of GLC
to Determine Activity Coefficients and Second Virial Coef-
ficients of Mixtures," Proc. Roy. Soc., A295, 271(1966).

Young, C.L.; Windsor, M.L.; Thermodynamics of Mixtures from
Gas-Liquid Chromatography," J. Chrom., 27, 355(1967).

Young, C.L.; Cruickshank, A.J.B.; Gainey, B.W.; "Activity
Coefficients of Hydrocarbons C, to C, in n-Octadecane at
35 °C," Trans. Far. Soc., 64, 337(1988).

Young, C.L.; Gainey, B.W.; "Activity Coefficients of Benzene in
Solutions of n-Alkanes and Second Virial Coefficients of
Benzene + Nitrogen Mixtures,'" Trans. Far. Soc., 64,
349(1968).

Young, C.L.; Cruickshank, A.J.B.; Gainey, B.W.; Hicks, C.P.;
Letcher, T.M.; Moody, R.W.; Gas-Liquid Chromatographic
Determination of Cross-Term Second Virial Coefficients
using Glycerol,: Trans. Far. Soc., 65, 1014(1969).

RECEIVED January 31, 1980.

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



19

Critical Points In Reacting Mixtures

ROBERT A. HEIDEMANN
University of Calgary, Calgary, Alberta, Canada T2N 1N4

Processes in which chemical reaction and phase equilibria
are simultaneously of significance present a considerable chal-
lenge to the thermodynamicist. The challenge is both to develop
models which are suitable to describe the mixtures and to find
computational procedures which permit analysis of equilibrium
behavior.

The presence of water in synthesis gas mixtures along with
light components, such as carbon monoxide or hydrogen, has the
effect that phase separations may persist even under extreme
conditions of temperature and pressure. The need exists to demon-
strate that these phase separations, perhaps with simultaneous
reaction equilibrium, can be described by models capable of some
accuracy.

The present paper deals with one aspect of this problem; the
calculation of phase separation critical points in reacting mix-
tures. The model employed is the Soave-Redlich-Kwong equation of
state (1), which is typical of several equations of state (2, 3)
which have relatively recently come into wide use as phase equi-
librium models for light gas mixtures, sometimes including water
and the acid gases as components (4, 5, 6). If the critical point
contained in the equation of state (perhaps even for the mixture
at reaction equilibrium) can be found directly, the result will
aid in other equilibrium computations.

Other workers have reported computations of reaction equilib-
ria in mixtures described by equations of state (7, 8). Only
occasionally have non-ideal mixtures with phase separations been
tackled (9, 10), and no previous computations of critical points
in reacting mixtures appear in the literature.

Stoichiometry

The algebra required to express the stoichiometry of chemi-
cally reacting systems is well established. The species present
in the reacting mixture are Ay, i = 1, N. The reactions are
denoted by

0-8412-0569-8/80/47-133-379$05.00/0
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g&
v..,A. = 0; j =1, R. (1)
i=] * 1

The vj; are stoichiometric coefficients in the R independent reac-
tions.” The progress of each of the independent reactions is indi-
cated by a reaction extent €5, j=1, R. The mole number of species
A; in a reacting mixture is given by

R
n, = n., +n z:v..e. (2)
=1

where nj _is the mole number in a reference mixture (with €:=0,
j=1, R) and nT is the total number of moles in the reference
mlxture

R
n = i: n. (3)

The reaction extents, e€:, are dimensionless numbers in this
formulation. They are restricted to values such that all the nj
are non-negative.

When all the species remain in a single homogeneous phase,
the mole fractions in the phase are given by

R
y. = z s)/(1+ ZEA\)) ()]

J= J’—'l

where
N
Av., = Zv.. (5

Critical Points

In classical thermodynamics, there are many ways to express
the criteria of a critical phase. (Reid and Beegle (11) have
discussed the relationships between many of the various equations
which can be used.) There have been three recent studies in which
the critical points of multicomponent mixtures described by
pressure-explicit equations of state have been calculated. (Peng
and Robinson (12), Baker and Luks (13), Heidemann and Khalil (14))
In each study, a different statement of the critical criteria and
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a different computational algorithm has been employed. In each
case, however, the critical point is required to satisy two alge-
braic equations.

The formulation of Heidemann and Khalil (14) is used here,
with some modifications proposed by Michelsen (15, 16) which
improve computational speed. Reference (14) contains adequate
detail to permit the computations to be reproduced. The elements
of the method are given here.

Heidemann and Khalil (14) find the critical point of a mix-
ture of given composition by solving for the critical temperature
and volume; the critical pressure is found from the equation of
state.

A critical point must satisfy two conditions. The first
defines the limit of stability. In the procedure of Heidemann
and Khalil, this condition takes the form that the determinant of
matrix Q is zero, where the elements of Q are

qij = nT(T/IOO)(Bani/an)T,V (6)

For the Soave-Redlich Kwong equation, the fugacity deriva-
tives are

np(anf /an ) o= Sig o+ Pay e B
I A V-b (v-be2
et I LB
RTb (v *+ )2 ~ RbZ (v + b)
Bo
v+b
* RT3 ( v ) 7)

Coefficients a and b are both evaluated as quadratics in the mole
fractions;

= 1 -
Jj1
a = §§ yiijaiiajj(l—kij). (9

This introduces two '"interaction parameters' per binary pair. The
pure component coefficients, aj; and bjj, are evaluated from crit-
ical data and the acentricity, as proposed by Soave in his origi-
nal paper (1). The pure component ajj varies with reduced temper-
ature so as to match vapor pressure. (Soave's recently revised
expression for aj; (17) has not been used.)

Other symbols in equation (7) are defined as follows:
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@, = 2; yjaij (10)
]
gi = 2z y.b.. - Db 11
REKT (1)
]
5., =40 1773 (12)
Yoo, ie
L. = .. - B. - B. 13
Y53 2b1J B, BJ (13)
B; = ZaBiBj - b(aiBj + ajBi + aYij) (14)
and B, = -By - Zaijb2 (15)

The first of the two critical criteria is that

Q = det(QQ = 0 (16)
When this equation is satisfied, there is a vector An
An = (Ang, Ano, ... )T (17)
which satisfies
Q'on = 0 (18)

Heidemann and Khalil (14) use as the second critical crite-
rion that the cubic form C is zero where,

2
- _ 2142
c = [(v b)/zb] £zin 2 (3 ﬂnfi/ankanj)AniAnjAn (19)

k

(In (14) the second derivatives of £nfi are given in detail for
the SRK equation.) The AW in this equation is the normalized vec-
tor which satisfies (18).

Michelsen (15, 16) has pointed out that the evaluation of the
cubic form in (19) can be performed very economically. Typical
terms in (19) can be reduced as follows:

- 3 20

ZZZAniAnjAnk (ZAni) (20)

- 2 21

ZZZBiAniAnjAnk (ZBiAni)(ZAni) (21)
. .An, = ..An.An, . 22
ZZZalenlAnjAnk (ZZalJAnlAnJ)(ZAnl) (22)

Because of these and similar identities the triple sum in (19) can
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be replaced by terms involving, at most, double sums.
The two equations, (16) and

c = 0, (23)
together define the critical point.

Evaluating Critical Points

It was found most convenient, as the first stage in finding
a critical point for a given mixture, to solve for the temperature
which makes Q equal to zero at a given volume. The temperature -
volume pair gives one point on the stability limit.

Corresponding to this point, there is a vector Am which sat-
isfies equation (18). The second stage in the critical point cal-
culation is to solve for and normalize this vector. The vector
A is then employed to evaluate the cubic form.

The cubic form evaluated in this way is a function of volume
alone (since the temperature and ATl are fixed by the volume). To
find the critical point requires to find a volume at which the
cubic form is zero.

In Heidemann and Khalil (14) additional detail is given about
numerical procedures which were found effective in solving these
equations. The overall solution strategy, as described above,
requires nested one-dimensional searches; the critical volume is
found by solving (23), but at each volume (16) must be solved for
the temperature. The multiplier (T/100) in each term of the
matrix Q and the multiplier [(v-b)/ZbJ 2 in the cubic form were
introduced to improve the behavior of the numerical methods.

Water-Gas Shift Mixtures

The specific reaction examined in this paper is the water-gas
shift reaction

Hy,0 + CO » Hy + CO» (24)

As this reaction proceeds, beginning with some initial mixture,
each of the four mole fractions can be represented as a function
of a single reaction extent, €.

At every e the mixture critical point (if indeed, the mixture
has a critical point) can be found using the procedure described
above.

Binary Critical Points

Before describing variations in the critical points in the
four-component water-gas shift mixture it is instructive to exam-
ine the critical points in the various binary mixtures. There are
six binary pairs to consider.
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The calculated critical points of the binary pairs, particu-
larly the critical pressures, are quite sensitive to the values
used for the interaction parameters in the mixing rules for a
and b in the equation of state. One problem in undertaking this
study is that no data are available on the critical lines of any
of the binary pairs except for CO» - H,0. Even for CO, - Hy0, two
sets of critical data available (18, 19) are in poor quantitative
agreement, though they present the same qualitative picture of
the critical phenomena.

Because of the uncertainty as to the data and because of the
sensitivity to the parameters it should be understood that calcu-
lated critical points reported in this paper need not represent
actual behavior, even of the binary pairs.

Most of the interaction parameters employed were taken from
other studies (20, 21), and are reportedly obtained by minimizing
errors in the match of phase equilibrium data. However, in (21,
the SRK equation employed was slightly different from that used
here. The parameters for CO, - Hy0 were chosen because they had
been shown to give a critical line which is qualitatively correct.
The Hp0 - CO interaction parameter is the value given in (20) for
HpS - CO. For Hp0 - Hp, kij was taken to be -0.25 in the absence
of any literature studies.

Table I. INTERACTION PARAMETERS

System kij Cij Reference
Ho0 - COp 0.0 -0.03 5
H,0 - CO 0.0603 0 -
Hy0 - Hyp -0.25 0 -
CO, - CO -0.064 0 21
CO, - H, -0.3570 0 20
coO - H, 0.1000 0 20

The calculated critical lines for the binary pairs are shown
in Figure 1. All these lines are discontinuous, indicating high
density phase separations. For each binary pair the principal
part of the critical line begins at the critical point for the
component with the higher critical temperature. There is a
second branch of each of the critical lines, beginning at the
critical point of the component with the lower critical tempera-
ture, which terminates on intersecting a liquid-liquid-vapor
three-phase line.
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Figure 1. Critical lines in water—gas shift binary pairs
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In Figure 1 the low temperature branches of the critical
lines have been omitted, except for the CO» - Hy0 binary. The
reason for the omission is that these lines are extremely short
and are not of much interest.

The mole fraction of the component whose critical point is
the origin of the critical line has been indicated as a parameter
along each of the lines. It should be noted from these numbers
that there are compositions in each of the binary pairs for which
there is no critical point. It should also be noted that some
CO, - CO mixtures have two critical points.

It is most significant that certain binary mixtures have no
critical point. With this in mind it is not surprising that
certain four-component mixtures have no critical point.

The general shape of the binary critical lines dictates the
shape of critical lines in the reacting mixtures.

Water-Gas Shift Critical Lines

Mixtures rich in the three lighter components have no criti-
cal point unless the water content is less than a few percent.
The more interesting behavior is in mixtures rich in water.

The mixture mole fractions reached during the reaction
depends on the initial composition. The sorts of mixtures
studied here are generated by beginning with water and carbon
monoxide, the water in excess.

Critical points have been calculated for such mixtures with
various initial H,0/CO ratios. The results are shown in Figure
2. In this figure, the line of zero conversion is the critical
line for H,O0 - CO binary. For mixtures with initial H,0/CO
ratios greater than about 4, it is possible to find critical
points for all conversions. When the initial ratio is less, this
is no longer possible. Lines of 25%, 50% and 75% conversion are
also shown in Figure 2.

The critical points in these mixtures are all at pressures
higher than the critical pressure of water; many are at tempera-
tures higher than the water critical temperature. The mixture
critical points indicate that high density phase separations per-
sist to extreme conditions of temperature and pressure.

Reaction Equilibrium

The necessary condition for equilibrium in the chemical
reactions of equation (1) is that

K, = & v..nf; j=1,R. (25)
j T i

The equilibrium constants, Kj, may be evaluated as functions of
temperature using readily available thermochemical data.
A procedure was developed that permitted location of points
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which are critical points and which obey equation (25) for the
water gas shift reaction. The necessary thermochemical data were
taken from Reid, Prausnitz and Sherwood (22). The fugacities of
the four reacting species were evaluated using the SRK equation
of state.

For every initial H,0/CO ratio, the mixture mole fractions,
hence the critical temperature and volume, are determined by the
reaction extent e. The equilibrium constant is calculated at the
critical temperature. The fugacities are calculated also at the
critical condition for the given e. The function F, defined as

F(e) = -£nkK + Zn(fcozfﬁz)/(fCOszo) (26)

hence varies with ¢ alone.

Although it has been shown that thermodynamic models which
imply phase separations can create difficulties with uniqueness
in solving the reaction equilibrium equations (10, 23, 24), there
proved to be only one solution to equation (26) under the condi-
tions studied. It is conceivable that more than one critical
point could be found for some reacting mixtures at certain reac-
tion extents (two critical points are indeed indicated in Figure
1 for some CO; - CO mixtures), in which case F(g) will not be a
single-valued function. This possibility was not explored.

In the mixtures with initial H,0/CO ratios greater than 4,
unique critical points were found for all € covering the range
from zero to 100% conversion of CO. In this range F(e) varies
from - to +«, hence must cross zero at some t. There was only
one such zero crossing, however, indicating that non-uniqueness,
if it occurs, will arise only because of the branching of F(e).

Calculated Critical and Equilibrium Points

The Newton-Raphson procedure was used to find ¢ satisfying
F(e) = 0. Iterations began at high conversion and the derivative
dF/de was found by numerical differentiation. Convergence was
obtained in 5 iterations, with 10 critical point evaluations, in
about 10 seconds. The computer used was the University of
Calgary Honeywell HIS-Multics system.

Results of these calculations are given in Table 2 and in
Figure 3. Also shown are results of calculations made assuming
the mixture to be a perfect gas at the calculated critical temp-
erature. (The pressure has no effect on the calculated ideal gas
conversion in this reaction.)

Also calculated and presented in Table 2 is the quantity K ,
defined by ¢

K (27

Ks (Peo,Ph,/PeoPi,0)

which provides an indication of the effect due to non-ideal gas

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



389

Critical Points in Reacting Mixtures

HEIDEMANN

19.

SL86°0 61°6 6S¢°¢ 0906°0 1°S.¢ 9°¥6S L'
¥886°0 ¥6°8 ov°¢ LET16°0 ¢°80¢ S 16S 8°'¢
0686°0 €9°8 XA A 00Z6°0 8°6S¢C 8°689 6°¢
S686°0 1¢°8 A% AN ZSZ6°0 8°¢CC Z°68S o'y
10660 £S°L 8Iv'¢ 6v£6°0 6991 2°06S SZ'¥
S066°0 68°9 8¢’ ¢ S1v6°0 T1°¢CT 6°269 S’y
0166°0 €0°9 10¢°¢ ¥056°0 ¥S5°86 0°66S S
8166°0 SIS 9.1°¢ 90960 0Z°0L L°809 9
2¢66°0 1A% L£0°¢ 11670 0S°0S§ 0°029 8
£v66°0 12°v ¥96°C 04.6°0 8V v 1929 01
UOTSIIAUOD (0D 6 Pa3a9AuU0d () e .5 . 0D Tou
A AUy di” d AL

sed [eapT

uot3oeay

O%H Tou TeT3Turl

WNIYEITINDT NOILDVHY LV SINIOd TVOILIWD

Z 91qe]

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;

ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



390 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

T T T T T T T T T T
400 - ta) B 640 (b .
g 300f 4 * se20} .
= w
; E
& g
2
@ 200 ~- T 600 —
7] wt
w o
4 b3
a w
=t
100 (- — 5801 -
1 [ i [ 1 1 1 1 1 {
o 2 4 6 8 10 0 2 4 6 8 10
INITIAL  MOL H,0/MOL CO INITIAL  MOL H,0/MOL CO
I T T T T
IDEAL GAS
098} —
z {c}
<]
172}
x
W
>
& o096} —
(5]
o EQUATION
o OF STATE
2 o094l -
r4
<]
o
Q
<t
[+ 4
'S
0.92 —
0.90 1 [ I\ I

2 4 6 8 10
INITIAL MOL H,0/MOL CO

Figure 3. Critical and reaction equilibrium points: (a) critical pressure; (b) critical
temperature; (c) conversion of CO

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



19. HEIDEMANN Critical Points in Reacting Mixtures 391

behavior. In the case of the water-gas shift reaction at the
critical point, K¢ is greater than 1.0 indicating that equilibri-
um conversions will be less than would be calculated assuming
perfect gases. It is the non-ideality of water which most affects
K4 but none of the other species could be regarded as ideal gases
at the temperatures and pressures of the critical points.

The equilibrium conversions of CO achieved at the critical
point are shown in Figure 3.c. The conversions attainable are
well below the values corresponding to ideal gas behavior at the
critical temperature.

Conclusions

The study described above for the water-gas shift reaction
employed computational methods that could be used for other syn-
thesis gas operations. The critical point calculation procedure
of Heidemann and Khalil (14) proved to be adaptable to the mix-
tures involved. In the case of one reaction, it was possible to
find conditions under which a critical mixture was at chemical
reaction equilibrium by using a one dimensional Newton-Raphson
procedures along the critical line defined by varying reaction
extents. In the case of more than one independent chemical
reaction, a Newton-Raphson procedure in the several reaction
extents would be a candidate as an approach to satisfying the
several equilibrium constant equations, (25).

Since synthesis gas mixtures are capable of showing more
than one critical point, there is a possibility of finding more
than one solution to the simultaneous equations defining reaction
equilibria and the critical point. This possibility was not
encountered in the present study.
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Two- and Three-Phase Equilibrium Calculations
for Coal Gasification and Related Processes

D.-Y. PENG and D. B. ROBINSON

Department of Chemical Engineering, University of Alberta,
Edmonton, Alberta, Canada T6G 2G6

The gasificiation of coal, shale-oil, or other lower grade
hydrocarbon base stocks inevitably leads to the production of
process streams which contain a very wide range of paraffinic,
naphthenic, aromatic and olefinic hydrocarbons in the presence
of associated non-hydrocarbons such as hydrogen, nitrogen,
carbon dioxide, hydrogen sulfide and ammonia. These streams are
often contacted with water at process conditions which normally
lead to either gas - water - rich liquid equilibrium or gas -
water - rich liquid - hydrocarbon rich 1iquid equilibrium. The
processing conditions and stream compositions which may lead to
the formation of these different phases and the distribution of
the components between phases are of great importance to the
design engineer. For this reason the establishment of reliable
procedures for predicting the behavior of these mixtures in the
one-, two-, and three-phase regions is a matter of considerable
importance.

In an earlier paper (1), the authors presented an efficient
procedure for predicting the phase behavior of systems exhibiting
a water - rich liquid phase, a hydrocarbon - rich 1iquid phase,
and a vapor phase. The Peng-Robinson equation of state (2) was
used to represent the behavior of all three phases. It has the
following form:

= RT__ a(T)
P = Vb ~ V[v#b) + b{v-b) (1)
where a(T) = a_a
R2T2
a_ = 0.45724 —<
c Pc
ot15 =1+ K(]—TRl/z) (2)

0-8412-0569-8/80/47-133-393$05.50/0
© 1980 American Chemical Society

In Thermodynamics of Aqueous Systems with Industrial Applications; Newman, S., et a.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1980.



394 THERMODYNAMICS OF AQUEOUS SYSTEMS WITH INDUSTRIAL APPLICATIONS

k = 0.37464 + 1.54226w - 0.26992w? (3)

RTc

b = 0.07780 o

c
For mixtures
L L

= .o x.(1-6.. .%a.* 4
a ; § X xJ(] 613) a;* ay (4)
b=73 x;b, (5)

11

Although the calculated phase compositions for the hydro-
carbon - rich liquid phase and the vapor phase showed excellent
agreement with the experimental data, the calculated hydrocarbon
contents of the aqueous liquid phase was consistently several
orders of magnitude lower than the reported experimental values.
It was speculated that additional temperature - dependent inter-
action parameters would be required to bring the predicted values
and the experimental results into quantitative agreement; never-
theless, no attempt was made at that time to try to accomplish
this.

In this study, it has been possible to devise a procedure
which can be used to generate reliable phase compositions for
both the hydrocarbon - rich phase and the aqueous phase over a
wide range of temperature and pressure. Moreover, the calculation
procedure has been successfully applied to non-hydrocarbon -
water systems with quantitative results.

Calculation Procedure. With the exception of two significant
modifications, the calculation procedure used in this study was
basically the same as that used previously.

The first modification concerns the use of Eqn. (?) for
water. When developing the original correlation for «’% and « as
expressed by Eqn. (2) and (3), water was not included as one of
the components, and consequently the predicted vapor pressures
for water were not as good as expected. Thus in order to
correlate the vapor pressure of water more accurately over the
entire temperature range, Egn. (2) was modified for this compound
at temperatures where TRZ < 0.85 as follows:

o = 1.0085677 + 0.82154 (1-TRI/2) (6)

1
At temperatures where T EEN 0.85, Egn. (2) still applies.

The second modificgtiﬁh concerns the correlation of the
composition of the aqueous liquid phase. In order to accomplish
this, a temperature - dependent interaction parameter was used
for the aqueous 1iquid phase and the previous temperature -
independent parameter was used for the non-aqueous liquid phase
and the vapor phase. Thus for the aqueous - 1iquid phase Egn.
(4) becomes
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a= 3 ) %Xy Xy (1-1..) a,? a, (7)
i3 Bi Bj ijr i J

where ti4 is a temperature - dependent interaction parameter.

The introduction of this parameter for each aqueous binary
pair means that the interaction between the water molecule and
the gas molecule in the aqueous 1iquid phase is much different
from that in the nonaqueous phases. For all the aqueous binaries
which have been examined in this study, the temperature -
dependent interaction parameters take on negative values at
ambient temperature and monotonically increase as temperature
increases. This indicates that the attraction energy between the
water molecular and the other molecules decreases as the
temperature increases.

Non-Hydrocarbon - Water Binaries

0f the many possible non-hydrocarbon - water binary systems
which are related to substitute gas processes, the data on only
the water binaries containing H,S, C0,, N,, and NH; were used in
this study. The treatment of hydrogen, a quantum gas, is
different from that of the other gases. A separate paper will
deal with the correlation of the data on hydrogen mixtures.

Hydrogen Sulfide - Water System. The data of Selleck et al.
3) were used to evaluate the interaction parameters for the
hydrogen sulfide - water system. The data include the composition
of both phases at temperatures from 100°F to 340°F and pressures
from 100 to 5000 psia in the coexisting vapor and aqueous liquid -
hydrogen sulfide - rich liquid - vapor equilibrium locus.

A single, constant interaction parameter has been determined
for the hydrogen sulfide - rich phases. This determination was
based on the three-phase pressure - temperature locus. While
investigating the three-phase region, it was noted that the three-
phase locus and the composition of the hydrogen sulfide - rich
phase were rather insensitive to the temperature - dependent
aqueous phase interaction parameter. Furthermore, the composition
of the aqueous phase was relatively independecnt of the constant
interaction parameter. For these reasons, the solubility of
hydrogen sulfide in the aqueous 1iquid was correlated at the same
time as the parameter was being determined for the hydrogen
sulfide - rich phases.

The calculated and experimental gaseous and liquid phase
compositions are shown in Figures 1 and 2 respectively.

Carbon Dioxide - Water System. The data of Wiebe and Gaddy
(4, 5, 6) were used exclusively in this study to determine the
interaction parameters for the carbon dioxide - water binary
system. These data cover the temperature and pressure range
from 12°C to 100°C and from 25 atm to 700 atm respectively. As with
the H2S - H20 system, a constant interaction parameter has been
obtained for the gaseous phase and the carbon dioxide - rich
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Figure 1. Experimental and predicted vapor phase compositions for the hydrogen
sulfide—water system (( ) P—R prediction; data from Ref. 3. (@) 340°F; (O)
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liquid phase. At each temperature, the solubility of carbon
dioxide in water can be correlated accurately through the whole
pressure range using one interaction parameter for the aqueous
phase. The equilibrium aqueous liquid and vapor compositions
for this binary at two temperatures are shown in Fig. 3.
Malinin (7), Todheide and Franck (8) and Takenouchi and
Kennedy (9) reported equilibrium data for this system at
temperatures up to 350°C and pressures to 3500 bars. However,
the vapor phase data of these authors do not always agree with
each other. The aqueous phase data have been used to extend the
temperature - dependent interaction parameter to 300°C.

Nitrogen - Water System. The interaction parameters for the
nitrogen - water system have been evaluated using the data of
Wiebe and Gaddy (10), Paratella and Sagramora (11), Rigby and
Prausnitz (12)and 0'Sullivan and Smith (13). As with the two
previous systems, only one constant interaction parameter was
necessary to correlate the vapor phase composition while the
interaction parameter for the aqueous 1liquid phase increased
monotonically with temperature. A comparison of the calculated
and experimental vapor phase and aqueous liquid phase compositions
is given in Table I.

Ammonia - Water System. Interaction parameter for the
ammonia - water system was obtained using the data of Clifford
and Hunter (14) and of Macriss et al. (15). A single - valued
parameter was capable of representing the composition of the
1iquid phase reasonably well at all temperatures, however, the
calculated amount of water in the vapor phase in the very high
ammonia concentration region was somewhat Tower than the data of
Clifford and Hunter and Macriss et al. Edwards et al. (16) have
applied a new thermodynamic consistency test to the data of
Macriss et al and have concluded that the data appear to be
inconsistent and that the reported water content of the vapor
phase is too high.

The experimental data and the calculated results are given in
Fig. 4.

Hydrocarbon - Water Binaries

The interaction parameters for binary systems containing
water with methane, ethane, propane, n-butane, n-pentane,
n-hexane, n-octane, and benzene have been determined using data
from the literature. The phase behavior of the paraffin - water
systems can be represented very well using the modified procedure.
However, the aromatic - water system can not be correlated
satisfactorily. Possibly a differetn type of mixing rule will
be required for the aromatic - water systems, although this has
not as yet been explored.

Methane - Water System. Interaction parameters were generated
for the vapor phase and the aqueous liquid phase for the methane -
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Figure 3. Experimental and predicted vapor and aqueous liquid phase composi-
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TABLE I. Experimental and Calculated Aqueous Liquid and Vapor
Phase Compositions for the Nitrogen - Water System.

* 3 * 3
Pressure, atm. XNZX 10 Yy Hy 0 x 10

Expt. Calc. Expt. Calc.
T = 25°C

22.20 1.529 1.502
25 0.280 0.278

30.50 1.149 1.123

38.19 0.941 0.919
50 0.542 0.537
100 1.015 1.004
200 1.812 1.795
300 2.455 2.458
500 3.558 3.555
800 4.909 4.869
1000 5.720 5.604
T = 50°C

20.81 6.260 6.190
25 0.219 0.220

36.93 3.680 3.640
50 0.436 0.428

59.04 2.420 2.410

75.99 1.956 1.952
100 0.812 0.810
200 1.470 1.470
300 2.034 2.032
500 2.982 2.968
800 4.181 4,084
1000 4.900 4,701
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Table I - continued.

* 3 * 3
Pressure, atm. X N, x 10 y H,0 x 10
Expt. Calc. Expt. Calc.
T =175°C
25 0.204 0.203
41.66 10.09 10.12
50 0.397 0.398
60.35 7.21 7.25
88.55 5.23 5.23
100 0.760 0.760
200 1.390 1.395
300 1.936 1.942
500 2.872 2.859
800 4.052 3.948
1000 4.747 4.544
T = 100°C
25 0.214 0.206
50 0.415 0.410
56.42 19.94 19.94
78.44 15.03 14.89
100 0.792 0.792
100.09 12.19 12.09
200 1.462 1.470
300 2.042 2.060
500 3.044 3.052
800 4.294 4.223
1000 5.003 4.857

*
Mole Fraction
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Figure 4. Experimental and predicted vapor and liquid phase compositions for
the ammonia—water system (( ) P—R prediction; data from Ref. 15: liquid—
(A) 300°F; (W) 200°F; (@) 100°F, vapor—(/\) 300°F; (/) 200°F; (O) 100°F)
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water binary system using experimental data reported by
Sultanov et al. (17, 18), 0lds et al. (19), and Culberson and
McKetta (20).

The vapor-phase mole fractions of water of Olds et al. (19)
can be represented very well using the Peng-Robinson equation of
state in conjunction with a constant interaction parameter over
the temperature range from 100°F to 460°F. The same interaction
parareter can be used to reproduce the data of Sultanov et al.
(18) up to 300°C with good results. However, at higher
temperatures the calculated water content in the vapor phase
deviated somewhat from their data.

The temperature - dependent interaction parameters were
determined from 77°F to 680°F using the data of Culberson and
McKetta (20) and of Sultanov et al. (18). This parameter
increases with temperature and appears to converge to the value
of the constant parameter used for the vapor phase as the
critical temperature of water is approached.

The experimental and calculated results for this binary system
at 250°C are presented in Figure 5.

Ethane - Water System. The data used for the determination
of the interaction parameters for the ethane - water binary are
those of Culberson and McKetta (21), Culberson et al. (22)
and Reamer et al. (23).

A constant interaction parameter was capable of representing
the mole fraction of water in the vapor phase within experimental
uncertainty over the temperature range from 100°F to 460°F. As
with the methane - water system, the temperature - dependent
interaction parameter is also a monotonically increasing function
of temperature. However, at each specified temperature, the
interaction parameter for this system is numerically greater than
that for the methane - water system. Although it is possible
for this binary to form a three-phase equilibrium locus, no
experimental data on this effect have been reported.

Figure 6 illustrates the calculated and experimental equil-
ibrium phase compositions at 220°F for this binary system.

Propane - Water System. The interaction parameters for the
propane - water system were obtained over a temperature range
from 42°F to 310°F using exclusively the data of Kobayashi and
Katz (24). This is because among the available Tliterature on
the phase behavior of this binary system, their data appear to
give the most extensive information. A constant interaction
parameter was obtained for the propane-rich phases at all
temperatures. The magnitude of the temperature - dependent
interaction parameter for this binary was less than that for the
ethane - water binary at the same temperature. Azarnoosh and
McKetta (25) also presented experimental data for the solubility
of propane in water over about the same temperature range as that
of Kobayashi and Katz but at pressures up to 500 psia only.
However, a different set of temperature - dependent parameters
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would be required to accurately correlate their results.

The water content of the propane - rich phases in the
aqueous liquid - propane liquid - vapor region are illustrated
in Figure 7.

n-Butane - Water System. Reamer et al. (26) have determined
the concentration of water in the n-butane - water system in the
vapor and the n-butane liquid phases in the three-phase region.
Reamer et al. (27) have published experimental data for the
solubility of n-butane in water and of water in n-butane in the
two-phase region covering a temperature range from 100°F to 460°F
and at pressures up to 10,000 psia. LeBreton and McKetta (28)
have presented the results of an experimental study on the
solubility of n-butane in water at four temperatures but at
pressures up to only 1000 psia. While the reported three-phase
pressures from these two sources agree very well, the data on the
solubility of n-butane in water show marked differences. The
solubility values presented by LeBreton and McKetta are consist-
ently lower than those reported by Reamer et al. In view of the
fact that the data of Reamer et al. covered a much broader range
of both temperature and pressure, their data were used for
determining the interaction parameters for this system.

As with the first three paraffin - water systems, only a
constant parameter was required to correlate the hydrocarbon -
rich phases although a temperature - dependent parameter was
necessary to fit the aqueous - liquid phase data.

The equilibrium composition of the n-butane - water binary
in the three-phase region are illustrated in Figure 8.

n-Pentane - Water System. Scheffer (29) has presented the
three-phase Tocus for a mixture of i-pentane and n-pentane over
a temperature range from 150°C to 187.1°C. However, no
compositional measurements were reported. Namiot and Beider
(30 reported the solubility of n-pentane in water at three
temperatures along the three-phase locus. Interaction parameters
for the n-pentane - water system were determined using these data.

n-Hexane - Water System. The n-hexane - water system is the
lightest paraffin - water binary where the vapor pressure locus
of the hydrocarbon intersects that for pure water. The experi-
mental phase behavior data available in the literature for this
system cover a wide range of temperature and pressure. Unfort-
unately these data do not corroborate each other and noticeable
discrepancies exist. The data of Scheffer (31), Rebert and
Hayworth (32), and Sultanov and Skripka (33) were employed in
determining the interaction parameter for the hydrocarbon - rich
phases. A unique value for this interaction parameter could not
be obtained because of the discrepancies among the data. However,
a tentative value, based on the extrapolation of the values for
other paraffin - water interaction parameters, has been assigned
to the constant interaction parameter. The interaction parameters
for the aqueous 1iquid phase were determined using the data of
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Kudchadker and McKetta (34). Their solubility data in the
vapor - liquid region are believed to be in error probably due to
their incorrect procedure of smoothing the raw data. However,
their data in the Tiquid - Tiquid region seem to be acceptable.
The data of Rebert and Hayworth (32) were used to extend the
temperature - dependent interaction parameters to temperatures

above the critical point of n-hexane.

Other Hydrocarbon - Water Systems. Interaction parameters
were generated for the benzene - water system. The data used
were those of Scheffer (31), Rebert and Kay (35)> and Connolly
(36). As with the alkane - water systems, the interaction
parameters for the aqueous liquid phase were found to be
temperature - dependent. However, the compositions for the
benzene - rich phases could not be accurately represented using
any single value for the constant interaction parameter. The
calculated water mole fractions in the hydrocarbon - rich phases
were always greater than the experimental values as reported by
Rebert and Kay (35). The final value for the constant inter-
action parameter was chosen to fit the three phase locus of this
system. Nevertheless, the calculated three-phase critical point
was about 9°C lower than the experimental value.

Interaction parameter was also generated for the hydrocarbon -
rich phases of the n-octane - water system. The data of Kalafati
and Piir (37) were used. There were no data available for the
water - rich liquid phase for this binary.

Experimental solubility data are available for some higher
alkane - water systems (see, for example, Skripka et al., (38)).
However, these data either cover only a very limited temperature
range or contain results for one phase only. No attempt has been
made to determine the interaction parameters for water - hydro-
carbon systems where the hydrocarbon is larger than n-octane.

The temperature - dependent interaction parameters determined
for several alkane - water systems are plotted in Figure 9. The
values for the hydrogen sulfide - carbon dioxide -, and nitrogen -
water binaries are given in Figure 10. It can be seen that a
systematic trend exists for these parameters. The interaction
parameter increases with the size of the molecule and furthermore
it appears to converge rapidly as the carbon number increases. At
a given temperature and pressure, the solubility of alkanes in
water generally decreases as the molecular weight of the hydro-
carbon increases. The amount of n-octane and heavier hydrocarbons
dissolved in water streams resulting from synthetic gas processes
is believed to be insignificant. The calculation of the
solubility of these compounds in water under these conditions by
using extrapolated values from interaction parameters of lighter
paraffin - water binaries probably will not cause large errors.

Three-Phase Loci. Figure 11 shows the three-phase loci for
the alkane - water systems. No experimental three-phase data were
available in the literature for the ethane - water binary.
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Nevertheless, a calculated locus is included for completeness
and to indicate the possible region of three-phase equilibrium.

As was mentioned earlier, the three-phase data reported by
Scheffer (29) for pentane - water were for a "binary" composed
of water and a mixture of i-pentane and n-pentane. As shown in
the figure, these data are bounded by the calculated loci of the
i-pentane - water and n-pentane - water systems.

Conclusion. The mixing rule for use with the Peng-Robinson
equation of state has been modified to include temperature -
dependent interaction parameters. Both the constant and the
temperature - dependent interaction parameters covering a wide
range of temperatures have been determined for hydrocarbon -
water systems including methane - water, ethane - water, propane -
water, n-butane - water, and n-hexane - water and non-hydrocarbon -
water systems including hydrogen sulfide - water, carbon dioxide -
water, nitrogen - water, and ammonia - water. The inclusion of
these temperature - dependent parameters has greatly improved
the accuracy of predictions of three-phase and two-phase equili-
brium for systems involving water.
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Abstract

Two-constant equation of state phase behavior calculations
for aqueous mixtures often require the use of temperature
dependent binary interaction parameters. The methods used for
evaluating these parameters for some of the typical aqueous binary
pairs found in coal gasification and related process streams are
described. Experimental and predicted phase compositions based
on these methods are illustrated for aqueous pairs containing
€0, H,S, NHs, and other gases.
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Phase Equilibrium Calculations by Equation of
State for Aqueous Systems with Low Mutual
Solubility
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Egerlandstrasse 3, D-8520 Erlangen, Fed. Rep. of Germany

At present there are two fundamentally different apprroaches
available for calculating phase equilibria, one utilising activity
coefficients and the other an equation of state. In the case of
vapour-liquid equilibrium (VLE), the first method is an extension
of Raoult's Law. For binary systems it requires typically three
Antoine parameters for each component and two parameters for the
activity coefficients to describe the pure-component vapour
pressure and the phase equilibrium. Further parameters are needed
to represent the temperature dependence of the activity coeffi-
cients, therebly allowing the heat of mixing to be calculated.
The equation-of-state method, on the other hand, uses typically
three parameters Pes T . and w for each pure component and one
binary interaction pargmeter k 2 which can often be taken as
constant over a relatively wid% temperature range. It represents
the pure-component vapour pressure curve over a wider temperature
range, includes the critical data p_ and T_, and besides predic-
ting the phase equilibrium also des&ribes 901ume, enthalpy and
entropy, thus enabling the heat of mixing, Joule-Thompson effect,
adiabatic compressibility in the two-phase region etc. to be
calculated.

In view of the obvious advantages of using an equation of
state, it is perhaps surprising that the activity-coefficient
approach is still in widespread use and the object of current
research. This is because equations of state connot be generally
applied to systems in which hydrogen bonding occurs. Such systems
represent a large proportion of those of industrial interest and
also include most systems exhibiting liquid-1iquid equilibrium
(LLE).

There are, however, some published examples of equations of
state being applied to associating substances. Heidemann (1) used
the Redlich-Kwong equation as modified by Wilson (2) to calculate
aqueous hydrocarbon systems. Similar calculations were done by
Peng and Robinson (3) using their own equation of state. In both

0-8412-0569-8/80/47-133-415$05.00/0
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cases the representation of the organic phase was good but the
aqueous phase was incorrect by some orders of magnitude. Evelein,
Moore and Heidemann (4) in 1976 used Soave's modification of the
RK equation to calculate the systems H,0-H,S and H,0-CO, over a
wide temperature and pressure range; tﬁey 5ere ablé to ;epresent
VLE,LLE and gas-gas equilibrium but had to use two adjustable
binary parameters.

In 1977 De Santis et al. (5) as well as Heidemann et al. (6)
calculated the gas-phase fugacities in the systems H,0-air and
H O—N2-002 by equation of state; in these calculatiofis the Tiquid
pﬂase was not included. One of the authors (7) showed in 1978
that aqueous systems with some inert gases and alkanes as well as
H,S and CO, could be represented by an equation of state if the
mglecu1ar 5eight of water was artificially increased. An extension
of this method applied to alcohols was found to be only partially
successful. Gmehling et al. (8) treated polar fluids such as
alcohols, ketones and water as monomer-dimer mixtures using
Donohue's equation of state (9); various systems including water-
methanol and water-ethanol were succussfully represented.

The presence of hydrogen bonding in water is shown by its
anomalous thermophysical properties and has been confirmed by
more recent methods of investigating its structure such as NMR,
neutron scattering, dielectric relaxation, ultrasonic absorption,
IR and Raman spectroscopy etc.

Many models for the structure of water have been proposed but
little concensus exists as to their validity. For example,
Vinogradov (14) reports that in a comparison of twenty published
models it was found 3hat the predicted concentrations of broken
hydrogen bonds at 0 "C varied between 2.5 % and 70 %. The models
mainly fall into two categories: association models which assume
that water is a mixture of specified polymer types (e.g. Eucken's
monomer-diver-tetramer-octamer model (11)) and continuum models
which assume that water is a continuous but mobile network of
molecules linked by hydrogen bonds, in which it is meaningless to
consider individual water polymers (e.g. the models of Bernal (12)
and Pople (13)). The various experimental methods of investigating
water give contradictory results: Vinogradov concluded that
I.R. spectroscopy tends to support the continuum model while
Raman spectroscopy indicates the presence of individual polymers;
NMR measurements suggest that water polymers of high molecular
weight do not occur. Thus the structure of water remains uncertain.
For association models, however, most auth8rs assume low concen-
trations of monomers in liquid water at 0 "C. There are no firm
indications as to the nature and concentrations of the higher
polymers present in the liquid phase; virial-coefficient measure-
ments suggest, however, that the vapour phase is predominantly
monomeric.
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Scope

The object of this work was to extend the field of appli-
cation of the equation-of-state method. The method was applied to
agueous systems in conjunction with a model that treats water as
a mixture of a 1imited number of polymers, an approach similar to
that previously adopted for the carboxylic acids (2). Association
is calculated by the law of mass action; corrections for non-ideal
behaviour are made by means the equation of state. A major problem
of the method is the large number of parameters needed to describe
the properties and concentrations of the polymers together with
their interaction with molecules of other substances. The
Mecke-Kemptner model (15) (also known as the Kretschmer-Wiebe
model (16) and experimental values for hydrogen-bond energies
were used for guidance in fixing these parameters.

Method of Calculation

The equation of state. A recently published equation of
state (17) was used:

RT a (1)

p= -7 7
V-b Vo4 (l+3w) bV-3wh

where @ is Pitzer's acentric factor and a and b at the critical

point are functions of the critical properties P_ and T_. The

temperature dependence of the parameter a is simflar to“that

given by Soave's expression (18), and b is constant. Thus a pure

component is characterised by the three gquantities PC, TC and w.
The following mixing rules were used:

7-2 &

i35 YiY52i; with a5 = (1 - kij) yaiiajj LN
B:?y_ib_i (2)
i.
w- £ y.%
i

where y. are the vapour-phase mole fractions. Analogous expres=
sions for the 1iquid phase were used with x. substituted for y..

k.. is an interaction parameter to be titted to the equilib-
rium &ampositions of a binary system.

Eqn. (1) has the advantage over other commonly used equations
of the van der Waal's type of giving an improved representation
of the vapour pressure and molar liquid volume.

Also, like all cubic equations of state,Eqn. (1) requires
relatively 1ittle computing time for calculating thermophysical
properties.
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Physical equilibrium. When two phases are in equilibrium,
the chemical potentials k. for each component i must be equal in
each phase. The K-factors K. = y: /x. can be obtained from this

condition, using the re]ati&nshfp:1

i - v, (3)

where V. is the partial molar volume of component i, which can be
calculated by the equation of state. Several papers (e.g.19,20)
show for similar equations of state how the expression for K
can be derived.

Chemical equilibrium. The polymer concentrations in the
ideal gas phase of water are related to the association equilib-
rium constants according to the expression:

.i

Y (4)

o_
pi n; Ni-
v, P

k

where p is the pressure and y. the mole fraction of component i,

with y, referring to the monomer . Component i is defined as being
formed by the association of n. mongmers. The temperature depen-

dence of the equilibrium constant kpi is given by

In K° = _ass _ _"ass (5)

where the association enthalpy 4H and entropy 4S are re-
garded as independent of temperataﬁa. Cross-dimers ﬁ§§ also

occur between the water molecules and those of the non-aqueous
component for which the expression corresponding to Eqn. (4) is

K0 _ Y cross (6)

Peross Y1 Yinert P
The compositions in the gas phase follow from the contraint

1-2 Yi * Yinert * Yeross © 1 (7)

where only one inert component and one cross-dimer are considered.
If the equilibrium constants and y. are specified, all the
concentrations in Egn. (7) may be éQBFEssed in terms of y, using
Egns. (4) and (6). Egn. (7) is then solved for Y1 using Newton's
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method. Once y, is found, all other compositions follow from
Eqn. (4) and EgGn. (6). Concentrations under non-ideal conditions
such as in the 1iquid phase or in a compressed gas phase are
calculated using expressions of the type fV.dp which, as is
described elsewhere (20), can be evaluated By means of the equa-
tion of state. o

Combined physical and chemical equilibrium. Vapour-liquid
equilibria were determined in this work by performing dew-point
calculations. The procedure is:

(1) Choose an arbitrary value of temperature T and inert

concentration

(2) Estimate a dew-point pressure P

(3) Calculate the association equilibrium in the vapour
phase at T and P, as previously outlined.

(4) From the conditions of physical equilibrium, calculate
the K-factors K. = y./x. ¥;

(5) Calculate the 1iauid dondentrations Xs = ¢ and form the

sum S = & x.. Modify P using a Newton rouline and
repeat sleps1(3) to (5) until S = 1.

Because of the physical equilibrium, the association in the
1iquid phase is determinded by that in the vapour phase. Therefore
no additional association constants are required for the liquid
phase. In the case of liquid-liquid equilibrium calculations,
an analogous procedure was adopted using convergence test (5),
with Y; referring to the second 1iquid phase.

Determination of the Parameters of Pure Water

The models tested in more detail in this work were the
1-2-3, 1-2-3-4, 1-2-4-8 and 1-2-4-8-12 models, where the numbers
refer to the types of polymers proposed. The 1-2-4-8-12 model
gave the best results, the parameters of which are shown in
Table 1. The interaction parameters k.. of Eqn.(2) between the
different water polymers were all set to zero.

The parameters were optimised to represent the critical
data p_ and T_, the vapour pressure from room temperature up to
the crftical Boint and the saturated vapour and liquid molar
volumes. Account was also taken of the representation of the
binary systems H,0-CH, to C4H . Initially the method of Powell
(22) was used bu% 1atér the ‘%Qmp1ex Method' of Nelder and Mead
(23) was found to be more reliable for this problem.

A comparison of calculated and experimental values of vapour
pressure and saturated liquid and vapour volumes at various tem-
peratures is shown in Table 2. The water composition in the
1iquid phase and the corresponding degree of association,

DA = x; + 2%, + 4x, + 8x4 + 12x., are given at various tempera-
tures *n Tab?e 3. Except in the“critical region, the vapour compo-
sition is virtually completely monomer. For example, at room tem-
perature, the monomer and dimer concegtrations are y, = 0.9988

and Yo = 0.0012 respectively. At 200 “C the values are ¥y = 0.9814
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Table 1

Parameters for the Assumed Species in Water

zgig;es of IE ES w AHaSS Asass
K bar kcaTl/mol e.u.

Monomer 618.5 271.4 0.1617

Dimer 743.1 146.3 0.2715 5.86 25.9

Tetramer 939.8 85.4 0.4188 19.33 71.9

Octamer 1216.9 51.5 0.6104 48.83 176.5
Dodecamer  1492.3 43.7 0.7536 74.86 281.4

Table 2

Comparison of Calculated and Experimental Data of Vapour Pressure

Pg and Saturated Liquid and Gas Volumes, VL and VG
Experimental Data by Canjar (37)

T aAp/p P v v v v

- x 100 — Lexp Lca]c Gexp Gca1c

K bar ml m] 1 1

273.2 4.3 0.0061 18.017 17.72 3718. 3720.
294.3 1.2 0.0250 18.06 17.88 976.1 976.0
322.0 -0.56 0.1167 18.22 18.05 228.6 228.7
344.3 -0.92 0.3269 18.43 18.24 86.93 87.06
366.5 -0.69 0.7947 18.70 18.45 37.83 37.97
373.2 -0.54 1.013 18.80 18.52 30.14 30.28
399.8 0.25 2.443 19.22 18.85 13.23 13.34
455.4 2.1 10.55 20.37 19.78 3.326 3.402
499.8 3.0 26.31 21.66 20.88 1.369 1.427
555.4 3.1 66.36 24.18 23.07 0.5229 0.5698
599.8 2.6 123.2 27.78  26.06 0.2475 0.2916
633.2 1.7 186.7 34.30 30.06 0.1254 0.1744

Table 3

Calculated Compositions and Degree of Association of Liquid Water

at some Temperatures

degree T monomer dimer tetramer octamer dodecamer

of ass

K mole fraction

= R O
OO N =W

273.2 0.362 0.031 0.127 0.349 0.132
373.2 0.395 0.057 0.245 0.254 0.050 _»
477.6 0.508 0.088 0.303 0.094 0.65.10_3
577.6 0.663 0.106 0.216 0.014 _, 0.20.10_,
622.0 0.736 0.105 0.155 0.45.10_3 0.24.10_6
647=TC 0.866 0.082 0.052 0.25.10 0.11.10
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and y, = 0.9§§4 and Yo = 0.0179. A1l other concentrations are
less {han 10

Mixtures of Water and Inert Components

The critical data and w values used for inert components were
those given by Ambrose (24). The interaction parameters between
the water and the inert component were found by performing a
dew-point calculation as described above but with the interaction
parameter k.. rather than P_ taken as the iteration variable.

As the wateMmodel includedSfive components (indexed 1 to 5),

there were five values of k. . = k. ., i = 1,5, where index 6

refers the inert. For simp]%t?ty tﬁé1following assuptions were
made:

k k 8)

1 ) _ 21 . 21
2,6 ~Z7%1,6 5 %3,6 " ka6 "8 1,6 5 k5,6 T2 k1,6
so that k g Was the only independent parameter to be fitted.
The syste$$ calculated and the corresponding values of k are
shown in Table 4, which also gives references to the tab*ég and
figures in which the experimental and computed results are
compared. The concentrations given are analytical concentrations,
i.e. the concentrations that substances would appear to have, if
they are considered to exist only as monomers (Figures 1-6).
Certain figures for VLE are not given; in most cases the
results were similar to those given at other temperatures. .
In the case of the systems H,0-CH, and HZO'CZH at T = 344.4 K
and T = 377.6 K agreement wag 1esé good:“for eQamp]e, in the
H,0 - CH, system at T = 344.3 K and P = 100 bar the calculated
aﬁa]yticﬁ] concentration is Yuo = 0.0025 compared with an ex-

perimental value of 0.0044. Thg corresponding values for the
H20-C2H6 system are 0.0012 and 0.0043 respectively. In the

Hp0-C3Hg and Hy0-CyHy systems, however, agreement is excellent

in all cases including the 1iquid-liquid equilibria at lower
temperatures. With butane, deviations occur at 477 K, but the
rather unusual behaviour of the Tiquid solubility line is well
represented.

Various liquid-liquid equilibria were calculated and the
results are given in Table 5. The calculations were performed
with k1 g set at 0.5 (method 1) and alternatively with k1 6

fitted to correctly predict the water solubility in the organic
phase at various temperatures (method 2). The table shows that
in some cases divergences between experimental and calculated
results are considerable. However, as McAuliffe (34) has demon-
strated, divergences between experimental results of different
workers are also large. Diagrams for the aqueous systems with
gases H,, CO and 0, are not given as data for the solubility of
water iﬁ these gasgs were not available to us. Also, the
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Table 4

Interaction Parameters kl 6 at Various Temperatures

Systems Type T kl 6 Fig. / Table
K b
H20-CH4 VLE 344.3 1.13 - -
377.6 1.01 - -
4443 0.57 1 -
H20-C2H6 VLE 344.3 0.93 - -
377.6 0.89 - -
444.3 0.67 - -
HZO-C3H8 VLE, LLE  344.3 0.70 2 -
VLE 377.6 0.67 - -
VLE 427.6 0.55 3 -
H20-C4H10 LLE 293.2 0.50 - 5
LLE 310.9 0.50 - 5
VLE, LLE 344.3 0.50 4 5
VLE, LLE 377.6 0.50 5 5
VLE, LLE 410.9 0.48 - 5
VLE 477 .6 0.37 6 -
HZO-CSH12 LLE 293.2 0.50 - 5
H20-C6H14 LLE 293.2 0.44 - 5
338.7 0.44 - 5
394.3 0.23 - 5
H20-C6H12 LLE 293.2 0.54 - 5
HZO-CGH6 LLE 283.2 0.39 - 5
293.2 0.41 - 5
303.2 0.42 - 5
313.2 0.43 - 5
323.2 0.43 - 5
333.2 0.43 - 5
H20—C7H16 LLE 293.2 0.42 - 5
HZO-CSH18 LLE 293.2 0.40 - 5
HZO-H2 VLE 313.2 -0.014 - -
373.2 -0.026 - -
423.2 -0.027 - -
H20-C0 VLE 323.2 0.099 - -
373.2 -0.002 - -
423.2 -0.011 - -
H20-O2 VLE 373.2 1.57 - -
398.2 1.40 - -
436.0 1.08 - -
H20-N2 VLE 323.2 0.52 7 -
373.2 0.47 - -
513.2 -0.030 - -
HZO-air VLE 323.2 - 8 -
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Figure 1.

Figure 2.

experimental data: (@) (25); (O) (27); (O) fitting point, (
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VLE in the system H,O-methane at 444.3°K, X, ; = 0.57; experimental
data: (@) (25); (O) (26), (O) fitting point; ( ) calculated
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VLE and LLE in the system H,O-propane at 344.3°K, k, s — 0.70;
) calculated
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Figure 3. VLE in the system H,O—propane at 427.6°K, ks = 0.55; experimental
data: (@) (25); (O) (27); (O) fitting point; ( ) calculated
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Figure 4. VLE and LLE in the system H,O-n-butane at 344.3°K, k, s = 0.50;
experimental data from Ref. 26, (O) fitting point; ( ) calculated
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Figure 6. VLE in the system H,O-n-butane at 477.6°K, k; ; = 0.37; experimental

data from Ref. 26; (O) fitting point, (-

) calculated
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solubility of these gases in water follows Henry's law closely,
behaviour which the equation of state has no difficulty in repre-
senting. On the other hand, data do exist for the solubilities of
water in compressed nitrogen. Calculated values agree well with
experimental values as shown in Fig. 7 at 323 K. Agreement is
also good at T = 373 K but Tess so at 513 K, a result previously
found when a different method of calculation was used (7).

Fig. 8 shows the solubility of H,0 in compressed air at

T = 323.2 K. The agreement is gogd considering that k. .-values
used were those for the systems H20 - N2 and H20 - 021